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Abstract 
Three apphcations of two-phase flow and heat transfer in plate-fin heat exchangers 
have been studied. 
A dephlegmator is a heat exchanger in which reflux condensation of a vapour 
mixture occurs, and plate-fln versions have importance in cryogenic gas separation 
processes. Numerical calculations for difl'erent binary mixtures show that the 
number of transfer units can be expressed as a simple function of the inlet vapour 
state and flow rate, heat load, and channel geometry. The calculations also show 
that the vapour and liquid exit compositions tend to limiting values as the number 
of transfer units increase. These limiting values correspond to liquid leaving the 
exchanger in equilibrium with the vapour entering. 
The eff'ect of surface tension on liquid running down the rectangular passages 
of plate-fin exchangers is to draw it to the corners leaving less liquid on the walls 
and possible dry-out. A comparison of two CFD calculations with and without 
surface tension shows that eff'ect can be significant. For a liquid with a surface 
tension only 1% that of water, about 50% more mass flows down the corner region 
of a square duct of side 0.944 mm. This transfer of liquid to the corner takes place 
in the first millimetre of flow downwards. 
Experimental measurements of pressure drop were taken for air and air-water 
flow through eight different plate-fin pads. The two-phase pressure drops for the 
serrated fin were two to five times larger than those for the plain fin. However, 
the effect of increasing the water flow rate at a fixed air flow rate was to increase 
the pressure drop by up to 75% in both cases. Over 200 two-phase pressure drops 
measurements were made, nearly all of the data were predicted to within 20% by 
the Lockhart and Martinelli (1949) correlation with C factor of 12. 
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Nomenclat ure 
A list of the key symbols used are given below. Note that the symbols for vector 
quantities are written in boldface. 
Symbol Quantity SI unit 
A 
Ar_ 
^pi 
r° ^pi 
c 
Ct 
d 
d/, 
D 
ep 
ex 
Cy 
f 
F 
Fsv 
9 
h 
hg 
h 
h 
hi 
h* 
heat transfer area 
cross-sectional area 
specific heat capacity 
molar heat capacity 
partial molar heat capacity of component i 
molar heat capacity of pure component i 
Lockhart and Martinelli (1949) parameter 
total molar concentration of components 1 and 2 
tube diameter 
hydraulic diameter 
mass diffusion coefficient 
residual in vapour molar flow rate 
residual in vapour temperature 
residual in vapour composition 
friction factor ( / — 2pT^/w?) 
molar flow rate 
surface tension body force per unit volume 
acceleration due to gravity 
fln height 
rectangular duct height 
increment in vertical position 
molar enthalpy 
partial molar enthalpy of component i 
molar enthalpy in counter-current equihbrium 
molar latent heat of vaporisation of pure 
component i 
m 
m 
J/(kg K) 
J/(kmol K) 
J/(kmol K) 
J/(kmol K) 
kmol/m^ 
m 
m 
m^/s 
kg/s 
K 
kmol/s 
N/m3 
m/s^ 
m 
m 
m 
J/kmol 
J/kmol 
J/kmol 
J/kmol 
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Symbol Quantity SI unit 
H enthalpy J 
Hg height of the gas phase transfer unit m 
i iteration number 
j integer 
j* Wallis dimensionless velocity for flooding 
( f = 
L channel length m 
Lc characteristic length m 
Le Lewis number (Le = X/cpCtD) 
Lp differential molar latent heat of reflux condensation J/kmol 
at constant pressure 
m mass flux kg/m^s 
m point number at the bottom of the channel 
M mass flow rate kg/s 
Muj molecular weight kg/kmol 
Myji molecular weight of component i kg/kmol 
n point number at the top of the channel 
rii molar flux of component i normal to the interface at kmol/m^s 
the interface 
n j molar flux of component z kmol/m^s 
nl radial component of the molar flux of component i kmol/m^s 
nf axial component of the molar flux of component i kmol/m^s 
AT number of moles kmol 
N number of calculation points 
Neg number of differential equations 
Ng number of gas phase transfer units 
Nu Nusselt number {Nu = aLc/X) 
pressure N/m^ 
Pr Prandtl number {Pr = Cpij/X) 
Pj perimeter of the interface m 
Pyj perimeter of the dephlegmator channel ra 
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P 
Symbol Quantity SI unit 
q conductive heat flux at the wall 
q mean conductive heat flux at the wall 
qg conductive heat flux at the heat transfer film 
boundary 
qgi conductive heat flux in the vapour at the interface 
qii conductive heat flux in the liquid at the interface 
Q heat transferred from the surroundings 
Q heat load 
Qt channel heat load 
r,9,z cylindrical polar coordinates 
r rectangular duct aspect ratio 
Th radius of the heat transfer film boundary 
Tjn radius of the mass transfer film boundary 
r j radius of the interface 
rs radius of liquid saturation 
Tyj tube inner radius 
Tyjo inner tube outer radius in a double-pipe heat 
exchanger 
To outer tube inner radius in a double-pipe heat 
exchanger 
R reflux ratio 
Re Reynolds number {Re = mLc/rj) 
Ri, Ri i principal radii of curvature 
s serration length 
S safety factor 
Sc Schmidt number {Sc = rj/pD) 
Sf separation factor 
Sh Sherwood number {Sh = (3Lc/D) 
t fin thickness 
T temperature 
T* saturation temperature 
W/m^ 
W/m^ 
W/m^ 
W/m^ 
W/m^ 
J 
W 
W 
m 
m 
m 
m 
m 
m 
m 
m 
m 
m 
K 
K 
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Symbol Quantity SI unit 
u axial component of velocity m/s 
Ui component i velocity m/s 
Ugu drift gas velocity m/s 
U superficial velocity m/s 
Uc cold side heat transfer coefficient W/(m^K) 
Uo cold side plus condensate heat transfer coefficient W/(m^K) 
w fin width m 
Ws rectangular duct width m 
W width of parallel plates m 
x,y,z rectangular coordinates m 
Xii mole fraction of component 1 in the liquid at the 
interface 
Xii mole fraction of component 1 in the liquid 
Zio, 2:20 mole fraction of components 1 and 2 in the exit liquid 
mole fraction of components 1 and 2 in the exit liquid -
in counter-current equilibrium 
Xg gas mass quality 
X Martinelli parameter 
X ratio of exit liquid and inlet vapour molar flow rates -
X* ratio of exit liquid and inlet vapour molar flow rates -
in counter-current equilibrium 
yig mole fraction of component 1 in the vapour 
yu mole fraction of component 1 in the vapour at the -
interface 
7/10, t/20 mole fraction of components 1 and 2 in the inlet -
vapour 
y i i mole fraction of component 1 in the exit vapour 
ylj^ mole fraction of component 1 in the exit vapour in -
counter-current equilibrium 
yij mole fraction of component 1 in the vapour at 
calculation point j 
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Symbol Quantity SI unit 
Zi relative condensation rate of component i 
Zj vertical position of calculation point j m 
Greek symbols 
Symbol Quantity SI unit 
a heat transfer coefficient W/(m^K) 
P mass transfer coefficient m/s 
6i liquid film thickness m 
liquid film thickness away from the corner m 
612 liquid film thickness in the corner m 
6h heat transfer film thickness m 
5m mass transfer film thickness m 
e tolerance 
eg gas void fraction 
rj viscosity kg/ (ms) 
Ti liquid mass flow rate per unit width kg/(ms) 
A thermal conductivity W/(mK) 
ijLig chemical potential of component i in the vapour -
phase 
jiii chemical potential of component i in the liquid phase -
w relaxation factor 
heat transfer rate factor 
mass transfer rate factor 
liquid two-phase multiplier 
density kg/m^ P 
a surface tension coefficient N/m 
r shear stress N/m^ 
^ correction factor ratio 
dimensionless distance in the heat transfer film 
dimensionless distance in the mass transfer film 
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Subscripts 
0 channel bottom or channel inlet 
A accelerational 
c cold side 
f end of process 
F frictional 
G gravitational 
9 bulk vapour or gas 
i component 
I interface 
gi vapour at the interface 
II liquid at the interface 
3 calculation point 
k computational cell 
I liquid 
L channel top or channel exit 
m channel bottom 
n channel top 
s start of process 
tp two-phase 
w wall 
z condensing vapour 
Supercripts 
F flow average 
(z) iteration number 
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Chapter 1 
Introduction 
Compact heat exchangers are recognised for their large ratios of heat transfer 
surface area to volume. These typically range from 500 to 2000 m^/m^. As a 
comparison, shell and tube heat exchangers have surface area densities of around 
100 to 200 m^/m^. The volume and mass of a compact heat exchanger will 
therefore be much lower than a shell and tube heat exchanger for the same surface 
area or heat duty. It is for this reason that compact heat exchangers are used 
in submarines, automobiles, aircraft and spacecraft, since the size of the unit 
must be kept to a minimum. This thesis is focussed on one widely-used type of 
compact heat exchanger, the plate-fin heat exchanger. 
Plate-fin heat exchangers are built from alternate layers of fiat metal plate and 
corrugated metal sheet, as shown in Fig. 1.1. The flat plates, or parting sheets, 
form the primary heat transfer surface, and are typically 0.5 to 1 mm thick. Fluid 
can flow between each pair of parting sheets through the space provided by the 
corrugated sheet or fin. The corrugated fins give the high heat transfer surface 
area per unit volume, and are typically 0.1 to 0.7 mm thick, 2 to 11 mm in height, 
and have from 120 to 1200 corrugations per metre. Figure 1.2 shows some of the 
difl^'erent types of corrugated fin available. 
Plate-fin heat exchangers have been successfully integrated into cryogenic pro-
cesses for many years. The main reason for this is that there is often only a small 
temperature difference between the fluid streams in low temperature processes, 
and large heat transfer surface areas per unit volume are therefore required. An-
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other reason is that plate-fin heat exchangers can carry multiple fluid streams in 
a single exchanger. One important application of the plate-fin heat exchanger 
that has emerged in the open literature over the past twenty years, is its use as 
a dephlegmator in cryogenic gas separation processes. 
A dephlegmator is a heat exchanger in which a multicomponent vapour is 
partially condensed as it flows upwards, and the resulting liquid or phlegm flows 
downwards under the influence of gravity. The vapour and liquid are in direct 
contact and move counter-current to each other, as illustrated in Fig. 3.1, Chapter 
3. In addition to heat transfer between the condensing vapour and cold stream, 
mass transfer occurs between the rising vapour and falling liquid. Here, mass 
transfer means relative motion of components in a mixture. The process of par-
tially condensing a multicomponent vapour in this way is called dephlegmation. 
It results in the vapour becoming richer in the more volatile components of the 
mixture and the liquid becoming richer in the less volatile components. Hence, 
the dephlegmator is both a heat exchanger and a separation device. 
In principle, any heat exchanger that can condense a multicomponent vapour 
flowing upwards, and maintain vapour/liquid contact, can be used as a dephleg-
mator. There are examples in the open literature of straight and coiled tube 
bundle dephlegmators, as well as plate-fln dephlegmators. 
Dephlegmators have been used as main units in industrial processes, and as 
overhead condensers for adiabatic distillation columns. As a main unit, the non-
adiabatic dephlegmator can transfer heat to the cold stream at a higher average 
temperature than in an adiabatic distillation column producing the same top 
product. This can lead to substantial energy savings in cryogenic fractionation 
processes, where refrigerated coohng is at a premium. 
Chapters 3 to 5 provide a theoretical study of the dephlegmation process 
inside channels with hydraulic diameters ranging from 1.8 to 21.2 mm. Four 
different binary mixtures are considered, with operating conditions that range 
from 80 to 370 K, and 1.01325 to 10 bar. Chapter 3 presents three models of the 
process. Chapters 4 and 5 give the results of the theoretical case studies, and 
consider the effect of certain parameters upon the separation performance of the 
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dephlegmator. 
The dephlegmator models presented in Chapter 3 assume that the heat and 
mass transfer processes are uniform around the perimeter of the channel. The 
problem is that flow channels in a plate-fin heat exchanger are usually rectangular 
in cross-section, and the distribution of liquid around the channel will generally 
be non-uniform due the effects of surface tension. Liquid is drawn to the corners 
of the channel and the flat walls can become dry. It is therefore unlikely that 
the heat and mass fluxes will be uniform around the channel perimeter, and in 
general this will have some efl'ect over the whole channel. 
Surface tension models have been introduced into computational fluid dynam-
ics (CFD) computer programs in the last twenty years. The principle objective 
of Chapter 6 is to show that CFD is capable of modelling hquid flow as it runs 
down the corners of a channel of square cross-section. Developing liquid flow is 
considered. The corner flow examples are specific to one geometry, and one set 
of liquid and gas physical properties. Furthermore, the examples are adiabatic 
and the gas flows downwards with the liquid, unlike the dephlegmator. In these 
respects, it is difiicult to draw conclusions relating to the effects of surface tension 
upon a dephlegmator's performance. The results do, however, indicate the rate 
and extent to which liquid can be drawn to corners due to surface tension. 
Flooding hmits the vapour flow rate in dephlegmators, and is more restric-
tive in the plate-fin type because of the small hydraulic diameter channels. The 
consequence is that plate-fin dephlegmators are operated with such low pressure 
drops that they can usually be considered to operate at constant pressure. How-
ever, in other applications involving two-phase fiow in plate-fin heat exchangers, 
accurate prediction of the pressure drop is necessary. The final technical chapter 
in this thesis. Chapter 7, describes an experimental study of single-phase and 
two-phase pressure drops in eight different fin pads. Air and water were used in 
the tests in an existing experimental rig. The tests were carried out adiabatically 
and at ambient conditions, and the two-phase measurements were compared to 
predictions from a standard correlation. 
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Figure 1.1: Plate-fin heat exchanger construction. 
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Figure 1.2: Different types of corrugated fin pad. 
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Chapter 2 
Literature survey 
The hterature survey is presented in two sections. Section 2.1 reviews dephleg-
mators, and considers how the heat and mass transfer can be modelled locally, 
and how this is applied to modelling the units as a whole. Reference is also made 
to the practical use of dephlegmators in industry. Section 2.2 considers three 
aspects of flow in narrow channels; flooding, the effects of surface tension, and 
pressure drop. 
2.1 Dephlegmators 
2.1.1 Applications 
The process of partially condensing a vapour mixture in order to achieve a sep-
aration was recognised as early as the 17^^ century during the development of 
distillation techniques (Krell, 1963). Separation by dephlegmation is therefore 
not a new technique. However, dephlegmators are becoming of increasing prac-
tical importance with the growing emphasis on thermodynamic efficiency and 
process integration. Examples of applications described in the open literature 
over the past two decades are as follows. 
Duckett and Ruhemann (1985) discuss apphcations of what they call 'reflux 
heat exchangers' in natural gas processing. Further information of this application 
is given by Limb and Czarnecki (1987) and Tomlinson et al. (1990). The dephleg-
mator unit was used instead of a turbo-expander and, for a propane recovery of 
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more than 95%, gave a power consumption of only 40% of the turbo-expander 
process. 
Rowles and Bernhard (1987) describe the application of dephlegmators in 
ethylene plants. Here, dephlegmators were of the plate-fin type. The use of 
dephlegmators to pre-separate ethylene from light gases resulted in a power re-
quirement of only 47% of the conventional process. The cold product stream 
is fed back into the plate-fin unit as refrigeration, in a way that maintains low 
temperature differences along the length of the unit. Lucademo, Bernhard and 
Rowles (1987) also describe the use of plate-fin dephlegmators in the recovery of 
ethylene from the offgas of fluid catalytic cracking units, and in the recovery of 
C3+ and C4+ hydrocarbons from the offgas of dehydrogenation units. 
Urban et al. (1997) give a more detailed description of plate-fin heat exchang-
ers used as dephlegmators. Again, the application was to an ethylene plant and 
qualitative descriptions are given of the methods of modelling. Careful selection 
of the distributor geometry was found to be important to avoid maldistribution 
and ethylene loss. 
Vane et al. (2004) describe the success of following a pilot-scale pervaporation 
process with a dephlegmator. In pervaporation, a hquid feed contacts one side 
of a membrane and a vacuum is applied to the other side, thereby producing a 
permeate vapour. Traditionally, this vapour is completely condensed. Vane et al. 
(2004) used pervaporation of 5 wt% aqueous ethanol to give a permeate vapour 
with 35 wt% ethanol. The plate-fin dephlegmator that followed yielded a vapour 
with 85wt% ethanol. 
Bakke (1997) provides a summary of the patents involving the use of dephleg-
mators. The applications reviewed above were in the context of plate-fin heat 
exchangers. This reflects the fact that such units have been used mainly for cryo-
genic applications where the low-temperature differences available for such units 
usually dictate their selection. However, there is no reason why dephlegmation 
should not be carried out in other types of heat exchanger. Sandtner and Miiller-
Deck (1982) describe the application of a dephlegmator with coiled tube bundles 
for mounting at the top of a distillation column. The coiled tube bundle arrange-
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ment can be used with much larger flow rates than is possible in plate-fin or 
vertical in-tube type dephlegmators, but the authors note the need for improved 
methods for predicting such systems. Webb and Perez-Bianco (1986) report a 
study of dephlegmation in vertical round tubes and indicate the importance of 
the gas-side mass transfer coefficient in governing the performance. They suggest 
the use of transverse ribs offset from the tube surface as a means of enhancing 
the heat and mass transfer. 
2.1.2 Low pressure drop in dephlegmators 
In practice, the pressure drop in vertical channels in which dephlegmation occurs 
is always found to be small in comparison to the inlet pressure. This is primarily 
because the relative mean velocity of the vapour and liquid is limited by flooding, 
thus limiting the shear stress at the interface, and also because the condensation 
leads to a decrease in the vapour momentum and thus a pressure recovery. 
Sandtner and Miiller-Deck (1982) report that pressure drops of 2 to 10 mbar 
at an operating pressure of 30 bar are typical of dephlegmators operating in 
industrial plants. Bakke (1997) found a pressure drop of about 7 mbar compared 
to an inlet pressure of 10.9 bar for a reflux condensation experiment involving 
propane and n-butane in a 2 m long vertical round tube. Tung, Davis and Mah 
(1986) measured larger pressure drops of between 55 and 75 mbar compared to 
inlet pressures of about 1.1 bar in reflux condensation experiments in a 0.953 m 
long serrated plate-fin pad. Additional resistance to fiow is experienced by the 
vapour in serrated fin channels due to the interrupted nature of the geometry. 
Fielder and Auracher (2003) measured pressure drops of under 100 mbar during 
reflux condensation of Refrigerant 134A at 6.8 and 8.2 bar in a 0.5 m long tube 
with an inner diameter of 7 mm; flooding occurred at higher inlet flow rates. 
This low pressure drop feature of counter-current flow in vertical channels has 
been used to simplify the modelling of a dephlegmator; the models of Gartner 
et al. (1979), Rohm (1980), Davis, Tung and Mah (1984) and Tung, Davis and 
Mah (1986), Di Cave et al. (1987) and Bakke (1997), which are considered later, 
all assume that the dephlegmation occurs at a constant pressure. 
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2.1.3 Condensation curves 
According to the Gibbs phase rule, the number of degrees of freedom in two-phase 
equilibrium is equal to the number of components. Condensation of a vapour 
mixture at constant pressure is therefore not constrained to occur at constant 
temperature. Indeed, for a binary mixture, a change in the phase compositions 
during condensation must be accompanied by a change in the temperature or 
pressure or both. As long as the two phases are present, the temperature and 
pressure cannot remain constant. The latent heat released during the condensa-
tion therefore depends upon how the process is carried out. Furthermore, because 
the thermodynamic states of the phases change as the condensation proceeds, the 
latent heat associated with a differential change of phase will generally not equal 
the integral latent heat associated with a finite change of phase. 
Integral condensation is a single stage operation in which a vapour mixture 
is partially condensed, and the liquid allowed to come to equihbrium with the 
remaining vapour. The same change of state can be achieved following a reversible 
path that is determined by (1) mass balances for the components, 
'' {y,F, + x'F,) = 0 ^ { F , + F,) = 0 (2,1) 
d F , ' 0 • ' " dF, 
(2) the conditions for thermodynamic equilibrium, equality of pressure, temper-
ature and chemical potentials, 
(p, 2/:) (2.2) 
and (3) the specified operating condition, for example, constant pressure. The 
equations relate to steady-state flow integral condensation; Fg and Fi are the mo-
lar flow rates of vapour and liquid, yt and x* are the mole fractions of component 
i in the vapour and hquid, and p and T* are the pressure and temperature. 
The integral latent heat for the phase change can be calculated from the cor-
responding differential latent heat. Strickland-Constable (1951) showed that the 
differential latent heats are the sum of a direct term caused by the phase change 
at constant temperature and pressure, and an indirect term associated with any 
change of temperature or pressure. The direct term can be determined from mea-
surements of pressure, temperature, and phase volumes and compositions. For 
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phase changes involving change of temperature, the indirect term additionally 
requires the knowledge of the phase heat capacities. Tamir et al. (1983) discuss 
how the latent heats at low pressure can also be calculated from pure component 
data and heats of mixing. Appendix A describes the integral and differential 
latent heats at constant pressure for a binary mixture. 
A result of calculating the integral latent heat is the saturation temperature 
as a function of the total enthalpy. This relationship is referred to as the integral 
condensation curve. 
The differential latent heats described by Strickland-Constable (1951) consider 
differential phase change in which the vapour and liquid maintain contact. With 
the same adjective but different meaning is dijferential condensation, a continuous 
operation in which the vapour mixture is condensed slowly under equilibrium 
conditions, but the hquid is removed as soon as it forms. At each point during 
differential condensation, the drop of liquid that forms has a composition x* in 
equilibrium with the vapour of composition For steady-state flow differential 
condensation, the mass balance for component i is. 
dFa = X, 
(2.3) 
9 
This equation is the special case of Eq. 2.1 where F; — 0. For a finite amount of 
condensation, the mass balance for component i is, 
FgL Jyio Vi -
where subscripts 0 and L indicate the values at the start and the end of the process 
respectively. The corresponding equation for differential vaporisation was first 
derived by Lord Rayleigh, according to Treybal (1955). If all the liquid were mixed 
at the end of the process, this liquid would generally not be in equilibrium with 
the final vapour were they brought into contact. As with integral condensation, 
the differential condensation path is determined by the mass balances, vapour-
liquid equilibrium relationship and operating conditions. Webb (1995) provides 
an algorithm for numerical calculation of the differential condensation curve. 
Webb and Al-Shammari (2002) refer to the process just described as differen-
tial unmixed liquid condensation, in order to distinguish it from differential mixed 
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liquid condensation. This latter process can also be called counter-current equi-
librium condensation, and is described in more detail in Sections 5.5 and 5.6 of 
Chapter 5. 
Real heat exchangers operate with a finite temperature difference between the 
hot vapour mixture and cold side. The finite flux of vapour carries both com-
ponents towards the cold surface, the vaporisation at the interface serves to set 
up temperature and concentration gradients in the vapour. The extent to which 
steady state departs from equilibrium now depends on the rate of condensation 
compared to mass diffusion. 
Al-Shammari et al. (2002) carried out reflux condensation experiments with 
methanol and water at 0.2-0.5 bar in a double-pipe heat exchanger. The inside 
diameter of the inner pipe was 28.25 mm. Twenty-six sets of measurements were 
made, and the vapour compositions at the outlet were compared to the values 
predicted by the three types of equilibrium condensation curve, calculated with 
the same fraction of the vapour condensed, and presumably assuming constant 
pressure. The measured mole fraction of methanol in the vapour at the outlet 
exceeded the value predicted by integral condensation in all cases, but was less 
than the value predicted by counter-current equilibrium condensation. The mea-
sured vapour outlet composition was best predicted by differential unmixed liquid 
condensation. However, none of the equilibrium condensation curves account for 
mass transfer in the vapour phase, and Webb and Al-Shammari (2002) showed 
that this is most significant for the methanol and water system. They found 
that the Colburn and Drew (1937) model with a mixed liquid, discussed below, 
predicted the temperature and composition profiles to within 10%. 
Kirschbaum (1957) studied mass transfer in reflux condensation experiments 
on the outside of a vertical round tube using ethanol and water mixtures, and 
compared the measured exit compositions, y n , to those that would be achieved 
in counter-current equilibrium condensation, ylj_^ . Kirschbaum (1957) defined a 
parameter S for binary mixtures which he called the 'dephlegmator concentration 
relationship', 
Vio (2.5) 
2/1], - 3/10 
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where i/io is the component 1 mole fraction in the vapour at the bottom the de-
phlegmator. The experiments showed that the measured exit composition was 
closer to the counter-current equilibrium value when the vapour Reynolds number 
decreased and when the fraction of vapour condensing decreased. The experimen-
tal data shows exactly the same behaviour as predicted by Eq. 5.15 and 5.16 in 
Chapter 5. The literature surveyed does not reveal whether Eq. 5.15 has been 
derived before; its simplicity suggests it may have been. 
The three sections below describe the different approaches to modelling con-
densation of vapour mixtures, (a) using the film theory for the vapour phase, (b) 
with boundary layer theory, and (c) using an equilibrium condensation curve. 
2.1.4 Film theory models of condensation 
Colburn and Drew (1937) model of binary mixture condensation 
Colburn and Hougen (1934) and Colburn and Drew (1937) were the first to model 
binary mixture condensation using the film theory for the vapour phase. Colburn 
and Hougen (1934) considered vapour and non-condensing gas mixtures, and 
Colburn and Drew (1937) extended the method for two condensable components. 
The Colburn and Drew (1937) model is illustrated in Fig. 2.1. A binary 
vapour of temperature Tg and composition yig flows in a steady state over cold flat 
wall of temperature and condenses. The molar flux of vapour that condenses 
is the sum of the molar fluxes of each component, ni -|- Mg. 
In the vapour adjacent to the interface is a region of thickness 6Mg across 
which the composition varies. Mass transfer in this region, the mass transfer 
film, occurs by molecular diffusion and is governed by Pick's law. 
Also in the vapour adjacent to the interface is a region of thickness dng across 
which the temperature decreases. The vapour flowing towards the interface there-
fore cools before condensing. Heat conduction in this region, the heat transfer 
film, is governed by Fourier's law. 
The geometry illustrated in Fig. 2.1 is planar, with position determined by 
rectangular coordinates {x,y,z). Taking into account the net molar flux towards 
the interface, the following equations for mass and energy conservation are as-
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sumed to apply in the films regions, 
+ + " 2 ) ^ = 0 (2.6) 
d dT dT 
^ KCplg + n2Cp2g)— = 0 (2.7) 
where yi is the mole fraction of component 1 and T is the temperature, and where 
Dg and Xg are the vapour mass diffusion coefficient and thermal conductivity, Ctg 
is the molar concentration of both components in the vapour, and Cpig and Cp2g 
are the partial molar heat capacities of components 1 and 2. 
With the molar flux of each component constant across the films, integration 
of these equations gives the following expressions for the diffusive molar fluxes at 
the interface and at the mass transfer film boundary, 
Ml - m z h i + M2) = (%/i9 - 2/1/) (2.8) 
OMg exp \^Mg) — J-
n i - ! / i , ( " i + n 2 ) = exp - 1 
and the following expressions for the conductive heat fluxes at the interface and 
at the heat transfer fllm boundary, 
where the parameters and ^Hg are vapour mass and heat transfer rate 
factors, 
, (ni + n2)5Mg , {niCpig + n2Cp2g)SHg fn 
^Mg = 7 7 - ^ ^Hg - 7 
^tg^g ^g 
The rates at which the bulk vapour composition and temperature change with 
axial position, dyig/dz and dTg/dz, are proportional to the fluxes at the film 
boundaries, rii — ^1,(711+^2) and It can be seen from Eqs. 2.9 and 2.12, that 
as the wall gets colder and the heat flux and condensing molar flux increase, the 
composition of the condensing vapour approaches that of the bulk vapour, 
(2.13) 
drg Til M'Z 
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and so in the limit, the bulk vapour composition does not change. Operating 
at high heat fluxes negates any separation benefit that could be achieved by the 
partial condenser. 
Bird et al. (1960) define the mass and heat transfer coefficients at low mass 
transfer rates, jSg and ag, by the following limits in which the molar fluxes each 
tend to zero at the interface, 
n2^0 n2—>-0 
The low mass transfer rate coefficients are measurable quantities and therefore 
provide a means of determining the mass and heat transfer film thicknesses. Using 
the definitions, and Eqs. 2.8 and 2.10 of the film theory gives, 
(5g = — a g = - (2.15) 
OMg OHg 
Paraphrasing Sherwood et al. (1975), 5Mg is the effective thickness of a stagnant 
or laminar vapour layer which offers a resistance to molecular diffusion equal to 
the observed resistance to mass transfer. 
The film theory equations for the low mass transfer rate coefficients can be 
substituted back into Eqs. 2.9 and 2.11 for the fluxes at the film boundaries, 
— yig{ni + Ms) = CtgPg gxp((|)j[^^) _ 1 ^ (2.16) 
In the limiting situation of low mass transfer rates, the composition and tempera-
ture profiles are linear. The presence of a finite condensing molar fiux distorts the 
composition and temperature profiles so that they are no longer hnear, and the 
factors $Mg(exp($Mg) - 1) and $ffg(exp(0_^g) - 1) correct the low mass transfer 
rate coefficients to allow for this. These factors are the most important results of 
the film theory. 
A detailed description of the film model for a cylindrical geometry is given in 
Appendix B. 
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Vapour phase mass transfer 
In practical applications of the film theory, the mass transfer film thickness Smq 
is calculated from the low mass transfer rate mass transfer coefficient. With 
the exception of some theoretically obtained expressions for laminar flow, mass 
transfer coefficients are determined either by analogy with heat transfer or by 
experiment. 
Colburn (1933) compared heat transfer and friction factor data for single-
phase fully-developed turbulent flow in long smooth-walled tubes, and proposed 
the following empirical analogy, 
.jc,r2/3 _ (2/18) 
RePr 2 
where Nu is the Nusselt number ( a L c / X ) , Re is the Reynolds number [mLc/r]), 
Pr is the Prandtl number (cpij/X), and / is the Fanning friction factor defined 
as, 
/ = ^ (2,19) 
where p is the fluid density, is the wall shear stress and m is the mass flux. 
Chilton and Colburn (1934) extended the result for mass transfer by invoking the 
heat and mass transfer analogy, 
^ (2.20) 
ReSc 2 
which takes Eq. 2.18 and then replaces the Nusselt number with the Sherwood 
number, Sh {= f3Lc/D), and the Prandtl number with the Schmidt number, 
Sc (= ri/pD). The heat and mass transfer analogy is based upon the result that 
the functional forms of the temperature and composition proflles are the same for 
equivalent boundary conditions. Bird et al. (1960) discuss the analogy further. 
In the above definitions, Lc is a characteristic dimension of the flow geometry, 
equal to the tube diameter (d) in the case of tubes. 
For single-phase fully-developed turbulent flow {Re > 20000) in long smooth-
walled tubes, the friction factor is given by, 
/ = 0.046^6-°^ (2.21) 
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and so the following expressions for Nusselt and Sherwood numbers are obtained, 
ATt/ = (2.22) 
= 0.023Ae° (2.23) 
According to Incropera and De Witt (1990), Eq. 2.22 applies for Reynolds num-
bers above 10000 and Prandtl numbers between 0.6 and 160. According to Sher-
wood et al. (1975), Eq. 2.23 applies for Schmidt numbers between 0.6 and 3000. 
Numerous mass transfer experiments are reported in the literature, and a 
review of these is presented in the book by Sherwood et al. (1975). Sherwood 
and Pigford (1952), for example, correlated the experimental data of Gilliland 
and Sherwood (1934), Barnet and Kobe (1941) and others, for vapour phase 
mass transfer in wetted wall columns, 
= 0.023^e°^^^cy^ (2.24) 
which is close to Eq. 2.23, and applies for Reynolds numbers between 2000 and 
26000, and Schmidt numbers between 0.6 and 2500. 
Owen et al. (1980) condensed steam-nitrogen mixtures flowing downwards 
in a vertical round tube, and predicted the vapour phase temperature drop and 
condensation rate to within 30% and 10% respectively, using the Colburn and 
Hougen (1934) model. They calculated the vapour phase mass transfer coefficient 
from Eq. 2.23. The vapour phase Reynolds number in the tests of Owen et al. 
(1980) ranged between 40000 and 50000. Bakke (1997) also used Eq. 2.23 to 
predict j3g in his study of reflux condensation. 
The empirical analogy between heat transfer and friction does not apply in 
pipes that are rough because this affects friction more than heat transfer. This 
raises the question of whether equations for single-phase flow over smooth sur-
faces are appropriate in falling-film systems, where the liquid surface is often wavy. 
Onda et al. (1970) performed reflux condensation experiments with methanol and 
water in a vertical round tube, and found the vapour phase mass transfer coeffi-
cient to be about 10% above the predictions of Eq. 2.23. Price and Bell (1974) 
suggested that the wavy surface would result in increased mixing in the vapour 
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and therefore an enhancement of both the heat and mass transfer coefficients. 
However, Owen et al. (1980) showed that the enhancement factor suggested by 
Price and Bell (1974) over-predicted the measured data. The effect of a wavy 
surface upon the heat and mass transfer coefficients remains unresolved. 
Liquid phase mass transfer 
The Colburn and Drew (1937) model has two defining characteristics. The first 
is the use of the film theory to model the vapour, which has been discussed. The 
second is the assumption that the vapour and liquid at the interface are in a state 
of thermodynamic equihbrium, even though heat is being transferred and vapour 
is condensing. At the interface, therefore, there is equality of vapour and liquid 
pressure, temperature and component chemical potentials, 
m ) = 3:1/) //2g(p, 2}, 2/if) = A/2z(p, 7; , (2.25) 
To paraphrase Colburn and Drew (1937), at the pressure p existing in the vapour, 
Ti and yu are the bubble point temperature and vapour composition of a liquid 
of composition x u , that on the liquid side of the interface. 
Colburn and Drew (1937) argued that at high heat fiuxes, since the composi-
tion of the condensing vapour approaches that of the bulk vapour, yig, the value 
of y u has little effect in determining the molar fluxes, and so any composition 
gradients in the liquid can be ignored. At lower heat fluxes and hence lower 
condensing molar fluxes, however, it becomes important to determine the liquid 
composition at the interface more accurately. 
The two extremes of liquid mass transfer are the mixed liquid and the unmixed 
liquid. A mixed liquid has a uniform composition, offering no resistance to mass 
transfer. Therefore the composition at the interface equals the mean composition, 
^11 = Xii (2.26) 
For an unmixed liquid, the hquid at the interface has the composition of the 
condensing vapour, and is unaffected by any previous condensation, 
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Between these two extremes, two different theories of hquid mass transfer have 
been used with the Colburn and Drew (1937) model; the film model and the 
penetration theory. 
Colburn and Drew (1937) suggested that the liquid phase mass transfer could 
be described with the film model, 
n i - xu{n i + M2) = CtiPi 7 ^ ^ -{x i i - xu) (2.28) 
exp($MU — i 
where Cu is the total molar concentration of the liquid, and f3i is the liquid phase 
mass transfer coefficient at low mass transfer rates. The film model identifies 
jSi as D i /5mi for planar interfaces, where Di is the liquid phase mass diffusion 
coefficient, and 5mi is the thickness of the hypothetical liquid film in which the 
mole fraction varies. The term $Mz/(exp($Mf) — 1) is the film model correction 
factor to /?;, allowing for the effect of the condensing molar flux upon the diffusive 
molar flux in the liquid at the interface. 
Di Cave et al. (1987), whose work is described later, used the film model 
for liquid phase mass transfer with the following equation for the mass transfer 
coefficient, 
= "'Y, 
where ai is the condensate heat transfer coefficient. A; is the liquid thermal con-
ductivity, and Pr i and Sci are the liquid Prandtl and Schmidt numbers. 
The penetration theory has also been used to describe the liquid phase mass 
transfer in reflux condensation systems. In the penetration theory, elements of 
fluid are brought up to the interface by a surface renewal mechanism and tran-
sient diffusion occurs into these elements. The penetration theory results in the 
following equation for liquid phase mass transfer at high mass transfer rates (see 
Bird et al., 1960), 
ni - xii{ni + ns) = CuPi (^i/ - 2:1/) (2.30) 
where erf is the error function. The penetration theory identifies Pi as a /Dij i r t , 
where t is the time that an element of the falling film surface has been in contact 
with the gas. The model assumes the liquid has a uniform velocity, and it is 
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therefore only applicable for short contact times for laminar non-wavy flow, to 
avoid the diflfusion process penetrating too far into the liquid. The term involving 
the liquid mass transfer rate factor is the penetration theory correction factor 
to /?;. Bird et al. (1960) show that the penetration theory correction factor is 
less than the film model correction factor in condensation. Krishna and Taylor 
(1993) recommend that the film model be used in favour of the penetration model 
in design calculations, since the film and penetration model correction factor 
predictions do not differ significantly, and the film model correction factor is 
more easily computed. 
Onda et al (1970) measured the liquid phase mass transfer rate in reflux con-
densation experiments with a methanol-water vapour mixture and compared the 
results to predictions from the penetration theory. They calculated the contact 
time between the liquid surface and vapour over a length L from, 
which assumes a uniform condensing molar flux and laminar flow; pi and rji are 
the liquid density and viscosity, g is the acceleration due to gravity and M^z is the 
molecular mass of the condensing vapour. The agreement between the predicted 
and measured mean values of (rii — Xij(ni 4- n2))/(xi7 — Xi;) was considered to 
be 'almost satisfactory'. The measured values of the total molar flux and liquid 
and vapour phase mass transfer coefficients were comparable in magnitude. 
Al-Shammari et al. (2002) made some interesting calculations to better un-
derstand the hquid mixing behaviour in their reflux condensation experiments 
with methanol and water. They modelled a liquid film of constant thickness run-
ning down a wall subject to zero shear at the surface. A step increase in the 
composition at the surface was made at the top, and the two-dimensional conser-
vation equations and constitutive equation for mass diflFusion were solved using 
a finite difference technique to show the spread of the component across the film 
with distance. It was found that the liquid composition at the wall was 90% of 
the value at the surface within 50 mm of the top for a liquid Reynolds number 
greater than 15. A Schmidt number of 1000 was used, the approximate value for 
methanol and water. Al-Shammari et al. (2002) concluded that the condensate 
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in their 3 m long double-pipe reflux condenser was mixed except in region near 
the top of the pipe where the liquid Reynolds number is small. 
Finally, an interesting theoretical result due to Kotake and Oswatitsch (1980) 
is mentioned. They studied laminar film condensation of a binary mixture onto 
a fiat wall, and noted that when ReiSci 1, the dimensionless form of the 
boundary layer equation of component mass conservation reduces to d'^Xi/dy'^ = 0 
{Rei is the liquid Reynolds number, and y is the co-ordinate normal to the flat 
wall). Since dxi/dy = 0 at the flat wall, it follows that the liquid mole fraction 
Xi is independent of y. Thus, the liquid layer will be of a uniform composition 
when ReiSci <C 1. Davis, Tung and Mah (1984) assumed the liquid layer to be 
of a uniform composition, following the result of Kotake and Oswatitsch (1980), 
and used the Colburn and Drew (1937) equations to successfully model reflux 
condensation in a wetted wall column. The results are described later, but it 
is interesting to note that they also attempted to model the liquid phase mass 
transfer process by the film model and found that the numerical method was 
unstable and inaccurate. This was considered to be caused by the extremely 
small temperature and composition differences in the liquid layer. It was also 
found that the agreement between the predictions and experimental data were 
poor for the case that could be compared. 
Mult icomponent models 
The diffusive flux of a component in a multicomponent mixture is, in general, 
affected by all of the independent concentration gradients. The diffusive fluxes 
of the components are therefore not independent of one another. This can re-
sult in transfer of a component in the direction of an increasing concentration 
gradient of the component. Interactive effects such as this can be significant in 
multicomponent mixtures. 
Diffusive fluxes in a multicomponent mixture are defined by constitutive equa-
tions such as the generalised Pick's law and Maxwell-Stefan equations. Both these 
sets of equations account for the interactive effects, and models based upon them 
are often referred to as interactive models. A general treatment of multicompo-
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nent mass transfer is presented in the book by Krishna and Taylor (1993). The 
film model has been extended to multicomponent mixtures through use of the 
both the generalised Pick's law (Toor (1964) and Stewart and Prober (1964)), 
and the Maxwell-Stefan equations (Krishna and Standart (1976)). 
Application of these film model solutions to the case of condensation is de-
scribed by Krishna et al. (1976), Krishna (1979), Webb and Sardesai (1981) and 
Webb (1990). The general subject of multicomponent condensation is reviewed 
by Webb (1995). The main emphasis has been on the comparison between the in-
teractive models with the more commonly used simplified methods for co-current 
condensers. The interactive models certainly provide a route by which the calcu-
lation methods described in the present thesis can be extended to multicompo-
nent systems, but this has been beyond the scope of the present work, which has 
concentrated on binary mixtures. 
2.1.5 Boundary layer models of condensation 
Minkowycz and Sparrow (1966), Taitel and Tamir (1974) and many others have 
performed calculations involving a developing condensate film and a develop-
ing vapour boundary layer adjacent. The theory makes less assumptions than 
models based upon the film theory, choosing to solve the conservation and con-
stitutive equations in two-dimensions by numerical or analytical means. Due to 
the complexity, however, the results are more specific; they invariably consider 
both phases flowing in the same direction or have a stagnant vapour phase. The 
approach is therefore not yet relevant to the modelling of dephlegmators. 
2.1.6 Silver, Bell and Ghaly method 
Most condensers in practice are designed using approximate methods that take no 
direct account of mass transfer. These methods involve calculating an equilibrium 
condensation curve, then calculating a heat transfer coefficient for the condensing 
side based upon the curve. The most well-known method for calculating the 
condensing side heat transfer coefficient originated with Silver (1947), and was 
then developed by Bell and Ghaly (1972). 
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The condensing side heat transfer coefficient, a , is defined, 
- = ^ + — (2.32) 
a Ag O; 
where ai is the condensate heat transfer coefficient. The factor qg/q on the vapour 
heat transfer coefficient occurs because the conductive heat flux from the vapour, 
qg, is less than the conductive heat flux at the cold wall, q. The direct part of 
the latent heat is released at the interface. From the conservation of energy, 
where Xg is the ratio of the vapour to total molar flow rate (= Fg/{Fg + Fi)), h is 
the total molar enthalpy of phases (— Xghg + (1 — Xg)hi), Cpg is the vapour molar 
heat capacity, and dTg/dh is the rate of change of vapour temperature with total 
molar enthalpy. Silver (1947) and Bell and Ghaly (1972) made the assumption 
that dTg/dh is the slope of the chosen condensation curve, dT*/dh. Therefore, 
their final equation for the condensing side heat transfer coefficient is, 
2 _ /dh ^ 
a a; 
The accuracy of this equation largely depends on how the actual vapour temper-
ature Tg and saturation temperature T* compare over a given enthalpy change. 
For binary mixtures, Colburn and Edison (1941) used the film theory to show 
that a saturated vapour will remain saturated or become superheated only when 
the Lewis number (= Scg/Frg) is less than unity; typically 0.6 to 0.8 according 
to Webb, Fahrner and Schwaab (1996). The change in the vapour temperature is 
then equal to or less than that predicted by the equilibrium condensation curve, 
and the Silver (1947), Bell and Ghaly (1972) equation is accurate or conservative 
in predicting the condensing side heat transfer coefficient. Webb, Fahrner and 
Schwaab (1996) provide a more detailed comparison of the work of Silver (1947), 
Bell and Ghaly (1972) and Colburn and Edison (1941). 
The equations above are derived with the understanding that the vapour and 
liquid fiow in the same direction. For Eq. 2.33 to apply to a reflux condenser, 
the molar flow rates Fg and Fi must have opposite signs, and the terms Xg and h 
then cease to have the same physical meaning. Bell (1988) outlines the design of 
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reflux condensers using the Silver, Bell and Ghaly (1972) method but does not 
identify the equilibrium curve chosen, nor is an interpretation of Xg or h provided. 
2.1.7 Modelling dephlegmators 
Kent and Pigford (1956) derived two equations on the basis of the Colburn and 
Drew (1937) model for the number of transfer units in reflux condensation. The 
number of transfer units is usually defined from the corresponding definition for 
the mass transfer coefficient. For example, the number of gas phase transfer units 
is defined, 
% ^ r = r (2.35) 
Jyio ^1/ — yig Jo Fg{eXp{^Mg) " l) 
where L is the length of the mass transfer device, Pj is the surface area of the 
interface per unit length, and $Mg/(exp($Mg) — 1) is the film theory correction 
to the mass transfer coefficient. The axial rate of change of the vapour molar 
fiow rate is proportional to the condensing molar flux, dFg/dz = —Pj{ni + 722), 
and so using Eqs. 2.12 and 2.15, the number of gas phase transfer units can be 
written, 
r^90 jp 
" J f , L - 1) 
Kent and Pigford (1956) took the approach that the rate factor ^Mg could be 
represented by a characteristic value over the length of the reflux condenser. 
Carrying out the integration with ^Mg constant gives, 
The same approach is used in Section 5.8 of Chapter 5. Assuming that the 
mass transfer coefficient is proportional to the vapour molar ffow rate, and that 
the average mass transfer coefficient takes the log-mean value, Kent and Pigford 
(1956) defined the characteristic value of as. 
# 4 . ( 2 X 3 8 ) 
So the resulting expression for the number of gas phase transfer units is, 
= ( % ) % - 1 
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In the hmit of no condensation, when Fgi F^o, the equation above reduces to 
NgHg = L. The height of the gas phase transfer unit at low mass transfer rates, 
Hg, is defined by. 
The second equation derived by Kent and Pigford (1956) was for the number of 
overall liquid phase transfer units in total reflux condensation. To test the theory, 
they carried out total reflux condensation experiments with ethylene dichloride 
and toluene in a 1.83 m vertical round tube of internal diameter 27 mm. Vapour 
leaving the top of the tube was completely condensed in an external unit, and 
the hquid fed back to the top of the tube. In this situation, the vapour and hquid 
flow rates and compositions are equal along the tube, Fg = Fi and yig = Xn. 
The liquid was found to provide a signiflcant resistance to mass transfer over the 
lower 1-1.2 m of the tube, the resistance thus being greatest at the bottom of the 
tube where the liquid film was thickest. About one overall liquid phase transfer 
unit was achieved, theory agreeing with experiment. 
In more recent years, the subject has moved away from the analytical but ap-
proximate solutions of Kent and Pigford (1956), and strongly towards numerical 
integration of the rate and conservation equations. Much effort has been spent 
on improving numerical techniques for adiabatic systems with counter-current 
flow of liquid and gas. These studies are exemplified by the work of Stewart and 
Beveridge (1972) on gas-hquid contactors. However, it is the situations which 
involve heat removal from the system that are of interest here. Work in this 
area includes that of Di Cave et al. (1987), Davis, Tung and Mah (1984) and 
Tung, Davis and Mah (1986), Bakke (1997), Gartner et al. (1979), Rohm (1980), 
Krupiczka et al.(1990), Warmuzinski et al.(1998), Soudi and Bontemps (2003) 
and Wang and Smith (2005). The numerical methods solve either the initial 
value problem, where the conditions at the top or bottom of the dephlegmator 
are known, or they solve the boundary value problem, where the condition of the 
inlet vapour is known. Di Cave et al. (1987), Davis, Tung and Mah (1984), Tung, 
Davis and Mah (1986) and Bakke (1997) solve the initial value problem based 
upon experimental measurements of the conditions at the top of the dephlegma-
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tor. Rohm (1980) and Wang and Smith (2005) solve the initial value problem 
for hypothetical examples with conditions given at the top of the dephlegma-
tor. Krupiczka et al.(1990) and Warmuzihski et al.(1998) solve the initial value 
problem, but with conditions specified at the bottom of the dephlegmator, and 
it would appear that Soudi and Bontemps (2003) do the same, although they 
give no specific detail. Gartner et al. (1979) describes a method for solving the 
boundary value problem, but does not give any examples. 
Di Cave et al. (1987) carried out experiments in a single tube dephlegmator, 
18 mm inside diameter and 920 mm long. Two different binary mixtures were 
partially condensed by cooling water flowing downwards through a jacket around 
the round tube. The amount of condensation was determined by the cooling wa-
ter inlet temperature, and was found to affect the liquid exit composition but not 
the vapour exit composition. The separation achieved rarely exceeded one the-
oretical stage. Di Cave et al. (1987) compared the results to a one-dimensional 
model based upon the Colburn and Drew (1937) equations. Since the vapour 
and cooling water condition at the top of the tube were known from the mea-
surements, Di Cave et al. (1987) integrated the local model from the zero liquid 
flow rate at the top of the tube to the measured liquid flow rate at the bottom 
of the tube. They used the liquid molar flow rate Fi as the independent variable, 
and integrated in steps of change in the liquid molar flow rate A f ) . They then 
compared the required surface area to the actual surface area for a given amount 
of condensation. The standard deviations between the predicted and measured 
vapour inlet and liquid outlet compositions were within 10%. The prediction of 
the required surface area required, however, was up to as much as 25% of actual 
surface area. 
Davis, Tung and Mah (1984) performed reflux condensation experiments with 
n-hexane/toluene mixtures at about atmospheric pressure in a wetted wall col-
umn 2.32 m long, and of rectangular cross-section, 152 mm by 9.53 mm. The 
liquid ran down only one of the walls, the other three walls being dry. The results 
were compared to a model based upon the Colburn and Drew (1937) equations, 
assuming the liquid to be of uniform composition. The model was integrated 
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in length steps from the top of the column downwards. Good agreement was 
found between the predicted and measured profiles of vapour composition and 
temperature. The same authors, Tung, Davis and Mah (1986), carried out reflux 
condensation experiments with n-hexane/toluene mixtures at atmospheric pres-
sure in a single serrated plate-fin pad 953 mm long with a hydraulic diameter of 
4.7 mm and serration length of 50.8 mm. Each uninterrupted fin passage was 
modelled as a wetted wall column, taking into account incomplete wetting of the 
fin walls. The wetted fraction of the fin surface area was calculated from a min-
imum wetting rate correlation. The vapour will lose heat directly to the wall in 
the dry regions, but this was assumed to be neghgible in comparison to the heat 
transferred through the wet regions. The result is that the Colburn and Drew 
(1937) equations can be integrated over the wetted surface area of the fin passage. 
Again, the liquid was assumed to be of a uniform composition. Tung, Davis and 
Mah (1986) performed the integration from the top to the bottom of the plate-fin 
pad. The predictions of the vapour temperature profile were found to be sensitive 
to the estimate of the vapour temperature at the top of the plate-fin pad. The 
predicted and measured data were displayed as graphs of the number of transfer 
units against position, showing a maximum deviation of one transfer unit over 
the middle section of the plate-fin pad. The number of transfer units was found 
to be an approximately linear function of position, and about 6 transfer units 
were achieved in the experimental runs. 
Bakke (1997) carried out fifteen dephlegmator experiments in a single round 
tube, 21.4 mm inside diameter and 2 m long. Mixtures of propane and n-butane 
were condensed by cooling water at pressures between 9 and 12 bar. The de-
phlegmator was modelled by solving the local rate and conservation equations, 
and integrating the solution from the top of the dephlegmator down. The liquid 
phase was assumed to be of a uniform composition and saturated. The deviations 
in the predicted and measured inlet temperatures, fiow rates and compositions 
were less than 8%. The mole fraction of propane in the vapour increased by only 
between 0.017 and 0.078, with between 7 and 26% of the molar flow of the inlet 
vapour condensing. The wall heat fluxes were between 1600 and 4800 W/m^K. 
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The hmited separation was attributed to the narrow boihng range of propane and 
n-butane and the low surface area of the tube. 
Gartner et al. (1979) and Rohm (1980) present numerical methods for the 
more general problem of multicomponent partial condensation in dephlegmators. 
Both methods are based upon the multicomponent film model. The method of 
Gartner et al. (1979) divides the dephlegmator into a number of length steps 
and solves the resulting set of conservation and rate equations with the Newton-
Raphson method and a special matrix algorithm, subject to the known inlet 
conditions. They suggest that between 40 and 60 steps are required to solve 
the boundary value problem, finding that smaller length steps at the ends of the 
dephlegmator improved convergence. Gartner et al. (1979), however, only pro-
vide results for an adiabatic absorption column. Rohm (1980) solved the set of 
conservation and rate equations by assuming that the vapour condition at the 
top of the dephlegmator is known, thus simplifying the calculation to an initial 
value problem. Liquid phase mass transfer was ignored. The method was illus-
trated with calculations for methanol, ethanol and water in a round tube with 
a 5 mm inside diameter. A methanol mole fraction of 0.942 was assumed in the 
exit vapour, and results were obtained for mole fractions of between 0 and 0.058 
water. Rohm (1980) compared solutions based upon the interactive and non-
interactive (effective diffusivity) film models for the vapour phase mass transfer. 
The differences in the predicted tube length and vapour inlet conditions for a 
methanol mole fraction separation of 0.165 were within 10%, except at the low 
mole fractions of water in the exit vapour. Rohm (1978) also considered transient 
behaviour of dephlegmators with binary mixtures. 
Krupiczka et al.(1990) carried out reflux condensation experiments with ethanol 
and water in a 0.15m long nozzle, 10 mm in diameter at the bottom and 40 mm 
at the top. The mole fraction of ethanol in the vapour at the inlet was about 0.4. 
The inlet molar flow rate of vapour and cooling water temperature were varied. 
Between 20 and 50% of the inlet molar flow rate was condensed, with the mole 
fraction in the exiting vapour between 0.45 and 0.65. Using the Euler method 
with a step length of 0.01 of the nozzle length, they integrated the Colburn-Drew 
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equations in the direction of the gas flow. They estimated initial values of the 
liquid flow rate and composition at the bottom of the nozzle, assuming them 
to be equal to the outlet values for co-current condensation of the same initial 
vapour. Krupiczka et al.(1990) do not give details, though, of how they updated 
the initial estimate. They solved the Colburn-Drew equations with the unmixed 
liquid model and then the mixed liquid model, and found both models predicted 
95% of the measured vapour exit compositions to within ±15%, and 85% of the 
measured liquid outlet flow rates to within ±30%. Both Krupiczka et al.(1990) 
and Warmuzihski et al.(1998) measure separation by the enrichment factor or 
selectivity of a component i in the mixture, defined as, 
S , = ( 2 . 4 1 ) 
1 — Vio 
where i/io and i/iL are the mole fractions of the component in the vapour at the 
bottom and top of the dephlegmator, respectively. Krupiczka et al.(1990) plotted 
the selectivity of ethanol against the ratio of liquid outlet and vapour outlet molar 
flow rates, the reflux ratio. The measured data shows that for the same reflux 
ratio, difl'erent ethanol selectivities can be achieved with different inlet molar flow 
rates of vapour. 
Warmuzihski et al.(1998) performed numerical calculations to show how the 
partial condensation of a light hydrocarbon mixture at 36 bar in a reflux con-
denser is affected by adding hydrogen. Vapour phase mass transfer was modelled 
using the film theory for multicomponent mixtures, and the liquid was assumed 
to be unmixed. Similar to Di Cave et al. (1987), the differential conservation 
equations were expressed with vapour molar flow rate as the independent vari-
able, so that vertical position then becomes a dependent variable. Warmuzihski 
et al.(1998) do not give details of how they integrated the differential equations 
from the channel bottom. With a hydrogen mole fraction 0.265, they found that 
if they allowed for its effect upon the vapour-liquid equilibrium, the change in 
the mole fraction of methane in the vapour was between 0.05 and 0.08, but if 
they artificially suppressed its effect, the change was only about 0.02 to 0.05. 
The reflux condenser Warmuzihski et al.(1998) modelled consisted of rectangular 
ducts of height 9 mm and widths either 1, 2 or 4 mm. They found that the 
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narrower ducts improved the selectivity of methane by only a few percent, but 
that increasing the inlet molar flow rate of vapour lead to a larger increase. 
From the description of the models, it would appear that Krupiczka et al.(1990) 
and Warmuzinski et al.(1998) assumed the reflux condensation takes place at 
constant pressure, though they do not explicitly state this. Souidi and Bontemps 
(2003) do, however, take into account the pressure change in steam-air reflux con-
densation in a perforated fin plate-fin heat exchanger. They assume the frictional 
component of the pressure gradient is given by the expressions for single phase 
flow in plain rectangular channels, and is therefore dependent on the aspect ratio 
in laminar flow, Eq. 2.54. Unfortunately, Souidi and Bontemps (2003) do not 
give any indication of the magnitude of the pressure drop, measured or calculated. 
Their 0.4 m long test section consists of a perforated fin pad sandwiched between 
two plain fin pads through which cooling water is passed in cross-flow. The cen-
tral fin pad has 5% of the surface area perforated, with channels of height 6.93 
mm and width 1.21 mm. Souidi and Bontemps (2003) modelled the condensation 
of steam in the presence of air using the Colburn and Hougen (1934) model. The 
correlation used for vapour phase heat transfer coefficient includes distance from 
the inlet thus allowing for a developing laminar flow. The vapour phase mass 
transfer coefficient was obtained using the heat and mass transfer analogy. They 
do not indicate how they solved the equations, but the brief description suggests 
a stepwise integration from the channel bottom. The calculations predict the 
measured temperature and composition profiles to within 10%. Souidi and Bon-
temps (2003) also calculated the condensate film thickness finding it to be about 
0.6 mm at the reflux condenser bottom when their medium flow rate of cooling 
water was used. 
Probably the most advanced use of a film-theory based model of dephlegma-
tion reported in the open literature is due to Wang and Smith (2005). They 
describe a systematic method of designing a plate-fin dephlegmator and optimis-
ing the refrigeration requirements that service the unit. Their approach to the 
design is based on the thermal rating method described by Taylor (1987). It can 
be summarised as follows: 
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(1) Given a vapour mixture, the problem is defined by a required recovery 
of a component in the mixture, and a maximum acceptable pressure drop for 
each stream. An initial hydraulic diameter and fin type is selected, along with a 
refrigeration process to provide the cooling. 
(2) A model of dephlegmation based on the film theory with a mixed liquid 
is solved. The model uses the appropriate vapour phase heat and mass transfer 
coefficient correlation for the fin type. Wang and Smith (2005) give no details 
about how the hot and cold streams are coupled thermally and then solved. 
(3) Temperature-enthalpy curves are set up for all the other streams, and 
combined to give a single hot stream curve and single cold stream curve. These 
two curves are split into temperature ranges over which the individual streams 
operate. For each temperature range, the number of heat transfer units for a 
counter-flowing hot and cold streams can be calculated. 
(4) From the number of heat transfer units and maximum acceptable pressure 
drop for the streams, the minimum volume of plate-fin for the temperature range 
can be calculated. This may suggest a different fin type is required. 
(5) For the hot condensing stream, a minimum cross-sectional area is set by 
the conditions to avoid flooding. Wang and Smith (2005) also consider a min-
imum cross-sectional area to avoid entrainment, using a correlation for flow in 
larger diameter pipes. For the other streams, a characteristic mass flux can be 
calculated using Kays and London (1964) for example. A cross-sectional area for 
these streams can then be calculated from the mass flow rate. 
(6) With a layer width chosen, the number of layers can then be calculated 
from the required cross-sectional areas. From the cross-sectional area and min-
imum volume for each temperature range, the block height can be calculated. 
Then the stacking arrangement of the layers can be chosen. 
Wang and Smith (2005) tested their procedure on a vapour mixture of four 
hydrocarbons and nitrogen where the aim was to achieve a specified concentration 
of the heaviest component in the exiting liquid. They tested their algorithm with 
pure refrigerant, mixed refrigerant, and also returning the cold exiting vapour to 
the dephlegmator. 
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2.2 Flow in narrow channels 
2.2.1 Flooding in vertical channels 
The counter-current flow of vapour and liquid in a dephlegmator only occurs 
because of a difference in the gravitational force per unit volume on the two 
phases. As the relative velocity of the vapour and liquid increases, however, a 
point is reached when this difference is not enough to sustain the counter-current 
flow. This is the flooding point. A further increase in either the vapour or liquid 
velocity results in some of the liquid being carried upwards and flooding is said 
to occur. Dephlegmators are intended to operate with all of the liquid formed 
leaving from the bottom of the channels, and therefore flooding is an important 
limitation in their design. 
From the description above, it might be supposed that flooding begins when 
the shear from the vapour against the liquid is large enough to overcome the 
gravitational force on the hquid and drag it upwards. Hewitt et al. (1965) showed 
by experiment however, that flooding occurs at much lower relative velocities. 
They performed a series of adiabatic experiments with air and water in a vertical 
pipe, with the water injected through an upper porous section of the pipe and 
removed through a lower porous section. The air passed through a calming length 
of the pipe before reaching the down-flowing water, which was extracted through 
a porous section of the tube wall. For constant water injection rates, the pressure 
gradient was found to increase gradually with increasing air flow rate up to the 
flooding point. At the flooding point, the pressure gradient increased sharply. The 
air flow rate was increased further until all of the of the water flowed upwards in 
the length of pipe above the water injection point. The air flow rate was then 
reduced until part of the water ran downwards, the flow reversal point. Hewitt 
et al. (1965) found that the transition from counter-current flow just below the 
flooding point to co-current up-flow just above the flow reversal point lead to an 
increase in the pressure gradient of between 7 and 18 times. 
Measurements of the water film thickness and visual observation showed that 
flooding was due to development of waves on the water film, with the waves 
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growing larger as the distance from the water injection point increased. There was 
therefore a definite dependence of the flooding point upon the test section length, 
particularly at the larger water flow rates; the flooding gas flow rate was found to 
decrease with increasing test-section length. However, in later experiments with 
air and water, Hewitt (1977) found that the flooding point did not depend upon 
the test section length. In these experiments, the water discharged from bottom 
of the tube into a collection vessel. The entrance conditions for the air were 
therefore not as smooth as in the earlier experiments of Hewitt et al. (1965), but 
they were more like the conditions found in conventional reflux condensers. In 
the later experiments, flooding was caused by build-up of a wave at the bottom 
of the tube where the air entered, which explained the insensitivity to the test-
section length. None of the equations mentioned below account for the tube 
length. Hewitt (1977) also found that if the bottom of the tube was cut ofi" 
diagonally, the flooding air flow rate increased by up to 30% of the value in the 
plain tube. English et al. (1963) observed the same effect, and the angle of the 
diagonal cut appears explicitly in their correlation. Whalley (1996) put forward 
a simple theory that assumes the flooding point occurs when the gas velocity is 
just enough to hold the liquid wave at the channel inlet stationary. It occurs at 
a constant Wallis dimensionless gas velocity, 
j - ; = ( 7 r / 4 ) ° - ^ = 0 . 8 9 ( 2 . 4 2 ) 
A gas velocity above this value is enough to bring about flooding. The dimen-
sionless Wallis gas velocity, j*, is defined by, 
" (Pp(P. - k ) 9 d r 
where rrig is the gas mass flux based upon the channel cross-sectional area, pg 
is the gas density, g is the acceleration due to gravity, and d is the hydraulic 
diameter. 
English et al. (1963) provided one of the first papers which is based entirely 
upon flooding data in a single tube reflux condenser. Diff'erent fractions of pure 
water, n-propyl alcohol, n-heptane and carbon tetrachloride were condensed in a 
6 ft tube, 0.75 inches in diameter. Four different degrees of taper on the tube inlet 
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were investigated. The sharp increase in the pressure drop as the vapour flow rate 
was increased was used to deflne the flooding vapour flow rate. The results of 56 
flooding runs were correlated to within ±10% in dimensional form and in a mixed 
set of units. They also measured the mass flow rate of liquid entrainment in each 
flooding run. They found that the amount of liquid entrainment increased as the 
vapour flow rate was increased, then just before the flooding point the amount of 
liquid entrainment decreased and then abruptly increased at the flooding point. 
Hewitt et al. (1965) found that the air velocities at the flooding point and 
flow reversal point were not the same. Despite this, the condition for upward 
annular flow to persist has also been used to predict the flooding point. Pushkina 
and Sorokin (1969) hypothesised that the flow-reversal transition occurs at the 
point when a liquid drop can just be supported by the gas flow. This occurs at 
a constant gas Kutateladze number, 
== 3.2 (2^14) 
The dimensionless gas Kutateladze number is defined by, 
° (P»(« -
According to the Pushkina and Sorokin (1969) equation, therefore, the flow re-
versal point does not depend on the hquid flow rate or the channel diameter. 
Diehl and Koppany (1969) performed flooding experiments with steam in 
single tube reflux condensers, 0.62, 1.05 and 2.07 inches in diameter. They also 
carried out adiabatic flooding experiments with hydrogen and diesel oil under 
vacuum in tubes of 0.66, 0.74 and 0.94 inches diameter. They put forward an 
empirical correlation based upon their own results and the results of flooding 
experiments from four other sources, including those of English et al. (1963). 
Their correlation has the flooding velocity independent of the tube diameter when 
it is above a critical value. This value depends upon the surface tension; it is 
approximately 1 inch for water. 
For compact heat exchangers, the hterature suggests that the Wallis (1961) 
correlation, 
= 0.725 (2.46) 
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provides a conservative estimate of the flooding point, so it is suitable choice in 
dephlegmator design. Fielder et al. (2002) compared the flooding data of six 
recent experiments in 3 mm hydraulic diameter plate fins, 7 mm diameter tubes 
and 8.3 mm hydraulic diameter corrugated plate. None of the flooding corre-
lations they tested predicted all of the measured flooding points satisfactorily, 
and they put this down to the diflPerences in geometry and to the wide range 
of physical properties. However, the Wallis (1961) correlation was conservative 
in predicting all the data. The experimental data for the plate fins came from 
Souidi and Bontemps (2000). They performed adiabatic experiments with air 
and water in plain and perforated plate fin, and in fact found the Wallis (1961) 
correlation predicted the flooding point to 2-13% at the liquid flow rates that 
would be found in reflux condensation. In the experiments with the perforated 
fin, they observed that a marked increase in the pressure drop occurred with only 
some of the channels flooded; water tended to pass through the perforations and 
alter the hquid flow distribution. In contrast, the plain fln flooded across the 
plate and at higher gas velocities. Costain Petrocarbon Ltd. carried out flood-
ing experiments in plate-fln pads, and according to Limb and Czarnecki (1987), 
'most of the existing correlations are suspect for equivalent diameters below 3/4 
in., with the possible exception of the Wallis correlation'. 
2.2.2 Surface tension and CFD 
If the surface between a liquid and gas is curved, the pressures near the surface in 
the two phases are different. The pressure diff'erence is called the surface pressure, 
and at thermodynamic equilibrium it is given by Laplace's equation, 
where the coefficient a is the surface tension, and Rj and Ru are the principal 
radii of curvature of the surface. The pressure is greater in the fluid with the 
convex surface. 
The surface tension of most pure components decrease almost linearly with 
increasing temperature, going to zero at the critical temperature. The surface 
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tensions of pure nitrogen at 70 and 90 K are 10.5 and 6.2 mN/m, and of pure 
oxygen at 70 and 90 K are 18.3 and 13.2 mN/m. The surface tensions of water 
and air at 20 and 80 deg C are 72.8 m N / m and 62.6 mN/m. 
For a solid, liquid and gas in thermodynamic equilibrium, the dividing sur-
faces align to give a zero resultant surface tension force on the common line of 
intersection. The contact angle at which the surfaces intersect is determined by 
the surface tension coefficients. Contact angles are sometimes reproducible for 
pure liquids on smooth surfaces, but measurements in practice usually show a 
range of angles from the maximum advancing angle to the minimum receding 
angle, this range referred to as the contact angle hysteresis. 
Ransohoff and Radke (1988) considered the problem of a low Reynolds number 
liquid running steadily along the corners of a non-circular capillary channel of 
dimension less than 1 mm. The wetting liquid forms an arc meniscus in each 
corner, the rest of the channel being occupied by gas. They solved the slow flow 
momentum equation numerically in two dimensions over the cross-section of the 
arc meniscus, and presented their results in tables of a dimensionless liquid mean 
velocity as a function of the contact angle, corner angle and corner roundedness. 
The work of Ransohoff and Radke (1988) is part of the larger study of drainage 
(wetting fluids displaced by non-wetting fluids) and imbibition (non-wetting fluids 
displaced by wetting fluids) in porous media and capillaries. Ma, Mason and 
Morrow (1996), for example, consider the mechanisms by which oil can displace 
water in non-circular pores taking into account contact angle hysteresis. 
Chapter 6 considers liquid running down the walls of a square duct, with gas 
flowing in the same direction in the core. Numerical calculations were performed 
using the commercial computer program C F X ® for flow developing over a finite 
length, the problems involving liquid which wets all the duct surface; there are 
no intersecting solid, liquid and gas boundaries. It is quite possible that the 
problems considered would end up with arc meniscii in the corners of the square 
duct with a long enough channel, but the fraction of the cross-section covered 
would depend on the contact angle selected for the calculation. The rest of this 
section gives an overview of the numerical methods of modelling interfaces and 
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surface tension. 
There are two basic approaches to the numerical modelling of interfaces be-
tween fluids, front capturing and front tracking. A front capturing numerical 
scheme solves for a variable that is defined throughout the flow domain, and the 
interface is located by certain values of the variable, or where its gradient is steep. 
A front tracking numerical scheme explicitly locates the interface, for example, 
by using a separate moving grid. The two approaches require different numerical 
implementations of surface tension. 
The volume of fluid (VOF) method is a front capturing numerical scheme 
that originated with Hirt and Nichols (1981). The VOF method solves mass and 
momentum conservation equations for two incompressible fluids that can coexist 
at the same point, and where they do, move with same velocity u. The density 
p at a point is given by piCi + p2(l — ei), where ei is volume fraction of fluid 1. 
The result of solving the equations is a volume fraction fleld and single velocity 
field as a function of time. 
A numerical solution on a grid with a fixed, finite number of points or volumes 
cannot locate the interface exactly at all times (Jun and Spalding, 1988). Solving 
the equations by finite volume methods leads to cells with volume fractions that 
lie between zero and unity. In addition, the region where the volume fractions lie 
between zero and unity is usually two or more cells thick when upwind diff"erencing 
is used to approximate the velocity at the cell faces, because of truncation error. 
Ubbink (1997) describes the various methods of locating the interface from the 
volume fraction values. He also discusses the techniques used to maintain a well-
defined interface region. 
The standard model of surface tension used in front capturing methods is 
the continuum surface force (CSF) model due to Brackbill, Kothe, and Zemach 
(1991). They viewed the interface as a three-dimensional dividing region across 
which a quantity that distinguishes the phases is a continuous and monotonic 
function of position. Surface tension is considered a localised body force acting 
everywhere within the region, but not outside it. Taking the volume fraction 
as the distinguishing quantity, the authors give the following equation for the 
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surface tension body force per unit volume of the interface, Fgv, at position x in 
the interface region, 
F s v ( x ) = (T«;(x)Vei (2.48) 
where the curvature k is defined from the curvature of the volume fraction con-
tours within the interface. The body force approximates the surface force given by 
Laplace's equation, but the authors show that it equals the surface force given by 
Laplace's equation in the limit of the three-dimensional dividing region becoming 
a two-dimensional dividing surface. 
Kothe and Mjolsness (1992) combined the CSF model with the VOF method, 
adding the surface tension body force to the momentum conservation equation. 
They carried out calculations for a two-dimensional system involving collision, 
coalescence and break-up of two water cyhnders moving towards one another. The 
results for two diflferent impact velocities demonstrated the competition between 
surface tension forces and momentum of the two rods. The rods coalesced in both 
situations, but only at the higher velocity did the rods have sufficient momentum 
to coalesce and then break up, thus overcoming the surface tension force. 
The commercial computer program C F X ® is a computational fluid dynamics 
(CFD) program developed originally by AEA Technology Pic. but now provided 
by Ansys Europe Ltd. It has the facihty to calculate two fluid flow through the 
use of its homogeneous multiphase model, which is front capturing, and consists of 
essentially the same set of equations as the VOF method. A recent summary of 
the homogeneous model in C F X ® is described by Shepel and Smith (2006). The 
CSF model of surface tension was added to the homogeneous model in version 4 of 
C F X ® , and subsequently modified by introduction of a density weighting factor. 
Burt et al. (1996) found this reduced convergence problems in cases where the 
two phases have very diff'erent densities. They repeated the calculations of Kothe 
and Mjolsness (1992) using C F X ® - 4 and found similar results. They also used 
CFX®-4 to model droplet formation at a nozzle, comparing it to experimental 
data. Their numerical results were found to correspond to the experimental 
observations. 
The CSF model of surface tension can generate unphysical flow close to the 
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interface when the surface tension force is significant. Francois et al. (2006) 
explain that this is due to numerical imbalance of the surface tension force and 
pressure gradient. They summarise the improvements that have been made, and 
also put forward a technique to reduce the effect. 
Front tracking provides an alternative numerical approach to modelling inter-
faces, and is exemplified by the work of Unverdi and Tryggvason (1992). The 
region of interest is divided into a fixed grid of finite volume cells, but an ad-
ditional moving grid or 'front' is overlaid to explicitly track the position of the 
interface. The front is a two-dimensional unstructured grid of triangular elements 
in three-dimensional calculations. Since the front moves and deforms, the grid 
has to be restructured by adding or removing triangular elements. The mean 
force due to surface tension acting at the centroid of each triangular element is 
CTAcnA, where A is the area of the triangular element and n is the unit normal. 
The mean curvature k, is evaluated at the centroid of each element. 
The front maps onto the fixed grid as an interface of finite thickness, of the or-
der of the fixed grid size. The density and viscosity of the two fluids are constant, 
but the density and viscosity of the fluid in the interface changes smoothly from 
the value in one fluid to the value in the other. The surface tension force acting 
on the triangular element of the front translates to the fixed grid as a body force 
distributed throughout the interface. The body force appears in the momentum 
equation and thus affects the velocity and pressure fields of each fiuid. Unverdi 
and Tryggvason (1992) demonstrated the method with calculations of bubbles 
rising, and bubbles merging in both two and three dimensions. Galaktionov et 
al. (2000) and Tryggvasson et al. (2001) describe the recent developments in 
front tracking. 
To conclude this section, it is noted that there exist hybrid numerical methods 
that use aspects of both front capturing and tracking to model interfaces, two 
recent ones being those of Shin (2007) and Pons and Boissannat (2007). 
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2.2.3 Single-phase frictional pressure drop 
The majority of experimental single-phase pressure drop data in plate-fin channels 
is expressed using the Fanning friction factor, / , which is related to the pressure 
gradient by, 
where {dp/dz)F is the frictional pressure gradient in the fiow direction, dh is the 
hydraulic diameter, p is the fluid density, and m is the mass flux based upon 
the minimum free flow area A^. Kays and London (1964) define the hydraulic 
diameter by, 
where L and A are the length and heat transfer area of the plate-fin pad. The 
hydraulic diameter for plain fins is therefore defined as, 
4 = (^51) 
where h is the fin height, w is the fin width, and t is the fin thickness, as shown 
in Fig. 7.2, Chapter 7. The minimum free flow area Ac equals {h — t){w — t). 
The interpretation of the Kays and London (1964) deflnition for serrated flns has, 
however, lead to different formulae for the hydraulic diameter. Wieting (1975) 
and Mochizuki et al. (1987) use the plain fin equation above, but Joshi and Webb 
(1987) and Manglik and Bergles (1995) allow for the blunt fin area that the fiuid 
sees at the end of each strip in calculating the heat transfer area. It would appear 
that Kays and London (1964) also took the latter approach. The Manglik and 
Bergles (1995) definition of the serrated fin hydraulic diameter is, 
d, = -t)s 
2{h — t + w — t)s + 2t{h — t) + t{w — t) 
where s is the serration length. 
Friction factors for plain fins and rectangular channels 
Kays and London (1964) measured the pressure drop of air flowing through nine-
teen difi'erent plain fin pads. They found that the friction factor depended upon 
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the Reynolds number Re (= mdh/ij), the channel aspect ratio r {= {h — t)/{w — 
t)), and the ratio of the channel length to hydraulic diameter, L/dh, 
f = f{Re , r , ^ ) (2.53) 
U'h 
For fully-developed laminar flow in rectangular channels, analysis shows that the 
friction factor is inversely proportional to the Reynolds number, 
/ == ( 2 X 5 4 ) 
where the proportionality factor Q depends on the channel aspect ratio r (— 
(h — t)/{w — t)). Kays and London (1964) show, for example, that Q = 14.2 
for a square channel, while Q = 20.5 for a rectangular channel with an aspect 
ratio of 8. Sadatomi et al. (1982) and Wambsganss et al. (1992) both measured 
the pressure drops of water flowing at Reynolds numbers between 80 and 11000 
through single horizontal rectangular channels with aspect ratios between 2.94 
and 7.14. In both investigations, the laminar flow data compared well to the 
equation above. 
Wambsganss et al. (1992) compared their turbulent flow data to the Blasius 
equation for smooth-walled round tubes, / = 0.079/i?e°-^^, and found it predicted 
their data to within ± 7%. Sadatomi et al. (1982) took a similar approach and 
compared their data to an equation of the Blasius form, 
/ = § # (2-55) 
but with a proportionality factor Q that depends on the channel aspect ratio. 
They found values of Q between 0.076 and 0.085 fitted their data best. 
The f — Re graphs of Kays and London (1964) show that the transition from 
laminar to turbulent flow takes place over a range of Reynolds numbers from 2000 
to 8000. The behaviour of the friction factor in this region is greatly influenced 
by the channel aspect ratio, and this can be explained in terms of the two equa-
tions above. With values of Q = 14.2 and Ct = 0.076 for a square channel, the 
fully-developed laminar flow friction factor at a Reynolds number of 2000 is less 
than the turbulent Blasius friction factor at a Reynolds of 10000. Consequently, 
the friction factor in the Reynolds number range 2000 to 10000 must increase; 
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the f — Re curves have a kink. On the other hand, with values of Q = 20.5 and 
Ct = 0.085 for a rectangular channel with an aspect ratio of 8, the fully-developed 
laminar flow friction factor at a Reynolds number of 2000 is now greater than the 
turbulent Blasius friction factor at a Reynolds of 10000. The friction factor now 
decreases in the Reynolds number range 2000 to 10000; the f — Re curves shows 
a change in gradient at the start of the transition region, but there is no kink. 
The data of Kays and London (1964) shows that friction in the region at 
the start of the channel where the flow is developing is greater than in the fully-
developed region. The entry length eff'ect is most significant at Reynolds numbers 
between 2000 and 4000. For example, at a Reynolds number of 3000 in a channel 
with an aspect ratio of 3, the friction factor increases by 12.5% upon decreasing 
the channel length from 100 to 40 hydraulic diameters. This has the effect of 
making any kink in the f — Re curves less pronounced. The data also shows 
though, that the effect of length upon the friction factor becomes less and less as 
the Reynolds number decreases. 
Friction factors for serrated fins 
The corrugations of a serrated fin are produced by pressing a metal sheet using 
a tool blade with offset edges. The metal sheet tears during pressing and the 
result is strips of corrugation that are alternately offset. So fluid flows through a 
channel formed by the corrugation, but after travelling the serration length s, it 
is interrupted by a fin in the middle of its path. Using finite difference methods, 
Patankar and Prakash (1981) showed numerically how the offset strips affect the 
flow. Fig. 2.2 illustrating some of the results. The fluid impinges on the leading 
edge of the fln and is displaced outwards. A laminar boundary layer grows on 
the fin surface. The fluid then accelerates inwards at the trailing edge of the fln, 
and behind the trailing edge is a recirculation zone. For the thinner fins studied 
{t/s = 0.1), the recirculation zone is small. For the thicker fins {t/s = 0.3), the 
recirculation zone grows as the Reynolds number increases, at Reynolds numbers 
over 1000 it extends from the trailing edge of the fin to the leading edge of the next 
61 
one. The fluid is then no longer displaced outwards but passes through the central 
part of the channel at a larger effective velocity. However, Patankar and Prakash 
(1981) compared the computed friction factors with the experimental data of 
Kays and London (1964), and found that they were only in reasonable agreement 
at Reynolds numbers below 1000; at Reynolds numbers of 1000 and above, the 
experimental friction factors were above the calculated values. Mochizuki and 
Jagi (1980) conducted flow visualisation experiments in serrated fins that showed 
that the fiow in the wake is stable only at Reynolds numbers below 900. Above 
this Reynolds number, the wakes oscillate, and vortices are shed from the fins and 
swept over the laminar boundary layers. Joshi and Webb (1987) observed the 
same behaviour in experiments with water flowing through a scaled-up serrated 
fin. Dye was introduced at the trailing edge of the fin to be studied. The results 
are shown in Fig. 2.2. The wake is smooth and laminar in Fig. 2.2 (a). These 
conditions are predicted by the Patankar and Prakash (1981) laminar model. As 
the Reynolds number increases, the wake begins to oscillate. Fig. 2.2 (b). This 
flow condition is considered to mark to the transition from laminar to turbulent 
flow, where the friction factor decreases less rapidly with increasing Reynolds 
number. As the Reynolds number increases further, the vortices are shed. 
Joshi and Webb (1987) argued that the geometry of a serrated fln with a 
uniform offset of half a pitch is characterised by the channel aspect ratio r, the 
ratio of the fin thickness to serration length t/s, and the ratio of the fin thickness 
to channel width t/{w — t), and that the friction factor therefore depends upon 
these three numbers and the Reynolds number, 
/ = J(Re . r, - , — ) (2.56) 
s w — t 
They produced an analytic model for the laminar flow regime and a semi-analytic 
model for the turbulent flow regime, 
where fp is the friction factor for the fln sides, /e is the friction factor for the 
top and bottom walls, and C ^ i = 0.8) is the form drag coefficient due the finite 
thickness of the fins. The authors used analytic solutions from other sources for fp 
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and fe in the laminar region, and used an analytic solution for fp in the turbulent 
region. For /g in the turbulent region, the authors obtained a best-fit correlation 
based upon the friction factor da ta from 21 serrated fin surfaces, including tha t 
of Kays and London (1964). 
The analysis of Joshi and Webb (1987) shows tha t as the Reynolds numbers 
tends to zero, the effect of the interrupting fin upon the momentum of the fluid 
approaches zero, and the friction factor approaches tha t for fully-developed flow 
in a plain rectangular channel of aspect ratio, 
i i S o f = ^ P,58) 
It also shows tha t tha t as the Reynolds numbers tends to infinity, form drag 
dominates, and the friction factor tends to a constant value. 
Joshi and Webb (1987) conducted pressure drop experiments in 8 different 
sizes of brass serrated fin with aqueous ethylene glycol as the test fluid, and com-
pared the data obtained to the predictions of their analytic model. The da ta 
showed tha t for a given aspect ratio, the geometries with the larger fin thick-
ness/serration length ratios had larger friction factors, due to increased form 
drag. As the Reynolds number increased, the form drag began to dominate over 
the drag on the fin sides and on the top and bot tom walls, leading to a more 
or less constant friction factor. The laminar analytic model and turbulent semi-
analytic model predict all of their brass serrated fin da ta to within ±20%. The 
models also predict the friction factor da ta of 16 of the 21 different serrated fins 
to within ±20%. 
The problem faced by analytic models is tha t they idealise the geometry of 
the serrated fin channel to have sharp fins with smooth top and bot tom walls. 
During manufacture of serrated fins for industrial use, the leading and trailing 
edges of the fins tend to become burred or scarfed during pressing, and the walls 
are generally not smooth. The burrs tend to increase the efl'ective fin thickness 
leading to increased form drag, and consequently, analytic models tend to under-
predict the friction factors of industrial serrated fins. The 8 brass serrated fins 
used by Joshi and Webb (1987), on the other hand, were hand-made and had 
no burrs or roughness, and the data were predicted with greater accuracy. It is 
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for these reasons that empirical correlations which are based upon large amounts 
of real data still tend to be preferred in industry rather than analytic models. 
One of the most widely quoted in the open literature is due to Wieting (1975) 
who collected experimentally determined friction factor data from four sources, 
including Kays and London (1964). Wieting (1975) produced friction factor cor-
relations for laminar flow {Re < 1000) and turbulent flow {Re > 2000), avoiding 
data for the transition region. The correlations indicate that a shorter serration 
length increases the friction factor in laminar and turbulent flow, that increasing 
the channel aspect ratio only increases the friction factor in laminar flow, while 
increasing the fin thickness only increases the friction factor in turbulent flow. 
Patankar and Prakash (1981) noted, however, that Wieting's (1975) correlation 
was based largely upon data from serrated fins in which the fin thicknesses were 
less than 0.1 of the fin width. More recently, Manglik and Bergles (1995) pro-
duced a correlation using experimental data from three sources, again including 
Kays and London (1964). They observed that friction factor data in fact varies 
smoothly with Reynolds number, and their correlation is a single equation cover-
ing the laminar, transition and turbulent regions. It predicts the data to within 
±20%, but with some scatter that they put down to manufacturing differences in 
the serrated fin. 
2.2.4 Two-phase frictional pressure drop 
To estimate the pressure change in two-phase flow, it is usually necessary to 
consider three terms, frictional, gravitational and accelerational. Thus, the total 
pressure gradient is given by, 
For the cases considered here, the accelerational pressure gradient is small and 
can be neglected. The prediction of the frictional pressure gradient is discussed 
below; the prediction of the gravitational pressure gradient is discussed in the 
next section. 
Frictional pressure drop of liquid-gas flow in tubes has received much attention 
in the open literature. A recent summary by Moreno Quiben (2005) identifies 
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eleven empirical correlations, the most important of these being the Lockhart-
Martinelli (1949), Friedel (1979) and Miiller-SteinHagen and Heck (1986) corre-
lations. 
The two-phase frictional pressure gradient {dp/dz)ptp is often expressed in 
terms of a multiplier on the single-phase frictional pressure gradient. For example, 
where 0; and (dp/dz)pi are the two-phase multiplier and frictional pressure gra-
dients for liquid alone in the channel at its mass flux mi, and 
where 0 ^ and {dp/dz)Fio are the two-phase multiplier and frictional pressure 
gradients for liquid alone in the channel at the total mass flux m. 
Lockhart and Martinelli (1949) correlated adiabatic two-phase pressure drop 
and void fraction data for air flowing with different hquids in pipes with diame-
ters between 1.5 mm and 25.8 mm. They presented the correlation graphically, 
displaying four curves of the liquid two-phase multiplier versus the MartineUi 
parameter X, with the different curves depending upon whether the liquid and 
gas flows on their own would be laminar or turbulent. Chisholm (1967) expressed 
their results by the following function, 
$2 = 1 + C / X -k 1/X^ (2.62) 
where C is a parameter dependent on flow type and X is the Martinelli parameter, 
which is the ratio of the single-phase hquid to single-phase gas frictional pressure 
gradients, 
X ' = (2.63) 
For laminar gas flow, C = 5 when the liquid is also laminar, but C = 10 when the 
liquid is turbulent. For turbulent gas flow, C = 12 when the liquid is laminar, and 
C = 20 when the liquid is turbulent. In the context of two-phase flow, Lockhart 
and Martinelli (1949) considered laminar flow to occur below a Reynolds number 
of 1000 and turbulent flow at a Reynolds number above 2000. 
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The Friedel (1979) correlation was developed for horizontal and vertical flow 
from approximately 23400 adiabatic two-phase flow data points; 56% of these 
data points (3% of which were in rectangular channels) were for vertical up-
flow, and the hydraulic diameters of these channels ranged between 3 and 260 
mm. The Friedel (1979) correlation for the multiplier is a rather complicated 
multi-parameter fit in terms of quality, fluid physical properties and dimensionless 
groups. 
The Miiller-SteinHagen and Heck (1986) correlation was developed from 9300 
measurements of frictional pressure drop using diff'erent fluids in channels 4 to 
392 mm in diameter. It is an empirical interpolation between all liquid and all 
gas flow. 
where Xg (= rrigjm) is the gas mass quality, and fgo is the friction factor for gas 
alone in the channel at the total mass flux m. 
Experimental measurements show that the frictional pressure gradient reaches 
a maximum at high gas mass qualities before decreasing to the all vapour frictional 
pressure gradient. The Lockhart and Martinelli (1949) and Miiller-SteinHagen 
and Heck (1986) correlations show this feature, but according to Thome (2002), 
many correlations do not display this experimental trend. 
Using the definition of the two-phase multiplier and the Martinelli parameter, 
the Lockhart-Martinelli (1949) correlation can be written in the following form, 
(1),.,= it),, 
The frictional pressure gradient is the sum of liquid-only and gas-only terms, and 
a term whose size indicates the level of interaction between the phases. It is the 
opportunity to express C as a function of different parameters that has lead to the 
Lockhart-Martinelli (1949) correlation being the basis for more recent empirical 
correlations for rectangular channels, Wambsganss et al. (1992) and Chen et al. 
(2007) for example. 
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Plain fins, rectangular channels 
Wambsganss et al. (1992) conducted adiabatic two-phase experiments using air 
and water at near atmospheric pressure in two horizontal channels of height 19.05 
and 9.52 ram, both with an aspect ratio of 6. Mass fluxes in the range 50-
2000 kg/m^s and gas mass qualities in the range 0.0002 to 1 were considered. 
At the lower mass fluxes, under 300 kg/m^s, the frictional pressure gradient 
predicted by the Friedel (1979) correlation was up to sixteen times larger than 
the measured value; at the larger mass fluxes, over 300 kg/m^s, the predictions 
were within ±40% of the measured values. Wambsganss et al. (1992) modified the 
Lockhart-Martinelli (1949) correlation expressing C as a function of the Martinelli 
parameter X and the total mass flux, 
C = (2.66) 
and considered it applicable to for Reynolds number mdh/rji < 2200 and total 
mass fluxes below 400 kg/m^s. 
Chen et al. (2007) extended the study by considering channels with different 
aspect ratio. They also conducted adiabatic two-phase experiments using air and 
water at near atmospheric pressure, but in channels of width 3 mm and aspect 
ratios of 1, 2 and 3. Mass fluxes in the range 100-700 kg/m^s and gas mass 
qualities in the range 0.001 to 0.8 were considered. They took 157 measurements, 
and with 111 measurements from the Wambsganss et al. (1992) study, and 69 
measurements from another study, they accounted for the aspect ratio in their 
correlation for C, 
(2.67) 
and considered it applicable for gas mass quaUties between 0.001 and 0.95, and 
total mass fluxes below 700 kg/ra^s. Calculating the single-phase friction factors 
with / = Ci{r)/Re for laminar flow (Re<2700) and / = 0.079/Ae°^ for turbulent 
flow (Re>2700), the modified correlation gave errors of about ±50%. 
The alternative to empirical correlations is to attempt to give an analytical 
model or to provide a phenomenological model for a particular two-phase flow 
pattern. While there exist many phenomenological models for two-phase flow in 
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tubes, Moreno Quiben (2005) identifies five for horizontal flow for example, mod-
els specific to flow in plain rectangular channels appear to be limited to annular 
down-flow. Robertson et al. (1987) measured the pressure drop of condensing 
nitrogen at 3 to 7 bar in a 3.3 m long brazed aluminium plate-fin test section 
using plain finning with channel size 6.2 by 1.2 mm. Mass fiuxes were under 
100 kg/m^s, and gas mass qualities in the range 0 to 1 were considered. They 
observed that at low mass fluxes, the measured overall two-phase pressure gra-
dient was close to the vapour-only pressure gradient. However, at higher mass 
fluxes, the measured overall two-phase pressure gradient was significantly greater 
than the vapour-only pressure gradient at high gas mass qualities. This suggested 
that at low mass fiuxes, the condensate film is smooth, but at high mass fluxes 
it is rough. They put forward a model for the friction experienced by a vapour 
flowing in a round tube with diff'erent degrees of roughness, with the roughness 
dependent on the condensate film thickness. The model gave good results, but 
they recognized it was important to identify when the fiow pattern changed from 
annular to slug flow. 
Serrated fins 
Mandrusiak and Carey (1988) measured the pressure drop for adiabatic two-phase 
flow of Refrigerant 113 in a vertical channel with serrated fins. The channel height 
and width were 9.52 and 8.26 mm, the fin thickness was 1.91 mm, and the length 
of the serrated fins was 12.7 mm. Mass fiuxes between 12 and 120 kg/m^s and gas 
mass qualities between 0.01 and 0.95 were considered. The data showed that the 
measured liquid two-phase multiplier $() as a function of the Martinelli parameter 
X was of the same form as the Lockhart-Martinelli (1949) for the equivalent round 
tube, but was consistently larger for turbulent-turbulent fiow. Mandrusiak and 
Carey (1988) therefore developed an approximate analytic model for the liquid 
phase pressure drop multiplier which accounts for the presence of the offset fin 
interrupting the fiow, and assumes annular two-phase fiow, 
t ? = [ ( ' h , r A ( C n , Re,)f" + ( C n f 2 f " ] ( 2 . 6 8 ) 
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where 0;^ ^ is the equivalent round tube liquid phase pressure drop multiplier, and 
/2 is a function of the serrated fin geometry, the liquid phase friction factor, the 
gas mass quality, the void fraction, the liquid and gas densities, and the liquid 
film thickness. The model predicted the experimental data with a mean absolute 
deviation of 13%. 
Mandrusiak and Carey (1990) proposed a more fundamental finite-difference 
computational model for annular film-flow in vertical channels with serrated fins 
(see Fig. 2.3). The vapour velocity and pressure fields were determined by nu-
merically solving the momentum conservation equations with a standard model of 
turbulence, subject to boundary conditions at the liquid/vapour interface which 
ensure continuity of velocity and stress. The shear stress at the liquid/vapour 
interface was defined from a correlation for round tube flow due to Wallis (1969). 
Liquid droplet entrainment in the vapour flow occurs because of the interrupted 
character of serrated fin channels and was accounted for by using the homoge-
neous two-phase flow theory of Wallis (1969) with an effective vapour density and 
viscosity. The liquid film on the primary and secondary surfaces of the channel 
was assumed to be laminar, and was modelled taking into account liquid droplet 
deposition and entrainment, and lateral spreading of the liquid film around the 
walls due to circumferential shear stresses. The location of the interface between 
the two phases is not known in advance, so calculations in one phase were carried 
out, and the results provided boundary conditions for the next phase, and so on, 
until the velocity fields in each phase converged. 
The model was used to calculate the pressure drop in adiabatic two-phase 
flow in a serrated fin channel with a channel height and width of 9.52 and 1.59 
mm, a fin thickness of 0.13 mm and a serration length of 3.18 mm. Experimental 
data were obtained for this channel using Refrigerant 113 at atmospheric pressure 
with mass fluxes between 50 and 150 kg/m^s and gas mass qualities between 0.4 
and 0.9. Since the model assumes stable annular flow, calculations were only per-
formed for conditions corresponding to annular flow on the Hewitt and Roberts 
(1969) flow pattern map of vertical two-phase up-flow. The calculated two-phase 
pressure drops were generally in good agreement with the data, although at the 
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higher gas mass quahties the model tended to under-predict the data. This was 
attributed to inaccuracy of the liquid droplet entrainment model. Mandrusiak 
and Carey (1990) also performed calculations to assess the effect of changing 
the channel geometry. Halving the fin height had negligible effect at the higher 
gas mass qualities, but increased the two-phase pressure drop by up to 18% at 
the lower gas mass qualities. Halving the serration length however increased the 
pressure drop by 25% over the whole range of gas mass qualities. Halving the fin 
width increased the pressure drop by 25% at a gas mass quality of 0.5, down to 
12% at a gas mass quality of 0.9. 
2.2.5 Two-phase gravitational pressure change 
The pressure gradient due to gravity for a liquid and gas fiowing in a vertical 
channel, {dp/dz)Gtp, is given by the following equation, 
~ Pii^ ~ ^9)) 9 (2.69) 
where eg is the void fraction, the fraction of the channel volume or cross-sectional 
area occupied by the gas. Calculating the pressure change due to gravity in two-
phase flow therefore comes down to providing an expression for the void fraction. 
Woldesemayat and Ghajar (2006) list sixty-eight of the void fraction corre-
lations that have appeared in the open literature. They divide them into four 
groups; slip ratio correlations, drift-fiux models, homogeneous void fraction mul-
tiplier correlations, and general empirical void fraction correlations. 
Slip ratio correlations 
Following Zuber and Findlay (1975), the slip ratio S is defined as the ratio of the 
weighted mean gas and hquid velocities, 
o _ & _ (^9) ^ ~ (fg) (2 70) 
- a, - (f,) ^7,) ) 
where {sg) (= 1 /Acf^ egdAc) is the average void fraction over the channel 
cross sectional area Ac, and (Ug) (— 1/Ac J^^^UgegdAc = m x / p g ) and (Ui) (= 
1 / A c f ^ ui(l - eg)dAc = m( l - x ) / p i ) are the average superficial gas and liquid 
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velocities. By providing an equation for the slip ratio, therefore, the average void 
fraction can be determined and used in the equation for the gravitational pressure 
gradient above. Experiment shows that the main parameters affecting the slip 
ratio are physical properties, typically expressed by pi/pg-, gas mass quality Xg, 
and total mass flux m. The Premoli et al. (1971) correlation depends upon these 
parameters. A simpler correlation is due to Chisholm (1973), 
5 = ( l - i . , ( l - ^ ) ) (2.71) 
There is no dependence on mass flux, but it shows correct limiting behaviour. As 
the critical point is approached and the phase densities become equal, the flow 
becomes homogeneous and the slip ratio tends to unity. As the gas mass quality 
tends to zero, the flow becoming all liquid, the phase velocities again equalise, 
and the slip ratio tends to unity. Woldesemayat and Ghajar (2006) compared 
the predictions of the 68 void fraction correlations to 2845 measurements sourced 
from the open literature. The experimental data covered air-water, air-kerosene 
and natural gas-water flow in horizontal, inclined and vertical pipes ranging in 
diameter from 12.7 to 102.3 mm. They found the Chisholm (1973) correlation to 
predict 85% of the horizontal and vertical pipe measurements to within ±15%. 
Drift-f lux models 
The total superflcial velocity U is the sum of the gas and liquid superficial ve-
locities, Ug + Ui- The drift gas velocity Ugu is defined as the velocity of the gas 
relative to the total superficial velocity, 
Ugu = Mg — (2.72) 
Allowing for variation across the channel in the phase velocities and void fraction, 
a weighted mean drift gas velocity Ugu can also be defined, 
= % - Co{U) (2.73) 
where Co (= ( e g l J ) / { e g ) ( U ) ) is the Zuber and Findlay (1975) distribution param-
eter. Experiment shows that the weighted mean gas velocity Ug varies almost 
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linearly with the total superficial velocity (U) for a given two-phase flow pattern. 
From measurements of flow, therefore, the drift gas velocity Ugu and distribution 
parameter Co can be determined. The resulting equation then permits the void 
fraction to be calculated, since Ug = {Ug)/{eg). Interestingly, Woldesemayat and 
Ghajar (2006) found that a number of the drift flux models performed well over 
the entire data set, despite the changes in two-phase flow pattern. 
Homogeneous void fraction multiplier correlations 
In homogeneous flow, the two phases are well mixed throughout and travel at 
the same velocity. Since the liquid and gas velocities are equal at each point in 
the channel, the drift gas velocity is zero and the slip ratio is unity, Ugu = 0 and 
5 = 1. It follows from the drift velocity definition that, 
" H t ) 
Since the void fraction is also constant across the channel, 1/Ac jj^^tgUdAc = 
1/A^J^ 6gdAcJ^ UdAc, and so the distribution parameter is unity. Denoting 
the homogeneous void fraction en, it follows therefore that, 
_ jUg) _ ^gPi (2 7^1 
" " (c/> - + (1 - ' 
Experiment shows that the void fraction approaches the homogeneous value 
at high pressure and high mass flux. BankoflF (1960) put forward the idea to 
express the void fraction by a multiplier on the homogeneous void fraction, 
(cg) = (1/Co)£h, to allow for the effect of varying distribution of the phases 
across the channel. Woldesemayat and Ghajar (2006) identify twelve other cor-
relations of this type; three of these performed reasonably well. 
Empirical void fraction correlations 
Using quick-closing valves, Mandrusiak and Carey (1988) measured the void frac-
tion of R-113 liquid-vapour flowing through a scaled-up serrated fln pad (8.84 mm 
hydraulic diameter, 12.7 mm long serrations). The mass fluxes ranged from 12 
to 120 kg/m^s and the gas mass qualities ranged from 0.01 to 0.95. They fitted 
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their experimental data in terms of the Martinelli parameter, 
eg = (1 + 0.25%)-^ (2.76) 
Woldesemayat and Ghajar (2006) identify three other correlations that are fits in 
terms of the Martinelli parameter, but many more that use other dimensionless 
parameters and involve experimental constants. This group of correlations were 
the least successful in their test. 
Lockhart and Martinelli (1949) themselves provided both a graph and a table 
of the void fraction versus the Martinelli parameter. The table also shows the 
liquid two-phase multiplier for each of the four laminar-turbulent combinations 
versus the Martinelli parameter. The void fraction data, which is in the range 
0.1 to 0.96, can therefore be expressed either as function of X or as a function 
of 0; and the laminar-turbulent combination. For turbulent liquid and turbulent 
gas flow, for example, it is found that the data is fitted by, 
£» = 1 - J , - ' (2-77) 
For laminar liquid and turbulent gas flow, the values eg = 0.81 at = 4.07, 
eg = 0.91 at = 8.90, and eg = 0.96 at = 20.7, together with the all vapour 
value Eg = 1 at = 0 have been fitted by the present author by the piecewise 
cubic polynomial below, 
Eg = 1 - 0.8542$^^ -H 0.5956$;-^ - l.O8310r^ (2.78) 
It predicts the other void fraction data points in the range 0.81 to 0.96 to within 
half a percent, and is the equation used to predict void fraction in Chapter 7. 
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Figure 2.3: Annular film flow in a serrated fin (Mandrusiak and Carey(1990)) 
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Chapter 3 
Dephlegmator modelling 
Dephlegmation is the name given to the process of mixture condensation when 
the vapour and liquid move counter-currently and remain in direct contact. This 
chapter describes three models of binary mixture dephlegmation taking place in a 
vertical round tube. The models are described in Section 3.1, and centre upon the 
work of Colburn and Drew (1937). In Sections 3.2 and 3.3, numerical methods 
are given for solving the model equations subject to different sets of boundary 
conditions. In particular, a relaxation method of solving the boundary value 
problem is described in Section 3.2.4. The method works with energy conservation 
expressed in terms of molar enthalpy rather than partial molar enthalpy, which 
is a benefit from a practical point of view, because molar enthalpy data is more 
accessible than partial molar enthalpy data. The application of the models to 
dephlegmation in plate-fin heat exchangers is considered in Section 3.4. 
3.1 The Colburn-Drew theory 
Consider the condensation of a binary vapour mixture that flows upwards in a 
vertical round tube, Fig. 3.1. The vapour condenses because the inside surface 
of the tube wall is at a temperature below its dew point. Heat is transferred 
across the inside surface of the tube wall to colder surroundings, and the liquid 
produced through the condensation forms on the inside surface of the tube wall 
and flows downwards. The counter-current movement of the liquid and vapour 
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is sustained only by the different gravitational forces per unit volume acting on 
them. Three models of this dephlegmation process are summarised below. The 
theory is developed in detail in Appendix C and follows Colburn and Drew (1937), 
assuming that the film model of heat and mass transfer applies in the vapour, 
and that thermodynamic equilibrium exists at the liquid/vapour interface. The 
models differ only in the assumptions concerning the heat and mass transfer in 
the liquid. 
The description starts with the common theory of all three models, with the 
common assumptions stated at the beginning of the section. 
The common theory of the models 
• The liquid and vapour flow is steady. 
• At each horizontal plane, conditions only vary normal to the tube wall. 
• The liquid and vapour are at the same constant pressure. 
• Thermodynamic equilibrium exists at the liquid/vapour interface. 
• In the vapour, composition and temperature only vary normal to the tube 
wall in mass and heat transfer films adjacent to the interface. 
The models use cylindrical polar coordinates (r, 9, z) to determine position due 
to the geometry, with the origin on the tube axis at the tube bottom, and the 
z axis in line with the tube axis. In all three models, it is assumed that liquid 
occupies an annular region adjacent to the wall {rj < r < r^), while the vapour 
occupies the centre of the tube (0 < r < r j ) , where r j is the radius of the interface 
between the liquid and vapour, and is the radius of the inside of the tube. The 
liquid and vapour flow is assumed to be steady and axisymmetric. The situation 
is simplified further by assuming that the pressure is constant. 
At the interface, the liquid and vapour temperatures and chemical potentials 
of each component are equal. The conditions for thermodynamic equilibrium 
are therefore assumed to exist at the interface. Since the chemical potentials 
of components 1 and 2 in the liquid and vapour, ii2U fJ-ig and can be 
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expressed as functions of the pressure and temperature, and the mole fraction 
of component 1 in the respective phase, the equilibrium condition at a vertical 
position z in the tube can be expressed by, 
Ti, Xu) = iJ,ig{p, Ti, yu) ( 3 . 1 ) 
3;i;) = m;) (3-2) 
where p is the system pressure, T/ is the temperature at the interface, xu and yu 
are the mole fractions of component 1 in the liquid and vapour at the interface. 
In the vapour, the temperature is assumed to vary with radial position only 
in the range Vh < r < ri, and the composition is assumed to vary with radial 
position only in the range < r < rj. These regions in the vapour adjacent to 
the interface are the heat and mass transfer films. The region in the core of the 
vapour where temperature and composition only vary with vertical position is 
the bulk region. The temperature and composition profiles in the film regions are 
determined by assuming that the energy and mass flows in the radial direction 
are constant, and that conduction and diffusion obey Fourier's and Pick's law. 
The axial rates of change of the bulk vapour temperature and composition are 
given by, 
= (3.3) 
- 1 '3.4) 
where Fg is the bulk vapour molar flow rate, Tg and yig are the temperature and 
mole fraction of component 1 in the bulk vapour, Cpg is the molar heat capacity 
of the bulk vapour, and Ctg is the total molar concentration of both components 
in the bulk vapour. The vapour heat and mass transfer rate factors, ^Hg and 
are defined by the equations, 
" ~P,^, ' ^ " " I T ' (3.5) 
" - 7 ^ f P .6, 
where ag and jSg are the low mass transfer rate vapour heat and mass transfer 
coefficients, and Cpig and Cp2g are the partial molar heat capacities of components 
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1 and 2 in the bulk vapour. The circumference of the interface, P/, is given by, 
The description continues now with the theory particular to each model, with 
the distinguishing assumptions stated at the beginning of each section. 
3.1.1 The saturated liquid Colburn-Drew model 
• The liquid is mixed with respect to composition. 
• The liquid is saturated except in a narrow region by the tube wall. 
The liquid composition is assumed to be constant with respect to radial position; 
the liquid is said to be mixed with respect to composition. The mole fraction of 
component 1 at the interface is therefore equal to the flow average mole fraction 
of component 1, xu, 
Xij = Xii (3.8) 
Conservation of mass is expressed by the following differential equations, 
— { F i - F g ) = 0 ( 3 . 9 ) 
— UlgFg) = 0 (3.10) 
where Fi is the liquid molar flow rate, defined to be a positive quantity. The liquid 
temperature is assumed to vary with radial position only in a narrow region by 
the wall, in the range rs < r < Vyj. The liquid is therefore saturated in the 
range rj < r < rs, since it is at the pressure, temperature and composition for 
thermodynamic equihbrium with the vapour at the interface. Conservation of 
energy is expressed by, 
— {huFi-hgFg) = Pyjq (3.11) 
where hu and hg are the molar enthalpies of the liquid at the interface and the 
bulk vapour, and q is the conductive heat flux in the radial direction at the inside 
of the tube wall. The circumference of the inside of the tube, Pyj, is defined by, 
Pu, = 2%Tu, (3.12) 
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By its definition, the condensate heat transfer coefficient, ai, relates the wall heat 
flux to the temperature drop across the liquid, 
g = azCTf -- TL,) (3.13) 
where Tyj is the temperature at the inside of the tube wall. 
Since the vapour molar enthalpy is a function of p, Tg and yig, and the liq-
uid molar enthalpy at the interface is a function of p, T/ and x u , the energy 
conservation equation can be expanded into the following equivalent form, 
- (/iig - /iiif) — - (/izg - /Z'Qf/) ^  ((1 - = PiuQ 
(3.14) 
where hig and h2g are the partial molar enthalpies of components 1 and 2 in 
the bulk vapour, h m and h2ii are the partial molar enthalpies of components 
1 and 2 in the liquid at the interface, and Cpu is the molar heat capacity of the 
liquid at the interface. From the conditions for thermodynamic equilibrium at the 
interface, Eqs. 3.1 and 3.2, it is assumed that T j can be expressed as a function 
of Xu ( ^ X i i ) at the constant pressure p. Then in the last term on the left hand 
side of Eq. 3.14, 
dTi dTi dxii 
The axial variation of the characteristic liquid temperature of the saturated liquid 
model, the interface temperature, is determined by the axial variation of the liquid 
composition and the slope of the bubble point curve. 
The liquid physical properties Cpu, hu, h m , h2ii in the equations above are 
functions of p, T/ and x u (= xif), while the vapour physical properties Ctg, Cpg, 
Cpig, Cp2g, hg, hig, h2g are functions of p, Tg and yig. 
Equations 3.3, 3.4, 3.9, 3.10, and 3.11 or 3.14 are the differential equations of 
the saturated liquid model. 
3.1.2 The mixed liquid Colburn-Drew model 
• The liquid is mixed with respect to composition. 
• The heat flow across the liquid to the tube wall is constant. 
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The liquid composition is assumed to be constant with respect to radial posi-
tion, like the saturated liquid model, and hence Eq. 3.8 applies. However, the 
mixed liquid model does not assume a constant bulk liquid temperature. Instead, 
the liquid molar enthalpy decreases with temperature across the liquid, and the 
following equation for local energy conservation applies instead of Eq. 3.11, 
^g^g) — P-wQ (3.16) 
where hf is the flow average liquid molar enthalpy, a function of p, xu (= xn) 
and some temperature T; between Tyj and T/. It is assumed that the conductive 
heat flow across the liquid in the radial direction is constant, so that the following 
terms of the expanded version of the energy conservation equation cancel out, 
-{hill - hfi) — {yigFg) - {h2ii - ^ 1/19)^9) + = 0 (3-17) 
where is the liquid molar heat capacity, and and are the liquid partial 
molar enthalpies, functions of p, 2] and xu (=xi / ) . The expanded version of the 
energy conservation equation for the mixed liquid model is, 
-{hig - h u i ) - ^ { y i g F g ) - {h2g - h2ii) — {{l — yig)Fg) — ^9^P9~^ = PuuQ (3.18) 
The terms of Eq. 3.17 are described under Eqs. C.54 and C.74 of Appendix C. 
Section 4.2 also compares the energy conservation equations 3.14 and 3.18. 
When it comes to solving the equations, there are two versions of the energy 
conservation equation to choose from, Eq. 3.16 or 3.18. If Eq. 3.16 is selected, 
then Eq. 3.17 must also be solved for the liquid temperature 7], in order to 
evaluate the flow average molar enthalpy h f . On the other hand, if Eq. 3.18 is 
chosen, and it is assumed that the condensate heat transfer coefficient ct; can be 
calculated from physical properties at the interface conditions, then Eq. 3.17 is 
redundant. There are no other quantities that depend on the liquid temperature 
Ti in the model. In the applications here, Eq. 3.18 is used exclusively to represent 
energy conservation, so that the working version of the mixed liquid model does 
not have a characteristic liquid temperature. 
Equations 3.3, 3.4, 3.9, 3.10, and 3.18 are the differential equations of the 
mixed liquid model. 
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3.1.3 The unmixed liquid Colburn-Drew model 
• The liquid is unmixed with respect to composition. 
• The heat flow across the liquid to the tube wall is constant. 
It is assumed that there is no mass diffusion in the liquid; the phase is said to be 
unmixed with respect to composition. This means, in particular, that the liquid 
at the interface has the composition of the condensing vapour, 
« • ' 
The liquid composition is not necessarily constant with respect to radial posi-
tion, unlike in the mixed and saturated liquid models. Like the mixed liquid 
model though, it is assumed that the conductive heat flow across the liquid is 
constant. Hence, Eqs. 3.16 to 3.18 describe the energy conservation, and the 
same comments regarding the liquid temperature, 2], apply. 
Equations 3.3, 3.4, 3.9, 3.10, and 3.18 are the differential equations of the 
unmixed liquid model. 
3.1.4 At the top of the channel 
There is a choice of whether to present the mass conservation equations for the 
component 1 in terms of d{yigFg)/dz or dyig/dz, and d{xiiFi)/dz or dxu/dz. Use 
of the product rule gives, 
and this can substitute into the left hand side of Eq. 3.4. Using the product rule 
again, and Eqs. 3.9 and 3.10 gives, 
There is, however, reason to prefer working with {dxuFi)/dz over dxu/dz. At the 
top of tube, XiiFi always has the same boundary condition, and although dxu/dz 
exists, its equation is singular. 
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At the top of the tube, the vapour exits and the condensate layer begins. The 
liquid molar flow rate is zero, the first liquid that forms has the composition of 
the condensing vapour, 
= 0 = a t . = L (3.22) 
Equation 3.13, the liquid heat transfer equation, no longer applies. Instead, 
Tj — Tyj Tj — — ^11 at z L ^3.23) 
where L is the tube length. 
Integration of the mass conservation equations, Eqs. 3.9 and 3.10, between 
the bottom and top of the tube gives, 
Fgo = Fio + FgL (3.24) 
VioFgo = xioFio + ViiFgL (3.25) 
where Fgo and yiQ are the bulk vapour molar flow rate and composition at the 
bottom of the dephlegmator, while FgL and y n are the bulk vapour molar flow 
rate and composition at the top, and Fi and Xio are the liquid molar flow rate 
and flow average composition at the bottom of the unit. 
3.1.5 Practical application of the theory 
Equations 3.3 to 3.6 introduce the low mass transfer rate vapour heat and mass 
transfer coefficients, ag and Pg. According to the film theory, they are given by, 
= r , l n { r , / r j 
where Xg and Dg are the thermal conductivity and mass diffusion coefficient of the 
bulk vapour. The locations of the film boundaries can, therefore, be calculated 
from the heat and mass transfer coefficients and location of the interface. 
This section gives the equations used to determine the vapour heat and mass 
transfer coefficients, and also the condensate heat transfer coefficient, and the 
thickness of the condensate layer. 
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Vapour heat and mass transfer coefficients 
The following equations are used to determine the low mass transfer rate vapour 
heat and mass transfer coefficients, ag and f3g, 
ag = —^NUg{Reg, Prg) Pg = —^Shg{Reg, SCg) (3.27) 
where the Nusselt number (Nug) depends upon the Reynolds (Reg) and Prandtl 
(Prg) numbers in the following way, 
= 4 . 3 6 4 ( A e g < 2 0 0 0 ) ( 3 . 2 8 ) 
T V t t g = ( 1 - w ) 4 . 3 6 4 + w ( 0 . 0 2 3 ( 2 0 0 0 < < 1 0 0 0 0 ) ( 3 . 2 9 ) 
= 0 . 0 2 3 7 i ! e ° ^ f ( j i ! e g > 10000) (3.30) 
and the Sherwood number (Shg) depends upon the Reynolds and Schmidt (Scg) 
numbers in the following way, 
= 4 . 3 6 4 ( ; Z e g < 2 0 0 0 ) ( 3 . 3 1 ) 
g / i g = ( 1 - w ) 4 . 3 6 4 + w ( 0 . 0 2 3 7 i : e ° ^ g c y ^ ) ( 2 0 0 0 < < 1 0 0 0 0 ) ( 3 . 3 2 ) 
= 0 . 0 2 3 A e ° ^ ^ c y ^ ( E e g > 1 0 0 0 0 ) ( 3 . 3 3 ) 
The weighting factor oo in the equations above is given by, 
w = logio(7^eg/2000)/ logio(10000/2000) (3.34) 
and the Reynolds, Prandtl and Schmidt numbers are defined by, 
where % is the bulk vapour viscosity and is the bulk vapour molecular 
weight, 
Mwg = VlgMyji + (1 — yig)Myj2 (3.36) 
where M^i and are the component 1 and 2 molecular weights. 
The low mass transfer rate coefficients, ag and pg, are assumed to be equal to 
the single-phase heat and mass transfer coefficients for the vapour flowing alone 
in the round tube. Equation 3.28 is obtained theoretically for fully developed 
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single-phase laminar flow with a constant heat flux at the tube surface. Equation 
3.30 is the Colburn (1933) correlation for fully developed single-phase turbulent 
flow. Equation 3.29 is the assumption of a linear relationship between log^Q{Nug) 
and logio(Aeg) in the transition region; it is not used in any calculations, and is 
presented only for completeness. Figure 3.2 illustrates the relationship between 
Nusselt number and Reynolds number for various Prandtl numbers. Equation 
3.31 is obtained theoretically for fully developed single-phase laminar flow with 
a constant diffusive molar flux at the tube surface. Equations 3.32 and 3.33 
follow from the assumption that the heat and mass transfer analogy applies, Shg 
substituting for Nug, and Scg substituting for Pvg in Eqs. 3.29 and 3.30. 
The physical properties %, Dg and Xg in the equations above are functions of 
p, Tg and yig. The coefficients and I3g depend additionally on the tube radius 
r^,, and the vapour molar flow rate Fg when Rcg > 2000. 
Condensate heat transfer coefficient 
The equation below is used to calculate the heat transfer coefficient of the con-
densate layer, 
" (pu{pu - p M l f , ) - ' " 
where the modified Nusselt number {Nui) is a function of the Reynolds (Rei) and 
Prandtl {Pri) numbers, 
< 30) (3.38) 
jVi/f = ((0.7567(6;-° ^^)^ > 30) (3.39) 
and where pg (= M^gCtg) is the density of the bulk vapour, g is the acceleration 
due to gravity, and pu, r]ii and Xu are the density, viscosity and thermal con-
ductivity of the liquid at the interface. The Reynolds and Prandtl numbers are 
defined by, 
Re, = ^ Pr, = (3.40) 
PwVlI MyjljXlJ 
where and M^u are the molecular weights of the liquid with the fiow average 
composition and the interface composition respectively, 
Mwi = XiiMwi + (1 — xii)Myj2 M^ij = xijMyji + (1 ^ xii)Myj2 (3.41) 
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Equations 3.38 and 3.39 are expressions for pure component condensation, adapted 
here for mixtures by substituting the pure component physical properties for those 
of the liquid mixture at the interface. Equation 3.38 is the Nusselt (1916) equa-
tion for a wave-free laminar condensate layer. Equation 3.39 is the McNaught and 
Butterworth (1994) correlation for wavy laminar to turbulent condensate layers. 
The physical properties pu, rju and Xu in the equations above are functions 
of p, Tj and xu. The condensate coefficient depends additionally on Tg and yig 
(for pg), the tube radius and the liquid molar flow rate F/. 
The condensate layer thickness 
For the radius of the interface between the liquid and vapour, r / , which occurs 
in the factor P/ in the conservation equations, it is simply assumed that the 
condensate layer is thin enough compared to the tube inside radius that the 
following expression applies, 
r i = (3.42) 
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3.2 Dephlegmator problems 
Each Colburn-Drew model consists of five ordinary differential equations, with 
Fg, Uig, Tg, aud XiiFi as dependent variables, and the vertical position z as 
the independent variable. To make the description that follows more concise, the 
column matrices of the dependent variables, y, and their derivatives, dy/dz, are 
defined. 
/ \ 
9 
z/ig 
Tg 
Fr 
dy/dz 
\ xiiFi y 
dFgjdz 
dTg/ dz 
dFi/dz 
y d{xiiFi)/dz j 
(3.43) 
Each differential equation is an implicit function of z, y and dy/dz, and so the 
set of five equations is expressed compactly by, 
f(^, y, 5 j ) = o (3.44) 
The exact set of equations depends on what the two components are, the pressure, 
the tube radius, and the wall temperature or wall heat flux profile. 
Boundary conditions on Fi and xuFi exist at the top of the tube by the nature 
of dephlegmation, Section 3.1.4, 
VlL 
ZffZ;) = 7^^ (3/15) 
0 
V 0 / 
By specifying values for Fg, yig and Tg dX z = L, an initial value problem is defined, 
to solve Eq. 3.44 for y along the tube length. By specifying values for Fg, yig 
and Tg at z = 0, a, boundary value problem is defined. These two problems are 
illustrated by the top-left and bottom-right diagrams of Fig. 3.3. 
The initial value problem is normally the one that needs to be solved when 
the Colburn-Drew model predictions are to be compared to experimental data, 
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since the measurements at the top of the tube are usually more accurate than 
those at the bottom, where the vapour enters and liquid leaves. 
Numerical techniques for solving the initial value problem (IVP) and boundary 
value problem (BVP) are described below. They are used to solve 2088 different 
dephlegmator problems, the results described in the next two chapters. 
The Runge-Kutta method with adaptive stepwise control is used to solve the 
IVP; this is described first in Section 3.2.1. The Runge-Kutta method requires the 
local solution of Eq. 3.44 for dy/dz] a method is described in Section 3.2.3. The 
shooting and relaxation methods are used to solve the BVP; these are described in 
Sections 3.2.2 and 3.2.4. The relaxation method is only designed for the saturated 
liquid model subject to a specified heat flux profile. The shooting and relaxation 
methods both require initialisation, which is described in Section 3.2.5. 
3.2.1 Solving the IVP with the embedded Runge-Kutta 
method 
The fifth-order, embedded fourth-order, Runge-Kutta method described by Press 
et al. (1989) is used to solve the initial value problem. The method uses a 
recursive fifth-order formula to advance the integration in a series of vertical 
downward steps from the initial conditions at the top of the tube, from Zn — L 
to Zn-i, from Zn-i to Zn-2, ^ o m Zj to where Zj > Zj_i. The fifth-order 
formula requires six evaluations of Eq. 3.44 at each step to increment the solution 
from Yj at Zj to the approximation y j - i at Zj_i. However, at each step, the six 
values of dy/dz from Eq. 3.44 can then be combined with a different set of 
coefficients to produce an embedded fourth-order increment that would advance 
the solution to the approximation y j - \ at Zj^i. The difference between the fifth 
and fourth-order increments is an estimate of the local error in y j_ i that can be 
used to size the next vertical step, or re-size the current vertical step if the error 
is unacceptable. The integration then advances, or is repeated from the vertical 
position Zj. The result of the method is a set of approximations Yn-i, Yn-a, 
Yj to the exact solution y(zn-i) , y(%) at a series of vertical positions 
L > Zn-i > Zn-2 > ••• > > 0. The embedded Runge-Kutta method is an 
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improvement over the classic fourth-order Runge-Kutta method as it provides 
better accuracy and automatic error estimation with which to control the step 
size. The method is presented in algorithmic form below, 
Set the initial conditions: 
Zn — L Yn = y(Z/) 
= —L/5 /in ' -
For j = n,n — l,n — 2,... until Zj = 0, do: 
For i = 1,... until the errors are acceptable, |er| < |aj.| for r = 1 to Ngg, do: 
Evaluate the derivatives: 
For stage s = 1, 
Solve f(z, y, dy/dz)=0 iordy/dz 
at z — Zj and y = y j 
Then calculate 
ki =h'j^ dy/dz 
For s — 2 , 6 , 
Solve f(z, y, dy/dz) = 0 for dy/dz 
at z = Zj + Cshf and y = y j + astK 
Then calculate 
kg =h^j^ dy/dz 
Calculate the error (fifth minus fourth-order increments): 
Calculate the required accuracy: 
a = e E L i 
Calculate the new step size: 
I = minimum of z, and \hj  l i l i l lJ .Xl lU. l l i . Wl
Slh'j^l \ar/er 
S\h^^^\ \ar/er 
|0.2 if \er\ < |(Zr 
otherwise 
> r = 1 to N . eq 
^+1) = 
Set the conditions at next point: 
Zj—i — Zj /i • (i) y j - i = Yj + E L I 
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The various coefficients of the embedded Runge-Kutta method are as follows: 
C2 = i , C3 = | , C4 = C5 = 1, Cg = | , = 3^ , &2 = 0, 63 = 64 = §605, 
^5 = 6^ = A) = i | > 2^ = 0, &3 = | | § | , 64 = n E , bs = be = 0, a2i = 
= &, G32 = &, a.41 = ifof ' ^42 = ~ | f ^ ) G,43 = Ifofj ®51 = Iffi) ^52 = " 8 , 32' 32' 2197' 2197' 2197' 216' 
5680 845 _ _ 8 _ _ 9 _ _ 3544 _ _ 1859 _ _ 11 513"' ^54 - -4104' ®61 - 062 - ^63 - -3565' ^64 - 4104' ^^ 65 - "40-
The algorithm shows the two main calculation loops of the method. The outer 
loop takes the steps downwards, from vertical positions to Zj ... until the 
bottom of the tube is reached. The check 'minimum of Zj and' prevents the outer 
loop overshooting the bottom of the tube. The inner loop with iteration counter 
i revises h!j\ the size of the step taken from vertical position Zj, until the errors 
in each of the N^q = 5 elements of the column matrix J j - i are acceptable. The 
required accuracies are a fraction e of the estimated changes in the elements of y 
between Zj and Zj + . The largest error, relative to required accuracy, is used 
to determine the new step size • The safety factor S allows for the fact that 
the errors are estimates. The method requires a value for hn \ the initial size of 
the first step taken from the top of the tube. In the applications of the method 
in Chapter 4, e = 10"^, S = 0.9 and hn^ = —L/b. 
3.2.2 Solving the EVP with the shooting method 
The shooting method uses a method of solving the initial value problem, like that 
just described, to solve the boundary value problem. In the initial value method, 
values of Fg, yig and Tg are specified at the top of the tube, z.n = L, and the values 
of Fg, yig and Tg are calculated at the bottom of the tube, z^ = 0, 
Z/ig 7^ 0 0)^ ^ 7 ; 
where j = m is the final point reached using the initial value method. The 
superscript T indicates the transpose of column to row matrix. The shooting 
method simply iterates upon the values of Fg, yig and Tg at the top of the tube, 
until the initial value method gives the specified values at the bottom of the tube. 
The iterative procedure is based upon Newton's method. Suppose that at 
iteration i, the values Fgm, y i^ at the bottom of the tube are different 
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from the specified values yig{0) and Tg{0). Then Newton's method suggests 
the values Fgl^^\ and at the top of the tube at the next iteration, to 
give = £ " = y i , ( 0 ) , T , t+"=r, (0) , 
0 = - F M + (3.46) 
0 = 
0 = r i S - r,(0) + (3.48) 
where hpn, hyn and hrn are the required changes at the top of the tube, 
A f . = - f g V - S / S ^ ' - f l n - T(fl (3.49) 
In order to approximate the partial derivatives, the initial value problem is solved 
four times at each iteration. The method is presented in algorithmic form below. 
A general description is given by Conte and de Boor (1980). 
Initialise 
Estimate y in^ \ 
For 2 = 1,2,... until |ei| < eFg{0), [ezl < e2/ig(0) and jegl < eTg{0), do: 
Solve the IVP with y„ = yn^ to determine y ^ where = 0 
Calculate the errors: 
ei = F £ - J i ( 0 ) 62 = - yi,(0) e 3 = T « - T , ( 0 ) 
Increment each parameter in turn: 
Solve the IVP with y„ = y^^ + ((^ Fn 0 0 0 0)^ 
to determine ym^', where Zm = 0 and Spn = eFgn 
Approximate the partial derivatives with respect to Fgn-
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Solve the I VP with y„ = yn^ + (0 Syn 0 0 0)^ 
to determine , where Zm — 0 and Syn = 
Approximate the partial derivatives with respect to yin-
Jyn 
- 2/11)/(^! yn 
yn 
Solve the IVP with = yh^ + (0 0 Stu 0 0)^ 
to determine y^'^^, where = 0 and Sxn = sTgn 
Approximate the partial derivatives with respect to Tgn-
Solve the three linear equations, Eqs. 3.46 to 3.48, for the corrections hpni 
hyn, h m to the parameters by Gauss elimination and back substitution 
Calculate new estimates of the parameters: 
The termination criteria of the iterative procedure above apply to the results of 
the first initial value problem that is solved in an iteration i- errors are acceptable 
when the difference between correct and predicted values of Fg, yig, Tg at z = 0 are 
less than a fraction e of the correct values. If the errors are unacceptable, three 
further initial value problems are solved in the iteration in order to calculate the 
partial derivatives approximately; the factor e determines the size of the change, 
Spn, then Sym then Sm, to the initial conditions. In the applications of the method 
in Chapter 4, e =: 0.001 and e = 0.01. The rate at which the iterative procedure 
converges will certainly depend on how good the initial guesses of Fg, yig and Tg 
at Zn = L are, but there is no guarantee that it will converge. 
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3.2.3 Local condensation 
At each step of the embedded Runge-Kutta method, the equations of the chosen 
Colburn-Drew model must be solved for dy/dz six times in order to calculate the 
fifth and fourth-order increments for the integration. Each calculation of dy/dz 
takes place at a given vertical position z where the dependent variables Fg, yig, 
Tg, Fi, XiiFi are known. The two components, pressure, tube radius, and wall 
temperature or wall heat flux profile are defined by the initial value problem. 
The differential equations are non-linear in dFg/dz and dyig/dz because of 
the correction factors to the heat and mass transfer coefficients in Eqs. 3.3 and 
3.4, because Eq. 3.22 determines the hquid interface composition at the top of 
the tube, and if the liquid is unmixed, because Eq. 3.19 determines the liquid 
interface composition at all vertical positions. 
The method of solving the equations depends on the particular Colburn-Drew 
model, on whether the liquid molar flow rate is zero or not, and on whether the 
wall heat fiux or temperature are specified. The algorithm is presented below in 
the form of a sequence of calculation blocks: 
(1) Liquid molar flow rate is zero, wall temperature given 
A ^ ^ C D 1 
(2) Liquid molar flow rate is zero, wall heat flux given 
A ^ B 2 ^ C D 1 
T 1 
(3) Liquid molar flow rate is non-zero, wall temperature given 
A - ^ B 3 ^ C - > D 3 ^ E 
T ^ 1 
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(4) Liquid molar flow rate is non-zero, wall heat flux given 
A ^ B 3 ^ C - > D 3 ^ E 
T q"> + ? 1 
where the calculation blocks are defined as follows: 
(A) Vapour details: 
(1) Calculate the bulk vapour molar quantities, Ctg and Cpg 
(2) Calculate the bulk vapour partial molar quantities, Cpig, Cp2g, ^2^ 
(3) Calculate the vapour heat and mass transfer coefficients, ccg, ^g 
(4) Calculate the perimeter of the interface, Pj 
( B l ) Calculate {d{yigFg)/dz)/{dFg/dzY''\ and Tj and yu: 
(1) Ti = T^, Eq. 3.23 
(2) Solve Eqs. 3.1 and 3.2 for the interface liquid composition xu , and yu 
( 3 ) {d{yigFg)/dz)/{dFg/dz)^'''> = xu, E q . 3 . 2 2 
(4) Calculate the interface liquid partial molar enthalpies, hm and h2ii 
(C) Given {d{yigFg)/dz)/{dFgjdzY''\ and Tj and yif. 
(1) Calculate dFg/dz from Eq. 3.50 
(2) Hence calculate d{yigFg)/dz 
(3) Calculate dyig/dz from 3.20 
(4) Calculate dTg/dz from Eqs. 3.3 and 3.5 
(5) Calculate dFi/dz from Eq. 3.9 
(6) Calculate d{xiiFi) jdz from Eq. 3.10 
(7) dy/dz n o w s e t 
( D l ) Calculate the wall heat flux: 
Saturated liquid model: 
(1) Fidxii/dz = 0 
(2) Calculate g(') from Eq. 3.14 
Mixed and unmixed liquid models: 
(1) Calculate g(') from Eq. 3.18 
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(B2) Guess (d{yigFg)/dz)/{dFg/dzY^\ and T j and yu: 
(1) Guess {d{yigFg)/dz)/{dFg/dzY''^ 
(2) xii = d{yigFg)/dz)/{dFg/dz)^''\ E q . 3 .22 
(3) Solve Eqs. 3.1 and 3.2 for the interface vapour composition yn, and Tj 
(4) Calculate the interface liquid partial molar enthalpies, h m and h2ii 
(5) Tw = T/, Eq. 3.23 
(B3) Guess {d{yigFg)/dz)/{dFg/dz)^''\ and Tj and yij: 
Saturated and mixed liquid models: 
(1) xi i = xii, Eq. 3.8 
(2) Solve Eqs. 3.1 and 3.2 for the interface vapour composition yu, and Tj 
(3) Calculate the interface liquid partial molar enthalpies, h m and h2ii 
(4) Guess {d{yigFg)/dz)/{dFg/dz)^'^^ 
Unmixed liquid model; 
(1) follow steps 1 to 4 of (B 2) 
(D3) Calculate the wall heat flux: 
Saturated liquid model: 
(1) Calculate Fidxu/dz from Eq. 3.21 
(2) Calculate the interface liquid heat capacity, Cpu 
(3) Calculate the bubble point temperature gradient { d T i / d x u ) 
(4) Calculate from Eq. 3.14 
Mixed and unmixed liquid models: 
(1) Calculate g(') from Eq. 3.18 
(E) Calculate the wall temperature: 
(1) Calculate condensate heat transfer coefficient ai 
(2) Calculate from Eq. 3.13 
It can be seen that the method of solution requires iteration, except when the 
wall temperature is given and the liquid molar flow rate is zero (at the top of the 
tube). The ratio {d{yigFg)/dz)/{dFg/dz) suggests itself as a suitable parameter 
to iterate upon in virtue of Eqs. 3.19 and 3.22, and the following re-arrangement 
of the mass conservation equation, Eq. 3.4, 
_ r r In 
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The sequences involving iteration, (2) to (4), continue until either q — g(') = 0 
if the wall heat flux is specified, or until Ty, — Tw^ = 0 if the wall temperature is 
specified. The bisection method was used to control the iteration for the calcu-
lations described in Chapter 4. The lower and upper bounds bracketing the root 
depend on how the liquid composition at the interface is determined, 
Liquid unmixed or liquid molar flow ra te is zero: 
3=1 < if 
a;* > > yig if > i/ig 
Liquid mixed and liquid molar flow ra te is not zero: 
(I < < 1/ig if i/ig < m ; 
!/ig < < () if Z/ig > m ; 
where x\{= x\{p, Vig)) is the dew point liquid composition of the bulk vapour, and 
where a is a real number that can be negative (as Section 4.6 shows), and 6 is a 
real number that can be greater than one. The inequalities above derive from Eqs. 
3.4, 3.6, 3.19 and 3.20 and the fact that dFg/dz is negative in condensation. All 
the cases considered in Chapter 4 have the more volatile component designated 
as component 1, with z* < yig and yig < yu', a = —2 was found to be a suitable 
lower bound on the root. 
3.2.4 Solving the BVP by relaxation 
This section describes a numerical method of solving the boundary value problem 
in which an initial estimate of y is made at fixed vertical positions, and by 
weighted substitution, the estimate 'relaxes' to the solution. The method is 
designed for a specified wall heat flux profile, and uses the saturated liquid model 
with Eq. 3.11 representing energy conservation rather than Eq. 3.14. 
Working with Eq. 3.11 instead of Eq. 3.14 has a practical benefit. In order 
to use Eq. 3.14, partial molar enthalpy data is required, and if it is not available, 
then an approximation needs to be made. This is a drawback because the terms 
of Eq. 3.14 that involve the partial molar enthalpy differences are the most 
significant. In design, the accuracy of the results would need to be questioned. 
Using Eq. 3.11 has the advantage that molar enthalpies and not partial molar 
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enthalpies are required. Molar enthalpy is a standard output of commercial phys-
ical property computer programs, whereas partial molar enthalpy is not. Indeed, 
the two commercial programs used for the calculations in Chapters 4 and 5 do 
not output partial molar enthalpy. 
Saturated liquid model equations in forward difference form 
Integration of the mass and energy conservation equations of the saturated liquid 
model, Eqs. 3.9 to 3.11, between vertical positions z and z -\- h gives, 
A f } = (3.51) 
^{xiiFi) = /\{yigFg) (3.52) 
/
z+h 
g d z (3^a) 
where the equations are expressed in terms of the forward difference operator A. 
From the calculus of differences, and Eq. 3.51, the energy conservation equation 
can be put in the following form, 
/ zMi 
q dz (3.54) 
This equation is direct in showing that the amount of condensation is proportional 
to the heat transferred. 
Using Taylor's theorem with remainder, the derivatives dFg/dz, dyig/dz and 
dTg/dz in Eqs. 3.3 to 3.6 can be related to forward differences. 
2 ^ 2 
A & = / i ^ + i r - r f 
and similarly for dyig/dz and dTg/dz. The equations for the axial rate of change of 
vapour temperature and composition, Eqs. 3.3 and 3.4, can then be approximated 
A!/., « - e x p ( l r j ) - 1 
and the rate factors defined by Eqs. 3.5 and 3.6 can be approximated by, 
'p2g ) A 
Pih a. 
0^ ~ C )Ayig + CpgAFg 
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AF 
P,hC^I3, 
The local discretization errors depend on the size of the remainder terms that 
have been dropped { — { h / 2 ) { d ? F g / d z ^ ) ^ , . . . ) . 
M e t h o d of solution 
Suppose that the heat flux profile q{zj) is specified at an evenly spaced set of 
vertical positions Zj = zq+ jh, where j/' = 0 , 1 , 2 , n , 2^0 = 0 and Zn = L. Given 
the boundary conditions on Fg, yig and Tg at Zq = 0, the problem is to solve the 
following finite difference versions of the saturated liquid model equations for the 
set of values y^, which approximate the exact values y{zj), 
AFij = AFgj (3.59) 
^{xiiFi) j = A{yigFg)j (3.60) 
Fij+iAhiij — FgjAhgj — {hgj-^ -i — hiij)AFgj = Qj (3.61) 
exp(tZ) -1 
The rate factors are given by, 
ch — Fgji^p^g ~ '^p2g)^yij + m 
and Qj is the simple approximation of the integral q dz, the heat load 
for the step Zj to Zj+i, 
Q j = f L / i ( g ( z j ) + g ( Z j + i ) ) / 2 ( 3 . 6 5 ) 
The method of solution is iterative. At each iteration i, an estimate of the values 
is given, that satisfies Eqs. 3.59 and 3.60. At an iteration i, the other three 
difference equations are not satisfied, 
^ ( 3 . 6 6 ) 
^ ^ - f t 
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where Eq. 3.66 is a re-arrangement of Eq. 3.61. To bring about equahty, the 
residuals e^^-, e^j can be added to the differences on the left hand side. The 
situation tha t is sought at the next iteration is for = 0, = 0, = 0. 
To achieve this, direct substitution could be used to update the profiles, 
== + e(g (3.(%0 
ZlSrfi+i) == gOO (3,70) 
== -H e(g (s-iri) 
Instead, the approach taken here is to use a weighted substitution by introducing 
a relaxation factor w, so tha t the new estimate is taken from the previous estimate 
and its residuals, 
== -f ef;)) ( i -- u/izusj;) (3/%;) 
== -k 4- ( i (s / rs) 
== -f (1 - (3/f4) 
The procedure is therefore to make an initial estimate of the profiles, calculate 
the residuals, and if unacceptable, update using the formulae above. The steps 
of the procedure are given below. 
Note tha t to avoid overburdening the nomenclature, only the dependent vari-
ables in Eqs. 3.66 to 3.68 have been given the subscript j for position and 
superscript i for iteration. If subscript j is not on a variable, it is obvious when 
it is implied. 
(1) Set up initial estimate of the profiles: 
yo = ( F,(0) y,,{0) r,(0) Ft" (xi,F,)o'°" f 
y, = ( sir" f g ' " (xuFof" r 
( ^ — 1 ) rp(i=l) m \T 
:rn == ( gn yj u ; 
100 
(2 
(3 
(4 
(5 
(6 
(7 
Calculate xi/ for j = 0 , n — 1; extrapolate for xu at = L 
Calculate step heat loads Qj 
Calculate inlet vapour molar enthalpy hgj at j = 0 
Calculate inlet vapour properties Ctg, Cpig, Cp2p, Cpg at j = 0 
Calculate inlet vapour heat and mass transfer coefficients ag, f3g at j = 0 
Calculate the perimeter of the interface, P/ 
For i = 1,2,... until the residuals e^j, e^j, CyJ are acceptable at step 16 
(8) Calculate interface condition y u and Tj from xu and p at j = 0 , n 
(9) Calculate liquid molar enthalpy hij at j = 0, ..,n 
(10) Calculate vapour molar enthalpy hgj at j — 1, ..,n 
(11) Calculate vapour properties Ctg, Cpig, Cp2g, Cpg at j = 1, ..,n 
(12) Calculate vapour heat and mass transfer coefficients ag, Pg at j = 1 , n 
(13) Calculate forward differences at j — 0, ..,n — 1: 
= F i j i - F , f 
= (xuF,)fli - (xuF,f 
= 
= ^5+1 -- z / g 
ATj;) 
- -^gj+i 
rp{i) 
g j 
A h i i j — h i j j ^gj+i ^gj 
(14) Calculate rate factors at j = 0 , n — 1: 
+ c„AFff)/(P,ha,) 
= &F^f/{P,hC„P,) 
(15) Calculate residuals at j = 0 , n — 1: 
e% = - hui) - AFj'l 
= -[P,h a,)/(F^fc„) (( |>«,/(exp($%) - 1)) ( T « - Tj) - A y g 
41 = - ( f ' A CM/F'^ (4Mp/(exp(4.„,) - 1)) (j/S'" - !/„) - A T ® 
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(16) Check if residuals at j = 0 , n — 1 are acceptable: 
< e 9J 4 < e ATj;) yj < e 
(17) Calculate new forward differences at j = 0 , n — 1: 
Calculate using Eqs. 3.72 to 3.74 9J 93 
(18) Update vapour profile: 
Maintain the boundary condition at j = 0 for the first step: 
^(i+i) _ p ,'n^ _±_ A 27(^ +1) fs;;' = f,(o)+Af, 93 
= 7^(0) + A2j;+') 
(i+1) 
'si+1 
3/1,(0) + Zbyg 
Then update at j — 1 , M — 1: 
Kni = + A f j r " 
T-i(i+l) m(i+l) I A 7-1(^ +1) 
-l-gj+l --l-gj '^^^93 
ygi ' i = + A»sr" 
(19) Calculate liquid flow rate and composition by mass balance 
at j = 0 , n — 1: 
=-fir" -
(20) Calculate xi; for j = 0 , n — 1; extrapolate for xu &t Zn = L 
(21) Calculate the condensate heat transfer coeflScients a; at j = 0 , r i — 1 
(22) Calculate wall temperatures at j = 0, ..,n — 1 
(23) Calculate wall temperature at = L from xu and p 
Observe that step 19 of the method preserves the steady-state mass balance 
between the vapour and liquid. It is important, therefore, that the initial estimate 
at step 1 does the same. The initial estimate does not, however, have to satisfy 
energy conservation. 
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The iterative cycle terminates when the residuals at each step are less than 
a fraction e of the estimated change in the corresponding variable, Fg, yig or Tg. 
As with the shooting method, the rate of convergence depends on how good the 
initial estimate is, but it is also affected by the choice of relaxation factor u . 
Testing of the algorithm above showed that the number of iterations required 
for convergence decreases as w ^ 1. Equations 3.72 to 3.74 show that w = 1 
corresponds to direct substitution. However, it was also found that there was 
often a value of u) above which the calculation became unstable, where each 
of the sums of the absolute values of the residuals, \^t]\ 
| e ^ | , grew at an exponential rate with iteration. 
Furthermore, it was found that this critical value of uj decreased as the size 
of the mass transfer rate factor decreased. That is, at low condensing molar 
fluxes, the procedure was only stable at low values of UJ and hence required more 
iteration. Typically, it was found that when ~ 1, convergence could be 
achieved with u < 0.9. However, when ~ 0.01, convergence could only be 
achieved with w < 0.1. 
This had implications for the applications of the method in Chapter 5, because 
the problems involved low heat fluxes in small diameter channels, where was 
typically of 0.01 — 0.1 order of magnitude. For these calculations, values of u less 
than 0.1 were used, and up to 10000 iterations were required to converge to a 
tolerance e = 10~^. Each calculation was performed with n = 50 and 100 steps to 
check the level of discretization error; the results were found to be within 0.1% 
of each other. Each calculation completed in under one minute on a 2.4 GHz 
personal computer. 
Notice that while the method does not need partial molar enthalpy data, it 
does need partial molar heat capacities for components 1 and 2 in the vapour, Cpig 
and Cp2g. This is in order to calculate the vapour heat transfer rate factor, 
For the applications of the method in Chapter 5, Cpig and Cp2g were approximated 
by the pure component molar heat capacities, and c°2g. 
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3.2.5 Initialisation in the shooting and relaxation methods 
The shooting method needs an initial estimate of Fg, yig and Tg at Zn = L. 
The relaxation method needs an initial estimate of Fg, yig, Tg, Fi and xuFi at 
Zo = 0 , Z j , Z n = L. The theory described in Sections 5.7 to 5.9 of Chapter 5 
is the basis of the initialisation procedure, now described. 
For both the shooting and relaxation methods: 
(1) Either: 
Given a specified heat fiux profile q{z), 
calculate the channel heat load, Qt 
Or: 
Make a guess of the fraction of the vapour that condenses, X, 
where X = Fio/Fgo 
(2) For laminar vapour flow, Reg{0) < 2000, 
follow steps 1 to 15 of the sequence given in Section 5.9 
For turbulent vapour flow, Reg{0) > 10000, 
follow steps 1 to 7 of the sequence given in Section 5.9, 
calculate the vapour mass transfer coefficient, Eqs. 3.27 and 3.33, 
calculate the Kent and Pigford (1956) transfer unit height, Eq. 2.40, 
calculate the Kent and Pigford (1956) rate factor, Eq. 2.38, 
finish steps 12 to 15 of the sequence given in Section 5.9 
This gives Qt if X was specified, or X if Qt was specified, and yn 
(3) Calculate FgL from X, Fgo and Eq. 3.24 
(4) Calculate the saturation temperature of the exit vapour, T*^, 
from p and yn 
(5) Assume the exit vapour is saturated, TgL = T*^ 
Fgn — Fgi, ; yin = yiL j 
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If the hot vapour exchanges heat with only one cold stream, and the heat load is 
calculated at step 2, it can be compared to the cold stream maximum heat load, 
and the estimate of X revised if necessary. 
For the relaxation method: 
(6) If a specified heat flux profile, g(z), is given: 
Assume that the change in the vapour molar flow rate is 
proportional to the heat load from the tube bottom, 
Fgj = Fgo + {FgL " Fgo){Pyj Q (Iz)/Qf at j = 1,2, .-U — 1 
Else: 
Assume a linear variation of vapour molar flow rate, 
Fgj = Fgo + (FgL " Fgo) / L ) at j = 1,2, ..n — 1 
(7) Assume a linear variation of vapour composition, 
yij = 2/10 + {yiL — yw){zj/L) at j = l , 2, ..n — l 
(8) Calculate the saturation temperature of the inlet vapour, T*q, 
from p and yiQ 
(9) Calculate the degree of inlet vapour superheat, dT*Q = T^o — T*q 
(10) Assume a linear variation of degree of vapour superheat, 
~ ~ %) /L at J = 1,2, ..n — 1 
(11) Calculate the saturation temperature of the vapour, T*j, 
from p and yij at j = 1, 2, ..n — 1 
(12) Calculate the vapour temperature profile, 
= '^gj + at j = 1, 2, ..n - 1 
(13) Calculate the liquid molar flow rate, 
Fij ~ Fgj ~ FgL at j = 0,1, 2, ..n - 1 
(14) Calculate the hquid composition-molar flow rate product, 
(a;i;fz)j = ( m 9 ^ ) j - at j = 0,1,2, ..M - 1 
Note once again that this initialisation procedure preserves the steady-state mass 
balances but not necessarily energy conservation. 
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3.3 The cold side 
The study has so far focussed upon the process in the tube. Nothing has been 
said of the situation beyond the cold inside surface of the tube wall. The tube 
could be one of a bundle of tubes in a shell and tube heat exchanger, or the single 
inner tube of a double-pipe heat exchanger. There may be one cold fluid flowing 
down the entire length of the outside of the tube, or a cold fluid may flow down 
a section of the outside of the tube before being drawn off and replaced by a 
different cold fluid. The cold fluid may flow across the tube rather than up or 
down the outside, for example if the shell and tube heat exchanger has baffles. In 
this situation though, the tube wall temperature may vary with angular position 
around the tube and the Colburn-Drew models may not be appropriate. So the 
tube is just one part of a heat exchanger of a less or more complicated design. 
Perhaps the simplest design is that of the double-pipe dephlegmator. Figure 
3.4 shows the arrangement. The hot vapour mixture flows up the inner tube, and 
a cold single-phase fluid flows downwards in the annulus between the concentric 
inner and outer tubes. If there is no heat transfer across the outer tube wall, 
the cold side consists of the inner tube wall and the single-phase fluid flowing 
downwards in the annulus, and it can be modelled in the following way. 
Due to the geometry, the cylindrical polar coordinate system set up for the 
Colburn-Drew theory is used for the whole exchanger. The flow in the annulus is 
axisymmetric and steady, and for simplicity, the fluid pressure Pc is assumed to 
remain constant. Ignoring axial conduction of heat up the inner tube wall, the 
local energy conservation equation for the cold side at a vertical position z in the 
exchanger is, 
dT 
— —P-wQ (3.75) 
where Mc and Cpc are the cold fluid mass flow rate and specific heat capacity. The 
specific heat capacity is a function of Pc and The heat transfer rate across the 
inner tube wall to the cold fluid is given by, 
g == -- TL) (3.76) 
The heat transfer coefficient Uc combines the thermal resistances of the inner 
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tube wall and the cold fluid, 
1 
TTc 
ln(r^o/r^) 1 
A. a. 
(3.77) 
where ac is the cold fluid heat transfer coefficient, is the inner tube wall 
thermal conductivity and r^o is the inner tube outside radius. The Dittus and 
Boelter (1930) correlation for single-phase turbulent flow can be used to calculate 
the cold fluid heat transfer coefficient, 
A. 
2 ( r ^ - r ^ « ) 
The cold fluid Reynolds and Prandtl numbers are deflned by. 
RCr = 2 M . Prr = ^pcVc 
(3.78) 
(3.79) 
7r(ro +7-^,0)% ' Ac 
where % and Ac are the cold fluid viscosity and thermal conductivity, functions 
of Pc and Tc, and where is the outer tube inside radius. 
When the dephlegmator is a double pipe and the cold side obeys Eqs. 3.75 
to 3.79, the heat exchange is described by six diff'erential algebraic equations. 
Instead of Eq. 3.43, the column matrices of the dependent variables and their 
derivatives are now deflned. 
/ 
y = 
\ 
F9 
V'^gFg 
T, 
Fi 
XiiFi 
Tr 
\ 
dy/dz = 
dFg/dz 
dTg/dz 
dFi/dz 
dTjdz y 
(3.80) 
In addition to the boundary conditions on Fi and xuFi at the top of the inner 
tube, consider the situation in which the cold stream inlet temperature is also 
specified at the top of the outer tube, 
VlL 
T,l 
0 
0 
y (^ ) = (3.81) 
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By specifying values for Fg, yig and Tg bX z = L, an initial value problem is defined, 
to solve Eq. 3.44 for y along the tube length. By specifying values for Fg, yig 
and Tg at z = 0, a boundary value problem is defined. These two problems are 
illustrated by the top-right and bottom-left diagrams of Fig. 3.3. 
With minor modifications, the methods described in Sections 3.2.1 and 3.2.2 
can be used to solve these problems. The algorithm for the embedded Runge-
Kutta method now takes y and y{L) as above, and there are Ngg — 6 elements in 
these column matrices. In the shooting method algorithm, there is an extra zero 
in change column matrix, y„ = + (Spn 0 0 0 0 0)^, and likewise for the 
other two change column matrices. Finally, the local condensation calculation 
described in Section 3.2.3 now uses one of the following two sequences, 
(5) Liquid molar flow rate is zero, cold stream temperature given 
A - ^ B 2 ^ C ^ D 1 - > F 
T i 
(6) Liquid molar flow rate is non-zero, cold stream temperature given 
A ^ B 3 - ^ C ^ D 3 ^ E ^ F 
T i 
where the calculation block (F) is defined as follows, 
(F) Calculate the cold stream temperature 
(1) Calculate cold side heat transfer coefficient Uc 
(2) Calculate Tc^ from Eq. 3.76 
The other calculation blocks are defined as before. 
Chapter 5 describes various double-pipe dephlegmator calculations that were 
performed using the shooting method as described in Section 3.2.2 and here. 
Estimates of X in the range 0.2 to 0.4 were made to get the shooting method 
started (the fraction of the vapour that condenses), as described in Section 3.2.5. 
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3.4 Application to plate-fin dephlegmation 
The Colburn-Drew theory can be developed not only for dephlegmation in a 
vertical round tube, but also for dephlegmation between two parallel vertical fiat 
plates. Only the film theory equations for the vapour heat and mass transfer 
coefficients, ag and and the equations for the perimeters of the flate plate and 
interface, Pyj and Pj, differ from those for the vertical round tube, 
ag = ^ Pg = (3.82) 
<JHg OMg 
= 214/ = 2 iy (3.83) 
where W is the width of the section of flow considered, for which the molar flow 
rates of the liquid and bulk vapour are Fi and Fg, and where Shq and 6Mg are the 
heat and mass transfer film thicknesses. Fig. 3.5 illustrates the saturated liquid 
model for this geometry. In practical applications of this model, as for the model 
for the vertical round tube, it would be usual to provide values for the vapour 
heat and mass transfer coefficients, ag and Pg, and also for the condensate heat 
transfer coefficient, ai, either from correlations of experimental data or alternative 
theoretical expressions. 
This result is extended here so that the Colburn-Drew theory can be used 
to describe dephlegmation in the vertical rectangular ducts found in plate-fin 
heat exchangers. It is assumed that except for the equations for ag, jSg, a;, 
Pyj and P/, the basic equations of the Colburn-Drew models are the same for 
dephlegmation in a vertical round tube, between parallel vertical flat plates and 
in a vertical rectangular duct. It means that the methods given in the previous 
sections for solving the initial and boundary value problems for the vertical round 
tube geometry can be applied equally to the vertical flat plate and rectangular 
duct geometries, using the appropriate equations for ag, Pg, ai, P^ and P/. 
Chapter 5 describes the results of calculations for dephlegmation in vertical 
rectangular ducts, calculations that use the method in Section 3.2.4. For these 
calculations, the liquid layer is assumed to be thin at all four walls compared to 
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the duct size, so that the perimeter of the channel and interface are given by, 
Pw = 2(hs + Ws) PI — Pw (3.84) 
where hg and Wg are the height and width of the duct. The vapour in these 
calculations is in laminar flow and the vapour heat and mass transfer coefficient 
equations are taken to be those for single phase fully-developed laminar flow, 
(3.85) 
where the Nusselt and Sherwood numbers depend upon the duct aspect ratio 
r = hs/ws, and where dh = 2/z.gWg/(Ag + Wg) is the duct hydrauhc diameter. 
Figure 3.2 shows how the Nusselt number depends upon the aspect ratio in single 
phase fully-developed laminar flow in rectangular ducts. The condensate heat 
transfer coefficient ai is calculated using Eqs. 3.37 to 3.39. 
It must be noted that two assumptions are made in the Colburn-Drew models 
that are not appropriate for a plate-fin channel, the assumptions of a uniform 
wall temperature and a uniform liquid layer thickness. 
In a plate-fin dephlegmator, the vapour mixture flows upwards between pairs 
of parting sheets through passages made by the corrugated fin. Heat is trans-
ferred from the hot vapour to colder fluid flowing in adjacent layers. The heat 
is transferred by conduction across the parting sheets, both directly and via the 
corrugated fin, as Fig. 3.6 shows. A temperature gradient is necessary for the 
heat to be conducted through the fin to the parting sheet. Hence, the parting 
sheet surface of each fiow passage will be colder than the fin surface. 
The liquid produced through condensation of the vapour runs down the walls 
of each passage due to gravity, but will tend to be drawn to the corners of each 
passage as a result of surface tension and difl'erences in the curvature of the 
liquid surface. Furthermore, flooding limits can mean that the allowable liquid 
flow rate may be insufficient to completely wet the walls with liquid. The liquid 
distribution around the perimeter of each passage will therefore be uneven. 
Nevertheless, the Colburn-Drew models accounts for the basic features of 
dephlegmation, the finite rates of difl'usion and conduction that occur in real 
mixture condensation, the counter-current nature of the flow, and the direct 
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contact of the hquid and vapour, and in this respect the models provide a datum 
with which more complicated models can be compared. 
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Figure 3.1: Dephlegmation in a vertical round tube 
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Figure 3.2: Single-phase heat transfer in tubes (top) and ducts (bottom) 
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Figure 3.3: Initial and boundary value problems considered 
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Figure 3.4: Dephlegmation in a double-pipe heat exchanger 
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Figure 3.5: Model of dephlegmation between parallel vertical fiat plates 
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Figure 3.6: Cross-sectional view of dephlegmation in a plate-fin flow channel 
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Chapter 4 
Double-pipe dephlegmators 
This chapter presents the results of solving twenty-four boundary value problems 
involving dephlegmation of hexane/toluene, methane/ethane and ethane/propane 
mixtures in vertical double-pipe heat exchangers. The method based upon the 
Colburn and Drew (1937) theory and presented in Section 3.3 of Chapter 3 was 
used to solve each problem. The purpose of this chapter is to illustrate some 
typical aspects of dephlegmator behaviour predicted by the theory. 
In all of the problems, the heat exchangers have an inner tube outside diameter 
of 25.4 mm, and the vapour flow rates were chosen to avoid flooding. The vapour 
Reynolds number is above 10000 in all the problems, and the heat and mass 
transfer coefficients are calculated assuming fully-developed turbulent flow. 
4.1 The boundary value problems 
Each boundary value problem considered here involves dephlegmation of a binary 
mixture in a vertical double-pipe heat exchanger, with a cold stream flowing 
downwards in the annulus between the two tubes, and the hot vapour mixture 
flowing upwards in the inner tube. The exchanger geometry and condition of the 
cold stream entering the top of the unit are specified, along with the condition of 
the hot vapour entering the bottom of the inner tube. The equations of one of 
the Colburn-Drew models described in Section 3.1 of Chapter 3 must be solved 
along the length of the exchanger. The more volatile (light) component in the 
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mixtures is designated as component 1 in all of the problems. 
Twenty-four problems are considered. They are grouped into four sets of six. 
In the first three sets, there are three problems which differ only in the Colburn-
Drew model to be solved. These problems are compared in Sections 4.2 to 4.4 
to show the effect of liquid sensible heat and the effect of liquid mass transfer. 
The remaining three problems are compared in Sections 4.5 and show how the 
vapour temperature path is affected by the vapour Lewis number and the degree 
of inlet superheat. The final set of six problems are compared in Section 4.6. 
These problems are designed to illustrate that extreme operating conditions are 
required to achieve simultaneous evaporation and condensation when the vapour 
Reynolds number is above 10000 and the cold stream is single-phase. 
Problems 1 to 6 involve dephlegmation of hexane/toluene mixtures at 1.01325 
bar in an exchanger 1 m long, with water at 1.01325 bar as the cold stream. 
Hexane is the light component in these mixtures. The liquid cold stream enters 
at 348.15 K with a Reynolds number of 10000, and the vapour mixture enters 
with a mole fraction of hexane of 0.6 and a mass flow rate of 0.002526 kg/s, 
corresponding to a Reynolds number of 18500 in problems 1 to 3. 
Problems 7 to 12 involve dephlegmation of methane/ethane mixtures at 5 bar 
in an exchanger 1 m long, with refrigerant 22 (chlorodifluoromethane) at 5 bar as 
the cold stream. Methane is the light component in these mixtures. The liquid 
cold stream enters at 133 K with a Reynolds number of 10000, and the vapour 
mixture enters with a mole fraction of methane of 0.9 and a mass flow rate of 
0.001826 kg/s, corresponding to a Reynolds number of 15000 in problems 7 to 9. 
Problems 13 to 18 involve dephlegmation of ethane/propane mixtures at 10 
bar in an exchanger 3 m long, with refrigerant 22 at 10 bar as the cold stream. 
Ethane is the light component in these mixtures. The liquid cold stream enters 
at 239.15 K with a Reynolds number of 10000, and the vapour mixture enters 
with a mole fraction of ethane of 0.88 and a mass flow rate of 0.002887 kg/s, 
corresponding to a Reynolds number of 20500 in problems 13 to 15. 
Problems 19 to 24 also involve dephlegmation of ethane/propane mixtures at 
10 bar with refrigerant 22 at 10 bar as the cold stream. The liquid cold stream 
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enters at 285.15 K and the vapour mixture enters with a mole fraction of ethane 
of 0.15. In problem 19, the exchanger length is 4 m, the inner tube wall thickness 
is 2.1 mm, the vapour inlet temperature and molar flow rate are 315.04 K and 
0.003558 kg/s respectively, and the liquid cold stream mass flow rate is 0.096240 
kg/s. Problems 20 to 24 differ from problem 19 as follows. In problem 20, the 
inner tube wall thickness is 2.8 mm. In problem 21, the exchanger length is 3 
m. In problem 22, the vapour inlet temperature is 313.04 K. In problem 23, the 
vapour inlet molar flow rate is 0.002785 kg/s. In problem 24, the liquid cold 
stream mass flow rate is 0.154662 kg/s. 
All of the exchangers have an inner tube outside diameter of 25.4 mm, and an 
outer tube inside diameter of 38.1 mm. The inner tube wall thickness is 2.1 mm 
in all the problems except for problem 20, where it is 2.8 mm. The tube material 
is 316 stainless steel with a thermal conductivity of 14.9 W / m K . 
Tables 4.4 to 4.11 at the end of this chapter show the particular Colburn-Drew 
model used in each problem and the vapour inlet temperatures, Tg{z = 0). The 
tables also show the dew point temperature of the inlet vapour at the system 
pressure, T*{z — 0). 
The specified dephlegmator geometry and process conditions were chosen to 
illustrate features of the Colburn-Drew theory. However, the numerical solutions 
also had to satisfy a condition for no flooding in order for the problems to be 
physically plausible. Flooding in dephlegmators is an operational failure, and is 
characterised by liquid being ejected from the top of the tube, and a dramatic 
increase in the pressure drop. The Wallis (1961) correlation for flooding in vertical 
tubes was chosen to determine suitably low vapour mass fluxes for all of the 
problems, 
< 0-725 ^ flooding does not occur (4.1) 
The dimensionless vapour and hquid velocities at the tube bottom, j* and j f , are 
deflned by, 
j* = j* = (4.2) 
^ {Pg0[Pl0 — Pgo)9d)^'^ {PloiPlO — Pgo)gd)^'^ 
where g is the acceleration due to gravity and d is the inner tube inside diameter, 
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and where m^o and mio are the vapour and liquid mass fluxes, and pgo and piQ 
are the vapour and liquid densities at the tube bottom, at z = 0. 
The boundary value problems were solved using the shooting method de-
scribed in Sections 3.2.2 and 3.3 of Chapter 3. The vapour heat and mass trans-
fer coefficients were calculated using the correlations for fully-developed turbulent 
flow, Eqs. 3.30 and 3.33. The condensate heat transfer coefficient was calculated 
using Eqs. 3.38 and 3.39. Thermodynamic and physical properties were calcu-
lated with the HTFS NEL40 physical property database (Mod 1.44), using the 
Lee and Kesler (1975) and Blocker et al. (1978) equation of state to determine 
the vapour/liquid equilibrium conditions. Vapour phase mass diffusion coeffi-
cients were determined from the Fuller et al. (1969) correlation. Tables 4.1 to 4.3 
show the saturation line vapour and liquid composition {yi and Xi) and physical 
properties for the three mixtures considered. 
The HTFS NEL40 database does not output partial molar enthalpy data. 
Therefore, the following approximations to the partial molar enthalpy differences 
in Eqs. 3.14 and 3.18 were made, 
hig — hill A/i° -t- c°pig{Tg — Tj) (4.3) 
h2g — h2ll ~ A^2 + C°2g(T^ — Tj) (4.4) 
where c°ig and c°2g are the molar heat capacities of pure components 1 and 2 at 
the pressure p and temperature Tg, and Ah^ and are the molar latent heats of 
vaporisation of pure components 1 and 2 at the temperature T/. In making such 
an approximation, care must be taken that the critical temperatures of the pure 
components have not been exceeded, so that the pure components do actually 
exist in liquid and vapour form at the temperature Tj. 
Tables 4.4 to 4.11 and Figures 4.1 to 4.10 show the results of the calculations. 
The tables show the values of various quantities at the bottom (z = 0) and top of 
the exchanger {z = L). The tables show the bulk vapour mass flow rate, Mg, and 
cold stream mass flow rate, Mc- The tables show the molar fluxes of components 
1 and 2 at the interface, rii and and the conductive heat flux from the bulk 
vapour, Qg. These fluxes relate to the axial rates of change of vapour molar flow 
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rate, composition and temperature in the following way, 
^ = -P,(n,+H2) =-Pil, (4-5) 
Tables 4.4 to 4.11 also show the square roots of the flooding vapour and liquid 
velocities, j*^-^ and and various overall quantities such as tube heat load, 
Qt, the fraction of the inlet vapour molar flow that condenses, X, and the reflux 
ratio, R. These latter two quantities are defined, 
R = p - (4,6) 
^gO i'gL 
where Fgo and FgL are the vapour molar flow rates at the bottom and top of 
the dephlegmator, and Fio is the liquid molar flow rate at the bottom of the 
unit. At steady state, the mass balance is expressed by FgQ = FIQ + Fgi-, so 
R = X/(1 — X) or equally X = -R/(l + R). Finally, the tables show the number 
of points N (= n—m+1) in the final initial value problem solution at convergence 
of the shooting method, and the number of iterations i required to achieve the 
specified inlet vapour condition. 
Figures 4.1 to 4.3 show the results on temperature-composition graphs, on 
which are marked the saturated vapour and liquid (dew and bubble point) lines. 
These results are discussed in detail in the following sections. 
Figures 4.4 to 4.10 show calculated values against distance from the bottom 
of the exchanger. The graphs in these figures all show marked changes in the heat 
flux, condensing molar flux and wall temperature in the region near the top of the 
respective exchanger. The changes occur in the region where the condensate layer 
begins and where its thermal resistance changes rapidly as its thickness increases, 
as shown in the upper-right graph of each figure. The rapid changes in the profiles 
are emphasized by the almost constant cold side thermal resistance, 1/f/c- The 
condensate thermal resistance is more significant than the cold side resistance for 
the hexane/toluene dephlegmation, but less significant in the methane/ethane 
and ethane/propane cases. 
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4.2 Liquid sensible heat 
Another expression of energy conservation for the saturated hquid model follows 
directly from Eq. 3.14. It is, 
~ X] ^i{higl - hill) - ^ Ziihig - higl) - FgCpg-^ + j ^ 
(b) (c) (d) (4^g 
where higi and /iggz are the partial molar enthalpies of components 1 and 2 in the 
vapour at the interface, functions of p, T/ and yn, and zi and zg are the relative 
condensation rates of each of the components, defined by, 
22 = 1 - -'1 (4.8) 
Equation 4.7 shows that the product of the enthalpy change per mole of vapour 
that condenses and the condensation rate dFg/dz equals the heat transfer rate 
P^g. The enthalpy change per mole of vapour that condenses (the expression 
in large brackets) is the sum of a direct term (a) and an indirect term that is 
the sum of three parts (b) + (c)+(d). The direct term is associated purely with 
the transition from vapour to liquid. The indirect term is associated with the 
temperature change of the phases that are a consequence of the composition 
changes during the transition, and also with sensible cooling of the condensing 
vapour to the interface temperature. The names direct and indirect terms were 
introduced by Strickland-Constable (1951) for the differential molar latent heat 
of vaporisation at constant pressure, see Eq. A.10 of Appendix A, and Eq. C.54 
of Appendix C. The differential energy conservation equation for the mixed and 
unmixed liquid models, Eq. 3.18, can be written in a similar form to 4.7, 
2 2 
- ^ Zi{higl - hill) - ^ Zi{hig - higl) - FgCpg-^ j — PwQ 
i = l 1 = 1 
(i,) (c) (4.9) 
The mixed and unmixed liquid model equation does not have the part (d) of the 
indirect term that the saturated liquid model equation does; the liquid sensible 
heat is not accounted for. This is indeed the only difference between the differen-
tial equations of the saturated and mixed liquid models. For the dephlegmation 
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process as a whole in the tube, the heat load, Qt, is defined by, 
z=L 
Qt= J PwQ dz (4.10) 
z=0 
According to the saturated liquid model, therefore, the total heat load can be 
written as the sum of four parts, 
Qa + Qfe + Qc + Qd = Qt (4.11) 
while for the mixed and unmixed liquid models, Qt is the sum of three parts, 
Qa-\- Qb + Qc — Qt (4.12) 
where Qa, Qb and Qc are the sums over the tube of the terms (a), (b) and (c) in 
Eqs. 4.7 and 4.9 multiplied by the condensation rate dFg/dz, and Qa is the sum 
over the tube of term (d) in Eq. 4.7 multiplied by the condensation rate, 
Qa ~ J" ^ ^ hiii^ dFg Qb = J" ^ ^ Zil^hig ^igj) dFg 
Fg{z=0) Fj(z=0) 
TS(2=L) TI{Z=L) 
Qc = - J FgCpg dTg Qd= J FiCpir dTj (4.13) 
Tg(z=0) TI(Z=Q) 
Tables 4.4 to 4.11 show the values of Qa, Qb, Qc and Qa numerically calculated 
from the solution of each problem. 
Each of the pairs of problems, 1 and 2, 7 and 8, and 13 and 14 has the same 
dephlegmator geometry and process inlet conditions, but problems 1, 7 and 13 
require the saturated liquid model equations to be solved, while problems 2, 8 and 
14 require the mixed liquid model equations to be solved. Tables 4.4, 4.6 and 4.8 
show the results for these problems. It can be seen that the liquid sensible heat 
sums calculated for the saturated liquid model problems account for between 0.6 
and 1.8% of the respective tube heat loads (Qd/Qt)- The differences between the 
process outlet conditions calculated using the saturated liquid model and using 
the mixed liquid model are of a similar magnitude, all less than 1.3%. There are 
some definite trends to be seen though. 
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Since the vapour inlet condition is the same in each pair of problems, the 
vapour mass transfer coefficient is the same. Furthermore, both models have 
the same model of liquid mass transfer. Therefore, the composition of the liquid 
produced by the partial condensation differs only because of the difference in 
the mean condensation rate, because this has an effect upon the vapour mass 
transfer rate. With the same cold side in each pair of problems, and therefore the 
same driving temperature difference for heat transfer, the saturated liquid model 
necessarily predicts a larger mean condensation rate than the mixed liquid model 
to compensate for the sensible heat taken up by the liquid. This is indicated in 
the tables by the larger hquid flow rates at the tube bottom, Fi(0). 
The direct term sum of the energy equation Qa is correspondingly larger in the 
saturated liquid model results. The effect of the larger mean condensation rate 
is two-fold. (1) It reduces the vapour mass transfer rate leading to a liquid less 
rich in the heavy component of the mixture, more rich in the light component. 
The tables show the greater light component mole fraction in the hquid at the 
tube bottom, Xu{z = 0), predicted by the saturated liquid model. (2) This liquid 
is consequently colder, and so less heat is transferred to the cold side because the 
cold side and liquid layer present almost the same thermal resistance in each of 
the pairs of problems. The tables show the smaller overall tube heat load, Qt, 
predicted by the saturated liquid model. 
However, these differences between the saturated and mixed liquid model 
results are much less significant than those between the mixed and unmixed 
liquid model, as will be seen in the next section. 
4.3 Liquid tempera ture 
Each of the pairs of problems, 2 and 3, 8 and 9, and 14 and 15 has the same 
dephlegmator geometry and process inlet conditions, but problems 2, 8 and 14 
require the mixed liquid model equations to be solved, while problems 3, 9 and 
15 require the unmixed liquid model equations to be solved. Figure 4.1 con-
sists of six graphs, each one showing the following five temperature-composition 
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relationships, 
Tgivig) Ti{yu) Ti{xu) Ti{xii) Ty,{xii) 
These are determined in solving the dephlegmator problems. 
The line Tg{yig) in each graph shows the variation of the temperature Tg of 
the bulk vapour with the component 1 mole fraction yig in the bulk vapour. The 
square symbol at the left end of the hne marks the temperature and composition 
at the dephlegmator bottom. The graphs show that the temperature of the bulk 
vapour decreases as it flows upwards and it becomes richer in component 1, the 
light component. 
The lines labelled Ti{yu) and Ti{xu) in each graph show the variation of the 
temperature T j at the interface with the component 1 mole fractions in the vapour 
yii and liquid x n at the interface. The vapour and liquid at the interface are in 
thermodynamic equilibrium, and hence the hnes Ti^yu) and Ti{xij) lie on the 
dew and bubble point hnes. Two horizontal lines joining Ti{yu) and Tj{xii) are 
shown in each graph. These tie lines join the equilibrium states of the interfacial 
vapour and liquid at the dephlegmator bottom (marked with the square symbols) 
and at the dephlegmator top. The lines Tg{yig) and Ti^yu) are not coincident 
in any of the graphs, and it is clear therefore that the bulk vapour is not at any 
point in thermodynamic equilibrium with the adjacent liquid. 
The mean mole fraction of component 1 in the liquid, xu, is also determined at 
each vertical location in the dephlegmator. However, a mean liquid temperature 
is not determined. It is clear though that a mean liquid temperature must lie 
between T/ and Tyj, the interface and wall temperatures. Hence, the graphs show 
the interface and wall temperatures as functions of the mean liquid composition, 
the lines Ti{xii) and Ty^{xii). 
4.3.1 Subcooled mixed liquid 
The three graphs on the left of Fig. 4.1 show results assuming the mixed liquid 
model. The interface and mean mole fractions of component 1 in the liquid are 
equal at the top of the dephlegmator, since this is where the hquid flow begins. 
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The interface and wall temperatures are also the same there, since the liquid offers 
no resistance to heat transfer. The lines Ti{xu), Ti{xii) and Tyj{xii) therefore all 
join at their right-hand end. Since the liquid is completely mixed with respect 
to composition, the interface and mean mole fractions of component 1 are also 
equal at every point down to the bottom of the dephlegmator.The lines Ti{xu) 
and Ti{xii) are therefore coincident. However, while the liquid at the interface 
remains saturated down to the bottom of dephlegmator, the liquid adjacent to 
the wall does not. The line Tyj{xii) in the graphs shows that the temperature of 
the liquid at the wall is below the saturation temperature corresponding to the 
liquid composition. The liquid therefore becomes subcooled as it flows down the 
dephlegmator. 
4.3.2 Superhea ted unmixed liquid 
The situation is somewhat different in the three graphs on the right of Fig. 4.1. 
These graphs show the results for problems 3, 9 and 15, in which the liquid is 
assumed unmixed with respect to composition. The mole fraction of component 
1 in the liquid at the interface decreases as the hquid flows downwards. The 
mean mole fraction of component 1 in the liquid at any point below the top of 
the dephlegmator is therefore greater than the local mole fraction of component 
1 in the liquid at the interface. Hence, the T/(xi;) lines curve to the right of the 
Ti{xii) lines in the graphs, and thus lie in the unstable region between the bubble 
and dew point lines. However, it is the behaviour of the Tyj(xu) lines that is more 
important. 
First condition for superheating 
The T^{xii) line for the ethane/propane mixture shown in the bottom right graph 
of Fig. 4.1 actually crosses the bubble point line. In the region where the Tyj{xii) 
and Tj{xii) lines lie above the bubble point line, both the interface temperature 
and the wall temperature are greater than the saturation temperature correspond-
ing to the mean liquid composition, T*{xii). Now although the exact variation 
of the liquid composition normal to the tube wall is not known when the hquid 
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is unmixed, the liquid composition must equal the mean hquid value at some 
location between the wall and the interface. It follows, therefore, that at any 
point where the Tyj{xii) and Ti{xii) lines are above the bubble point line, the 
liquid is superheated at some location between the wall and the interface. The 
conclusion is that the ethane/propane liquid is likely to become unstable as it 
moves to the hotter end of the dephlegmator. In contrast, had the two phases 
moved co-currently, the unmixed hquid film would simply have become colder 
with the line T/(xi;) lying below the bubble point line. 
The middle-left graph of Fig 4.9 shows the temperature profiles with distance 
from the bottom of the exchanger for ethane/propane problem 15. It can be 
seen that it is in the bottom 58 cm of the 3 m long exchanger, that the wall 
temperature T^(z), and hence the hquid temperature, is above the mean hquid 
saturation temperature T]*(z). 
Second condition for superheating 
The Tyj{xii) line for the methane/ethane mixture shown in the middle right graph 
of Fig. 4.1 lies below the bubble point line. The previous argument cannot, 
therefore, be used to determine that the liquid superheats as it moves downwards. 
It is not enough that the Tj^xu) line lies above the bubble point line, because it 
would be quite possible for the temperature at any point in the liquid to be at or 
below the saturation temperature corresponding to the local liquid composition. 
Now strictly speaking, the assumption that the liquid is unmixed only ap-
plies at the interface, because no mass transfer assumptions are made about the 
remainder of the liquid. Suppose, though, that if the liquid is unmixed at the 
interface, it will be unmixed throughout. Then one of the consequences of as-
suming the liquid to be completely unmixed is that the liquid formed at the top 
of the dephlegmator retains its composition as it moves downwards. This liquid 
is at the wall temperature if it remains adjacent to the wall as it moves down-
wards, or at a greater temperature if it moves away from the wall. Returning to 
the graph, it can be seen that the horizontal projection of the lower horizontal 
tie line cuts the T^{xii) line. In the region where the line is above the 
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projected tie line, the wall temperature is greater than the saturation tempera-
ture of the liquid formed at the top of the dephlegmator. It follows, therefore, 
that the methane/ethane liquid formed at the top of the dephlegmator becomes 
superheated as it moves downwards. 
The middle-left graph of Fig 4.7 shows the temperature-distance profiles for 
methane/ethane problem 9. It can be seen that it is in the bottom 27 cm of 
the 1 m long exchanger, that the wall temperature Tyj(z) is above the saturation 
temperature of the liquid formed at the top of the exchanger, Tj{z = L). 
N o superheating (?) 
The Tw{xii) line for the hexane/toluene mixture shown in the upper right graph of 
Fig. 4.1 lies below both the bubble point line and the projected lower horizontal 
tie line. The previous arguments cannot be applied and the results do not provide 
any more information to determine whether the hexane/toluene liquid superheats 
or not. The most that the T^^Xii) and Ti{xii) lines show is the variation of the 
temperature drop across the liquid as it flows downwards. 
The middle-left graph of Fig 4.5 shows the temperature-distance profiles for 
hexane/toluene problem 3. The wall temperature Tyj{z) is below both the mean 
liquid saturation temperature, T*{z), and the saturation temperature of the liquid 
formed at the top of the exchanger, Tf{z = L). 
Explaining the behaviour 
The differences in the unmixed liquid behaviour of the three mixtures are due to 
(1) differences in the gradient of the bubble point line, and (2) diff'erences in the 
temperature drop across the liquid. 
The first condition that identifies liquid superheating in an unmixed liquid is 
or equally, 
7} - 7L < 7} - TT 
Ti — Ty^  is the temperature drop across the liquid, equal to the wall heat flux 
divided by the condensate heat transfer coefficient, q/ai. Tj — T* is the differ-
ence between the saturation temperatures of the interfacial and mean liquid; the 
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steeper the bubble point line, the larger is the difference. Therefore, mixtures 
with a steeper bubble point line exhibit superheat over a larger range of heat 
fluxes, assuming they have the same condensate heat transfer coefficient. Super-
heating is seen to occur in the lower part of the channel, because this is where the 
liquid composition difference, xu — x u , is greatest. The heat flux is low enough 
in the ethane/propane problem for superheating to occur, but too high in the 
hexane/toluene and methane/ethane problems. 
The second condition that identifies liquid superheating is Tw(z) > Ti{L), or 
equally, 
Ti — T-oj < T/ — Ti[L) 
Tj — Ti{L) is the difference between the saturation temperatures of the interfacial 
liquid at a vertical position z and the liquid at the top of the channel. The change 
in the interfacial liquid composition from the top of the tube, Xi/(L) — x u , can 
be expected to overtake the local composition difference, xu — x u , as the liquid 
flows downwards. Therefore, the second condition for superheating occurs over a 
larger range of heat fluxes than the flrst condition. The methane/ethane problem 
meets the second condition. The heat flux in the hexane/toluene case is large 
enough that neither condition is met. 
Consequences of choosing the unmixed liquid model 
As will be shown in the next section, the unmixed liquid model leads to the more 
conservative estimate of the composition change achieved by a dephlegmator, 
compared to the mixed hquid model. The unmixed liquid model is therefore the 
obvious choice for design methods. However, according to the unmixed liquid 
model, the liquid can superheat in reflux condensation. 
Suppose an unmixed liquid model calculation predicts superheating. Could 
the liquid remain in this unstable state? The answer proposed here is no. Any 
physical disturbance would prevent the liquid from even becoming superheated. 
The unmixed liquid model cannot be the correct representation of liquid mixing 
over the length of the dephlegmator being studied, because it does not give a 
physically plausible result. 
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It is contended that large differences between x u and xu predicted by the 
unmixed liquid model just do not physically occur in dephlegmators, because 
they imply a phenomenon that cannot be sustained. 
4.4 Liquid mass transfer 
The three graphs in Fig. 4.2 can be used to compare the fraction of vapour 
condensed and the change in composition calculated for mixed and unmixed liquid 
problems 2 and 3, 8 and 9, and 14 and 15. 
The problems being compared have exactly the same vapour inlet condition. 
Hence, the Tg{yig) lines shown in the graphs coincide at the left end marked with 
the square symbol. However, the lines do not coincide at the other end. For all 
three mixtures, the bulk vapour leaves at a lower temperature and with a larger 
mole fraction of component 1 when the liquid is mixed. Furthermore, the Ti{xu) 
lines in the graphs show that the liquid leaves the dephlegmator with a smaller 
mean mole fraction of component 1 when the liquid is mixed. Hence, a greater 
separation of the components is predicted when the liquid is mixed. 
At steady state, mass conservation in the dephlegmator gives, 
~ = X (4.14) 
VlL — ^10 
where yiQ and yiL are the bulk vapour compositions at the bottom and top of the 
dephlegmator, and Xio is the mean liquid composition at the bottom of the unit. 
Each graph in Fig. 4.2 shows the projections of the left end point of the Ti{xu) 
hne and the points at the ends of the Tg{yig) line onto the mole fraction axis. 
Geometrically, therefore, the ratio of the length of chord yio'.yiL to the length of 
chord xio: yiL equals the fraction of the molar vapour flow that condenses, X. The 
graphs show that the differences between the liquid exit compositions predicted 
by the mixed and unmixed liquid models are greater than the differences between 
the vapour exit compositions. The chord length ratio, yio'.yiL to xio'yiL, is less 
for the mixed liquid model results in each graph. It follows, therefore, that less 
of the molar vapour flow condenses when the liquid is mixed. 
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Tables 4.4, 4.6 and 4.8 show the exact magnitude of the differences described 
above. The bulk vapour leaves at between 0.4 and 0.9 K lower when the liquid is 
mixed, and with a component 1 mole fraction greater by between 0.001 and 0.008. 
The mean mole fraction of component 1 in the liquid leaving the dephlegmators is 
between 0.028 and 0.036 lower when the liquid mixed. The heat load is between 
8 and 15% smaller when the hquid is mixed, corresponding to between 4 and 
8% less of the inlet vapour molar flow being condensed. These are significant 
differences, and are much more significant than those between the saturated and 
mixed liquid model solutions discussed in Section 4.2. 
There are, therefore, two main conclusions that can be drawn from the results 
assuming the mixed and unmixed liquid models. First, the liquid can become 
superheated when it is unmixed with respect to composition, but it cannot when 
it is mixed. Second, the liquid mixing assumption can make a significant difference 
to the predicted amount of component separation and condensation that occurs. 
4.5 Vapour temperatures 
The three graphs on the left of Fig. 4.3 show the Tg{yig) and Ti{yu) curves 
calculated for problems 4, 10 and 16. The vapour entering each dephlegmator is 
saturated, but it does not remain so as it flows upwards. The hexane/toluene and 
ethane/propane vapours become superheated, while the methane/ethane vapour 
becomes subcooled. These differences in behaviour are discussed here, following 
the lines of Colburn and Edison (1941) and Webb (1995). 
The differential equation describing the vapour temperature path for the three 
Colburn-Drew models is derived from Eqs. 3.3 and 3.4, 
__ Wg f ^ ^L15) 
d-Vlg CpgCtgPg yVlg Ull 
where the correction factor ratio ^ is defined by, 
( = ' (4.16) 
exp($^g) — 1 
For turbulent vapour flow, the vapour heat and mass transfer coefficients are 
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determined by Eqs. 3.30 and 3.33. Therefore, 
OCg 2/3 ^Mg C; 
The magnitude of the vapour heat capacity ratio Cpg/Cp^  is determined by the 
relative sizes of the two component partial molar capacities, 
_ VlgCplg + (1 
(^pz ^l^^plg 4" (1 ^l)^p2g 
The Lewis number is the ratio of the thermal and mass diffusivities. 
(4.18) 
^^9 ~ Pr ~ c CID 
J^Tg Cpgf^tgJ-^g 
where Scg and Pvg are the vapour Schmidt and Prandtl numbers. For turbulent 
vapour flow, therefore, the differential equation for the vapour temperature is, 
S = i ^ ) 
Whether the multiplying factor LeJ^^ is greater than or less than one is significant 
in determining the vapour temperature path, as will be seen below. Now it can 
be seen from Eqs. 4.16 and 4.17, that the correction factor ratio ^ behaves as 
follows, 
if ^ ^ 1 
if (cpg/cpz)i:ey^ < 1 ^ < 1 
It is not always the case, therefore, that LeJ^^ > 1 if Leg > 1, or that < 1 
if Ltg < 1; the vapour heat capacity ratio, Cpg/Cpg, can go against Lewis number. 
For example, the solution for the methane/ethane problem 10 given in Table 4.7 
shows that Ltg > 1 along the length of the dephlegmator, but that CpgjCpz < 1 
and < 1. 
The term (T^ — Ti)/{yig — yu) on the right of Eq. 4.20 is the ratio of the 
temperature and composition differences across the vapour heat and mass transfer 
films at a given vertical position in the dephlegmator. Geometrically, this ratio 
is equal to the gradient of the straight line joining the points Tgiy^g) and Tj{yij) 
on the graphs of temperature versus composition. 
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Saturated inlet vapour 
The three graphs on the left of Fig. 4.3 show the points Tg{yig) and Ti(yu) at 
the bottom of the dephlegmator marked with squares and joined by a straight 
line; its gradient is {Tg - Tj)/{yig — yu) at z = 0. According to Eq. 4.20, 
the vapour temperature path would follow the straight hne if = 1, and 
the vapour would therefore become subcooled. The vapour would become even 
more subcooled if > 1. However, < 1 for the three mixtures, 
and the rate at which the vapour temperature decreases with composition at 
the inlet is therefore less than the rate implied by the straight line. Indeed, for 
the hexane/toluene and ethane/propane mixtures, the rate at which the vapour 
temperature decreases is also less than the rate at which it would decrease if it 
remained saturated, the tangent to the dew point line at yig{z = 0). The vapour 
temperature path at the inlet is above both the straight line and the dew point 
line, and the vapour becomes superheated. In contrast, although < 1 for 
the methane/ethane mixture and the vapour temperature decreases at a lesser 
rate with composition at the inlet than the rate imphed by the straight line, the 
vapour still becomes subcooled. To summarise, vapour entering a dephlegmator 
at its dew point becomes subcooled by the adjacent colder liquid when > 1, 
but the tendency to become subcooled decreases when < 1. 
Superheated inlet vapour 
The three graphs on the right hand side of Fig. 4.3 show vapour temperature 
paths with saturated and superheated inlet conditions. As the degree of inlet 
vapour superheat increases, the temperature drop across the heat transfer vapour 
film increases relative to the composition difference across the mass transfer film. 
The multiplying factor also increases but much less significantly, and hence 
the rate at which the vapour is cooled increases. The vapour temperature paths 
therefore tend to converge towards the central path in each graph. This is most 
obvious for the ethane/propane mixture. The middle right graph in Fig 4.3 also 
shows that if the degree of inlet superheat is large enough, the methane/ethane 
vapour will not become subcooled when > 1 in spite of the increased rate 
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of vapour cooling. These are the results calculated for methane/ethane problem 
12. At the lower degrees of inlet superheat though, the vapour crosses the dew 
point line and becomes subcooled. 
For the problems considered here, the correction factor ratio ^ does not have 
an overriding influence, not even in the methane/ethane problem 10. It can be 
said that vapour subcooling does not occur when Lcg < 1, but it does when 
Lcg > 1 unless the degree of inlet vapour superheat is large enough. 
Subcooled vapour 
Subcooled vapour is generally not stable and there is the risk of mist formation 
that is not allowed for in the Colburn-Drew models. Mist formation will in prac-
tice have an adverse effect on the separation performance of a dephlegmator, since 
it both reduces the amount of the heavy component available in the vapour to 
condense on the liquid layer, and provides droplets richer in the heavy component 
that may be swept along with the hghter rich vapour. 
4.6 Negative flux ratios 
In Section 4.2, the relative condensation rates or flux ratios of the components, zi 
and Z2, were introduced. According to the definition, Eq. 4.8, when 5Fg moles of 
vapour condense per unit time over an area P^^z of the channel, the proportion 
of component 1 that changes phase is approximately equal to zi. The flux ratios 
zi and Z2 can therefore also be regarded as the 'composition' of the condensing 
vapour. If this 'composition' differs from the liquid or vapour composition, then 
that phase composition will change with axial position, as the following equations 
derived from Eqs. 3.20 and 3.21 indicate. 
The description of Zi and zg as a 'composition' is particularly appealing for the 
unmixed liquid model, since from Eq. 3.19, 
Xii = Zi (4.22) 
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The Hquid at the interface has the composition of the condensing vapour. Any 
liquid present from previous condensation is effectively ignored from the mass 
transfer point of view. For the saturated and mixed liquid models, however, it is 
possible for flux ratio of the light component to be negative, a situation in which 
there is a simultaneous evaporation of the light component and condensation of 
the heavy component. Colburn and Drew (1937) recognised this. The interpre-
tation of zi and Z2 as a 'composition' has its limits therefore. The flux ratio of 
the light component is negative when its diffusive molar flux from the interface 
exceeds its convected molar fiux toward the interface. In all the problems here, 
component 1 is the light component, and thus zi is negative when. 
Recalling that = -{dFg/dz)/{PiCtgPg), then if Ctg(3g is large enough, and 
—dFg/dz and yig are small enough, Zi will be negative. 
Problem 19 considers an ethane/propane vapour mixture at 10 bar being par-
tially condensed in a 4 m long double-pipe dephlegmator by a counter-flowing 
cold liquid. The vapour mixture contains 15 mol% of the more volatile ethane, 
much less than the 88 mol% ethane in problems 13 to 18. Figure 4.10 shows the 
solution to problem 19 based on the mixed liquid model. The bottom-left graph 
shows a region 10.3 cm long at the bottom of the inner tube where simultaneous 
evaporation of ethane and condensation of propane occurs, that is, where the zi 
values are negative. In this region, where the vapour has just entered the ex-
changer, the vapour molar flow rate Fg (top-left graph) and hence vapour mass 
transfer coefflcient pg are largest, and the condensing molar flux ni -|- Mg and 
ethane mole fraction yig are lowest (bottom-left and right graphs). So ethane 
condenses in the upper part of the dephlegmator where it is colder, but evapo-
rates at the bottom of the unit where it is hotter. 
In problem 19, the inner tube wall thickness is 2.1 mm. In problem 20, the 
tube wall thickness is increased to 2.8 mm, and the region of negative zi values 
increases in length to the bottom 16.4 cm. This is because the decrease in the 
inside diameter increases the vapour velocity and hence mass transfer coefficient, 
and the presence of more metal between the hot and cold streams reduces the 
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heat load and amount of condensation. When the tube wall thickness is reduced 
to 0.9 mm, however, so that the inside diameter increases, it is found that the 
region of negative zi values disappears. 
Devising problem 19 turned out to require a large number of trial designs, for 
two reasons. First, there was a limit on the lowest condensation rate that could 
be achieved by adjusting the cold side conditions. This was because the cold 
stream was chosen to be single phase, and also because of a desire to keep the 
flow large enough to be turbulent. The results show that the hot stream temper-
ature change is between four and fifty times the cold stream temperature change. 
Achieving a close temperature approach proved not to be possible. Second, the 
vapour mass flow rate (of 0.003558 kg/s) was chosen to be large enough that it 
remained turbulent at exit, but not so large that flooding occurred. The conse-
quence of these choices was that, only by raising the degree of vapour superheat 
at inlet to 20 K and increasing the exchanger length to 4 m, were the condensa-
tion rates low enough to achieve simultaneous evaporation and condensation. 
Problems 21 to 24 are some the designs that did not achieve simultaneous 
evaporation and condensation. In problem 21, the exchanger length is shorter, 
3 m. In problem 22, the degree of vapour superheat at inlet is less, 18 K. In 
problem 23, the vapour inlet flow rate is smaller, 0.002785 kg/s. In problem 24, 
the cold stream inlet Reynolds number is smaller, 16070. Also, it is found that if 
the cold stream inlet temperature decreases by 2.5 deg C, the region of negative 
zi values disappears. 
The results for problems 19 to 24 are shown in Tables 4.10 and 4.11. In addi-
tion to these results, it was not found possible to produce a calculation showing 
negative values when the inlet vapour contains 88 mol% ethane, within the 
constraint of no flooding. Exchanger lengths up to 6 m were explored with a tube 
wall thickness of 2.8 mm, 20 K inlet vapour superheat and different cold stream 
inlet temperatures. The lowest zi value found was 0.27. 
It was observed above that simultaneous evaporation and condensation occurs 
when Ctgpg is large enough, and —dFgldz and yig are small enough. The results 
show that this happens in a dephlegmator with a given single phase cold side 
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when the vapour flow rate and superheat at inlet are large enough, the exchanger 
is long enough with a sufficiently small inside diameter, and then only when the 
vapour is lean enough in the light component. 
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T Ctg Dg Pg Vg ^9 hg Prg SCg Leg 
[kmol/ [10-® [kg/ [kJ/ [10-3 [kJ/ 
[K] m^] m^/s] m®] kmol K] kg/ms] [W/mK] kmol] H [ - ] [ - ] 
382.65 0.0332 5.133 3.054 136.68 0.00916 0.01684 9630.4 0.808 0.584 0.723 
378.15 0.0336 5.028 3.058 142.14 0.00890 0.01723 9570.2 0.807 0.579 0.717 
373.65 0.0340 4.924 3.066 146.80 0.00866 0.01750 9398.5 0.806 0.574 0.712 
369.15 0.0345 4.820 3.078 150.74 0.00843 0.01768 9130.0 0.805 0.568 0.706 
364.65 0.0349 4.718 3.093 154.01 0.00822 0.01777 8778.3 0.805 0.563 0.700 
360.15 0.0354 4.616 3.113 156.70 0.00803 0.01777 8355.3 0.804 0.559 0.694 
355.65 0.0359 4.516 3.136 158.85 0.00784 0.01772 7872.2 0.804 0.554 0.688 
351.15 0.0364 4.416 3.163 160.55 0.00767 0.01761 7338.7 0.804 0.549 0.682 
346.65 0.0369 4.318 3.193 161.84 0.00750 0.01745 6763.6 0.804 0.544 0.676 
342.02 0.0375 4.218 3.228 162.82 0.00733 0.01724 6137.0 0.804 0.539 0.670 
T XI yi Pi ^pl VI Ai hi Pri 
[kg/ [kJ/ [10-3 [kJ/ 
[K] H [ - ] m®] kmol K] kg/ms] [W/mK] kmol] [-1 
382.65 0.0029 0.0090 781 184.85 0.25365 0.10762 -23448.0 4.733 
378.15 0.0635 0.1780 769 185.91 0.26175 0.10738 -23688.1 4.943 
373.65 0.1318 0.3289 756 187.27 0.26859 0.10705 -23874.4 5.148 
369.15 0.2093 0.4631 742 188.99 0.27347 0.10663 -23996.1 5.337 
364.65 0.2981 0.5823 725 191.14 0.27549 0.10611 -24040.9 5.497 
360.15 0.4002 0.6876 707 193.80 0.27348 0.10550 -23994.9 5.602 
355.65 0.5185 0.7806 686 197.06 0.26608 0.10482 -23843.0 5.622 
351.15 0.6554 0.8625 663 201.03 0.25189 0.10417 -23570.9 5.514 
346.65 0.8136 0.9346 638 205.78 0.22995 0.10370 -23168.4 5.232 
342.02 1.0000 1.0000 610 211.52 0.19944 0.10394 -22617.0 4.714 
Table 4.1: Saturation line physical properties of hexane/toluene at 1.01325 bar 
T Ctg Dg Pg Cpg Vg ^9 hg Prg SCg Leg 
[kmol/ [10-® [kg/ [kJ/ [10-3 [kJ/ 
[K] m^] m^/s] m®] kmol K] kg/ms] [W/mK] kmol] [-] H [ - ] 
188.40 0.3392 1.423 6.592 38.31 0.00715 0.01727 -4369.2 0.816 0.763 0.934 
182.40 0.3501 1.344 6.466 37.59 0.00703 0.01747 -4469.9 0.819 0.809 0.988 
176.65 0.3618 1.271 6.423 37.17 0.00689 0.01750 -4588.3 0.825 0.845 1.024 
170.90 0.3748 1.199 6.450 36.97 0.00674 0.01739 -4726.0 0.832 0.871 1.046 
165.15 0.3893 1.130 6.543 36.94 0.00657 0.01716 -4880.8 0.841 0.888 1.056 
159.15 0.4062 1.059 6.706 37.09 0.00637 0,01683 -5058.3 0.851 0.897 1.055 
153.65 0.4236 0.996 6,913 37.38 0.00619 0.01645 -5233.5 0.861 0.899 1.043 
147.65 0.4450 0.929 7.201 37.86 0.00598 0.01600 -5436.6 0.874 0.894 1.022 
141.90 0.4684 0.866 7.541 38.51 0.00577 0.01554 -5641.5 0.888 0.883 0.994 
135.51 0.4986 0.799 7.997 39.50 0.00554 0.01503 -5879.6 0.908 0.867 0.955 
T Xl V\ PI ^pl VI h hi Pri 
[kg/ [kJ/ [10-3 [kJ/ 
[K] [-] [-] m^] kmol K] kg/ms] [W/mK] kmol] [-1 
188.40 0.1053 0.7582 497 103.73 0.12890 0.13851 -18563.7 3.376 
182.40 0.1318 0.8269 506 81.27 0.13532 0.14218 -18769.3 2.741 
176.65 0.1619 0.8778 510 76.99 0.13999 0.14536 -18899.2 2.667 
170.90 0.1987 0.9166 511 74.52 0.14343 0.14832 -18952.4 2.641 
165.15 0.2453 0.9452 510 72.59 0.14505 0.15096 -18899,2 2.619 
159.15 0.3097 0.9665 506 70.74 0.14366 0.15314 -18675.4 2.579 
153.65 0.3908 0.9801 497 68.98 0.13804 0.15426 -18237,1 2.510 
147.65 0.5189 0.9899 479 66.75 0.12475 0.15377 -17343.8 2.376 
141.90 0.7055 0.9959 446 6&97 0.10290 0.15043 -15820.3 2.169 
135.51 1.0000 1.0000 385 59.80 0,07273 0.14614 -13203.4 1.855 
Table 4.2; Saturation line physical properties of methane/ethane at 5 bar 
139 
T Ctg Dg Pg % ^9 hg Prg SCg Leg 
[kmol/ [10-® [kg/ [kJ/ [10-3 [kJ/ 
[K] m®] m2/s] m^] kmol K] kg/msi [W/mK] kmol] [-1 [-1 [-] 
300.15 0.4932 0.896 21.710 89.76 0.00884 0.01902 -1382.4 0.947 0.454 0.480 
293.65 0.4965 0.862 20.588 83.03 0.00881 0.01890 -1700.9 0.933 0.496 0.532 
287.15 0.5020 0.829 19.671 77.37 0.00877 0.01874 -1997.6 0.924 0.538 0.582 
280.65 0.5095 0.797 18.944 0.00873 0.01852 -2277.4 0.920 0.578 0.628 
274.15 0.5190 0.765 18.393 68.71 0.00867 0,01825 -2545.2 0.921 0.616 0.670 
267.65 0.5304 0.733 18.007 65.53 0.00860 0.01793 -2806.2 0.926 0.651 0.704 
261.15 0.5440 0.702 17.780 63.00 0.00852 0.01755 -3064.9 0,935 0.682 0.729 
254.65 0.5597 0.672 17.705 61.09 0.00842 0.01712 -3325.6 0.950 0.708 0.745 
248.15 0.5780 0.642 17.783 59.77 0.00831 0.01665 -3592.0 0.969 0.727 0.751 
241.66 0.5990 0.613 18.013 59.02 0.00818 0.01614 -3866.9 0.995 0.741 0.745 
T XI 3/1 Pi Gpl VI Ai hi Pri 
[kg/ [kJ/ [10-3 [kJ/ 
[K] H [-] m^] kmol K] kg/ms] [W/mK] kmol] [ -1 
300.15 0.0019 0.0054 487 121.84 0.09695 0.09381 16055,1 2.858 
293.65 0.0695 0.1873 486 122.75 0.09740 0.09560 -16415.5 2.901 
287.15 0.1423 0.3497 487 119.27 0.09833 0.09728 16730,8 2.864 
280.65 0.2220 0.4927 488 115.07 0.09922 0.09881 -16978.0 2.820 
274.15 0.3104 0.6169 488 110.69 0.09976 0.10018 17137.4 2.774 
267.65 0.4101 0.7234 487 106.22 0.09971 0.10137 17187.5 2.725 
261.15 0.5244 0.8135 485 101.62 0.09875 0.10238 17101.8 2.668 
254.65 0.6575 0.8885 481 96.83 0.09656 0.10320 •16846.7 2.598 
248.15 0.8143 0.9502 473 91.75 0.09276 0.10398 16380.1 2.505 
241.66 1.0000 1.0000 462 86.26 0.08700 0.10559 •15655.3 2.364 
Table 4.3: Saturation line physical properties of ethane/propane at 10 bar 
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problem 1 2 3 
model Saturated liquid Mixed liquid Unmixed liquid 
Tw = 10.6 m m rw = 10.6 m m Tu, = 10.6 m m 
L = 1 m L = 1 m L = 1 m 
at z = 0 m at 2 = 1 m at 2 = 0 m at 2 = 1 m at 2 = 0 m at 2 = 1 m 
Reg 18500 11064 18500 11113 18500 10347 
Mg 2526 1481 2526 1488 2526 1388 
rUg 7.157 4.196 7.157 4.215 7.157 3.932 
Fs 28.54 16.83 2&54 16.91 28.54 15.77 
Fi 11.70 0.00 11.63 0.00 12.77 0.00 
Rei 233 0 231 0 255 0 
Mc 188450 188450 188450 188450 188450 188450 
Rec 10064 10000 10065 10000 10070 10000 
Tg 364.43 360.86 364.43 360.86 364.43 361.24 
363.93 359.93 363.93 359.94 363.93 360.32 
T, 357.53 352.21 357.57 352.22 358.60 352.30 
T-w 351.44 352.21 351.46 352.22 351.79 352.30 
Tc 348.64 348.15 348.64 348.15 348.68 348.15 
yig 0.6000 0.6924 0.6000 0.6922 0.6000 0.6839 
yii 0.7433 0.8441 0.7423 &&K9 0.7210 0.8425 
Xll 0.4671 0.6213 0.4659 0.6210 0.4391 0.6184 
0.4671 0.6213 0.4659 0.6210 0.4964 0.6184 
Zi 0.3802 0.6213 0.3777 0.6210 0.4391 0.6184 
Uc 2292 2287 2292 2287 2293 2287 
" s 46.6 31.0 46.6 31.1 46.6 29.4 
oti 1056 - 1057 - 1045 -
CtgPg 382 251 382 252 382 238 
Q 6421 9287 6456 9310 7116 9497 
<lg 235 120 235 121 190 110 
m 72.9 178.2 71.4 178.5 94.1 181.3 
"2 118.9 108.6 117.7 108.9 120.2 111.8 
^Mg 0.502 1.142 0.495 1.141 0.561 1.230 
^Hg 0.601 1.430 0.592 1.428 0.682 1.542 
Leg 0.700 0.695 0.700 0.695 0.700 0.696 
X 0.4101 0.4075 0.4476 
R 0.6953 0.6877 0.8102 
1*0.5 
•>9 0.5825 0.5824 0.5836 
^#0.5 0.0968 0.0964 0.1014 
Qt 388.4 390.2 421.8 
Qa/Qt 0.9471 0.9369 0.9450 
Qb/Qt 0.0312 0.0307 0.0294 
Qc/Qt 0.0324 0.0323 0.0256 
Qd/Qt -0.0107 0.0000 0.0000 
N 113 117 97 
i 1 1 2 
Units: F g , Fi k m o l / s ] M,,, Ma [ l O ' " kg / s ) m,i [ k g / m ^ s ] r,,, r , , T;, t,„, [K] 
ctg, c«(, U,. [W/m^K] Qi, Q a , Ql,, Qa, Qd [W] n i , n2, Cui0,i [10 " k m o l / m ^ s ] 
1, <!,, [W/m^] yi.j, Zlf, i n , Vll, Zl, ^M,r $ 11 tj, ^ , j q , 3 , Le,i, Re,!, Rei, Re,;, N, i (-J 
Table 4.4: Hexane/toluene dephlegmation at 1.01325 bar 
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problem 4 5 6 
model Saturated liquid Saturated liquid Saturated liquid 
Tyj = 10.6 mm ru, = 10.6 mm Tw = 10.6 mm 
L = 1 m L = 1 m L = 1 m 
at z = 0 m at z = 1 m at z = 0 m at z = 1 m at z = 0 m at z = 1 m 
Reg 18527 11058 18314 11105 18107 11152 
Mg 2526 1479 2526 1496 2526 1513 
rrig 7.157 4.190 7.157 <L238 7.157 4.286 
Fg 28.54 16.81 28.54 17.00 28.54 17.19 
Fl 11.73 0.00 11.54 0.00 11.34 0.00 
Rei 233 0 229 0 225 0 
Mc 188450 188450 188450 188450 188450 188450 
Rcc 10064 10000 10065 10000 10066 10000 
Tg 363.93 360.56 367.93 362.95 371.93 365.31 
363.93 359.93 363.93 359.96 363.93 359.99 
Ti 357.51 352.20 357.62 352.26 357.73 352.31 
Tw 351.44 352.20 351.48 352.26 351.52 352.31 
Tc 348.64 348.15 348.65 348.15 348.65 348.15 
yig 0.6000 0.6925 0.6000 0.6919 0.6000 0.6912 
yii 0.7435 0.8442 0.7414 0.8432 0.7391 0.8423 
Xij 0.4675 0.6215 0.4646 0.6198 0.4618 0.6181 
III 0.4675 0.6215 0.4646 0.6198 0.4618 0.6181 
21 0.3807 0.6215 0.3765 0.6198 0.3724 0.6181 
Uc 2292 2287 2292 2287 2292 2287 
ag 46.5 - 30.9 47.1 31.4 47.6 31.9 
1056 - 1058 - 1060 -
CtgPg 382 251 382 253 382 255 
1 6411 9272 6492 9397 6575 9524 
1g 218 116 358 153 503 191 
m 73.3 178.3 70.5 177.4 67.8 176.6 
712 119.2 108.6 116.7 108.8 114.2 109.1 
0.503 1,144 0.490 1.132 0.477 1.120 
^Hg 0.603 1.432 0.584 1.413 0.566 1.395 
Leg 0.699 0.695 0.704 0.698 0.708 0.700 
X 0.4110 0.4043 0.3975 
R 0.6977 0.6786 0.6598 
x#0.6 Vg 0.5823 0.5840 0.5857 
«*0.6 0.0969 0.0960 0.0952 
Qt 387.8 393.0 398.4 
Qa/Qt 0.9505 0.9229 0.8958 
Qb/Qt 0.0296 0.0422 0.0541 
Qc/Qt 0.0306 0.0454 0.0604 
Qd/Qt -0.0107 -0.0105 -0.0104 
N 112 117 121 
i 1 2 2 
Units: F„, Fl [10-G kmol/s] M„, M,: [10-° kg/s] m,, [kg/m-s] T„, T,, T;, T.„. [K] 
Qg, ai, Uc [W/m-K] Qi, Qa, Qb, Qa, Qd [W] ni, 112, [10 '' kmol/m^s] 
9. h, [W/m l^ yig, ^11' 1^1. !/i;. ^1. $ li <1' ^j(/ 1 j *, Le,,, Re,J, Re (, Re,:, N, i [-] 
Table 4.5: Hexane/toluene dephlegmation 1.01325 bar 
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problem 7 9 
model Saturated liquid Mixed liquid Unmixed liquid 
Tw = 10.6 m m riD = 10.6 m m Tw = 10.6 m m 
L = 1 m L = 1 m L = 1 m 
at 2 = 0 m at z = 1 m at 2 = 0 m at z = 1 m at z = 0 m at z = 1 m 
Reg 15000 12226 15000 12250 15000 11606 
Mg 1826 1342 1826 1345 1826 1279 
rUg 5.174 3.802 5.174 3 809 5.174 3.622 
Pg 104.70 104.70 79.83 104.70 75.83 
FI 25,02 0.00 24^6 0.00 28^6 0.00 
Rei 302 0 300 0 352 0 
MC 900823 900823 900823 900823 900823 900823 
Rec 10104 10000 10105 10000 10114 10000 
TG 187.56 166.01 187.56 165.99 187.56 166.70 
T; 173.56 165.75 173.56 165.75 173.56 166.01 
TI 140.48 137.81 140.51 137.81 141.83 137.79 
TW 137.63 137.81 137.64 137.81 138.41 137.79 
TC 133.35 133.00 133.35 133.00 133.38 133.00 
yig 0.9000 0.9426 0.9000 0.9427 0.9000 0.9415 
VIL 0.9970 0.9987 0.9969 0.9987 0.9959 0.9987 
XLL 0.7642 0.8874 0.7630 0.8874 0.7082 0.8880 
XLL 0.7642 0.8874 0.7630 0.8874 0.7910 0.8880 
Zl 0.6213 0.8874 0.6163 0.8874 0.7082 0.8880 
Uc 1288 1285 1288 1285 1289 1285 
ag 42.0 32.8 42.0 32.8 42.0 31.5 
OIL 1929 - 1931 - 1895 -
CtgPg 1083 856 1083 857 1083 823 
g 5507 6175 5530 6176 6480 6158 
Ig 1662 629 1664 630 1530 611 
m 201.0 532.7 196.3 532.7 311.2 532.0 
»2 122.5 67.6 122.2 67.6 128.2 67.1 
^Mg 0.299 0.701 0.294 0.700 0.406 0.728 
^HG 0.338 0.728 0.334 0.727 0.438 0.754 
Leg 1.098 1.057 1.098 1.057 1.098 1.059 
X 0.2390 0.2375 0.2757 
R 0.3140 0.3115 0.3806 
v#0.5 0.4755 0.4754 0.4770 
x#0.6 0.0834 0.0832 0.0893 
Qt 335.3 336.0 366.6 
Qa/Qt 0.6716 0.6668 0.6916 
Qb/Qt 0.1126 0.1117 0.1176 
Qc/Qt 0.2216 0.2216 0.1908 
Qd! Qt -0.0059 0.0000 0.0000 
N 133 136 106 
i 2 1 2 
Units: F, [ lO-t^ kmol /s ] M „ , M,; [ 1 0 - " kg/s ] m , Ikg /m^s] T„, T,, , T^,, [K] 
a,J, Oil, Ua [ W / m ^ K ] Q i , Q,,, Ql,, Qa, Qd [W] n i , 712, [ 1 0 " ' ' kmo l /m^s ] 
<7. 9a [ W / m ^ ] ^1,,, i i ; , 111, i / l f , z i . * f / g , -y. R, j , * . J * - #ec , ' H 
Table 4.6: Methane/ethane dephlegmation at 5 bar 
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problem 10 11 12 
model Mixed liquid Mixed liquid Mixed liquid 
Tw = 10.6 m m rw = 10.6 m m Tvj = 10.6 m m 
L ~ 1 m L = 1 m L = 1 m 
at z = 0 m at z = 1 m at z = 0 m at z = 1 m at z = 0 m at z = 1 m 
Reg 16100 12407 15452 12316 14855 12228 
Mg 1826 1308 1826 1329 1826 1350 
nig 5.174 3.704 5.174 3.766 5.174 3.824 
Fg 104.70 77.61 104.70 78.90 104.70 80.13 
Fi 27.09 0.00 25.80 0.00 24.56 0.00 
Rei 329 0 312 0 296 0 
Mc 900823 900823 900823 900823 900823 900823 
Rcc 10100 10000 10103 10000 10105 10000 
Tg 173.56 158.77 181.56 162.95 189.56 167.00 
Tg 173.56 165.83 173.56 165.78 173.56 165.73 
Ti 140.14 137.72 140,35 137.77 140.56 137.82 
137.40 137.72 137.54 137.77 137.68 137.82 
Tc 133.34 133.00 133.35 133.00 133.35 133.00 
yig 0.9000 0.9423 0.9000 0.9425 0.9000 0.9427 
yii 0.9972 0.9988 0.9971 0.9987 0.9969 0.9987 
Xil 0.7788 0.8916 0.7700 0.8892 0.7606 0.8868 
III 0.7788 0.8916 0.7700 0.8892 0.7606 0.8868 
21 0.6557 0.8916 0.6342 0.8892 0.6100 0.8868 
Uc 1288 1285 1288 1285 1288 1285 
Ug 41.3 31.9 41.7 32.5 42.1 33.0 
m 1909 - 1921 - 1934 -
Ctgf3g 1087 841 1085 851 1083 860 
1 5235 6065 5400 6128 5575 6192 
Qg 1122 440 1427 547 1745 658 
ni 238.7 561.2 214.1 544.6 190.4 528.8 
n2 125.4 68.3 123.5 67.9 121.8 67.5 
^Mg 0.335 0.748 0.311 0.720 0.288 0.694 
^Hg 0.399 0.794 0.359 0.754 0.326 0.718 
Leg 1.038 1.020 1.073 1.042 1.106 1.062 
X 0.2588 0.2464 0.2346 
R 0.3491 0.3269 0.3065 
g*0.5 0.4657 0.4714 0.4767 
^*0.5 0.0867 0.0847 0.0827 
Qt 322.9 330.3 337.9 
Qa/Qt 0.7465 0.6999 0.6561 
Qb/Qt 0.0949 0.1055 0.1135 
Qc/Qt 0.1586 0.1947 0.2305 
Qd/Qt 0.0000 0.0000 0.0000 
N 120 129 138 
i 2 2 1 
Units: F,,, Fi [10-° kmol/s] M„, M,._ [lO"" kg/s] Ikg/m^s] T,„, T, [K] 
a,J, rxi, Uc [W/m^K] Qi, Qa, Qb< Qc, Qd IW] 711, 112. C(„/3, [10 " kmol/m^ s] 
q, Q„ [W/m^l Vl,,, Slf, zn, a n , ZI, $ H;,, X. R, 3 *, 3 Leg, Re„, Re I, Rec, N, i [-] 
Table 4.7: Methane/ethane dephlegmation at 5 bar 
144 
problem 13 14 1 5 
model Saturated liquid Mixed liquid Unmixed liquid 
Tw — 10.6 m m rw = 10.6 m m rw = 10.6 m m 
L = 3 m L = 3 m L = 3 m 
at 2 = 0 m at z = 3 m at z = 0 m at z = 3 m at 2 = 0 m at z = 3 m 
Reg 20500 11701 20500 11808 20500 10206 
Mg 2887 1620 2887 1635 2887 1416 
rUg 8.178 4 589 8J.78 4^32 8J.78 4.011 
F9 90.91 52.76 90.91 53.24 90.91 45.95 
Fi 38 16 0.00 37.67 0.00 44.96 0.00 
Rei 811 0 801 0 952 0 
Mc 154662 154662 154662 154662 154662 154662 
Rec 10333 10000 10335 10000 10386 10000 
Tg 256.46 248.34 256.46 248.37 256.46 249.22 
T; 255.46 247.61 255.46 247.64 255.46 248.46 
Ti 249.61 244.79 249.69 244.81 251.43 245.07 
Tw 247.36 244.79 247.42 244.81 248.77 245.07 
Tc 242.19 239.15 242.21 239.15 242.66 239.15 
yig 0.8800 0.9548 0.8800 0.9545 0.8800 0.9475 
Vil 0.9374 0.9774 0.9367 0.9772 0.9207 0.9752 
Xil 0.7766 0.9066 0.7747 0.9059 0.7319 0.8985 
Zll 0.7766 0.9066 0.7747 0.9059 0.8110 0.8985 
21 0.6138 0.9066 0.6060 0.9059 0.7319 0.8985 
Uc 567 563 567 563 567 563 
ag 51.7 32.2 51.7 32.4 51.7 28.9 
ai 1304 - 1304 - 1301 -
CtgPg 1025 651 1025 656 1025 584 
g 2932 3175 2955 3187 3461 3333 
1g 305 89 303 90 219 89 
NI 122.8 226.8 116.9 227.5 182.2 235.1 
"2 77.3 23.4 76.0 23.6 66.7 26.6 
^Mg 0.195 0.384 0.188 0.383 0.243 0.448 
0.290 0.483 0.281 0.482 0.335 0.565 
Leg 0.750 0.755 0.750 0.755 0.750 0.755 
X 0.4197 0.4144 0.4945 
R 0.7232 0.7076 0.9783 
1*0.5 
Jg 
0.4471 0.4470 0.4475 
i f ' 0.1299 0.1291 0.1403 
Qt 520.8 523.8 601.9 
Qaf Qt 0.9231 0.9066 0.9279 
Qb/Qt 0.0247 0.0241 0.0222 
Qc/Qt 0.0696 0.0693 0.0499 
Qd/Qt -0.0175 0.0000 0.0000 
N 132 132 71 
i 2 2 2 
Units: Fg, F, [10-'® kmol/s] M,, Mc [10-'' kg/s] m„ [kg/m=s) T,,, T,, T', T,„, T, [K] 
Qg, cti, £/„ [W/m^ Kl Qt, Q„, Qb, Qc. Qd [W] ni, n2, C,.,,g,, [IQ-'' kmol/m^ s] 
9 . ? g [ W / m ^ ] ! / i „ , X I J , X-II, Y I I , z j , $ M , , , $ / / , , , X , i J , j * , j ' , L e , , , R e , , , R e i , RBQ, N , i 
Table 4.8: Ethane/propane dephlegmation at 10 bar 
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problem 16 17 18 
model Unmixed liquid Unmixed liquid Unmixed liquid 
Tyj = 10.6 mm rw = 10.6 mm Tui = 10.6 mm 
L — 3 m L = 3 m L = 3 m 
at z = 0 m at ^ = 3 m at z = 0 m at z = 3 m at z = 0 m at 2 = 3 m 
Reg 20564 10156 20248 10402 19939 10640 
Mg 2887 1408 2887 1447 2887 1484 
nig 8.178 3 988 8^78 4.098 8.178 4.205 
Fg 90.91 45.71 90.91 46.94 90.91 48.14 
Fi 45.21 0.00 43.97 0.00 42.77 0.00 
Rei 957 0 931 0 906 0 
Mc 154662 154662 154662 154662 154662 154662 
Rcc 10385 10000 10391 10000 10397 10000 
Tg 255.46 249.01 260.46 250.05 265.46 251.05 
255.46 248.44 255.46 248.56 255.46 248.67 
Ti 251.39 245.05 251.59 245.14 251.79 245.23 
Tro 248.73 245.05 248.89 245.14 249.06 245.23 
Tc 242.65 239.15 242.71 239.15 242.77 239.15 
yig 0.8800 0.9477 0.8800 0.9467 0.8800 0.9457 
yii 0.9211 0.9753 0.9192 0.9746 0.9172 0.9739 
Xlj 0.7329 0.8990 0.7281 0.8964 0.7231 0.8939 
^11 0.8116 0.8990 0.8088 0.8964 0.8060 0.8939 
Zl 0.7329 0.8990 0.7281 0.8964 0.7231 0.8939 
Vc 567 563 567 563 567 563 
" 9 51.6 28.8 52.2 29.5 52.7 30.1 
ai 1301 - 1302 - 1303 -
CtgPg 1026 582 1020 594 1015 605 
1 3450 3323 3508 3374 3568 3425 
1g 176 85 395 108 624 132 
m 185.2 235.1 170.4 235.1 156.1 235.1 
" 2 67.5 26.4 63.7 27.2 59.8 27.9 
^Mg 0.246 0.450 0.229 CUW2 0.213 0.435 
^Hg 0.340 0.567 0.310 0.556 0.281 0.545 
Leg 0.744 0.754 0.771 0.760 0.797 0.766 
X 0.4973 0.4837 0.4705 
R 0.9891 0.9368 0.8886 
m#0.6 Vg 0.4468 0.4502 0.4535 
^*0.5 0.1406 0.1387 0.1368 
Qt 600.0 609.7 619.6 
Qa/Qt 0.9359 0.8965 0.8587 
Qb/Qt 0.0199 0.0306 0.0398 
Qd Qt 0.0441 0.0729 0.1015 
Qd/Qt 0.0000 0.0000 0.0000 
N 67 110 144 
i 2 2 2 
Units: Fg, Fi ^0-G kmol/s] A/,,, M „ ^0'^ kg/s] m,, [kg/m^s] T,,,T,, T', T,„, T, [K] 
a,,, ai, C/„ [W/m ^ K ] Qi, Q,1, Qb, Qni Qd [W] n i , » 2 , Ci,iPg [10 " kmol/m^sj 
<i , In [W/m^] Vl!,, Zi;, 3:i(, VII, zi, $ X, R, 3*, , Leg, Re,,, Rei, Rcn, N, i [-] 
Table 4.9: Ethane/propane dephlegmation at 10 bar 
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problem 19 20 21 
model Saturated liquid Saturated liquid Saturated liquid 
Tnj = 10.6 m m Tw = 9.9 m m rw = 10.6 m m 
L = 4 m L — 4 m L = 3 m 
at 2 = 0 m at 2 = 4 m at 2 = 0 m at z = 4 m at 2 = 0 m at z = 3 m 
Reg 23000 15833 24626 17180 23000 17440 
Mg 3558 2336 3558 2365 3558 2584 
rUg 10.080 6.617 11.556 T\682 10.080 7.320 
Fg 84.74 5&52 84.74 57.21 84.74 62.24 
Fi 2&22 0.00 2^54 0.00 22.50 0.00 
Rei 755 0 789 0 602 0 
Mc 96240 96240 96240 96240 96240 96240 
Rec 10489 10000 10480 10000 10404 10000 
Tg 315.04 295.55 315.04 295.33 315.04 297.54 
295.04 293.28 295.04 293.34 295.04 293.78 
Ti 294.93 292.15 294.96 292.29 294.89 292.75 
293.58 292.15 293.53 292.29 293.35 292.75 
Tc 289.83 285.15 289.76 285.15 289.04 285.15 
yig 0.1500 0.1970 0.1500 0.1955 0.1500 0.1839 
yii 0.1529 0.2265 0.1522 0.2230 0.1541 0.2109 
XLJ 0.0558 0.0858 0.0555 0.0843 0.0562 0.0792 
Xll 0.0558 0,0858 0.0555 0.0843 0.0562 0.0792 
-0.0177 0.0858 -0.0440 0.0843 0.0185 0.0792 
Uc 442 437 464 458 441 437 
67.3 46.3 76.2 52.8 67.4 50.3 
ai 1219 - 1217 - 1234 -
CtgPg 1157 843 1308 964 1157 912 
Q 1655 3059 1747 3271 1902 3322 
Qa 1336 129 1516 134 1326 199 
M -0.4 17.0 -0.6 17.9 0.7 16.6 
"2 20.5 181.3 15.4 194.8 35.2 192.9 
^Mg 0.017 0.235 0.011 0.221 0.031 0.230 
^Hg 0.027 0.377 0.017 0.355 0.047 0.366 
Leg 0.581 0.543 0.581 0.541 0.581 0.544 
X 0.3331 0.3249 0.2655 
R 0.4994 0.4814 0.3615 
x * 0 . 6 0.4870 0.5305 0.4870 
, f * 0 . 5 0.1263 0.1358 0.1127 
Qt 550.2 541.2 456.6 
Qa/Qt 0.7479 0.7419 0.7181 
Qb/Qt 0.0295 0.0271 0.0367 
Qc/Qt 0.2307 0.2389 0.2512 
Qd/Qt -0.0082 -0.0078 -0.0060 
N 2822 2877 473 
I 2 2 2 
Units: FG, FI [10-® kmol/s] M„, [10"° kg/s] m,j [kg/m^s] T „ , T , , t ; , r,„, T , [K] 
a„, a,, (7, [W/m^K] Q, , Qa, Qb, Qc- Qd [W] n i , J12, C(„/3,, [10 ° kmol/m^s] 
<5 , Q,J [W/m^] v\,j, zi;, zii, VII, z i , $ HE,, X , R, J * , J,*' #2%, fie;, Hec, N , I [-] 
Table 4.10: Ethane/propane dephlegmation at 10 bar 
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problem 2 2 23 24 
model Saturated liquid Saturated liquid Saturated liquid 
r-u, = 10.6 m m rw = 10.6 m m r-w = 10.6 m m 
L = 4 m L = 4 m L = 4 m 
at z = 0 m at 2 = 4 m at 2 = 0 m at z = 4 m at z = 0 m at z = 4 m 
Reg 23120 15640 18000 10634 23000 13048 
Mg 3558 2 3 0 6 2 7 8 5 1568 3558 1925 
rag 10.080 6 ^ 3 3 7 . 8 8 9 4 . 4 4 2 10.080 5,454 
F9 8 4 ^ 4 5 & 8 3 66.32 38,21 84.74 47,01 
Fi 28.91 0.00 28.11 0,00 37.73 0,00 
Rei 773 0 751 0 1008 0 
M c 96240 96240 96240 9 6 2 4 0 154662 154662 
Rec 10486 10000 10462 10000 16683 16070 
Tg 313.04 295.31 315.04 294,69 315.04 294,77 
^9 295.04 293.22 295.04 292,47 295.04 292,26 
Ti 294.90 292.08 2 9 4 . 8 2 291.00 294.72 290.57 
2 9 3 . 5 5 2 9 2 . 0 8 2 9 3 . 4 3 291.00 292.71 290.57 
Tc 289,81 285.15 289.59 285.15 2 8 8 . 8 2 285.15 
yig 0.1500 0.1986 0.1500 0.2184 0.1500 0.2238 
Dil 0.1538 0.2284 0.1561 0.2558 0.1587 0.2666 
Xll 0.0561 0.0866 0.0570 0.0985 0.0580 0.1032 
^11 0.0561 0,0866 0.0570 0.0985 0.0580 0.1032 
21 0.0024 0.0866 0.0020 0.0985 0.0125 0.1032 
Uc 4 4 2 437 4 4 2 437 628 623 
Oig 67.1 45,8 55.4 33.6 67.3 39.6 
OLl 1218 - 1219 - 1215 -
CtgPg 1159 8 3 5 951 613 1157 722 
9 1653 3027 1697 2 5 5 8 2443 3377 
Qg 1193 122 1086 99 1306 129 
ni 0.1 17.0 0.1 16.4 0.9 22.7 
n-2 29.1 179.8 3 8 . 2 150.1 70.0 196.8 
0.025 0.236 0.040 0.272 0.061 0.304 
^Hg 0.039 0.379 0.061 0.435 0.093 0.485 
Leg 0.576 0.543 0.581 0.549 0.581 0.552 
X 0.3412 0 . 4 2 3 8 0.4453 
R 0.5179 0.7355 0.8027 
, » 0 . 5 Jg 0.4858 0.4309 0.4870 
j . & 5 0.1278 0.1260 0.1459 
Qt 547.2 521.2 692.3 
Qa/Qt 0.7703 0.7868 0.7952 
Qh! Qt 0.0286 0,0336 0.0377 
Qc/Qt 0.2095 0,1909 0.1789 
Qd/Qt -0.0084 -0,0113 -0.0118 
N 766 757 4 8 4 
i 2 3 3 
Units: F„, Fi kmol/s] A/,,, Mc [ l O " " kg/s] m,, [kg/m^s] T , „ T j , T ; , T „ „ T e [ K ] 
a , , , a ; , Uc [ W / m ^ K ] Q t , Qa, Qh, Qc, Qd [ W ] III, 12, Cujff,, [ 1 0 " ' ' k m o l / m ^ s ] 
9 . In [ W / m ^ ] yi,,, XII, 111, yii< -21. * X , R, J * , i , ie„, He,, Re I, Rea, N, i [-] 
Table 4.11: Ethane/propane dephlegmation at 10 bar 
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Figure 4.1; Mixed and unmixed liquid model predictions of liquid temperature 
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Figure 4.3: Vapour temperature paths from saturated and superheated inlets 
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Figure 4.4: Hexane/toluene problem 2 results, with a mixed liquid 
152 
0.000028 
, 0.000024 
E 0.000020 
a: 
0.000004 
0 . 0 0 0 0 0 0 
a 0.000016 
0.000012 
o 0.000008 
E 
0.2 0.4 0.6 0.1 
ve r t i ca l p o s i t i o n (m) 
0.0020 
: 0 . 0016 
0 . 0 0 0 0 
1/Ur+ 1/a, 
K 0.0012 
n 
"0.0008 
" 0 , 0 0 0 4 
—I ! 1 h-
0.2 0.4 0.6 0.8 
ver t ica l p o s i t i o n (m) 
¥ 
i 
a. 
E 
365 
363 
3 6 1 
359 
357 
355 
353 
351 
349 
347 
345 
? - — — Tj(z=1m) 
Iw 
Tc 
0.2 0.4 0.6 O.i 
ver t i ca l pos i t i on (m) 
9000 -• 
8000 
7000 
6 0 0 0 -• 
5000 
4000 
3000 + 
2 0 0 0 
1000 -• 
0 
0 0.2 0.4 0,6 0.8 
ver t i ca l pos i t i on (m) 
0 0,2 0,4 0,6 0,1 
ve r t i ca l p o s i t i o n (m) 
0,00032 
0,00028 
1^ ,00024 
O0,00020 
E & 
m0,00016 
1 
= 0,00012 
ro 
g O O O O O B 
0,00000 
"2 
"1 — " 
1 1 1 1 
0,2 0,4 0,6 0,8 
ver t i ca l pos i t i on (m) 
Figure 4.5: Hexane/toluene problem 3 results, with an unmixed liquid 
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Figure 4.6: Methane/ethane problem 8 results, with a mixed liquid 
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Figure 4.7; Methane/ethane problem 9 results, with an unmixed liquid 
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Figure 4.8: Ethane/propane problem 14 results, with a mixed liquid 
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Figure 4.9: Ethane/propane problem 15 results, with an unmixed liquid 
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Chapter 5 
Dephlegmator separation 
The Colburn-Drew theory for dephlegmation in a round tube or a rectangular 
duct consists of five differential equations. These equations become specific upon 
stating what the two components are, the pressure, the tube length and diameter, 
or duct length, height and aspect ratio, and the heat flux or temperature along 
the length of the inside of the wall. Then with values given for inlet vapour flow 
rate, temperature and component 1 mole fraction, a boundary value problem is 
defined. Changing any of these parameters, changes the problem and in general, 
the solution. 
This chapter presents the results from a parametric study of the separation 
performance of dephlegmators. It is based upon the numerical solutions of 2064 
boundary value problems involving nitrogen/oxygen and ethane/propane mix-
tures in small cross-section round tubes and rectangular ducts, the latter repre-
senting the situation in plate-fin dephlegmators. Comparison of the data allows 
the effects of the system parameters to be examined and these effects are dis-
cussed in detail. Approximate equations are developed for the number of transfer 
units and change in composition, and these equations are shown to represent the 
numerical calculations at sufficient accuracy for preliminary design assessments. 
All of the problems have saturated vapour entering the channel, and all are 
based on the saturated liquid Colburn-Drew model, which makes the assumption 
that there is no mass transfer resistance in the liquid. The channel sizes considered 
are much smaller than in the previous chapter, and the vapour flow rates are thus 
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much lower in order to avoid flooding. Indeed, the vapour Reynolds number is 
below 1700 in all the problems, and the heat and mass transfer coefficients are 
calculated assuming fully-developed laminar flow. 
5.1 Quantifying separation 
When a binary vapour mixture is partially condensed in a dephlegmator, the 
change in composition is expressed by two differences, 
ViL — Uio and Uio — xiQ 
where component 1 is the light component, so that the numbers are positive. The 
vapour enters the bottom of the unit with a light component mole fraction of j/iq. 
The vapour leaving from the top of the dephlegmator has a light component mole 
fraction of y n — yio more than the entering vapour, while the liquid leaving from 
the bottom has a light component mole fraction of yiQ — Xio less than the entering 
vapour. Mass conservation relates these difli'erences to the fraction of the inlet 
molar flow that condenses per unit time, X , 
- 2/10 ^ ^ (r 
I ' ^ 
A dephlegmator achieves a greater separation than another if it produces a hghter 
vapour and heavier hquid; then both differences yiL — yio and yiQ — XiQ are larger. 
Although change in composition is the direct measure of separation, the usual 
measure for continuous contact mass transfer devices is the number of transfer 
units. In dephlegmators where there is assumed to be no mass transfer resistance 
in the liquid, the number of transfer units is deflned by, 
== (5.2) 
jyio y^i ~ y^g 
The vapour and adjacent liquid are not in thermodynamic equilibrium; the vapour 
has a mole fraction yig of component 1, but vapour in equilibrium with the 
adjacent liquid has a mole fraction yu . It is this local composition difference, 
Vii — 2/is, that drives the mass transfer process. According to the deflnition. 
yiL — Vw — Ng {yii — yig) (5.3) 
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where {yu — yig) is the mean value of the driving composition difference over the 
length of the dephlegmator. 
When the number of transfer units is greater than or equal to unity, N g > l , 
the integral can be split up, 
'9 
^ dy^, ^ ^ P"- dy„ 
mo y^i ~ y^9 Jyigizi) yii - Vig JyigM Z/iz " Vig 
by choosing heights 0 to Zi, zi to Zg, such that , 
J y^ 1^/10 " 2/lg 2/i; - I/lg 
Doing so shows that one transfer unit corresponds to the height over which the 
change in vapour composition equals the mean driving composition difference, 
for example, 
3/lg(;Z2) - ^lg(Zl) = (^1/ -
The liquid and vapour leaving from opposite ends of the transfer unit are in 
equilibrium only if the curves of yu and yig are parallel over the transfer unit, 
mg('Z2) - - (m/ - 2/ig)zi 2/19(^2) = 2/11(^1) 
In this situation, the distance between zi to zg is the distance required to achieve 
equilibrium between the exiting liquid and vapour. This is the idea behind the 
transfer unit, although to be precise, the liquid and vapour are only in equilibrium 
once the phases are brought into contact and only if they remain at the same 
pressure and temperature. 
The saturated liquid Colburn-Drew model assumes there is no mass transfer 
resistance in the liquid; the composition is constant across the liquid thickness 
and therefore equal to the value at the interface, x u . The driving composition 
difference in the definition of the number of transfer units, y u — yig, is the com-
position difference across the mass transfer film in the vapour. Figure 5.1 shows 
the y u and yig curves of an ethane/propane dephlegmator, from the solution of 
problem number 1571. The curves are not exactly parallel, but for the purposes of 
illustration, assume that they are. Each transfer unit is then a step between the 
equilibrium curve and operating line, yii{xii) and yig{xij). Of course, for each 
of the dephlegmators considered in this chapter, the number of transfer units is 
calculated numerically from the discretized solution, not graphically. 
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5.2 The boundary value problems 
Tables 5.3 and 5.5 show the parameters that are used to define 2064 boundary 
value problems. The problems are numbered 25 to 2088 and are based on the 
saturated liquid Colburn-Drew model of dephlegmation. Half of the problems 
involve nitrogen/oxygen mixtures at 1.5 or 6 bar where the vapour enters with a 
nitrogen mole fraction of 0.79. The other half involve ethane/propane mixtures 
at 10 bar where the vapour enters with an ethane mole fraction of 0.7 or 0.79. 
The vapour enters at its saturation temperature in each problem. 
The process takes place in round tubes in 580 of the problems, while in the 
remainder it takes place in rectangular ducts. The hydraulic diameter of the 
channel in each problem is 9 ram or less, and the vapour enters with a Reynolds 
number of under 1700. The vapour flow is therefore laminar. Furthermore, the 
vapour heat and mass transfer coefficients are calculated assuming fully-developed 
laminar flow. All of the problems meet the Wallis criterion to avoid flooding. 
The cold side is not explicitly defined in any of the problems. Instead, the 
heat flux is specified along the length of the inside of the channel wall. Each of 
the problems has one of five different shaped heat flux proflles, 
• uniform: q{z)/q = 1 
• step decrease: if 2 < L/2, q{z)/q = A/Z else, q[z)/q = 2/Z 
• step increase: if 2; < L/2, g(z)/g = 2/3 else, g(z)/g = 4 /3 
• linear decrease: q[z)/q = 5/3 — 4/3 z/Z, 
• linear increase: g(z)/g = 1/3 + 4 /3 z/L 
where q is the mean wall heat flux, equal to the heat load Qt divided by the wall 
surface area P^L. With the step and linear decreasing profiles, two-thirds of the 
heat load is in the bottom half of the channel, while with the step and linear 
increasing profiles, two-thirds of the heat load is in the top half. 
All of the solutions were obtained using the relaxation method described in 
Section 3.2.4. The vapour heat and mass transfer coefficients were calculated us-
ing the correlations for fully-developed laminar fiow given in Sections 3.1 and 3.4. 
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Wall temperatures were calculated from the local heat flux using Eqs. 3.38 and 
3.39 for the condensate heat transfer coefficient. Thermodynamic and physical 
properties for the nitrogen/oxygen mixtures were calculated with the AspenTech 
process simulator HYSYS.Process Version 2.1, using the Lee and Kesler (1975) 
and Blocker et al. (1978) equation of state to determine the vapour/liquid equilib-
rium conditions. Thermodynamic and physical properties for the ethane/propane 
mixtures were calculated as described in Section 4.1. Vapour phase mass diff'u-
sion coefficients were determined from the Fuller et al. (1969) correlation. The 
saturation line physical properties of the mixtures are shown in Tables 5.1, 5.2 
and 4.3. 
The details of the problems and their solutions are shown in Tables E. l to 
E.40 of Appendix E. Tables E.41 to E.44 show the vapour and liquid Reynolds 
numbers, vapour heat and mass transfer coefficients, and condensate heat transfer 
coefficients. 
5.3 Effect of the parameters 
The parameters that define each boundary value problem are: 
• the components 1 and 2, and the component 1 mole fraction at inlet yio, 
• the pressure p, 
• the inlet molar flow rate, Fgo, 
• the tube length and diameter, L and d, or, 
• the duct length, height and width, L, hg and r, 
• and the heat load Qt-, and shape of the heat flux profile q{z)/q. 
Comparing the solutions of pairs of boundary value problems where only one 
parameter difi'ers, or two or three parameters differ in proportion, shows just 
how these parameters affect the amount of separation achieved. The results are 
presented below, 
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Separation unchanged 
The following changes do not affect the composition change, number of transfer 
units or fraction of the vapour condensing {yn — yio, yiQ — xw, Ng and X do not 
change); 
1. Changing the tube diameter, keeping the components, 2/10, P, Fgo, L, Qt and 
q/q the same. 
2. Changing the duct height and width in proportion, so that the aspect ratio 
stays constant, and keeping the components, yio, p, Fgo, L, Qt and q/q the 
same. 
3. Changing the tube length, heat load, and inlet vapour flow rate in proportion, 
so that Fgo/L and Qt/Fgo stay constant, and keeping the components, 1/10, 
p, d and q/q the same. Tables E.57 to E.60 show this. 
4. Changing the duct length, heat load, and inlet vapour flow rate in proportion, 
so that Fgo/L and Qt/Fgo stay constant, and keeping the components, yio, 
p, r, hs and q/q the same. Tables E.57 to E.60 show this. 
Separation improved, number of transfer units increases 
The following changes increase the composition change and the number of transfer 
units, while the fraction of the vapour condensing decreases {yn — yio, 7/10 — 2:10 
and Ng increase, while X decreases); 
5. Decreasing the heat load and inlet vapour flow rate in proportion, so that 
Qt/Fgo stays constant, and keeping the components, yio, p, d, L and q/q 
the same. 
6. Decreasing the heat load and inlet vapour flow rate in proportion, so that 
Qt/Fgo stays constant, and keeping the components, 7/10, P, r, hg, L and 
q/q the same. 
7. Increasing the tube length, keeping the components, 2/10, p, d, Fgo, Qt and q/q 
the same. 
164 
8. Increasing the duct length, keeping the components, yio, p, r, hs, Fgo, Qt and 
q/q the same. 
9. Increasing the aspect ratio by decreasing the duct width with the duct height 
constant, and keeping the components, yio, p, L, Fgo, Qt and q/q the same. 
Separation improved, number of transfer units decreases 
The following changes increase the composition change but the number of transfer 
units decreases {yiL — yio and yw — xiq increase, hut Ng decreases): 
10. Changing the shape of the heat flux profile from linear decreasing, to step 
decreasing, to uniform, to step increasing, to linear increasing, keeping the 
components, yw, P, d, L, FgQ and Qt the same. 
11. Changing the shape of the heat flux profile from linear decreasing, to step 
decreasing, to uniform, to step increasing, to linear increasing, keeping the 
components, ?/io, P, r, hs, L, Fgo and Qt the same. 
Except for some of the ethane/propane cases with an ethane inlet mole fraction 
of 0.7, the fraction of the vapour condensing decreases. Tables E.45 to E.56 show 
the effect of changing the shape of the heat flux profile. 
Only the vapour exit composit ion improved by condensing more 
The following changes lead to a larger fraction of the vapour condensing, and a 
lighter vapour leaving the dephlegmator, but the liquid also leaves lighter {X, 
ViL — yio and Ng increase, but y^ — Xio decreases): 
12. Increasing the heat load, keeping the components, ^lo, p, d, L, Fgo, and q/q 
the same. 
13. Increasing the heat load, keeping the components, yio, p, r, hg, L, FgQ, and 
q/q the same. 
14. Decreasing the inlet vapour flow rate, keeping the components, yw, p, d, L 
and q/q the same, and Qt to within 1.5%. See Tables E.61 to E.64. 
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15. Decreasing the inlet vapour flow rate, keeping the components, yio, p, r, hs, 
L and q/q the same, and Qt to within 1.5%. See Tables E.61 to E.64. 
According to these results, the following observation can be made. To achieve 
a greater separation with a given heat load and inlet vapour flow rate, it is better 
to pass the vapour through two channels of the same size rather than one, thereby 
halving both the heat load and inlet vapour flow rate in each channel (results 5 
and 6). Furthermore, to achieve similar compactness, the tube diameter or duct 
height and width can be reduced without any loss of separation performance 
(results 1 and 2). Doing this increases the vapour velocity, however, so flooding 
puts a limit on how small the two channels can be made. Finally, the cold side can 
be arranged so that the heat flux profile is step or linear increasing to maximise 
the separation achieved (results 10 and 11). 
Figures 5.3, 5.5, 5.7 and 5.9 will be discussed in Section 5.5, but the lower 
left graph of each figure is of interest now. It shows that the data for the mean 
temperature difference between the vapour and wall, when plotted against number 
of transfer units, cannot be joined by a smooth curve. The explanation lies with 
results 3 and 4 above. Dephlegmators 482 and 503, for example, have tube lengths 
of 0.2 and 0.4 m, inlet vapour flow rates of 0.402 and 0.804 xlO"® kmol/s, and heat 
loads of 1.0 and 2.0 W respectively. Table E.57 shows that these dephlegmators 
achieve exactly the same separation, and exactly the same fraction of vapour 
condenses. Furthermore, they achieve the same number of transfer units, 3.97. 
However, the liquid flow rate in dephlegmator 482 is half that of dephlegmator 
503, so the liquid heat transfer coefficients and hence wall temperature profiles 
differ. The lower left graph in Fig. 5.3 therefore shows two distinct data points at 
3.97 transfer units. In contrast, the liquid composition, and hence the interface 
temperature, is the same with length in both the dephlegmators. A smooth curve 
joins the data for the mean temperature difference across the vapour heat transfer 
film against the number of transfer units, seen in the lower right graph in Fig. 
5.3. 
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5.4 The change in composition 
The previous section describes how the number of transfer units depend on the 
parameters. This section shows how the change in composition varies with the 
number of transfer units. Do two dephlegmators producing the same number of 
transfer units undergo the same change in composition? 
The graphs in Figs. 5.2, 5.4, 5.6 and 5.8 show the change in composition 
and fraction of the vapour that condenses, yiL — yio, yio — Xiq and X, against 
the number of transfer units, Ng. There are four sets of graphs because the 
data depends on the pressure and composition of the saturated inlet vapour, in 
addition to the number of transfer units. Furthermore, the data in each set of 
graphs depends on the ratio of heat load to inlet vapour flow rate, Qt/Fgo, and 
the shape of the heat flux profile, q/q. 
The curves in the bottom two graphs of each figure show that using a linear 
increasing heat flux profile leads to the largest change in composition; its curve 
is uppermost in the graphs. However, as the number of transfer units increases, 
the shape of the heat flux profile has less and less of an effect upon separation; 
the curves are coming together. 
The bottom two graphs of each figure only show five of the data points ex-
plicitly with markers. They serve to illustrate that the curves are consistent with 
the results 10 and 11 given in the previous section: separation improves upon 
changing to a linear increasing heat flux profile with the other parameters fixed, 
yet the number of transfer units decreases. 
The curves in the top two graphs of each figure show that as the ratio of heat 
load to inlet vapour flow rate increases, a larger fraction of the vapour condenses; 
the vapour leaves lighter but the liquid also leaves lighter. However, as the number 
of transfer units increases, the ratio of heat load to inlet vapour flow rate and 
hence the fraction of the vapour condensing, has less and less of an effect upon 
the liquid outlet composition achieved; the ^lo — Xw curves are coming together. 
In all of the graphs, the y n — yio and yio — curves are increasing, while the 
X curves are decreasing; as the number of transfer units increases, the separation 
improves with a smaller fraction of the vapour condensing. 
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So to answer the question at the beginning of the section: the data indicates 
that two dephlegmators producing the same number of transfer units do undergo 
the same change in composition, but only provided they have the same saturated 
inlet vapour, the same ratio of heat load to inlet vapour flow rate, and the same 
shape of heat flux profile. 
5.5 Counter-current equilibrium 
The graphs in Figs. 5.2, 5.4, 5.6 and 5.8 suggest that as the number of transfer 
units increases, the change in composition tends to definite values indicated by 
the horizontal lines. The ^lo — xiq curves tend to values that only depend on 
the composition and pressure of the saturated inlet vapour; the yn — yio and X 
curves tend to values that depend additionally on the ratio of the heat load to 
inlet vapour flow rate. So what are these limiting values? 
The saturated liquid Colburn-Drew model assumes that vapour-liquid equi-
librium exists at the interface, and that there is a composition difference across 
the vapour mass transfer film, and temperature differences across the vapour heat 
transfer film and across a narrow region of the liquid adjacent to the wall. The 
tables in Appendix E show mean values of the differences y n — yig, Tg — Tj and 
Tg — Ty, for each dephlegmator, calculated numerically from the solution. The 
graphs in Figs. 5.3, 5.5, 5.7 and 5.9 show this data plotted against the number 
of transfer units. It can be seen that the mean composition and temperature 
differences across the vapour films depend on the composition and pressure of 
the saturated inlet vapour, the ratio of the heat load to inlet vapour flow rate, 
and to a lesser extent, the shape of the heat flux profile. The mean temperature 
dijfference between the vapour and wall depends additionally upon the inlet flow 
rate, for the reason described at the end of Section 5.3. However, it can also be 
seen that the influence of these factors is less and less as the number of trans-
fer units increases; the mean composition and temperatures differences just get 
smaller and smaller. The data suggests therefore, that as the number of transfer 
units increases, the mean composition and temperatures differences will decrease 
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asymptotically to zero. This means tha t the local composition and temperatures 
differences along the length of the dephlegmator must decrease asymptotically to 
zero, 
l i m y u - 2 / i g = 0 l i m T g - T j = 0 l i m T g - T y , = 0 
Afg—»00 Ng —>00 Ng —*oo 
The composition and temperatures differences are arbitrarily close to zero in a 
dephlegmator with a large enough number of transfer units, but the differences 
remain positive because heat and mass transfer still occurs in the unit. The 
conclusion tha t can be drawn from this da ta is tha t vapour-liquid equilibrium 
exists along the length of the dephlegmator in the limit of the number of transfer 
units tending to infinity. 
Suppose tha t the vapour and liquid are in thermodynamic equilibrium at both 
the bot tom, 
l^igiPt To, Vio) ~ fJ-iiiPi To, Xiq) /j,2g{p, Tq, yio) = Tq, x^q) ( 5 . 4 ) 
and top of a dephlegmator, 
l^lg{Pi T l , VIL) ~ f^ll{Pi TL, f^2g{p, Vll,) = fJ'2l{P, TL, (5.5) 
The change in enthalpy is equal to the amount of heat transferred at constant 
pressure, 
( V - ftji) + X'ihlc, - % ) = (5.6) 
J^gO 
The fraction of the inlet molar flow that condenses per unit t ime is X*, and mass 
conservation of both components is expressed by the lever rule, 
- yio _ (5 J) 
The liquid leaving from the bot tom of the dephlegmator has the composition and 
temperature of the dew-point hquid, x^q and To, except tha t it is not the first 
drop of liquid to form when vapour of composition yio is condensed at pressure p; 
it is the final liquid of the process because the phases move in opposite directions. 
Furthermore, this liquid has the smallest possible mole fraction of the light com-
ponent tha t can be achieved; to have a smaller mole fraction would mean tha t 
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the Uquid had reached a temperature above that of the entering vapour which 
does not happen. Therefore, the difference between the vapour inlet composition 
and liquid outlet composition, y-^Q — is the maximum that can be achieved 
when a saturated binary vapour is partially condensed in a dephlegmator. 
With values for p, yiQ and Qt/Fgo, the six equations above can be solved first 
for x^o and To, and then iteratively for 2:*^, yl^, Tl and X*. One straightforward 
procedure for doing this is. 
Given the inlet composition and pressure 
(1) Calculate the dew point temperature and liquid composition, To, a;*Q from Eq. 5.4 
(2) Calculate the dew point liquid and vapour molar enthalpies, hgo{p,To,yio) and Tq, ijg). 
Given the ratio of the heat load to inlet vapour flow rate, Qt/Fgo 
(3) Guess the fraction of the vapour that condenses, X*. 
(4) Calculate the vapour outlet composition, from Eq. 5.7 
(5) Calculate the dew point temperature and liquid composition, Tl, from Eq. 5.5 
(6) Calculate the corresponding dew point vapour molar enthalpy, 
(7) Calculate the heat load to inlet vapour flow rate ratio from Eq. 5.6 
(8) Repeat steps 3 to 7 until the specified value of Qt /Fgo is determined. 
The algorithm demonstrates that with values for p, yiQ and X*, the six equations 
above can be solved without iteration for xIq, Tq, Tl and Qt/Fgo. 
Among the 2064 boundary value problems, there are only twelve different sets 
of p, 2/10 and Qt/Fgo values considered. Tables 5.4 and 5.6 show the solutions 
calculated using the method above. It can be seen that X* varies almost linearly 
with Qt/FgQ. The calculated values of yio — xIq, yl^ — yw and X* are shown by 
the horizontal lines in the graphs in Figs. 5.2, 5.4, 5.6 and 5.8. The differences 
between the solutions of the counter-current equilibrium equations above and 
the saturated liquid model equations are negligible when the dephlegmator has 
sufficiently large number of transfer units, 
lim yiL - Vio = y*iL - Vw ,1™ Vio - = Vw -
Ng—^oo Ng—,00 Ng-*oo 
In the limit of Ng —> oo, the saturated liquid model reduces to the counter-current 
equilibrium model. 
The result that thermodynamic equilibrium exists in the limit of the number of 
transfer units tending to infinity is suggested by the description of a transfer unit 
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given in Section 5.1; with the operating line parallel to the equilibrium curve, a 
transfer unit corresponds to the height over which the departing liquid and vapour 
attain equilibrium. Simply, as the number of transfer units increases to infinity, 
the average height associated with each transfer unit decreases asymptotically to 
zero. 
5.6 Too much heat removed for equilibrium 
There are two conditions on being able to achieve a state of counter-current 
equilibrium in a dephlegmator. 
(1) The vapour flowing in must be saturated because it immediately comes into 
contact with hquid; there is no desuperheating zone in a dephlegmator. 
(2) The fraction of the vapour flow that condenses must not be above ^20/2^20; 
the heat load is large enough that more than this fraction condenses, equilibrium 
cannot be achieved on purely mass conservation grounds. 
The explanation of the second condition is as follows. A dephlegmator oper-
ates to produce a heavier liquid from the inlet mixture, > ^20- The molar flow 
rate of the heavy component entering the dephlegmator is ^^0^20- The molar flow 
rate of the heavy component leaving the unit is X*FgoxlQ. If X*FgoxlQ > f^o2/20, 
then more of heavy component leaves than enters which is not possible at steady 
state. Accordingly, the fraction of vapour that condenses must not be above 
2/20/3=20 if the unit is to produce liquid with the dew-point composition, x^q. How-
ever, with a low enough temperature on the cold side, a fraction of the vapour flow 
more than 2/20/3=20 can in practice be condensed. In this situation, X > ^20/2=20 
but to satisfy mass conservation XFgoX2o < J^ o%/20- It follows that X20 < x^q. S O 
if too much of the vapour that flows in is condensed, no matter how the device is 
designed, the liquid will contain less heavy component than the dew-point liquid. 
To illustrate this situation, six additional boundary value problems have been 
solved. They consider dephlegmation of nitrogen/oxygen mixtures at 1.5 bar in 20 
cm long rectangular ducts subject to a uniform heat flux profile. The parameters 
varied in the problems are duct aspect ratio (2 or 8) and inlet vapour flow rate 
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(0.804, 0.402 or 0.201 xlO~® kmol/s). The inlet vapour in each problem has a 
nitrogen mole fraction of 0.79, and Table 5.4 shows that its dew-point liquid has a 
nitrogen mole fraction of 0.5104. To produce liquid of this composition, no more 
than 43% (= 100x0.21/0.4896) of the inlet molar flow must condense; use of 
the algorithm in the previous section shows that the heat removed per kilomole 
of vapour entering must therefore not exceed 2667 kJ/kmol. However, the six 
problems all have Q(/-^o=3056 kJ/kmol, and so the maximum mole fraction of 
oxygen in the liquid that these dephlegmators could attain is less than 0.4896. 
The largest mole fraction of oxygen in the hquid produced from among these 
dephlegmators is 0.4199 and this is with 43 transfer units and 50% of the inlet 
molar flow condensing. The graphs in Fig. 5.10 shows the results. 
5.7 Predicting the change in composition 
The change in composition and number of transfer units that result from solving 
a boundary value problem depend on the parameters defining it; they can be 
considered as functions of these parameters. From the observations made in 
Sections 5.4 and 5.5, it is expected that , 
yio - 3^ 10 _ /i(components 1 and 2,p, ?/io, g/g, TVg) 
yio - /s(components 1 and 2,p, i/io) 
The ratio on the left is zero if there is no separation, and unity when thermody-
namic equilibrium is achieved. The corresponding ratio for the vapour composi-
tion change is given by the mass conservation equations, 
ViL — Vio _ X 1 — X* yiQ — XiQ 
ViL ~ Vio X* I — X yiQ — X\q 
The parameters defining the problems considered here are listed at the start of 
Section 5.3. Of the arguments of function / i above, it is the number of transfer 
units that depends upon the geometry of the dephlegmator, 
/s(components 1 and 2,p,yiQ,FgQ,L,d,Qt,q/q) tube 
/4(components 1 and 2,p,yio, Fgo, L, hs,r, Qi, q/q) duct 
Since the change in composition and number of transfer units are dimensionless, 
the functions / 1 / / 2 , f s and must involve dimensionless combinations of the 
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^9 ~ 
parameters. In this section and the next, equations for the composition change 
ratios and number of transfer units are derived. 
At the limit oi Ng oo, the vapour is in equihbrium with its liquid. The 
composition gradients in the vapour vanish, y u — yig = 0, and in particular 
^1/(3^10) — Z/10 = 0 at the bottom of the dephlegmator. Below the limit, the liquid 
leaving the unit is not in equilibrium with the vapour entering. Its composition 
is different from the dew-point liquid composition by an amount (xio — x^q), 
illustrated in Fig 5.1. The difference between the composition of the vapour in 
equilibrium with the adjacent liquid and the composition of the vapour can be 
expressed by a Taylor series expansion, 
CM).,: 
As noted above, the first term on the right hand side equals zero. Neglecting the 
second-order terms and above gives, 
- %/io = (a;io - ^ 
where {dyu/dxu)xifj is the tangent to the equilibrium curve at the inlet vapour 
dew point, shown in Fig 5.1. Assume that the mean composition difference in the 
definition of the number of transfer units is equal to the composition difference 
at the bottom of the dephlegmator, that is, 
yu - yig = y i i { x w ) - yio (5.10) 
Then from the definition, Eq. 5.3, the change in the vapour composition is given 
by, 
ViL — yio = Ng{xio — xIq) ^ (5.11) 
Using the equation for mass conservation, Eq. 5.1, gives, 
2/10 — 3;io = TVg ^ —(3^10 — 2:10) (5.12) 
Now the numerically calculated value of X lies within 8.1% of the equilibrium 
value X* for all 2064 problems. Figure 5.11 shows this, and it can be seen 
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tha t the deviation decreases as the number of transfer units increases. So the 
final assumption made here is tha t the fraction of vapour tha t condenses in the 
dephlegmator is equal to the equilibrium value, 
X = X* (5.13) 
Introducing the separation factor Sp, defined by, 
\ 
it follows from Eqs. 5.12 to 5.14 above that , 
VlQ — Xio _ Sp 
- x;„ - 1 + s , 
Wi th the assumption above, tha t the departure from equilibrium does not have 
a significant effect upon the fraction of vapour condensed, the equation relating 
the two composition change ratios, Eq. 5.8, reduces to an identity, 
UiL — Uio _ Vio — Xio 
Equations 5.15 and 5.16 do not account for the effect of the heat flux profile shape 
upon separation, but they show the other observed trends. (1) Increasing Ng and 
hence Sp is accompanied by increasing composition change. (2) In the hmit of 
Ng oo, Sp/l + Sp = 1- (3) For a given Ng, increasing Qt/Fgo and hence X*, 
reduces Sp and thus reduces 2/10 — Since yiQ — 2;*Q is fixed, increasing X* also 
increases — y\Q. Equations 5.7, 5.15 and 5.16 give, 
ViL - Vw - I - X* ~ 
Therefore, from the definition of the separation factor Sp, it follows tha t when 
X* increases for a given Ng, yn — yw increases. 
5.8 Predicting the number of transfer units 
According to Eqs. 3.4 and 3.6 of the Colburn-Drew theory, the number of transfer 
units is given by the following equation, 
* /mo 3/" -- S/i, Vf,,, flXcKIifOAfs) -- 1) ^ ^ 
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where the vapour mass transfer rate factor is defined by the equation, 
Integrating Eq. 5.17 requires the solution to the boundary value problem, Fg{z), 
T g [ z ) , y i g { z ) . However, by assuming tha t the vapour mass transfer rate factor 
can be represented by a constant characteristic value, an approximate expression 
for the number of transfer units can be generated. This follows the approach 
taken by Kent and Pigford (1956). 
Four assumptions are made to define the characteristic rate factor; 
(1) It is assumed tha t the rate at which the vapour flow rate changes with position 
is constant. This is a reasonable assumption for uniform heat flux profiles, as Fig. 
5.15 indicates. At the bot tom of the channel, therefore, 
dFg\ _ FgL — FgQ _ FgpX 
. d z J L ^ & 
(5.19) 
(2) Vapour mass transfer coefficients do not depend on flow rate in fully-developed 
laminar flow, which is assumed here, 
Shg = 4.364 for round tubes 
A = ^ (5.20) 
dh 
Shg = / ( r ) for rectangular ducts 
(3) The product of total molar concentration and molecular diffusivity, CtgDg, 
varies approximately as For the changes of temperature in dephlegmators, 
it is assumed tha t CtgDg remains constant, 
CtgDg = CigoDgQ 0 < z < L (5.21) 
(4) It is also assumed tha t the liquid film is thin, so Pj = Pyj. Then on the basis 
of these four assumptions, the rate factor is constant along the dephlegmator 
length, 
0 < z < L (5.22) 
In addition, and as in the previous section, it is assumed that the fraction of 
vapour tha t condenses in the dephlegmator is equal to the equilibrium value, 
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Carrying out the integration on the right-hand side of Eq. 5.17 leads to, 
Ng = In - 1) (5.23) 
where from Eqs. 5.18 and Eq. 5.19, the characteristic vapour mass transfer rate 
factor at the bottom of the dephlegmator is given by, 
(5.24) 
In the limit of no condensation occurring, when X* 0, the equation above for 
the number of transfer units reduces to NgHg = L. The height of the transfer 
unit at low mass transfer rates, Hg, is defined by. 
Compare Eq. 5.24 developed for laminar vapour flow, with Eq. 2.38 in Chapter 
2 developed for turbulent vapour flow by Kent and Pigford (1956). 
The tables in Appendix E show that of the 2064 problems, 1739 of them 
have ^Mgo < 0.1, and all have < 0.3. With X* < 0.4, a reasonable series 
expansion of the right-hand side of Eq. 5.23 is, 
'Y'*2 
= CX" + - 2 - + - 3 - ) 
This shows more clearly how the parameters affect the number of transfer units. 
4.3647rQgoD.nZ, 
K n X ' J . ' tubes 
9 ^ 2 3 / 
since Pyj/dh = tt for round tubes, and Pw/dh = 2 + r + r~^ for rectangular ducts. 
These equations show all the trends reported in Section 5.3 where the heat flux 
proflle is not changed. In particular, they show that Ng is independent of the 
cross-sectional size of the round tube or rectangular duct. 
5.9 Using the predictions 
The sequence in which Xio, yw and Ng can be calculated from Eqs. 5.15, 5.16 
and 5.23 is straightforward. It requires no iteration if there is a required fraction 
of vapour that needs to be condensed: 
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Given the inlet composition and pressure 
(1) Follow steps 1 and 2 of the algorithm in Section 5.5. 
(2) Calculate dew point vapour composition gradient, [dyu/dx\i)x*^. 
(3) Calculate inlet vapour total molar concentration and mass diffusivity, Ctgo, Dgo-
Either given the fraction of vapour to be condensed, X 
(4) Set X* equal to the required fraction of vapour to be condensed. 
(5) Follow steps 4 to 7 of the algorithm in Section 5.5, to give and Qt/FgO-
Or given the heat load to inlet vapour flow rate ratio, Qt/FgO 
(6) Follow steps 4 to 7 of the algorithm in Section 5.5 until convergence, to give x*Q, and X* 
Given the inlet vapour flow rate Fgo, channel length L, (rectangular duct aspect ratio r) 
(7) Calculate heat load, Qt-
(8) For a rectangular duct, determine vapour Sherwood number, Shg, from the aspect ratio r. 
(9) Calculate channel perimeter-mass transfer coefficient product, PwPgO, making use of Eq. 5.20. 
(10) Calculate transfer unit height, Hg, from Equation 5.25. 
(11) Calculate characteristic rate factor, ^MgO, from Equation 5.24. 
(12) Calculate number of transfer units, Ng, from Equation 5.23. 
(13) Calculate the separation factor, Sp, from Equation 5.14. 
(14) Calculate liquid exit composition, x io , from Equation 5.15. 
(15) Calculate vapour exit composition, y iL, from Equations 5.15 and 5.16. 
Use of the method above gives estimates of Ng, yn and Xio for all 2064 boundary 
value problems solved here. The graphs in Figures 5.11 and 5.12 compares the 
estimates to the numerically calculated values. For all 2064 problems, the esti-
mates of Ng, yiL and xiq are within 9.2, 4 and 11.3% of the numerically calculated 
values. For the 1296 problems involving uniform heat flux profiles, the estimates 
of Ng, yiL and xio are within 3, 2.4 and 8% of the numerically calculated values 
respectively. 
Figure 5.13 shows all the numerically calculated values of Ng plotted against 
^MffO ^ defined by Eqs. 5.24 and 5.25. The solid lines are Eq. 5.23 with the 
relevant value of X*. 
Figure 5.14 shows all the numerically calculated values of Xiq plotted on a 
graph of (?/io - versus g'f (= with 
the number of transfer units calculated using Eq. 5.23. The solid line is Eq. 5.15. 
177 
Equations 5.4 to 5.7, 5.14 to 5.16, and 5.23 to 5.25 in their own right constitute 
a model of a dephlegmator that partially condenses a saturated binary mixture 
under laminar flow conditions. The model does not allow for the shape of the 
heat flux profile; only the heat load Qt or fraction to be condensed X needs 
to be specified. The model is simple; with access to vapour-liquid equilibrium 
data and physical properties, solving the equations is a 'hand-calculation'. The 
model is useful even if the option to perform a full numerical calculation based 
upon the Colburn-Drew theory is available; it provides a good starting guess 
for the shooting and relaxation methods described in Chapter 3. Finally, design 
algorithms that search through many combinations of the parameters to find the 
optimum unit for a given separation performance can be made more efficient, by 
reducing the number of full numerical calculations that need to be performed. 
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T Ctg Dg Pg % ^9 hg Prg SCg Leg 
[kmol / [10 -6 [kg/ [kJ/ [ 1 0 - 3 [kJ/ 
[K] m^] m 2 / s ] m^] kmol K] k g / m s ] [ W / m K ] kmol] [ - 1 [ - ] [ - 1 
93.92 0.2003 2.574 6.410 30.40 0.00726 0.00913 -6012.1 0.755 0.440 0.582 
91.55 0.2059 2.462 6.367 30.49 0.00686 0.00898 -6085.5 0.753 0.437 0.581 
89.95 0.2099 2.387 6.360 30.56 0,00662 0 .00888 -6134.9 0 .752 0.436 0.580 
88.35 0.2140 2.313 6.369 30.62 0.00641 0.00877 -6184.2 0.753 0.435 0.578 
86.75 0 .2184 2.240 6.395 30.68 0.00622 0.00865 -6233.5 0.754 0.434 0.576 
85.04 0.2149 2 . 1 6 4 6.439 30.75 0 .00604 0.00852 -6286.2 0.756 0.433 0.573 
83.55 0.2276 2.098 6.491 30.82 0.00588 0.00840 -6332.2 0.757 0.432 0.571 
8 2 . 1 5 0.2320 2.037 6.551 3 0 . 8 8 0.00575 0 . 0 0 8 2 8 -6375.5 0.759 0.431 0.568 
81.55 0.2339 2.011 6.580 30.91 0.00569 0.00823 -6394.0 0.760 0.430 0.566 
80.86 0.2362 1.981 6.615 30.94 0 .00563 0.00817 -6415.4 0.761 0.430 0.565 
T 2 l VI Pi ^pl m h Pri 
[ k g / [kJ/ [ 1 0 - 3 [kJ/ 
[K] [-] [-] m®] kmol K] kg /ms] [ W / m K ] kmol] [-] 
93.92 0.0000 0.0000 1127 52.94 0.19253 0 . 1 8 9 4 3 -12655.9 1.681 
91.55 0.0915 0.2702 1095 5 Z 9 8 0.19103 0.19158 -12632.7 1.670 
89.95 0.1673 0.4257 1068 53.08 0.18868 0.19300 -12596.9 1.656 
8 8 . 3 5 0.2580 0.5617 1036 53.26 0.18495 0.19440 -12539.9 1.636 
86.75 0.3676 0.6803 9 9 7 53.53 0.17959 0.19576 -12456.8 1.608 
85.04 0 .5104 0.7900 947 53.95 0.17188 0.19719 -12333.3 1.569 
8 3 . 5 5 0.6609 0 . 8 7 3 5 8 9 6 54.46 0.16345 0.19846 -12192.0 1.528 
8 2 . 1 5 0.8263 0.9428 8 4 2 55.10 0.15432 0.19970 -12029.3 1.483 
81.55 0 .9045 0.9701 8 1 8 5 ^ 4 2 0.15013 0.20027 -11950.7 1.463 
80.86 1.0000 1.0000 7 8 9 5 & 8 4 0.14515 0.20095 -11853.9 1.440 
Table 5.1: Saturation line physical properties of nitrogen/oxygen at 1.5 bar 
T Ctg Dg pg Vg ^g hg Prg SCg Leg 
[kmol/ [10 -6 [kg/ [kJ/ [10 -3 [kJ/ 
[K] m®] m 2 / s ] m®] kmol K] k g / m s [ W / m K ] i kmol] [ - 1 [ - ] [ - ] 
111.32 0.7321 0.8665 23.426 33.05 0 .00877 0.01141 -5692.4 0.794 0.432 0.544 
108.75 0.7535 0 . 8 3 1 8 2 3 . 4 2 0 33.36 0.00835 0.01128 -5775.9 0.795 0.429 0.540 
105.75 0.7805 0.7921 2 3 . 5 3 3 33.74 0.00793 0.01111 - 5 8 7 3 . 8 0.799 0.426 0.533 
102.75 0.8101 0.7532 23.778 34.16 0.00757 0.01093 -5972.5 0.805 0.423 0.525 
100.60 0.8123 0.7258 2 4 . 0 3 8 34.50 0 .00733 0.01080 -6044.0 0.812 0.420 0.518 
99.75 0 . 8 4 2 9 0.7151 24.160 3 4 . 6 4 0.00724 0.01075 -6072.4 0.815 0.419 0.515 
9 8 . 7 5 0 . 8 5 4 6 0.7026 24.318 34.81 0 .00714 0.01068 -6105.9 0.818 0.418 0.511 
97.75 0.8667 0.6902 2 4 . 4 9 2 35.00 0.00705 0.01062 -6139.6 0 . 8 2 2 0.417 0.507 
96.75 0.8793 0.6779 2 4 . 6 8 2 35.20 0.00695 0.01055 -6173.6 0.826 0.416 0.503 
9 6 . 4 2 0.8836 0.6738 24.749 ^ 35.27 0.00692 0.01053 -6184.9 0.827 0.415 0.502 
T Xl yi Pi ^pl m hi Pri 
[kg/ [kJ/ [ 1 0 - 3 [kJ/ 
[K] [-] [-] m3] kmol K] k g / m s ] ^ ^ m K ) kmol] [ - 1 
111.32 0.0000 0.0000 1032 5 8 . 7 6 0.13385 0.15966 11686.6 1.539 
108.75 0.1039 0.2297 997 5 8 . 8 6 0.13041 0.16022 11652.6 1.517 
105.75 0.2525 0.4634 947 5 9 . 2 7 0.12477 0.16093 11572.4 1.483 
102.75 0.4398 0.6639 8 8 4 60.14 0.11706 0.16159 11436.4 1.441 
100.60 0.6036 0.7900 830 61.16 0.11025 0.16203 11297.9 1.406 
99.75 0 .6754 0.8360 8 0 7 6 1 . 6 8 0.10731 0.16221 11233.3 1.392 
98.75 0.7659 0.8879 779 6 2 . 4 0 0.10370 0.16243 11149.6 1.376 
97.75 0 . 8 6 2 3 0.9374 750 6 3 . 2 4 0.09996 0 .16268 11058.1 1.361 
9 6 . 7 5 0.9645 0.9846 720 6 4 . 2 4 0.09614 0.16297 10959.0 1.346 
9 6 . 4 2 1.0000 1.0000 710 64.61 0.09486 0.16309 10924.2 1.342 
Table 5.2: Saturation line physical properties of nitrogen/oxygen at 6 bar 
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n i t r o g e n / o x y g e n ; P = 1.5 b a r , T jO = 85.04 K, yio = 0.79 
case 9(z) hs r L FgO Qt/FgO table 
25-56 linear decrease 8,12 2,8 0.2,0.6 0.402,0.804 1240,2486 E . l 
57-88 step decrease 8 J 2 2,8 0.2,0.6 0.402,0.804 1240,2486 E.2 
89-331 uniform 8,10,12 2,4,8 0.2,0.4,0.6 0.402,0.536,0.804 1240,1862,2486 E.3-E.5 
332-363 step increase 8^2 2,8 0.2,0.6 0.402,0.804 1240,2486 E.6 
364-395 linear increase 8,12 2,8 0.2,0.6 0.402,0.804 1240,2486 E.7 
d 
396-411 linear decrease 3,9 0.2,0.6 0.402,0.804 1240,2486 E.8 
412-427 step decrease 3,9 0.2,0.6 0.402,0.804 1240,2486 E.8 
428-508 uniform 3,6,9 0.2,0.4,0.6 0.402,0.536,0.804 1240,1862,2486 E.9 
509-524 step increase 3,9 0.2,0.6 0.402,0.804 1240,2486 E.IO 
525-540 linear increase 3,9 0.2,0.6 0.402,0.804 1240,2486 E.IO 
n i t r o g e n / o x y g e n ; p = 6 b a r , Tgo = 100.60 K, yiQ = 0.79 
case g(z) hs r L FgQ Qt/FgO table 
541-572 linear decrease 6^2 2,8 0.2,0.6 0.402,0.804 1074,2149 E . l l 
573-604 step decrease 8 J 2 2,8 0.2,0.6 0.402,0.804 1074,2149 E.12 
605-847 uniform 8,10,12 2,4,8 0.2,0.4,0.6 0.402,0.536,0,804 1074,1611,2149 E.13-E.15 
848-879 step increase 8,12 2,8 0.2,0.6 0.402,0.804 1074,2149 E.16 
880-911 linear increase 8,12 2,8 0.2,0.6 0.402,0.804 1074,2149 E.17 
d 
912-927 linear decrease 3,9 0.2,0.6 0.402,0.804 1074,2149 E.18 
928-943 step decrease 3,9 0.2,0.6 0.402,0.804 1074,2149 E.18 
944-1024 uniform 3,6,9 0.2,0.4,0.6 0.402,0.536,0.804 1074,1611,2149 E.19 
1025-1040 step increase 3,9 0.2,0.6 0.402,0.804 1074,2149 E.20 
1041-1056 linear increase 3,9 0.2,0.6 0.402,0.804 1074,2149 E.20 
Units: hs, d, L [m] Fgo [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] r [-] 
Table 5.3; The parameters varied in dephlegmators 25 to 1056 
P To yio Qt! FgO ^10 
[bar] [K] [-] [kJ/kmol] [-] [-] [-] [-] 
1.5 85.04 0.7900 1240 0.2000 0.8599 0.5104 0.644 
1.5 85.04 0.7900 1862 0.3000 0.9098 0.5104 0.644 
1.5 85.04 0.7900 2486 0.4000 0.9764 0.5104 0.644 
6 100.60 0.7900 1074 0.2000 0.8366 0.6036 0.673 
6 100.60 0.7900 1611 0.3000 0.8699 0.6036 0.673 
6 100.60 0.7900 2149 0.4000 0.9143 0.6036 0.673 
Table 5.4: Nitrogen/oxygen counter-current limits 
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ethane/propane ; p = 10 bar, Tgo = 269.17 K, yio = 0.7 
case g ( z ) hs r L FgO Qt/Fgo t a b l e 
1057 -1088 l inear decrease 8 ^ 2 2,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E .21 
1 0 8 9 - 1 1 2 0 s t e p decrease 8 A 2 2 ,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E . 2 2 
1121-1363 un i form 8 ,10 ,12 2 ,4 ,8 0 .2 ,0 .4 ,0 .6 0 . 4 0 2 , 0 . 5 3 6 , 0 . 8 0 4 3 0 5 9 , 4 6 0 4 , 6 1 7 5 E . 2 3 - E . 2 5 
1364 -1395 s t e p increase 8 ^ 2 2,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E .26 
1396-1427 l inear increase 8 ,12 2,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E . 2 7 
d 
1428-1443 l inear decrease 3,9 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E . 2 8 
1444-1459 s t e p decrease 3,9 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E .28 
1460-1540 u n i f o r m 0 .2 ,0 .4 ,0 .6 0 . 4 0 2 , 0 . 5 3 6 , 0 . 8 0 4 3059 ,4604 ,6175 E . 2 9 
1541-1556 s t e p increase 3,9 0 .2 ,0 .6 0 .402 ,0 .804 3 0 5 9 , 6 1 7 5 E .30 
1557 -1572 l inear increase 3 ,9 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 5 9 , 6 1 7 5 E .30 
ethane/propane ; p = 1 0 b a r , 2 ^ 0 = 2 6 2 . 9 6 K , i / i o = 0 . 7 9 
case (Kz) hs r L FgO Qt/FgO table 
1573 -1604 l inear decrease 8 ^ 2 2 ,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 2 5 , 6 1 4 5 E .31 
1605-1636 s t e p decrease 2,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 2 5 , 6 1 4 5 E . 3 2 
1637 -1879 u n i f o r m 8 ,10 ,12 2 ,4 ,8 0 .2 ,0 .4 ,0 .6 0 . 4 0 2 , 0 . 5 3 6 , 0 . 8 0 4 3 0 2 5 , 4 5 6 1 , 6 1 4 5 E . 3 3 - E . 3 5 
1880-1911 s t e p increase 8 ^ 2 2 ,8 0 .2 ,0 .6 0 .402 ,0 .804 3 0 2 5 , 6 1 4 5 E .36 
1912-1943 l inear increase 2,8 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 2 5 , 6 1 4 5 E . 3 7 
d 
1944-1959 l inear decrease 3 ,9 0 .2 ,0 .6 0 .402 ,0 .804 3 0 2 5 , 6 1 4 5 E .38 
1960-1975 s t e p decrease 3,9 0 ,2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 2 5 , 6 1 4 5 E . 3 8 
1976-2056 un i form 3 ,6 ,9 0 .2 ,0 .4 ,0 .6 0 . 4 0 2 , 0 . 5 3 6 , 0 . 8 0 4 3 0 2 5 , 4 5 6 1 , 6 1 4 5 E . 3 9 
2 0 5 7 - 2 0 7 2 s t e p increase 3,9 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 2 5 , 6 1 4 5 E . 4 0 
2 0 7 3 - 2 0 8 8 l inear increase 3,9 0 .2 ,0 .6 0 . 4 0 2 , 0 . 8 0 4 3 0 2 5 , 6 1 4 5 E .40 
U n i t s ; hs, d, L [m] Fgo [10 ® k m o l / s ] Qt [W] Qt/Fgo [ k J / k m o l ] r [-] 
Table 5.5: The parameters varied in dephlegmators 1057 to 2088 
P To yio Qt/FgO ^10 
[bar] [ K ] [-] [kJ/kmol] [-] [-] [-] [-] 
10 269.17 0.7000 3 0 5 9 0.2000 0 . 7 7 8 6 0 . 3 8 5 6 0.989 
10 269.17 0.7000 4604 0.3000 0 . 8 3 4 7 0 . 3 8 5 6 0.989 
10 269.17 0.7000 6175 0.4000 0.9096 0.3856 0.989 
10 0.7900 3 0 2 5 0.2000 0 . 8 6 4 8 0.4910 ( 1 7 3 4 
10 2 6 2 . 9 6 0.7900 4561 0.3000 0.9181 0.4910 0.734 
10 2 6 2 . 9 6 0.7900 6 1 4 5 0.4000 0 . 9 8 9 3 0.4910 0 . 7 3 4 
Table 5.6: Ethane/propane counter-current limits 
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Figure 5.1: Number of transfer units in dephlegmator 1571 
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Figure 5.2: Separation of 1.5 bar nitrogen/oxygen mixtures 
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Figure 5.3: Mean composition and temperature differences 
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Figure 5.4: Separation of 6 bar nitrogen/oxygen mixtures 
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Figure 5.5; Mean composition and temperature differences 
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Figure 5.6: Separation of 70/30 mol% ethane/propane mixtures 
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Figure 5.7: Mean composition and temperature differences 
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Chapter 6 
CFD modelling of two-phase flow 
The present chapter describes the apphcation of Computational Fluid Dynamics 
(CFD) techniques to the prediction of two-phase flows in square channels, ap-
proximating some forms of plate-fin heat exchanger channel. The emphasis of 
the work so far has been on counter-current hquid and gas flow, in the study 
of dephlegmators. This chapter considers the simpler, but also very important, 
situation of co-current liquid and gas flow. 
The system considered is a liquid film falling down the walls of a square 
channel with a gas flowing co-currently in the channel centre. The important 
phenomenon investigated is that of transfer of the liquid phase to the corners 
of the channel under the influence of surface tension. Section 6.2 presents the 
results for the development of the flow with distance. 
As a precursor to the work described in the previous paragraph, and with the 
aim of gaining experience in applying CFD techniques to liquid film flows, calcu-
lations were performed of the classic case of a falling liquid film on a vertical flat 
surface, as solved originally by Nusselt (1916). Some salutary lessons concerning 
the application of CFD to liquid film fiows were learned from this study, and the 
results are presented in Section 6.1. 
The commercial computer program C F X ® was used for the CFD calculations. 
It was developed originally by AEA Technology Pic., but is now provided by 
Ansys Europe Ltd. All of the calculations were performed with Version 4.1 of 
the program in 1994, but the Example 2 was repeated in 2007 using Version 10.1, 
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and the results show no significant differences. 
6 . 1 N u s s e l t ' s p r o b l e m 
Nusselt (1916) derived an analytic solution for the velocity profile of a fully de-
veloped laminar layer of liquid running steadily down a vertical flat wall under 
the influence of gravity. The solution is obtained by balancing shear and gravita-
tional forces in the liquid fllm, subject to no slip at the wall and no shear at the 
interface between the liquid and adjacent gas. The calculated velocity profile in 
the film is as follows, 
" = " t ) (G.l) 
where u is the component of the liquid velocity in the direction of gravity, pi and 
Pg are the liquid and gas densities, g is the acceleration due to gravity, rji is the 
liquid viscosity, and Si is the thickness of the liquid film. The velocity component 
u is the only non-zero component of the liquid velocity, and it only depends upon 
the distance y from the wall. The mean velocity in the liquid film, u, is obtained 
by integrating Eq. 6.1 over the thickness 5i, 
u = i f ' u d y = (6.2) 
and the mass fiow rate per unit width of film, F;, is given by, 
r , = (6.3) 
This section compares the numerical solution obtained by the CFD code to the 
corresponding analytic solution for a particular example. 
6.1.1 CFD formulation of Nusselt's problem 
A simple way of setting up Nusselt's model of the hquid film for the CFD code 
begins by defining a cuboid-shaped control volume in the liquid film. Figure 6.1 
shows the control volume. The orientation of the control volume is such that 
incompressible liquid enters and leaves the control volume as a fully developed 
fiow through two parallel faces that are normal to the vertical direction. A uni-
form pressure is applied to both the upper face of the control volume through 
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which the liquid enters, and the lower face from which the liquid leaves. The 
pressure on the lower face is greater than the pressure on the upper face by an 
amount equal to the hydrostatic head in the adjacent gas. Normal to the upper 
and lower faces of the control volume are two parallel faces which coincide with 
the wall and the liquid/gas interface. The distance between these two faces is 
the liquid film thickness 6i. The liquid at the interface does not experience any 
drag from the gas. The remaining two parallel faces of the control volume are 
planes of symmetry. The CFD code has to determine the velocity profile of the 
liquid, such that the drag from the wall balances the body force due to gravity in 
the control volume and that the pressure difference is that arising from the body 
force due to gravity in the adjacent gas. 
6.1.2 Nusselt's solution for a particular example 
The example considered is a liquid film of thickness 2.84 mm. This choice of film 
thickness will be explained shortly. The liquid has density of 1000 kg/m^ and a 
relatively high viscosity of 0.1 kg/ms, and the gas has zero density. The pressure 
difference between the upper and lower faces of the control volume in the liquid 
film is therefore zero. Since the liquid film is fully developed, the body force due 
to gravity in the control volume is balanced entirely by the drag from the wall. 
Nusselt's solution gives the variation of the vertical velocity component in a 
direction normal to the wall (Eq. 6.1). Substituting the relevant values for the 
example considered gives, 
= 2 7 8 . 6 ? / - 4 9 0 5 0 ^ ^ ^ ( 6 . 4 ) 
The liquid velocity at the liquid-gas interface, where ^ = 0.00284 m, is 0.395 m/s . 
The mass flow per unit width of film, determined by Eq. 6.3, is 0.750 kg/ms, 
and the Reynolds number of the film [AVilrji) is 30. The liquid film thickness was 
chosen so that the Reynolds number derived from the Nusselt analysis would be 
30, since experiment shows that if the Reynolds number is less than or equal to 
30, then the hquid film is laminar and wave-free. 
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6.1.3 Numerical solution 
The control volume is divided up into ten by twenty cubic cells of side 0.142 mm; 
ten cell rows between the upper and lower faces of the control volume, and twenty 
cell columns between the wall and interface. There is therefore just one plane of 
cells between the symmetry planes. 
The convergence of steady-state single-phase CFD problems can be assessed 
by studying the change of the following quantities with successive iterations: (1) 
the components of the momentum source residual and the mass source residual, 
summed over the cells of the control volume, and (2), the components of velocity 
at the centre of a single pre-defined 'monitoring' cell. The residual sums measure 
the error in the mass and momentum conservation. The residual sums are not 
dimensionless and so here they are made non-dimensional by comparison with 
Nusselt's prediction of the mass and momentum of the liquid entering the control 
volume per unit time. 
For the example, the component of the liquid velocity in the direction of 
gravity, u, converged to a constant value at the centrally placed monitoring cell 
after 3606 iterations. The component of the liquid velocity normal to the wall, v, 
which had non-zero values throughout the iteration procedure, had not converged 
to a constant value after 10000 iterations. However, the velocity component u was 
of the order of 10^ times the velocity component v at the monitoring cell after 3606 
iterations, and at each cell centre in the final solution. This indicates that the 
liquid essentially moves in the direction of gravity. Also, the velocity component u 
varied by less than 0.1% in the direction of gravity in the final solution. The flow 
may therefore be considered as fully developed. The dimensionless residual sums 
converged to approximately constant values of below 0.1% after 3656 iterations. 
The mass of liquid entering the control volume per unit time became constant 
after 4478 iterations. The conclusion is that a converged solution was achieved 
by the CFD code after 4478 iterations. 
Figure 6.1 shows the mass flow rate per unit width of the wall calculated 
by the CFD code against iteration number. The horizontal line in the figure is 
the value of 0.75 kg/ms predicted by the Nusselt analysis. The symbols in Fig. 
200 
6.1 are the numerically calculated values of the velocity component u at the cell 
centres in the final solution. The continuous line in Fig. 6.1 is Nusselt's solution 
(Eq. 6.4). Nusselt's solution and the numerical solution of the velocity field in the 
liquid film agree to better than 0.1%. The salutary lesson from this calculation 
is that CFD calculations of problems in this general class may be much more 
cumbersome than might be imagined. 
6.2 Corner problem 
The case considered in Section 6.1 was that of a liquid film which ran down a single 
flat wall. A more complicated situation arises when the liquid film runs down 
the inside walls of a vertical channel of rectangular cross-section, with gas flowing 
co-currently with the liquid film, in the core of channel, the case considered in 
this section. Each particular example of this situation is characterised by, 
1. the distribution and velocity of the liquid and gas at the top of the vertical 
channel, where the two phases enter, 
2. the physical properties (specifically, density and viscosity) of the liquid and 
gas, and the surface tension between the two phases, and 
3. the lengths of the channel sides. 
The distribution and velocity of the liquid and gas at all points down the channel 
can be determined by solving the equations for mass and momentum conservation 
of the liquid and gas, subject to the boundary conditions and assumptions about 
the interaction between the liquid and gas. 
From the plethora of possible examples of this situation, a liquid with a density 
and viscosity similar to that of water at 293 K and 1.01325 bar was chosen. 
The channel was chosen to have a square cross-section, 0.944 by 0.944 mm. An 
artificial boundary condition was set up at the top of the channel, based upon 
the Nusselt (1916) model. The flow was allowed to develop over lengths of 1.65 
and 3.55 mm with time and to approach steady-state. 
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6,2.1 CFD formulation of the corner problem 
Due to the symmetry of the Uquid and gas flow in a vertical square channel, only 
a quarter of the channel has to be modelled, encompassing a corner region. A 
cuboid shaped control volume in the channel was defined, the faces of which were 
two walls of the channel, two planes of symmetry, and an inlet and exit plane. 
Figure 6.2 is a diagram of the control volume, with rectangular coordinates x, 
y and z shown. The z coordinate axis is the vertical axis. The origin O of the 
coordinate axes is on the upper face at the point where the two walls meet. 
Boundary conditions 
The side faces of the control volume coincide with two adjacent walls of the ver-
tical channel forming a corner, and with the two orthogonal planes of symmetry. 
Each symmetry plane is parallel to two of the channel walls, and lies midway be-
tween them. The no-slip condition applies at the walls, and the velocity gradients 
normal to the symmetry planes are zero at the symmetry planes. 
The fluid enters and leaves the control volume through two square parallel 
faces which are normal to the side faces and normal to the vertical axis. Figure 
6.2 shows the upper face divided into an 'L' shaped region and a square region. 
Liquid enters as a layer adjacent to the walls through the 'L' shaped region, and 
gas enters through the square region. Nusselt's model is used to define an idealised 
liquid velocity profile on the upper face (inlet plane) of the control volume, 
a ;<?/ and a; < 6 , (6.5) 
K = (pz - pg)p ((^ z^  - ?/^/2) /?/; a; > 1/ and (6.6) 
The gas has a uniform non-zero velocity at the inlet plane. In reality, the velocity 
profile of the liquid film entering the square channel is likely to be more compli-
cated than the equations above express. However, if the length of the channel 
sides is several times the liquid film thickness, one might expect the liquid away 
from the corners to behave as if it were running down a single flat wall, and thus 
to behave approximately according to the Nusselt model. 
The velocity across the exit plane is not known in advance of the calculations. 
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and the velocity gradient normal to the exit plane (du/dz) will not necessarily be 
zero at the exit plane. However, the CFD code requires a boundary condition on 
velocity to be specified at the exit plane, and so here it is assumed that there is 
a zero velocity gradient normal to the exit plane, i.e., the flow is fully developed. 
T i m e dependence 
The problem is considered to be time dependent. To assist the CFD code in 
producing converged solutions at each time step, it is appropriate to consider 
that both phases are present in the control volume at time zero. The initial 
volume fraction and velocity field is defined as a simple extension of the boundary 
condition at the inlet plane. That is, the initial distribution and velocity of the 
liquid and gas is the same on all horizontal planes between the inlet and exit 
planes at the initial time. These fields are then allowed to develop with time. 
Note that the boundary condition at the inlet plane is considered to be constant 
with time. 
Multi -phase and surface tension models 
The 'homogeneous model' for the momentum transfer between the liquid and gas 
is used. This model assumes that liquid volume fraction is a continuous function 
of position within the flow domain, and that the liquid and gas have the same 
velocity at any position where the liquid volume fraction is between zero and 
unity. The conservation of momentum of the liquid and gas phases thus reduces 
to the conservation of momentum of a single phase, with a density and viscosity 
that depend upon the local liquid volume fraction. 
Surface tension is modelled using the continuum surface force (CSF) model of 
Brackbill, Kothe, and Zemach (1992). The CSF model considers the interface as 
a finite region across which the liquid volume fraction changes continuously from 
zero to unity. At each point in the interface region, but not outside of it, surface 
tension acts as a body force per unit volume that is proportional to the curvature 
of the surface of constant volume fraction. The line integral of the body force 
per unit volume between the boundaries of the interface region approximates the 
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boundary condition given by Laplace's equation. 
The homogeneous two-phase model and CSF model are also described in Sec-
tion 2.2.2 of Chapter 2. Both models are present in the CFD code. 
6.2.2 The examples and choice of channel size 
Five different examples were considered as detailed in Table 6.1 below. The 
examples differ in the control volume length and the gas velocity at the inlet 
plane. Four of the examples were modelled with the CSF model of surface tension 
implemented, and one of the examples without. 
The examples consider a hquid with a density of 1000 kg/m^ and a viscosity of 
0.0010019 kg/ms, and a gas with a density of 0.9 kg/m^ and a viscosity of 0.000023 
kg/ms. The four examples modelled with surface tension had a artificially low 
surface tension coefficient of 0.72 mN/m, which is 1% of the surface tension of 
water at 25 deg C. This low value was chosen in order to achieve some converged 
results. Calculations with higher surface tension values failed to converge, and 
within the time constraints of the study, closer investigation with different grid 
sizes and time steps was not possible. 
To avoid the possibility of wave formation, the liquid film thickness at the 
inlet plane was chosen to be 0.132 mm, which means that the liquid enters with 
a Reynolds number of 30. The liquid velocity at the inlet plane was defined from 
Eqs. 6.5 and 6.6, which upon substitution become, 
u = 1292x — 4 8 9 5 2 0 9 % ^ x < y and x < 5i (6.7) 
u = 1292y — 4895209y^ x > y and y < Si (6.8) 
The velocity at the liquid/gas interface was therefore 0.0853 m/s. Gas inlet ve-
locities of 0.0853 and 0.1706 m/s were considered in order to explore the effect of 
the gas flow upon the liquid film. 
Two difi'erent sizes of control volume were considered. Both had square cross-
sections 0.472 by 0.472 mm, but one was 1.65 mm long and the other was 3.55 
mm long. Since the control volume models a quarter of the channel, the channel 
cross-section was therefore chosen to be 0.944 by 0.944 mm. The two diff'erent 
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lengths were considered in order to see how the boundary condition at the exit 
plane affected the numerical solutions. 
The reason for choosing these channel dimensions was guided by three con-
siderations. First, it was desirable to have channel that was several liquid film 
thicknesses wide for reasons described previously. Second, it was found that each 
film thickness needed to be divided into several computational cells for an accu-
rate numerical solution. For the same reason, the ratio of the lengths of adjacent 
cell sides in any one direction was kept between 1 and 1.1, and in each cell, no side 
was more than about 5 times longer than any other side. Third, the capabilities 
of the computer meant that the total number of cells needed to be kept below 
about 40000. 
The control volumes were divided up into horizontal planes of 24 by 24 cells. 
The control volume 1.65 mm long had 30 horizontal planes. The control volume 
3.55 mm long had 55 horizontal planes. In each horizontal plane, starting at 
either wall, the lengths of the sides of cells 1 to 16 were 1/8x0.132 mm, and the 
lengths of the sides of cells 17 to 24 were 1.1 times the length of the sides of 
the previous cell. This leads to the distance between the wall and the symmetry 
planes opposite being 0.472 mm. From the inlet plane, the depth of the first hori-
zontal plane was 1/8x0.132 mm, and the depths of horizontal planes 2 to 17 were 
1.1 times the depth of the previous horizontal plane. The depths of horizontal 
planes 18 to 30 or 55 were 0.076 mm. This leads to the distances between the 
upper and lower horizontal faces of the control volume being either 1.65 mm or 
3.55 mm. The aspect ratio of the cell sides is less than 4.6 in all of the cells in 
both control volumes. 
The choice of time step and number of iterations per step was determined by 
experience, balancing the need to achieve convergence at each time step and the 
time taken for the calculations to be completed by the computer. An original aim 
was to obtain converged steady-state solutions, but this was only possible for the 
example not involving surface tension. 
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Example Control Gas velocity at Surface Time Number Number of 
volume length inlet plane tension step of time iterations per 
[mm] [m/s] present [s] steps time step 
1 1.65 0.1706 no 0.01 500 20 
2 1.65 0.0853 yes 0.01 200 50 
3 1.65 0.1706 yes 0.01 200 50 
4 3.55 0.0853 yes 0.01 200 50 
5 3.55 0.1706 yes 0.01 200 50 
Table 6.1: Characteristics of the five examples of corner flow considered 
6.2.3 Numerical solutions - qualitative description 
Figures 6.4 and 6.5 show the contours of constant liquid volume fraction, speed 
and modified pressure for Examples 1 and 4 at the final time. The examples differ 
in the control volume length and the gas velocity at the inlet. Example 1 does 
not allow for the effect of surface tension, but Example 4 does. The modified 
pressure is defined as p — pgz, where p is pressure, z is the distance from the inlet 
plane and p is an arbitrary constant reference density of 999 kg/m^. It is clear 
from the volume fraction contours that the interface between the liquid and gas 
has a finite thickness. This is a consequence of the numerical calculations. The 
liquid volume fraction changes from 1 to 0 over typically two to three cell lengths 
in any given horizontal plane. 
The volume fraction contours of Example 1 show that the liquid film has an 
'L' shaped cross-section on the upper face, but further down the control volume 
the liquid film is rounded in the corner. Similarly, the speed contours in the 
hquid film on the upper face are 'L' shaped, whereas on the lower face the speed 
contours are curved in the corner. This means that the liquid in the corner moves 
more slowly than the liquid away from the corner. Whereas the liquid film away 
from the corner region experiences drag from essentially just one wall, the liquid 
in the corner region experiences drag from two walls. 
The volume fraction contours of Example 4 show that, like Example 1, the 
liquid film downstream of the inlet plane is rounded in the corner. However, 
surface tension has caused the liquid film to thicken in the corner to a much 
greater extent than in Example 1. The speed contours indicate that the liquid 
at the interface moves more quickly the further it is from the walls. The liquid 
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speed is at a maximum where the interface bisects the diagonal of the plane. It 
will be shown in the next section, that after 0.49 mm from the inlet, the average 
velocity of the liquid is greater in the corner than away from the corner. This is 
in contrast with Example 1, where the average velocity of the liquid is less in the 
corner than away from the corner for the entire flow path. 
Figure 6.5 also shows how surface tension changes the pressure field. The 
modified pressure contours of Example 1 indicate that the pressure of the liquid 
and gas is the same at a given height. With the surface tension present in Ex-
ample 4, the contours show that the pressure is lower adjacent to the wall and 
higher in the core of the channel at a given height. That is, the pressure of the 
liquid is lower than the pressure of the adjacent gas. This is due to the curvature 
of the liquid/gas interface and surface tension. The greater the degree of inter-
face curvature, the greater is the pressure difference between the gas and liquid. 
Furthermore, the next section will show that there is also a pressure gradient in 
the liquid phase at each height. The pressure of the liquid is lower in the corner 
than away from the corner. This is not clear in Fig. 6.5, but is shown in the next 
section. The pressure gradient in the liquid at a given height occurs because the 
gas has a fairly uniform pressure, and because the interface is less curved at the 
symmetry planes than at the point where the diagonal bisects the interface. This 
pressure gradient in the liquid causes it to move laterally into the corner region, 
and thus the liquid film thickens in the corner as it falls. 
6.2.4 Numerical solutions - quantitative description 
Definit ions 
The basic results of running the CFD code consist of a convergence history, and 
the values of liquid volume fraction, the components of velocity and the modified 
pressure at each cell centre. It is therefore possible to calculate quantities such 
as mass fiow rate, mean velocity and mean pressure at each horizontal plane. 
Furthermore, using the volume fraction values, these quantities can be calculated 
for the liquid flowing through parts of a horizontal plane, such as the corner area. 
At the centre of a cell k in the control volume, the density of the fluid is p/,, 
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the component of velocity in the direction of gravity is the pressure is pk, 
and the area of the plane bisecting the cell and normal to the vertical direction is 
Ak- The mass flow rate of fluid through the mid-plane in the cell is pkUkAk- The 
momentum of the fluid crossing the mid-plane per unit time is pkUkA^Uk. The 
volumetric flow rate of fluid through the mid-plane is UkAf;. The pressure upon 
the mid-plane area corresponds to a force equal to PkA^. 
For simplicity, any cell where the liquid volume fraction is greater than or 
equal to 0.5 is defined as a liquid cell, and any cell where liquid volume fraction 
is less than 0.5 is defined as a gas cell. For any given horizontal plane of cells, 
the liquid mass flow rate is the sum of the liquid mass flow rates through the 
mid-planes of all the liquid cells, and the gas mass flow rate is the sum of the gas 
mass flow rates through the mid-planes of all the gas cells. Similar definitions 
apply to the other additive quantities (momentum flow rate, volumetric flow rate 
and force) defined above. The areas through which the liquid and gas flows occur 
can also be calculated by simply summing the mid-plane areas of all the liquid 
and gas cells in the horizontal plane. 
The area of a horizontal plane can be divided into four nearly equal areas, as 
Fig. 6.3 illustrates. The area bounded by the two walls of the control volume is 
defined as the corner region (extends from cell 1 to 15 in the x and y directions). 
The two areas, each bounded by one wall, are defined as the region away from 
the corner (extends from cells 16 to 24 in the x oi y direction and from cell 1 to 
15 in the other direction). The liquid mass fiow rate in the corner region is the 
sum of the liquid mass fiow rates through the mid-planes of all the liquid cells in 
the corner region. The liquid mass flow rate in the away-from-the-corner region 
is the sum of the liquid mass flow rates through the mid-planes of all the liquid 
cells in this region. Similar definitions apply to the other additive quantities. 
The liquid mean momentum fiux is defined as the sum of the momentum flow 
rates [pkUkAkUk) through the mid-planes of all the liquid cells in a horizontal 
plane, divided by the Uquid flow area. The liquid mean velocity is defined as 
the sum of the volumetric flow rates {ukAk) through the mid-planes of all the 
liquid cefls in a horizontal plane, divided by the liquid flow area. The liquid 
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mean pressure is defined as the sum of the forces (pkAk) upon the mid-planes of 
all the liquid cells in a horizontal plane, divided by the liquid flow area. Similar 
definitions apply for the gas and for the liquid in, and away from the corner 
regions. 
Finally, it is possible to calculate the liquid film thickness away from and in 
the corner region, Sn and S12, defined as shown in Fig. 6.3. Both lengths are 
measured normal to a wall of the control volume (there is symmetry about the 
diagonal of a horizontal plane). The liquid film thickness away from the corner 
region, Sn, is the distance between the wall and the interface between liquid and 
gas cell at the symmetry plane. The liquid film thickness in the corner region, 
5i2, is the distance between the wall and the interface between the liquid cell at 
the diagonal of the horizontal plane and the adjacent gas cell. 
Effect of the exit boundary condition 
Using the CFD code results and the definitions given above, the mass flow rate, 
mean momentum flux, mean velocity, mean pressure, flow area, and liquid film 
thickness were calculated at horizontal planes between the control volume inlet 
and exit for each of the five corner problem examples. The quantities were cal-
culated for the gas, the liquid, the liquid in the corner region, and the liquid 
away from the corner region. Figures 6.6 to 6.10 show the results as a function 
of distance down the control volume. 
It will be noticed that the results for Examples 2 to 5 in Figs. 6.7 to 6.10 
are not shown to the exit planes. The control volume lengths of Examples 2 and 
3 are 1.65 mm, but the data is only shown to 1.47 mm, and the control volume 
lengths of Examples 2 and 3 are 3.55 mm, but the data is only shown to 3.36 
mm. The reasons that the results are not shown in final 0.19 mm are as follows. 
It is clear in Figs. 6.7 to 6.10 that a pressure difference exists in the liquid film at 
each distance, and hence there is a driving force for flow to the corner. Until the 
pressure gradients in the liquid disappear, the flow fields will continue to develop. 
However, the exit boundary condition forces the flow to leave the control volume 
in a fully developed state without lateral pressure gradients. For Examples 2 
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and 3, where the control volume length was 1.65 mm, this inconsistency has a 
non-physical effect (i.e., an effect induced by the computation rather than by the 
physics of the problem) upon the flow in final 0.19 ram of the control volume. 
This was established by comparing the results of Examples 2 and 4, and Examples 
3 and 5. Note that Examples 4 and 5 have a control volume length of 3.55 mm. 
Thus, comparing the initial region of Examples 4 and 5 with the results obtained 
for Examples 2 and 3, it is possible to assess the influence of the exit boundary 
condition in the shorter control volume. The comparison between the shorter and 
longer control volumes are illustrated in Figs. 6.11 and 6.12. In both figures, the 
graphs indicate that the results for the shorter control volume length examples 
do not differ significantly from those for the longer length for distances up to 
1.47 mm from the inlet plane. The root mean square differences in the mass flow 
rate, mean momentum flux, mean velocity, mean pressure, flow area and liquid 
film thickness are all less than 0.32%. The length of the control volume does not, 
therefore, affect the results up to a distance of 1.47 mm. Beyond the distance 
of 1.47 mm, there are more significant differences in the results. Inspection of 
the Example 2 and 3 profiles in the final 0.19 mm of the shorter control volume 
showed that they fiattened out. Since Figs. 6.7 to 6.10 indicate that the results 
of Examples 4 and 5 continue to vary in a relatively smooth manner, it can be 
concluded that the results of Examples 2 and 3 in the final 0.19 mm were non-
physical. Without any results for even longer control volumes to compare to, 
it is assumed that the results of Examples 4 and 5 are also non-physical in the 
final 0.19 ram of the control volume. This assumption is supported by the fact 
that the profiles flatten out in the final 0.19 mm, as in Examples 2 and 3. The 
non-physical data is considered to be meaningless to the present discussion, and 
it is for this reason that it is not shown in Figs. 6.7 and 6.10. 
The results of Example 1 
Figure 6.6 shows the steady-state profiles of mass flow rate, mean momentum flux, 
mean velocity, mean pressure, flow area and liquid film thickness for Example 1. 
In contrast with Examples 2 to 5, which include the effects of surface tension. 
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Example 1 is fully developed beyond a distance of 1.09 mm from the inlet plane, 
so there is no inconsistency with the exit boundary condition. 
The mass flow rate profiles indicate that the total liquid and gas mass flow 
rate is constant with position. This is to be expected since the flow is at steady-
state. However, the liquid mass flow rate decreases and the gas mass flow rate 
increases gradually with distance up to 1.09 mm from the inlet plane. The reasons 
for this are due to development of the interface region and to the definitions of 
liquid and gas cells. Gas cells away from the interface region have densities of 0.9 
kg/m^, but gas cells in the interface region can have densities of up to 500 kg/m^ 
(corresponding to a liquid volume fraction of 0.5). It is possible to deduce from 
the mass flow rates, mean velocities and flow areas, that the mean gas and liquid 
densities are 10.7 and 971 kg/m^ beyond the distance of 1.09 mm. This contrasts 
with the mean gas and liquid densities of 0.9 and 1000 kg/m^ at the inlet plane. 
The mean velocity proflles confirm that the liquid moves more slowly in the 
corner region than away from it, due to differences in the drag exerted by walls. 
The mean velocity of the liquid in the corner region is 81% of the mean velocity 
away from the corner region, and 11% lower than the mean liquid velocity. The 
mass flow rate of the liquid is 32% lower in the corner than away from the corner, 
the result of the lower velocity and flow area. Comparisons of liquid mean velocity 
can also be made with Nusselt's theory (Eq. 6.2), based upon the liquid fllm 
thickness values in and away from the corner region. The results beyond the 
distance of 1.09 mm show that the mean velocity of the liquid away from the 
corner region is 4% larger than Nusselt's prediction, while the mean velocity of 
the liquid in the corner region is 36% smaller. The presence of a non-zero shear 
stress at the interface, due to the faster moving gas, increases the mean velocity 
away from the corner region relative to the Nusselt prediction. 
The pressure proflles indicate that the liquid and gas have the same pressure at 
each vertical position. In addition, there is a pressure drop in the flow direction. 
This is principally due to the shear stress exerted by the slower moving liquid upon 
the gas. It is possible to use the separated two-phase flow equations of momentum 
conservation to gain an idea of the relative magnitudes of the interfacial and wall 
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shear stresses, t j and Tyj. The flow is fully developed and at steady-state beyond 
1.09 mm, and the liquid and gas phase momentum balances reduce to, 
— (1 — eg)dp/dz + pig{L — Cg) — Ty^Pw/Ac + TJPI/AC = 0 (6.9) 
-Cgdp/dz + pgQeg - TIPI/AC = 0 (6.10) 
The gas void fraction, e^, can be estimated from the liquid and gas flow areas as 
0.515. The pressure gradient, dp/dz, is -145 N/(m^m). The ratio of the control 
volume wetted perimeter to control volume cross-sectional area, is 4237 
m/m^. The liquid film thickness away from the corner region is 0.132 mm, so 
assuming the liquid film to have an 'L' shaped cross-section on the basis of Fig. 
6.4, the ratio of the interfacial perimeter to cross-sectional area, P i j A ^ is 3052 
m/m^. Using the mean gas and liquid densities, the interfacial shear stress is 
0.042 N/m^ from Eq. 6.10, and hence the wall shear stress is 1.137 N/m^ from 
Eq. 6.9. The shear stress at the interface is therefore relatively insignificant, 
despite the fact that the mean gas velocity is twice the liquid interface velocity. 
The results of Examples 2 to 5 
Figures 6.7 to 6.10 show the profiles of mass flow rate, mean momentum flux, 
mean velocity, mean pressure, flow area, and liquid film thickness for Examples 
2 to 5 after 2 seconds. Figures 6.7 and 6.8 show the flow development in the 
flrst 1.47 mm, while Figs. 6.9 and 6.10 show the flow development over 3.36 mm. 
Examples 2 and 4 differ from Examples 3 and 5 in the gas velocity at the inlet 
plane, the effect of which will be considered shortly. The characteristic features 
of the profiles of the four examples will now be discussed. 
Like Example 1, the mean gas and fiquid densities change from 0.9 and 1000 
kg/m^ at the inlet plane due to development of the interface region, and due to 
the definitions of liquid and gas cells. The changes in density in Examples 2 to 
5 are most significant in the first 0.09 mm. The mean gas and liquid densities 
for Example 4 are found to be 27.7 and 953 kg/m^ over the distance shown, with 
variations of ± 10 % in gas density and ± 1 % in liquid density. The mean gas 
and liquid densities for Example 5 are found to be 15.5 and 950 kg/m^ over the 
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distance shown, with variations of ± 7 % in gas density and ± 0.8 % in liquid 
density. The changes in the interface region with distance have a significant effect 
upon the gas density but not upon the liquid density, which is to be expected 
given the density ratio between the two phases. It should be emphasised again 
that these changes in average density are the result of the calculation method 
(the development of the interface region, and the definitions of liquid and gas 
cells) rather than any physical effect. 
The liquid and gas mass flow rates remain approximately constant over the 
distances shown. However, the liquid mass flow rate in the corner region increases 
with distance, while the liquid mass flow rate in the region away from the corner 
decreases. This means that liquid moves laterally towards the corner region. 
In the corner region, it is apparent that the hquid mass flow rate increases 
more rapidly with distance than the flow area, since the hquid mean velocity 
increases monotonically with distance. One can say that the liquid drains more 
rapidly in the corner than it spreads out. It is also apparent that the liquid mass 
flow rate away from the corner region decreases more rapidly with distance than 
the flow area there, since the liquid mean velocity decreases with distance. After 
0.24 mm from the inlet plane, the liquid flow area, momentum flux and mass flow 
rate are greater in the corner than away from the corner, and after 0.49 mm, the 
liquid has a greater mean velocity in the corner than away from the corner. 
It is also interesting to note that hquid flow area and hquid film thickness in the 
corner increase significantly in the first 0.24 mm, but then become approximately 
constant. The liquid flow area and liquid film thickness away from the corner, 
on the other hand, continue to decrease up to about 2 mm from the inlet plane, 
before becoming approximately constant. The hquid flow area in the corner ceases 
to change significantly once the gas flow area has a nearly circular cross-section, 
as the volume fraction contours in Fig. 6.5 indicate. The liquid mass flow rate in 
the corner, on the other hand, continues to increase significantly up to about 2 
mm from the inlet plane. The liquid mass flow rate in the corner region increases 
by about 35% in the flrst 1 mm, by 5% between 1 and 2 mm, and by only 0.4% 
between 2 and 3.36 mm. It is apparent from rates at which the other profiles 
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change with distance, that the development of the hquid film occurs principally 
in the first 2 mm of the control volume. 
The reason that liquid is drawn to the corner in Examples 2 to 5 is due to 
the presence of surface tension and gradients in the curvature of the liquid/gas 
interface. The CSF model of surface tension approximates the interface boundary 
condition given by Laplace's equation, 
where Pg —pi is the pressure difference between the gas and liquid, a is the surface 
tension coefficient, and Ri and R u are the principal radii of curvature. Figure 
6.3 shows the principal radius of curvature in the horizontal plane, Ri. 
The liquid film has an 'L' shaped cross-section at the inlet plane in Examples 
2 to 5. The curvature of the liquid/gas interface is therefore zero except in the 
region close to the diagonal where it increases to a large value of the order of 
the reciprocal of the cell size. According to Laplace's equation, the pressure of 
the liquid away from the corner will be the same as the uniform gas pressure, 
while the pressure of the liquid in the corner will be substantially lower. There is 
therefore a driving force for flow of liquid towards the corner region. As the gas 
flow area changes from the square cross-section to a nearly circular cross-section, 
the gradients in the interface curvature decrease. Hence, the pressure difference 
in the liquid and the rate at which liquid is drawn to the corner decrease. 
The pressure difference in the liquid phase is most significant in the first 0.49 
to 0.86 mm in Examples 2 to 5, but beyond these distances the pressure difference 
is approximately constant and non-zero. It is difficult to estimate from the results 
the point downstream at which the flow would become fully developed (assuming 
that it would in the course of the channel length), since the gradients in the 
mass flow rate, velocity, flow area and liquid pressure difference are close to zero. 
This can only be established by further calculations. Further calculations are also 
required to establish unequivocally that steady state had been approached after 
the 2 seconds (real time) over which the calculation had been carried out. Small 
changes in the variables were still being observed at the end of the calculation. 
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Effect of gas velocity 
Examples 2 and 4 differ from Examples 3 and 5 in the gas velocity at the inlet 
plane. In Examples 2 and 4, the mean gas velocity equals the liquid velocity at 
the liquid/gas interface. In Examples 3 and 5, the mean gas velocity is twice the 
liquid velocity at the liquid/gas interface. It is clear from the pressure profiles 
for Examples 3 and 5 that there is a pressure drop in the direction of gravity, 
approximately the same in both the gas and liquid. The pressure drop over the 
last 2 mm is approximately 20% of the pressure difference between the gas and 
liquid at any given position. It is also quite evident from the pressure profiles of 
Examples 2 and 4 that the liquid and gas pressures do not decrease significantly 
in the direction of gravity. 
It is of interest to compute the interfacial and wall shear stresses predicted 
by the separated two-phase flow model for Examples 4 and 5. The results of 
Example 5 at a distance of 2 mm from the inlet plane will be considered first. It 
will be assumed, on the basis of the data at 2 mm, that the gradients in velocity, 
density and flow area in the z direction are insignificant, and the system will 
also be assumed at steady-state. In this way, Eqs. 6.9 and 6.10 can be used to 
determine the stresses. 
The gas void fraction, e ,^ can be estimated from the liquid and gas flow areas as 
0.532. The gas and hquid pressure gradients in the z direction are approximately 
the same, -175 N/(m^m). The ratio of the control volume wetted perimeter to 
cross-sectional area is 4237 m/m^. The gas flow area is assumed to have a circular 
cross-section on the basis of Fig. 6.5, with a radius of 0.385 mm determined by 
the liquid film thickness values. The ratio of the interfacial perimeter to cross-
sectional area is thus 2720 m/m^. Using the mean gas and liquid densities, the 
interfacial shear stress is 0.064 N/m^ from Eq. 6.10, and hence the wall shear 
stress is 1.09 N/m^ from Eq. 6.9. 
Since the pressure of the gas in Example 4 does not change significantly with 
distance, the shear force exerted by the slower moving liquid upon the gas must 
balance the gravitational force upon the gas, assuming the flow to be fully devel-
oped and at steady-state. Based upon the data at 2 mm from the inlet plane, the 
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gas void fraction is 0.518, the ratio of the interfacial perimeter to cross-sectional 
area is 2693 m/m^, and using the mean gas density, the interfacial shear stress 
is thus 0.052 N/m^. The wall shear stress is calculated to be 1.10 N/m^. These 
approximate calculations show that doubling the gas velocity increases the inter-
facial shear stress by about 20%, while the wall shear stress is not significantly 
affected. 
It remains to consider the effect of the increase in gas velocity on the profiles 
of mass flow rate, momentum flux, liquid film thickness, mean velocity and flow 
area for the liquid. The graphs in Fig. 6.13 show the ratios of differences between 
the Example 5 and Example 4 data values relative to the Example 4 data values. 
It is hard to deduce any real meaningful trends from the graphs, apart from the 
effect upon the ratio of the liquid pressure, which decreases with distance. The 
separation of the proflles of mass flow rate, momentum flux, mean velocity, liquid 
fllm thickness and flow area ratio for the hquid in and away from the corner 
does, however, suggest that increasing the mean gas velocity affects these regions 
differently. Increasing the mean gas velocity, reduces the hquid flow area away 
from the corner by 3.5% on average, and the liquid flow area in the corner reduces 
by 0.5% on average. The liquid mean velocity, on the other hand, increases by 
0.4% on average away from the corner and by 1.6% on average in the corner. 
Overall, the liquid flow area decreases by 1.7% on average and the mean liquid 
velocity increases by 1.3% on average, with the increase in mean gas velocity. This 
result is consistent with the observation that a liquid film thins as the interfacial 
shear stress increases. 
Effect of surface tension 
Examples 1 and 3 serve to illustrate the effects of surface tension upon flow in 
square channels. Both examples have the same boundary condition at the inlet 
plane and the same control volume dimensions. Example 3, however, takes into 
account surface tension whereas Example 1 does not. Figure 6.14 shows the 
mass flow rate, momentum flux, mean velocity, pressure, liquid film thickness 
and flow area of Example 3 compared to Example 1. The graphs show the 
216 
ratios of differences between the Example 3 and Example 1 values, expressed as 
a percentage of the Example 1 values. All of the differences disappear at the 
inlet, of course, but near to the inlet the curves may change slope rapidly due to 
the different rates of development in this region; in other words, all the curves in 
Figure 6.14 would go to zero at zero distance from the inlet, despite appearances 
to the contrary. 
Example 1 has liquid mass flow rates in and away from the corner region that 
do not change with distance, so in Example 1 there is no flow of liquid towards the 
corner region. This is in complete contrast with Example 3 where liquid is drawn 
to the corner. The effect of surface tension in Example 3 is to increase the liquid 
mass flow rate in the corner region by 52% relative to Example 1, and to decrease 
the liquid mass flow rate away from the corner region by 37%. The liquid mean 
velocity of Example 3 increases by 30% in the corner region and decreases by 20% 
away from the corner region, relative to the approximately constant Example 1 
velocities. 
Convergence 
The momentum source residual sums, the mass source residual sums, and the 
liquid volume fraction source residual sums are given by the CFD code after each 
iteration, and for all of the time steps. The volume fraction source residual mea-
sures the error in the mass conservation of the liquid. In addition, the maximum 
values in the control volume of the time derivatives of the velocity components, 
modified pressure, and volume fraction are given at the end of each time step. 
These values indicate the rate at which steady-state is being approached. 
For Example 1, 20 iterations were performed for 500 time steps of 0.01 seconds 
each. For all of the time steps, the residual sums showed a general decrease with 
iteration. After 0.19 seconds, all of the residual sums decreased monotonically 
after 10 iterations. The mass source and z component of the momentum source 
residual sums at the end of each time step were 0.0001% and 0.5% of the mass flow 
rate and momentum flow rate entering the control volume. The volume fraction 
source residual was three orders of magnitude lower than the mass source residual 
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at the end of each time step. Hence, at the end of each time step, the solutions had 
converged satisfactorily. The maximum time derivatives showed that Example 1 
reached a steady-state after about 0.47 seconds. 
Examples 2 to 5 showed similar convergence behaviour, so they can be dis-
cussed together. In each of these examples, 50 iterations were performed for 200 
time steps of 0.01 seconds each. For all of the time steps, the residual sums 
showed a general decrease with iteration, decreasing to approximately 30% of the 
values at the second iteration. The mass source residual and the z component 
of the momentum source residual sums in the region of the control volume were 
0.07% and 0.9% of the values of the mass flow rate and momentum flow rate en-
tering the control volume. The volume fraction source residual was one order of 
magnitude lower than the mass source residual at the end of each time step. The 
convergence at each time step was therefore satisfactory. The maximum time 
derivatives showed a general decrease with time step up to about 0.6 seconds. 
From 0.6 seconds to the final time, the maximum time derivatives relative to the 
mean velocity, modified pressure, and void fraction at the inlet plane were of the 
order of 1% per second, but tended to oscillate by between about ±1% per second. 
The oscillation was most likely due to fluctuations in the interface region or in 
the exit region of the control volume. From the magnitude of the maximum time 
derivatives, it is plausible that the final solution is within tolerable limits of the 
steady-state solution (assuming there is one), but this remains to be confirmed. 
Concluding remarks 
The CFD calculations reported here show convincingly that lateral motion of the 
liquid phase occurs in channels with corners (square and rectangular channels) 
with the liquid moving rapidly to the corner regions. Clearly, the calculations 
reported here could be extended greatly; specific areas for investigation are listed 
in Chapter 9. 
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Figure 6.7: Calculated quantities shown against distance for Example 2 
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Chapter 7 
Two-phase pressure drop in 
plate-fin passages 
The third part of the present study of plate-fin heat exchangers is concerned with 
an important limiting factor, the pressure gradient in two-phase flow through 
plate-fin passages. This chapter describes the results of pressure drop measure-
ments made in a rig in which water and air mixtures, and air alone flowed verti-
cally upwards through a series of plate-fin pads of different fin type and geometry. 
Section 7.1 describes the experimental rig and the experiments undertaken. Sec-
tion 7.2 presents the results of the experiments and compares them to a widely 
used correlation. 
7.1 Description of experiments 
7.1.1 The experimental rig 
Experimental measurements were made in an existing rig, the Plate-Fin Flow 
Visualisation Rig, which is illustrated in Fig. 7.1. This is an adiabatic gas-liquid 
rig, with re-circulating liquid, but a once-through gas flow. Gas and liquid are fed 
separately to the inlet header at the bottom of the test section, and the two-phase 
flow from the top of the test section is taken to a separator pot, from which the 
gas vents, and in which the liquid collects for re-circulation. 
The basic rig design is, however, complicated by a facility for ensuring that 
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the gas entering at the bottom of the test section is saturated with vapour from 
the liquid. If this is not achieved, there is a change in the proportions of gas and 
liquid along the test section, which makes results difficult to interpret. Saturation 
is achieved by taking a small fraction of the liquid flow via valve V4 to a manifold, 
where it is sprayed, using a fraction of the gas flow that passes via valve V8, into 
a saturation pot. Here, the liquid spray meets the main gas flow (via valve V7), 
and evaporates to give saturated gas. A glass U-tube underneath the saturation 
pot is used to check that the gas flow is saturated by ensuring that there is some 
evidence of liquid flow accompanying the gas (conflrming that it is saturated) 
but that this liquid flow is very small. The saturated gas temperature is also 
measured at the glass U-tube. In the event, this pre-saturation facility was not 
used since the amount of water vaporised by the air was found to be negligible 
compared to the total water flow rate. 
When the gas/liquid flow returns to the separator, there is a facility for a dry 
ice charge (separately vented to atmosphere), that is intended to condense most 
of the vapour out of the gas before the gas is vented. 
During the experiments undertaken, the main liquid mass flow rate was mea-
sured directly with a Micro Motion Mass Flow Meter. The main inlet gas flow 
rate was measured with rotameter R2. This rotameter was calibrated with the 
Micro Motion Mass Flow Meter. Figure 7.1 also shows a rotameter R3 that was 
present to measure liquid flow used to produce saturated gas. 
All the experiments were undertaken with the vent line open to atmosphere, 
and the gas flow set to give a maximum pressure of 1.5 bar (0.5 bar gauge) in the 
circuit. The majority of the circuit pressure loss was in the test section, but the 
pressure limit did impose a maximum flow rate at which measurements could be 
made. 
7.1.2 The test section 
The main part of the test section comprised a channel 150 mm wide, and 7.13 
mm deep containing a series of fln pads, with a 3 mm gap between each pad. 
There were 6 main pads, each 280 mm long, with additional inlet and outlet pads 
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140 mm and 280 mm long. 
The front and back faces of the test section were made of transparent plastic, 
so that the two-phase flow within the test section could be observed. Clamps at 
regular intervals along the test section held the front and back faces against the 
fin pads and the end bars. There were conical diffusers for the gas flow at inlet 
and the outlet to the test section, while the liquid flow entered via a series of 
capillary tubes, one directed into each channel of the inlet fin pad. This ensured 
good flow distribution. 
The plastic window on the test section extended to the inlet header, so that 
it was possible to see if there was evidence of flooding, when the gas flow was 
insufficient to carry the liquid with it up the test section. At the top of the 
test section, the outlet was designed so that there would be no liquid hold-up, 
eliminating the risk of back-flow of liquid into the test section. 
There were seven pressure tappings along the test section, in the form of holes 
approximately 1 mm in diameter, located in the rear plastic window, centrally in 
the gaps between fin pads. These tappings were connected to a series of water-
filled plastic U-tubes, so that the pressure difference across the six main fin pads 
could be measured. Liquid traps in the pressure tapping lines ensured that no 
liquid from the test section could contaminate the water manometers. 
7.1.3 Fins investigated 
A key objective of the experimental measurements was to determine the effect 
of fin geometry on two-phase pressure drop, and in particular to investigate the 
effect of serrated fins, for which the single-phase heat transfer and pressure drop 
are both significantly higher than for plain fins. A total of eight different fin pads 
were used in the experiments. The geometric details are specified in Table 7.1. 
Fin pads 2 and 3 are nominally of identical geometry as are fin pads 4 and 5 (this 
allowed a check on reproducibility). In the first series of experiments, fin pads 1, 
2, 3, 4, 5 and 6 were mounted in the rig (1 at the bottom, 6 at the top), and in 
the second series of experiments, pads 7, 8, 3, 4, 5, 6 were used. The short inlet 
fin pad was the same fin as pad 1, and the outlet pad was the same fin as pad 6. 
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All the fins were 7.13 mm high. 
Fin pads 1, 2 and 3 provide a direct comparison of plain and serrated fins 
with a medium fin frequency, while pads 4, 5 and 6 provide the same comparison 
for higher frequency fins. Fin pad 7 provided information on the effect of in-
creasing fin thickness, giving a higher blockage fraction, while fin pad 8 provided 
information on the effect of a longer serration length. 
7.1.4 Test fluids 
Air was used as the gas, and water as the liquid in the two-phase flow. Air was 
supplied to the test section by a compressor, with appropriate filters. Although 
the properties of water diflFer significantly from the process fluids likely to be used 
in compact heat exchangers, this did not affect the fundamental requirement of 
the experiments to give a comparison of the efl'ect of fin type and geometry on 
two-phase pressure drop. 
7.1.5 Experimental details 
In both series of experiments, an initial set of tests was made with a series of 
fixed air flows, but no water. Further tests were then made, in each case with a 
fixed air flow, but increasing the water flow in stages. Measurements were made 
of the pressure on gauges PI and P2 (see Fig. 7.1), and of the temperature 
at the top and bottom of the test section. For the air/water experiments, the 
amount of water vaporised by the air was negligible, so it was not necessary to 
use the separate liquid spray into the separation pot, nor were there significant 
temperature changes caused by evaporation along the test section. 
In the second series of experiments, with fin pads 1 and 2 replaced by fin pads 
7 and 8, single-phase data were taken for fin pads 7 and 8 only, and two-phase 
data were taken for fin pads 7, 8 and 3 only. 
For the gas-only experiments, flow rates were in the range 8.92 to 61.1 kg/h, 
while for the two-phase measurements, the gas flow rates varied from 33.0 to 55.9 
kg/h. The highest gas flow rate in pads 1-3 corresponded to a mass flux of 19.0 
kg/m^s, a Reynolds number of 2180. 
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There was a pressure variation of several hundred millibar along the length of 
the test section, so a mean pressure for each fin pad was calculated from the test 
section inlet pressure PI , and the pressure drop in the various fin pads. Allowance 
was made for the pressure loss in the short inlet fin pad, by assuming that the 
pressure gradient there was the same as in fin pad 1. The operating temperature 
of the test section ranged from 16 to 25 °C during the course of the experiments. 
Allowance was made for the variation of water viscosity between 0.00111 kg/ms 
and 0.00089 kg/ms for the operating temperature range. Air viscosity was taken 
as a constant 0.000018 kg/ms. Air density was calculated allowing for pressure 
changes along the test section and the operating temperature, while water density 
was taken as 998 kg/m^. 
7.2 Results of experiments 
7.2.1 Single-phase pressure drop results 
Measurements were made using only air to determine the single-phase pressure 
drop characteristics of the fins used. The experimentally measured air mass flow 
rates and pressure drops, M and Ap, for the fin pads are presented in Tables 7.2 
to 7.9. The experimentally measured pressure drops were converted to Fanning 
friction factors, / , based upon the density at the mean fin pad pressure. The 
pressure drop and friction factor are related by the equation, 
where dh is the fin hydraulic diameter, L is the fin pad length, m is the mass flux 
in the plate-fin sub-channel, based on the available flow area, p is the air density, 
and g is the acceleration due to gravity. The hydraulic diameter is defined by, 
* = 
where h is the fin height, t is the fin thickness, and w is the fin width, equal to 1/n, 
where n is the fin frequency. Figure 7.2 identifies these geometric parameters. For 
serrated fins, the available flow area was assumed to be the same as the equivalent 
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plain fin, and is defined as {W/w){h — t){w — t), where W is the fin pad width (150 
mm here). The blockage fraction is defined as {ht + wt) / {wh), and the channel 
aspect ratio is defined as {h — t)/{w ~t). 
The experimental friction factors are plotted against Reynolds number, Re, 
in Fig. 7.3. The Reynolds number is defined here as mdh/rj, where r] is the fluid 
viscosity. The upper graph is for the serrated fins, the lower for the plain fins. It 
can be seen from the figure that, as expected, the friction factors for the various 
plain fin geometries are all very similar, indicating a very limited dependence on 
flow channel geometry. For the serrated fins, the friction factors are significantly 
larger, which is expected, and in particular, are larger when the blockage fraction 
is high. For serrated fins, increasing the fin thickness, and hence the blockage 
fraction, leads to an enhanced form drag. The upper graph in Fig. 7.3 also 
shows that the shorter serration length leads to larger friction factors for a given 
Reynolds number (fin pads 1 and 8). 
To provide a datum for the analysis of the two-phase data, the single-phase 
friction factor data were correlated by fitting a straight line to the log^Q(/) — 
logio(Ae) graphs, 
l o g i o ( / ) = - b l o g i o ( ^ e ) ( 7 . 3 ) 
The values of the parameters a and b for the various fin pads were as shown 
in Table 7.10. These predicting equations for friction factor typically fitted the 
data with a root mean square error of 7 to 8%, but they have a limited range of 
validity. At low Reynolds numbers, friction factors tend to depend inversely on 
Reynolds numbers, while at high Reynolds numbers, the dependence of friction 
factor on Reynolds numbers is small, particularly for serrated fins. 
7.2.2 Error analysis of single-phase results 
Tables 7.2 to 7.9 also show the errors estimated for each measurement of the air 
fiow rate, pressure drop and friction factor in the fin pads. The air mass flow 
rate was determined from the rotameter (R2) reading, V, and the air density, 
p. The air density was determined from the pressure gauge (P2) reading, 
and local temperature measurement, 7^. The errors in the air mass flow rate 
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measurements, AM, shown in the tables were calculated from, 
(AM)" = (aM/ay)^(Ay)" + (aM/a/))XAp)" (7.4) 
(Ap)" = (ap/ap2)r2(Ap2)" + (ap/a72)^^(A22)" (7.5) 
where A M and Ap are the errors in the dependent variables. A y , Ap2 and AT are 
the errors in the independent variables, and {dM/dV)p, {dM/dp)v, {dp/dp2)T2 
and {dp/dT2)p2 are the partial derivatives of the dependent variables, M and p, 
with respect to the independent variables. 
The error in the manometer readings lead to the errors in the measured pres-
sure drops. These are shown as AAp in Tables 7.2 to 7.9. The sources of error in 
the experimental friction factor were considered to be in the air mass flow rate, 
the air density, and the measured pressure drop. The error in the experimental 
friction factor. A / was defined by an equation similar to Eq. 7.4 with the air mass 
flow rate, air temperature and pressure, and measured pressure drop as indepen-
dent variables. Tables 7.2 to 7.9 show that the errors decrease with increasing 
air mass flow rate, with average errors of 4% to 6% in the friction factor at the 
larger flow rates. 
7.2.3 Two-phase pressure drop results 
Tables 7.11 to 7.15 show the measured pressure drops for air and water flowing 
through the fin pads, Aptp. The tables also show the total mass fiux, m, gas and 
liquid mass fluxes, nig and mj, the gas mass quality, Xg{= mg/m), the gas density 
at the operating temperature and mean fin pad pressure, pg, and the liquid and 
gas Reynolds numbers, Rei and Rcg. Subscripts g and I are now necessary to 
distinguish gas and liquid phase quantities. The results are shown in order of 
increasing liquid mass flux. 
The upper graphs in Figs. 7.4 to 7.11 show the measured pressure drops in 
the fin pads against the gas mass quality. Data points are shown for a series of 
gas mass fluxes identified by the various symbols in the key. A small range of 
gas mass fluxes is shown against each symbol. For a series of points with a given 
symbol, the liquid mass flux and total mass flux will generally increase as the 
239 
gas mass quality decreases. Note that the scale of the axis for measured pressure 
drop is different for the serrated and plain fin pads. 
All the two-phase data showed that the addition of a small amount of liquid 
caused the pressure drop to rise significantly above the all gas value at the same 
total flow rate. For example, Table 7.11 shows that in run T1 for plain fin pad 
2, the pressure drop was 1001 N/m^ at the gas mass quality of 0.964, but for the 
same total mass flux of 16.75 kg/m^s, Table 7.3 shows that the pressure drop 
would be about 550 N/m^ at a gas mass quality of 1.0. 
As the gas mass quality decreases further, the graphs show that the measured 
pressure drop tends to increase. This increase is marked for the plain fins, but 
relatively small for the serrated fins. The graphs also show that the measured 
pressure drop tends to increase with increasing gas mass flux. 
The measured pressure drops all showed a smaller dependence on the total 
mass flux than if the flow were single-phase. The maximum flow used was about 
one-and-a-half times the minimum. For a single-phase flow, this would lead to a 
maximum pressure drop of 50 to 100% above the minimum pressure drop due to 
friction, depending upon the Reynolds number. The range of measured two-phase 
pressure drops was in most cases below 50%. 
7.2.4 Error analysis of two-phase results 
The errors estimated for each measurement of the gas and liquid mass flow rate, 
AMg and AM/, and pressure drop, AAptp, are also shown in Tables 7.11 to 7.15. 
The accuracy of the hquid mass flow rate and pressure drop depended upon the 
accuracy taking the liquid mass flowmeter and water manometers readings. It 
can be seen that the errors in the smaller liquid mass flow rate measurements are 
significant (as much as 38%). The accuracy of the gas mass flow rate depended 
upon the accuracy taking the gas rotameter readings, and the temperature and 
pressure measurements (which determine the gas density). The error in the gas 
mass flow rate was calculated with Eq. 7.4. 
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7.2.5 Two-phase pressure drop analysis 
Analysis of the two-phase pressure drops was somewhat complicated, firstly be-
cause a simple relationship such as that for single-phase friction factor is not 
expected to apply at all Reynolds numbers, and secondly because part of the 
measured two-phase pressure change was due to gravitational effects. 
The classic correlation of two-phase frictional pressure drop data in round 
tubes is due to Lockhart and Martinelli (1949). Their graphical correlation is 
expressed by the following equation due to Chisholm (1967), 
(S)«, = 
where {dp/dz)Ftp is the two-phase frictional pressure gradient in the flow direc-
tion, and {dp/dz)Fg and {dp/dz)Fi are the frictional pressure gradients in the 
flow direction that would occur if the gas and liquid phases flowed alone. The 
magnitude of the dimensionless parameter C indicates the degree of interaction 
between the liquid and vapour in determining the two-phase frictional pressure 
gradient. According to Lockhart and Martinelli (1949), the value of C depends 
upon whether the liquid and gas flows are laminar or turbulent, and typically 
has a value between 5 and 20. The frictional pressure gradients, {dp/dz)Fg and 
{ d p / d z ) F h relate to single-phase friction factors in the standard way, 
2 
-
-(!)„ = 
where pi is the liquid density. The friction factors depend upon the Reynolds 
number of the phase and the channel geometry. 
For each run and each fin pad, a two-phase frictional pressure gradient was cal-
culated using the Lockhart and Martinelli (1949) correlation and then multiplied 
by the fin pad length to give a two-phase frictional pressure drop, 
The Reynolds numbers in Tables 7.11 to 7.18 show that the liquid flow was 
laminar for all the measurements. However, the Reynolds numbers for the gas 
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flow are in the range 995 to 1921, and this meant a laminar gas flow in the plain 
fins, but a transitional to turbulent gas flow in the serrated fins. The decision 
was made to calculate the two-phase pressure gradients in the plain and serrated 
fin pads using the same value of C, C = 12, which is the Lockhart and Martinelli 
(1949) value for laminar liquid flow and turbulent gas flow. Equation 7.3, with 
the appropriate values of a and 6, was used to calculate the gas phase friction 
factor. Calculating liquid phase friction factors presented a problem, since they 
had to be evaluated at low Reynolds numbers, between 1 and 19, for which no 
data were available. It was therefore assumed that at low Reynolds numbers, 
the friction factors tended to 19.5/Rei for fin pads 1 to 3 and 8, 19.9/i?e; for fin 
pad 7, and 20.3/Rei for fin pads 4 to 6. Such inverse dependence on Reynolds 
number with a coefficient dependent on channel aspect ratio is characteristic of 
fully developed laminar flow in a rectangular channel. The air density at the 
mean fin pad pressure and operating temperature is used in Eq. 7.7; Tables 7.11 
to 7.15 show values. 
Lockhart and Martinelli (1949) also presented a tabular correlation for the gas 
void fraction, from which the two-phase gravitational pressure gradient can be 
determined. For laminar liquid flow and turbulent gas flow, the gas void fraction, 
can be calculated from the following power series, 
eg = 1 - 0.8542$^^ -H 0.5956$)-^ - 1.08310;-^ ( 7 . 1 0 ) 
where is the liquid phase pressure drop multiplier. 
Equation 7.10 only applies when > 4.07, corresponding to eg > 0.81. This cov-
ers the values in the present series of experiments. The two-phase gravitational 
pressure gradient, [dp/dz)Gtp-, is then calculated as follows, 
- = (Pg'^g + A(1 - fg)) 9 (7-12) 
For each run and each fin pad, a two-phase gravitational pressure gradient was cal-
culated using the Lockhart and Martinelli (1949) void fraction correlation above 
2 4 2 
and then multipUed by the fin pad length to give a two-phase gravitational pres-
sure drop, 
The open literature presents an overwhelming number of correlations for the gas 
void fraction. The Lockhart and Martinelli (1949) void fraction correlation was 
chosen simply to be consistent with the choice of two-phase frictional pressure 
gradient correlation. 
Tables 7.16 to 7.20 show the calculated Lockhart and Martinelli (1949) fric-
tional pressure drops, gas void fractions and gravitational pressure drops, Apftp, 
eg and Apotp- The gas void fractions range from 0.911 to 0.985, and the gravita-
tional pressure drops are between 0.5 and 6.0% of the frictional pressure drop for 
the serrated fins, and between 6.1 to 21.3% for the plain fins. 
The tables also show the calculated gas-only and liquid-only frictional pressure 
drops in the fin pads, Appg {= —(dp/dz)FgL) and Ap^i {= —{dp/dz)fiL). These 
pressure drops are related to the predicted frictional pressure drop Apptp by. 
ApFtp = ApFi -t- C^JApFiApFg + ApFg (7.14) 
using Eqs. 7.6 and 7.9. It will be recalled that the estimated errors in the smaller 
measured liquid flow rates were as much as 38%. However, the effect of these 
errors upon the predicted frictional pressure drop ApFtp is much less significant. 
The estimated error in Apptp falls from 7.1 to 1.3% for the plain fins, and from 4.8 
and 0.8% for the serrated fins, as the liquid mass flow rate increases. These errors 
were calculated using Eq. 7.14, the ApFg and ApFi values, the estimated errors 
in Ml shown in Tables 7.11 to 7.15, and by noting that the error in liquid-only 
frictional pressure drop Appi is proportional to the error in liquid mass flow rate 
Ml, since the friction factor is proportional to I/Re. 
The last column in Tables 7.16 to 7.20 show the sum of the calculated frictional 
and gravitational pressure drops, Aptp^caic{= Apptp + Apotp), compared to the 
measured two-phase pressure drop, Aptp. Of the 206 two-phase pressure drops 
that were recorded, 131 were predicted to within 10% accuracy, 65 were predicted 
to between 10 and 20% accuracy, and only 10 were predicted to between 20 and 
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30% accuracy. The average and standard deviations of the ratios of l^ Ptp,caic to 
Apfp are shown for each fin pad in Table 7.21. 
The sum of the calculated frictional and gravitational pressure drops is also 
compared to the measured two-phase pressure drop in the bottom graphs of Figs. 
7.4 to 7.11. The predicted pressure drops show an increase as the gas mass quality 
decreases from unity. This increase is not, however, as great as that observed 
experimentally, so that the predicted pressure drop is less than the measured one 
just below a gas mass quality of 1.0. The ratio of the predicted to measured 
pressure drop then tends to increase as the gas mass quality decreases further. 
The ratio also tends to increase as the gas mass flux increases at a given gas mass 
quality. Both the serrated and plain fin pad data show these features. 
The similarity between the plain and serrated fin pad trends is an interesting 
result. The serrated fin pressure drops were two to five times the plain fin pressure 
drops. The effect of increasing the water flow rate at a fixed gas flow rate was 
to increase the pressure drop by up to 75%. Nevertheless, the Lockhart and 
Martinelli (1949) C value of 12, combined with the simple method for calculating 
liquid-only frictional pressure gradients, gave predictions to better than 20% in 
nearly all cases. The results suggest, therefore, that going from a plain to a 
serrated fin increases the pressure drop in the same way for both single-phase 
and two-phase flow. 
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Pad Fin Fins per Fin Serration Hydraulic Blockage Channel 
No. type metre thickness length diameter fraction aspect 
[mm] [mm] [mm] ratio 
1 serrated 708 0.2 3.2 2.064 0.1657 5.716 
2,3 plain 708 0.2 2.064 0.1657 5.716 
4,5 serrated 866 0.2 3.2 1.678 0.1964 7.259 
6 plain 866 0.2 1.678 0.1964 7.259 
7 serrated 673 &45 3.2 1.794 0.3469 6.449 
8 serrated 708 0.2 9.5 2X#4 0.1657 5.716 
Table 7.1; Geometric details of the fin pads 
P M m Re Ap / A M / AAp/ A// 
[kg/ M Ap / 
[kg/m^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.251 8.92 2.78 318 275 0.16215 8.4 7.1 18.5 
1.280 16.37 5.10 584 540 0.09736 4.8 3.6 10,4 
1.327 24.13 7.51 861 942 0.08132 3.4 2.1 7.2 
1.338 24 7.55 866 922 0.07941 3.4 2.1 7.2 
1.350 32.70 10.18 1167 1364 0.06529 2.7 1.4 5.6 
1.417 40.83 12.71 1457 1933 0.06232 2.2 1.0 4.6 
1.549 50.54 15.73 1804 2541 0.05847 1.9 0.8 3.9 
1.488 51.33 15.98 1832 2580 0.05530 1.9 0.8 4.0 
1.703 60.58 18.86 2162 3041 0.05357 1.7 0.6 3.5 
1.748 61.06 19.01 2180 3463 0.06166 1.7 0.6 3.4 
Table 7.2: Measured pressure drops for air flowing through serrated fin pad 1 
P M m Re Ap / A M / AAp/ A / / 
[kg/ M Ap / 
[kg/m®] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.249 8.92 2J8 318 108 0.06234 8.6 18.1 2&8 
1.276 16.37 5.10 584 186 0.03310 5.0 10.5 14.8 
1.319 24.13 7.51 861 275 0.02337 3.6 7.1 10.3 
1.331 2 4 j # 7.55 866 255 0.02162 3.6 7.7 10.7 
1.340 32.70 10.18 1167 334 0.01572 2.8 5.9 8.3 
1.402 40.83 12.71 1457 451 0.01431 2.4 4.3 6.6 
1.530 50.54 15.73 1804 530 0.01197 2.1 3.7 5.7 
1.469 51.33 15.98 1832 510 0.01073 2.1 3.8 5.8 
1.679 60.58 1&86 2162 589 0.01016 1.8 3.3 5.1 
1.722 61.06 19.01 2180 667 0.01163 1.8 2.9 4.8 
Table 7.3: Measured pressure drops for air flowing through plain fin pad 2 
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p M m Re Ap / A M / AAp/ A / / 
[kg/ M Ap / 
[kg/m^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.247 8.92 2.78 318 88 0.05059 8.7 22.2 29.4 
1.273 16.37 5.10 584 177 0.03128 5.1 11.1 15.5 
1.316 24.13 7.51 861 245 0.02078 3.7 8.0 11.2 
1.328 24 26 7.55 866 245 0.02073 3.7 8.0 11.2 
1.336 32.70 10,18 1167 314 0.01474 3.0 6.2 8.9 
1.397 40.83 12.71 1457 441 0.01395 2.5 4.4 6.9 
1.523 50.54 15.73 1804 520 0.01170 2.2 3.8 6.0 
1.463 51.33 15.98 1832 520 0.01089 2.2 3.8 6.0 
1.672 60.58 18.86 2162 579 0.00995 2.0 3.4 5.4 
1.713 61.06 19.01 2180 677 0.01175 2.0 2.9 5.1 
Table 7.4; Measured pressure drops for air flowing through plain fin pad 3 
P M m Re Ap / A M / AAp/ A// 
[kg/ M Ap / 
[kg/m^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.244 8.92 2.88 269 461 0.20527 8.9 4.2 18.5 
1.267 16.37 &29 493 903 0.12193 5.3 2.2 11.0 
1.305 24.13 7.80 727 1550 0.09950 3.9 1.3 8.1 
1.317 24.26 7.84 731 1472 0.09426 3.9 1.3 8,1 
1.321 32.70 10.57 985 2266 0.08018 3.2 0.9 6.6 
1.375 4&83 13.20 1230 3218 0.07608 2.7 0.6 5,6 
1.493 50.54 16.34 1523 4464 0.07477 2.4 0.4 5.0 
1.434 51.33 16.59 1547 4444 0.06932 2.4 0.4 5.1 
1.635 60.58 19.58 1826 5189 0.06628 2.1 0.4 4.5 
1.671 61.06 19.74 1840 5896 0.07576 2.1 0.3 4.5 
Table 7.5: Measured pressure drops for air flowing through serrated fin pad 4 
P M m Re Ap / A M / AAp/ A// 
[kg/ M Ap / 
[kg/m^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.238 8.92 2.88 269 481 0,21310 9.0 4.1 18.8 
1.256 16.37 &29 493 971 0,13008 5.5 2.0 11.3 
1.286 24.13 7.80 727 1638 0.10363 4.1 1.2 8.4 
1.299 24.26 7.84 731 1619 0,10223 4.1 1.2 8.5 
1.293 32.70 10.57 985 2502 0.08664 3.3 0,8 7.0 
1.335 40.83 13.20 1230 3561 0.08175 2.8 0.5 6.0 
1.435 50.54 1&34 1523 4993 0,08041 2.5 0.4 5.4 
1.379 51,33 16.59 1547 4964 0,07446 2,5 0.4 5.5 
1.565 60.58 19,58 1826 5788 0.07077 2.3 0.3 5,0 
1.592 61.06 19,74 1840 6612 0.08092 2,3 0.3 4,9 
Table 7.6; Measured pressure drops for air flowing through serrated fin pad 5 
2 4 6 
p M m Re Ap / AM/ AAp/ A// 
[kg/ M Ap / 
[kg/m^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.234 8.92 2.88 269 177 0.07708 9.2 11.1 22.0 
1.248 16.37 5.29 493 284 0.03755 5.6 6.9 13.5 
1.274 24.13 7.80 727 412 0.02565 4.2 4.8 10.0 
1.286 24.26 7.84 731 402 0.02500 4.2 4.9 10.1 
1.274 10.57 985 569 0.01934 3.5 3.4 8.2 
1.310 40.83 13.20 1230 746 0.01673 3.0 2.6 7.0 
1.399 50.54 16.34 1523 952 0.01489 2.7 2.1 6.2 
1.344 51.33 16.59 1547 903 0.01315 2.7 2.2 6.4 
1.521 60.58 19.58 1826 1079 0.01278 2.4 1.8 5.7 
1.542 61.06 19.74 1840 1226 0.01450 2.4 1.6 5.6 
Table 7.7: Measured pressure drops for air flowing through plain fin pad 6 
P M m Re Ap / A M / AAp/ A// 
[kg/ M Ap / 
[kg/m^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.328 9.33 3.71 370 579 0.17764 8.0 3.4 16.4 
1.322 &33 3.71 370 579 0.17679 8.0 3.4 16.4 
1.354 16.29 6.48 645 1354 0.13954 4.8 1.4 9.8 
1.360 16.34 6.50 647 1364 0.14029 4.8 1.4 9.8 
1.414 24 26 9.65 961 2570 0.12486 3.4 0.8 6.9 
1.414 24.26 9.65 961 2570 0.12486 3.4 0.8 6.9 
1.498 3&77 13.03 1298 4140 0.11685 2.7 0.5 5.4 
1.491 32.82 13.05 1301 4169 0.11677 2.7 0.5 5.4 
1.559 41.99 16.70 1664 6033 0.10800 2.2 0.3 4.5 
1.560 4&06 16.73 1667 5955 0.10627 2.2 0.3 4.5 
1.708 52.36 20.82 2075 8309 0.10479 1.9 0.2 3.8 
1.720 52.57 20.91 2083 8280 0.10434 1.9 0.2 3.8 
1.764 56.59 22,50 2243 9231 0.10295 1.8 0.2 3.6 
1.778 57.05 2269 2261 9182 0.10151 1.8 0.2 3.6 
Table 7.8: Measured pressure drops for air flowing through serrated fin pad 7 
247 
p M m Re Ap / A M / AAp/ A// 
[kg/ M Ap / 
[kg/ill^] [kg/h] m^s] [N/m2] [%] [%] [%] 
1.323 9.33 2.91 333 177 0.09992 8.1 11.1 20.1 
1.317 9.33 2.91 333 177 0.09945 8.1 11.1 20.1 
1.343 16.29 5.07 581 343 0.06539 5.0 5.7 11.6 
1.349 16.34 5.09 583 343 0.06526 5.0 5.7 11.6 
1.394 24.26 7.55 866 569 0.05089 3.6 3.4 8.0 
1.394 24.26 7.55 866 569 0.05089 3.6 3.4 8.0 
1.466 32.77 10.20 1170 873 0.04512 2.8 2.2 6.2 
1.459 32.82 10.22 1171 873 0.04476 2.8 2.2 6.2 
1.513 41.99 13.07 1499 1216 0.03956 2.4 1.6 5.1 
1.514 42.06 13.09 1501 1207 0.03914 2.4 1.6 5.1 
1.644 52.36 16.30 1869 1638 0.03727 2.0 1.2 4.4 
1.657 52.57 16.37 1876 1658 0.03770 2.0 1.2 4.4 
1.694 56.59 17.62 2020 1825 0.03660 1.9 1.1 4.1 
1.707 57.05 17.76 2036 1815 0.03611 1.9 1.1 4.1 
Table 7.9: Measured pressure drops for air flowing through serrated fin pad 8 
Pad a b Standard error of Corresponding r.m.s 
No. estimate of log^o / error in / [%] 
1 0.4524 0.5195 0.0399 7.93 
2 1.0555 0.9162 0.0360 7.31 
3 0.7487 0.8234 0.0350 7.09 
4 0.5147 0.5221 0.0440 8.84 
5 0.5032 0.5088 0.0411 8.24 
6 0.9744 0.8852 0.0451 8.98 
7 -0.0091 0.2958 0.0124 2.65 
8 0.3481 0.5480 0.0250 5.31 
Table 7.10: Fin pad single-phase friction factor constants 
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R u n m m g mi Xg Pg Reg Rei A p t p AMg/ A M | / A A p t p / 
[ k g / [ kg / [ k g / Mg Ml A p t p 
m^s] m^s] m^s] [kg /m®] [ N / m 2 ] [%] [%] [%] 
T 1 16 .75 16 .15 0 .60 0 .964 1 .586 1 8 5 1 1.3 3649 2 .5 33 .5 1.3 
T 2 13 .59 12 .92 0 .67 0 . 9 5 1 1 .483 1482 1.6 2 9 2 3 2 .8 2 5 . 1 1.7 
T 3 17 .09 16.38 0 .70 0 .959 1 .621 1879 1.6 3669 2.5 3 8 . 1 1.3 
T 4 14.66 13 .40 1.26 0 .914 1 .564 1537 2.4 3 0 7 7 2.8 18.6 1.6 
T 5 16 .96 15 .34 1.63 0 .904 1 .623 1758 3 .1 3606 2.6 16.5 1.4 
T 6 1 7 . 6 1 15 .77 1.84 0 .895 1 .600 1808 4 . 1 3679 2 .5 11.0 1.3 
T 7 12 .22 10 .28 1.94 0 . 8 4 1 1 .460 1179 4 .4 2845 3.2 8 .7 1.7 
T 8 15 .40 13.39 2 . 0 1 0 .869 1.544 1535 4 .7 3188 2.8 16.7 1.5 
T 9 14 .31 11 .29 3 .01 0 .789 1 .535 1295 5.8 2940 3.0 8.9 1.7 
T I O 19 .64 16.46 3 .18 0 .838 1 .629 7.2 3953 2.5 6 .4 1.2 
T i l 18 .04 14 .85 3 .19 0 .823 1.635 1702 6 .1 3606 2.7 10.5 1.4 
T 1 2 16.66 13 .30 3 .36 0 .799 1 .590 1525 6.4 3 3 8 1 2.8 8.0 1.4 
T 1 3 16 .64 13 .22 3.42 0 .795 1.555 1516 7 .7 3 2 4 7 2.8 9.8 1.5 
T 1 4 14 .12 10 .64 3.48 0.753 1 .511 1220 7.4 3237 3 .1 3.8 1.5 
T 1 5 17 .64 13.56 4 .09 0 .768 1 .569 1554 9.3 3600 2 .7 9 .0 1.4 
T 1 6 15.72 1 1 . 4 1 4 . 3 1 0 .726 1 .562 1308 8.2 3234 3 .0 7.8 1.5 
T 1 7 14 .96 10 .64 4.32 0 . 7 1 1 1 .497 1220 9.8 3 2 4 7 3 .1 5.5 1.5 
T 1 8 20.65 16.29 4.36 0 .789 1 .634 I M W 9.9 4 0 5 2 2.5 6.1 1.2 
T 1 9 15 .82 10 .62 5 .19 0 .672 1 .514 1218 11.5 3316 3 . 1 3 .9 1.5 
T 2 0 18 .97 13.35 5 . 6 1 0 .704 1 .573 1531 12.7 3708 2 .7 4.5 1.3 
T 2 1 2 2 . 0 9 16.33 5.76 0.739 1 .643 1873 13.4 4258 2.5 8 .7 1 .1 
T 2 2 21 .49 15.50 5 .99 0 . 7 2 1 1.679 1777 11.5 3998 2.6 3 .9 1.2 
T 2 3 19 .81 13 .77 6 .04 0 .695 1.645 1578 11.8 3783 2 .7 5.6 1.3 
T 2 4 19 .99 13 .59 6 .40 0 .680 1 .582 1558 14.8 3963 2 .7 4 .7 1.2 
T 2 5 22.28 15.78 6 .50 0 .708 1 .649 1809 15 .1 4258 2.5 5 .2 1 .1 
T 2 6 20 .29 13.59 6 .70 0 .670 1.585 1558 15.5 3718 2 .7 5 .0 1.3 
T 2 7 21 .83 13 .62 8 . 2 1 0 .624 1 .589 1562 19.0 3875 2.7 4 .1 1.3 
R u n m mg mi Xg Pg Reg Ret A p t p A M , / A M ; / A A p t p / 
[ k g / [ kg / [ kg / Mg Ml A p t p 
m^s] m^s] m^s] [ k g / m 3 ] [ N / m 2 ] [%] [%] [%] 
T 1 16 .75 16 .15 0 .60 0 .964 1 .559 1851 1.3 1001 2.8 33 .5 4 .9 
T 2 13 .59 12 .92 0 .67 0 . 9 5 1 1 .459 I M W 1.6 1138 3 .1 2 5 . 1 4.3 
T 3 17 .09 16.38 0 .70 0 .959 1 .593 1879 1.6 1148 2 .7 38 .1 4.3 
T 4 14 .66 13.40 1.26 0 .914 1 .539 1537 2.4 1117 3.0 18.6 4.4 
T 5 16.96 15 .34 1.63 0 .904 1.595 1758 3 .1 1176 2.9 16.5 4 .2 
T 6 17 .61 15 .77 1.84 0 .895 1 .571 1808 4 .1 1373 2.8 11.0 3.6 
T 7 12 .22 10 .28 1.94 0 . 8 4 1 1 .437 1179 4.4 1177 3.5 8 .7 4 .2 
T 8 15.40 13.39 2 . 0 1 0 .869 1.518 1535 4 .7 1364 3.0 16 .7 3 .6 
T 9 14 .31 11 .29 3 . 0 1 0 .789 1 .511 1295 5.8 1196 3.3 8.9 4 .1 
T I O 19.64 16 .46 3 .18 0.838 1.598 1887 7.2 1432 2.7 6.4 3 .4 
T i l 18 .04 14 .85 3 .19 0.823 1.606 1702 6 .1 1372 3.0 10.5 3.6 
T 1 2 16.66 13 .30 3.36 0.799 1 .562 1 ^ 5 6.4 1343 3.0 8 .0 3.6 
T 1 3 16.64 13 .22 3 .42 0 .795 1 .528 1516 7.7 1422 3.0 9 .8 3.4 
T 1 4 14 .12 10 .64 3 .48 0 .753 1.485 1220 7.4 1315 3.4 3 .8 3 .7 
T 1 5 17 .64 13.56 4 .09 0 .768 1 .539 1554 9.3 1511 3.0 9 .0 3 .2 
T 1 6 15 .72 11 .41 4 . 3 1 0 .726 1 .534 1308 8.2 1352 3.3 7.8 3.6 
T 1 7 14 .96 10 .64 4 .32 0 . 7 1 1 1.470 1220 9.8 1344 3 .4 5.5 3.6 
T 1 8 20 .65 16.29 4 .36 0 .789 1 .601 1868 9.9 1619 2 .7 6 .1 3 .0 
T 1 9 15 .82 10 .62 5 .19 0 .672 1 .486 1218 11.5 1393 3.4 3 .9 3.5 
T 2 0 18 .97 13.35 5 .61 0 .704 1 .542 1531 12.7 1619 3.0 4.5 3.0 
T 2 1 22 .09 16 .33 5 .76 0 .739 1 .608 1873 13.4 1746 2 .7 8.7 2.8 
T 2 2 21 .49 15.50 5 .99 0 . 7 2 1 1.646 1777 11.5 1529 2.8 3.9 3 .2 
T 2 3 19 .81 13 .77 6 .04 0 .695 1.613 1578 11.8 1617 3.0 5.6 3.0 
T 2 4 19.99 13.59 6 .40 0 .680 1 .550 1558 14.8 1609 3.0 4 .7 3 .0 
T 2 5 22.28 15.78 6 .50 0 .708 1.614 1809 15 .1 1746 2.8 5.2 2.8 
T 2 6 20 .29 13.59 6 .70 0 .670 1.554 1M8 15.5 1599 3.0 5 ,0 3 .1 
T 2 7 21 .83 13.62 8.21 0.624 1 .557 1562 19.0 1687 3.0 4 .1 2 .9 
Table 7.11: Measured two-phase data for fin pads 1 (top) and 2 (bottom) 
2 4 9 
Run m rrig mi Xg Pg Reg Rei Aptp AMgf AMi/ AAptp/ 
[ k g / [ k g / [ k g / Mg Ml Aptp 
m^s] m^s] m^s] [ k g / m 3 ] [ N / m 2 ] [%] [%] [%] 
T 1 16 .75 16 .15 0 .60 0 .964 1 .547 1 8 5 1 1.3 1099 3 . 1 33 .5 4 .5 
T 2 13 .59 12 .92 0 .67 0 . 9 5 1 1 .446 1482 1.6 1109 3.4 2 5 . 1 4 .4 
T 3 1 15 .66 14.99 0 .67 0 .957 1 .543 1719 1.4 1158 3 .1 30 .0 4 .2 
T 3 17 .09 16 .38 0 .70 0 .959 1 .578 1879 1.6 1305 3.0 3 8 . 1 3 .8 
T 3 2 14 .40 13 .69 0 .70 0 . 9 5 1 1.516 1570 1.5 1099 3.2 19.0 4.5 
T 3 4 15 .79 15.02 0 .77 0 . 9 5 1 1 .549 1723 1.7 1128 3 .1 17.4 4.3 
T 3 5 15.79 15 .02 0 .77 0 . 9 5 1 1 .551 1723 1.7 1128 3 .1 17.4 4.3 
T 4 14.66 13 .40 1.26 0 .914 1.525 1537 2.4 1098 3.3 18.6 4 .5 
T 3 6 16.50 15 .09 1 .41 0 .915 1 .558 1731 3.0 1177 3 .1 23 .8 4 .2 
T 3 7 15.33 13 .76 1 .57 0 . 8 9 7 1 .520 1577 3.4 1216 3.2 8.5 4 .0 
T 5 16.96 15 .34 1 .63 0 .904 1 .581 1758 3 .1 1186 3.2 16.5 4 . 1 
T 6 17 .61 15 .77 1.84 0 .895 1.555 1808 4 . 1 1344 3 .1 11.0 3.6 
T 7 12 .22 10 .28 1.94 0 . 8 4 1 1 .423 1179 4 .4 1177 3.7 8 .7 4 .2 
T 8 15.40 13 .39 2 .01 0 .869 1 .502 1535 4 .7 1422 3.3 16.7 3.4 
T 4 0 16.40 13.89 2 .51 0 . 8 4 7 1 .534 1593 5 .4 1236 3.2 9.3 4 .0 
T 9 14 .31 11 .29 3 .01 0 .789 1 .496 1295 5.8 1196 3.6 8.9 4 . 1 
T I O 19.64 16 .46 3 .18 0.838 1 .581 1887 7.2 1530 3.0 6.4 3 .2 
T i l 18 .04 14.85 3.19 0.823 1.589 1702 6 .1 1372 3.3 10.5 3.6 
T 1 2 16.66 13 .30 3.36 0 .799 1.545 1525 6 .4 1392 3.3 8.0 3 .5 
T 1 3 16 .64 13 .22 3.42 0 .795 1 .511 1516 7.7 1 4 9 1 3.3 9.8 3.3 
T 1 4 14 .12 10 .64 3.48 0.753 1 .468 1220 7.4 1472 3.6 3.8 3.3 
T 4 1 17 .74 13 .92 3.82 0 .785 1 .534 1596 8.3 1383 3.2 8.8 3.5 
T 4 2 17 .74 13.92 3.82 0.785 1.535 1596 8.3 1383 3.2 8.8 3.5 
T 1 5 17 .64 13 .56 4 .09 0 .768 1 .521 1554 9.3 1638 3.3 9 .0 3 .0 
T 1 6 15 .72 11 .41 4 . 3 1 0 .726 1 .518 1308 8.2 1381 3.5 7 .8 3.5 
T 1 7 14.96 10 .64 4 .32 0 . 7 1 1 1.454 1220 9.8 1462 3.6 5.5 3 .3 
T 1 8 20 .65 16 .29 4.36 0 .789 1 .582 1M8 9.9 1707 3.0 6 .1 2 .9 
T 4 3 16 .58 12.12 4 .46 0 . 7 3 1 1.495 1390 9.6 1413 3.4 5 .3 3.5 
T 4 4 18 .78 14.02 4 .76 0 . 7 4 7 1 .553 1607 10.3 1422 3.2 7.0 3 .4 
T 1 9 15 .82 10.62 5 .19 0 .672 1 .469 1218 11.5 1481 3.6 3 .9 3 .3 
T 4 5 1 7 . 7 1 12.15 5 .56 0 .686 1 .506 1393 12.0 1579 3.4 3 .6 3 .1 
T 2 0 18 .97 13.35 5 . 6 1 0 .704 1.523 1531 12.7 1717 3.3 4.5 2 .9 
T 2 1 22 .09 16.33 5 .76 0 .739 1 .587 1873 13.4 1864 3.0 8 .7 2.6 
T 2 2 21 .49 15.50 5.99 0 . 7 2 1 1 .627 1777 11.5 1666 3 .1 3 .9 2 .9 
T 2 3 1 9 . 8 1 13 .77 6 .04 0 .695 1 .593 1578 11.8 1676 3.2 5.6 2 .9 
T 2 4 19.99 13.59 6 .40 0 .680 1 .531 1558 14.8 1619 3.2 4 .7 3 .0 
T 2 5 22.28 15.78 6 .50 0 .708 1.593 1809 15 .1 1815 3.0 5 .2 2 .7 
T 2 6 20 .29 13.59 6 .70 0 .670 1 .536 1558 15.5 1579 3.2 5 .0 3 .1 
T 2 7 21 .83 13 .62 8 . 2 1 0 .624 1 .537 1562 19.0 1658 3.2 4 .1 3 .0 
Table 7.12: Measured two-phase data for fin pad 3 
2 5 0 
Run m TUg mi Xg Pg Reg Rei Aptp AMg/ A M ; / AAptp/ 
[ k g / [ kg / [ k g / Mg Ml Aptp 
m^s] m^s] m^s] [ k g / m 3 ] [ N / m 2 ] [%] [%] [%] 
T 1 17 .39 16 .76 0 .63 0 .964 1 .501 1 .1 6 6 7 1 3 .4 33 .5 0 .7 
T 2 1 4 . 1 1 13 .42 0 .69 0 . 9 5 1 1 .409 1251 1.3 5346 3 .7 2 5 . 1 0 .9 
T 3 17 .74 1 7 . 0 1 0 .73 0 .959 1 .528 1586 1.3 7308 3.3 3 8 . 1 0 .7 
T 4 15 .22 13 .92 1 .31 0 .914 1.485 1297 2.0 5655 3.6 18.6 0.9 
T 5 17 .61 15 .92 1.69 0 .904 1.535 1485 2.6 6439 3.5 16.5 0.8 
T 6 18.28 16 .37 1 .91 0 .895 1 .506 1526 3.4 7093 3 .4 11.0 0 .7 
T 7 12 .69 10 .67 2 .02 0 . 8 4 1 1 .387 995 3 .7 5150 4 .0 8 .7 1.0 
T 8 15.99 13 .90 2 .09 0 .869 1 .457 1296 3.9 6 3 2 7 3.6 16 .7 0 .8 
T 9 14 .85 11 .72 3 .13 0 .789 1 .457 1093 4 .9 5429 3.9 8 .9 0 .9 
T I O 20 .39 17.09 3 .30 0.838 1.529 1594 6 .1 7377 3.3 6.4 0 .7 
T U 18 .73 15 .42 3 .31 0.823 1 .541 1437 5 .1 6664 3.6 10.5 0 .7 
T 1 2 17.29 1 3 . 8 1 3.48 0 .799 1 .500 l ^ W 5.4 6292 3.6 8 .0 0 .8 
T 1 3 17.28 13 .73 3.55 0.795 1.465 1280 6.5 6504 3.6 9 .8 0 .8 
T 1 4 14 .66 11 .04 3.62 0.753 1.425 1030 6.2 5 8 3 7 3.9 3 .8 0 .8 
T 1 5 18 .32 14 .07 4.24 0.768 1 .471 1312 7.8 6896 3.5 9 .0 0 .7 
T 1 6 16.33 11.85 4.48 0 .726 1.475 1104 7.0 5880 3.8 7.8 0.8 
T 1 7 15 .53 11 .04 4 .49 0 . 7 1 1 1 .412 1030 8.3 5739 3.9 5.5 0 .9 
T I B 21 .44 16.92 4.52 0 .789 1 .529 1577 8.3 7 4 0 7 3.3 6 .1 0 .7 
T 1 9 16 .42 11.03 5 .39 0 .672 1 .426 1028 9 ,7 5935 3.9 3 .9 0 .8 
T 2 0 19.69 13 .86 5 .83 0 .704 1 .472 1293 10 .7 7063 3.6 4.5 0 .7 
T 2 1 22.94 16.96 5 .98 0 .739 1 .533 1581 11.3 7475 3.3 8 .7 0 .7 
T 2 2 2 2 . 3 1 16 .09 6 .22 0 . 7 2 1 1 .573 1500 9.7 7252 3 .4 3 .9 0 .7 
T 2 3 2 0 . 5 7 14 .29 6 .27 0 .695 1 .542 1333 10.0 7007 3.5 5.6 0.7 
T 2 4 20 .75 1 4 . 1 1 6 .64 0 .680 1 .483 1316 12.5 6 6 5 1 3.5 4 .7 0.7 
T 2 5 23 .13 16 .38 6.75 0 .708 1 .538 1527 12.7 7632 3.3 5 .2 0.6 
T 2 6 2 1 . 0 7 14 .11 6.96 0 .670 1 .488 1316 13 .1 6573 3.5 5 .0 0.7 
T 2 7 2 2 . 6 7 14 .14 8 .52 0 .624 1 .489 1319 16 .1 6690 3 .5 4 . 1 0.7 
Table 7.13: Measured two-phase data for fin pad 4 
2 5 1 
R u n m rUg mi Xg Reg Rei Aptp A M , / A M , / AAptp/ 
[ kg / [ k g / [ k g / Mg Ml Aptp 
m^s] m^s] m^s] [ k g / m ^ ] [ N / m 2 ] [%] [%] [%] 
T 1 17 .39 16 .76 0 .63 0 .964 1 .421 1563 1.1 7034 3 .7 33 .5 0 .7 
T 2 1 4 . 1 1 13 .42 0 .69 0 . 9 5 1 1 .347 1 2 5 1 1.3 5356 4.0 2 5 . 1 0 .9 
T 3 17 .74 1 7 . 0 1 0 .73 0 .959 1 .443 1586 1.3 7426 3.6 3 8 . 1 0 .7 
T 4 15 .22 13 .92 1 .31 0 .914 1 .416 1297 2.0 5978 3.9 18.6 0 .8 
T 5 1 7 . 6 1 15 .92 1.69 0 .904 1.455 1485 2.6 7056 3.8 16.5 0 .7 
T 6 18 .28 16 .37 1 .91 0 .895 1 .423 1526 3.4 7 1 6 1 3 .7 11.0 0 .7 
T 7 12 .69 10 .67 2 .02 0 . 8 4 1 1 .327 995 3 .7 5072 4.3 8 .7 1.0 
T 8 15.99 13 .90 2 .09 0 .869 1 .383 1296 3.9 6327 3.9 16 ,7 0 .8 
T 9 14.85 11 .72 3 .13 0 .789 1 .390 1093 4 .9 5782 4 .2 8.9 0.8 
T I O 20 .39 17.09 3.30 0.838 1 .443 1594 6 .1 7377 3.6 6.4 0 .7 
T i l 18 .73 15.42 3 . 3 1 0 .823 1 .458 1437 5 .1 7 3 0 1 3.9 10.5 0 .7 
T 1 2 17 .29 13 .81 3.48 0.799 1 .421 1%W 5.4 6 8 0 1 3.9 8.0 0 .7 
T 1 3 17.28 13 .73 3 .55 0 .795 1.388 1280 6.5 6622 3.9 9.8 0 .7 
T 1 4 14 .66 11 .04 3.62 0 . 7 5 3 1 .356 1030 6 .2 5857 4 .2 3.8 0.8 
T 1 5 18.32 14 .07 4 . 2 4 0 .768 1 .392 1312 7.8 6789 3.8 9 .0 0 .7 
T 1 6 16.33 11.85 4.48 0.726 1 .400 1104 7,0 6566 4 .1 7 .8 0 .7 
T 1 7 15 .53 11 .04 4 .49 0 . 7 1 1 1,345 1030 8.3 5739 4.2 5.5 0.9 
T 1 8 21 .44 16,92 4 .52 0 .789 1 ,442 1577 8.3 7407 3.6 6 .1 0 ,7 
T 1 9 16 .42 11.03 5 .39 0 .672 1 ,357 1028 9 ,7 5955 4 .2 3 .9 0 ,8 
T 2 0 19.69 13 .86 5 .83 0 .704 1 ,391 1293 10 ,7 6818 3.9 4.5 0 ,7 
T 2 1 22.94 16.96 5 .98 0 ,739 1 ,446 1581 11.3 7475 3.6 8 .7 0 ,7 
T 2 2 2 2 . 3 1 16.09 6 .22 0 . 7 2 1 1 ,484 1500 9 .7 7742 3 .7 3 .9 0.6 
T 2 3 2 0 . 5 7 14.29 6.27 0,695 1,455 1333 10.0 7507 3.8 5.6 0 .7 
T 2 4 20 .75 1 4 . 1 1 6 .64 0 .680 1 ,403 1316 12.5 7122 3.8 4.7 0 .7 
T 2 5 23 .13 16 .38 6.75 0 .708 l x W 8 1527 12 .7 7897 3.6 5 .2 0.6 
T 2 6 2 1 . 0 7 14 .11 6 .96 0 .670 1 ,409 1316 13 .1 7112 3.8 5.0 0 .7 
T 2 7 2 2 . 6 7 14 .14 8 .52 0 ,624 1,409 1319 16 .1 7112 3.8 4 .1 0 .7 
R u n m rUg mi Xg P9 Reg Rei Aptp A M , / AM;/ AAptp/ 
[ k g / [ kg / [ k g / Mg Ml Aptp 
m^s] m^s] m^s] [ k g / m ^ ] [ N / m ^ J [%] [%] [%] 
T 1 17 .39 16 .76 0 .63 0 .964 1 .371 1563 1,1 1491 4.0 33 .5 3.3 
T 2 14 .11 13 .42 0 .69 0 . 9 5 1 1 ,307 1251 1,3 1570 4.3 2 5 . 1 3 .1 
T 3 17 .74 17 .01 0 .73 0 .959 1 ,389 1586 1.3 1766 3 .9 38 .1 2 .8 
T 4 15 .22 13 .92 1 .31 0 .914 1 ,370 1297 2.0 1637 4.3 18.6 3 .0 
T 5 1 7 . 6 1 15.92 1 .69 0 .904 1 ,402 1485 2.6 1774 4 ,1 16.5 2 .8 
T 6 18 .28 16 .37 1 .91 0 .895 1,370 1526 3 .4 1844 4 ,0 11.0 2 .7 
T 7 12 .69 10 .67 2 .02 0 . 8 4 1 1.288 995 3 .7 1668 4,6 8 .7 2 .9 
T 8 15.99 13 .90 2 .09 0 .869 1,336 1296 3.9 1903 4 ,2 16.7 2.6 
T 9 14.85 11.72 3 .13 0 .789 l ^ ^ l 1093 4.9 1813 4 ,5 8 .9 2 .7 
T I O 20 .39 17 .09 3 .30 0.838 1,388 1594 6 .1 2129 3,9 6.4 2.3 
T i l 18 ,73 15 .42 3 .31 0 . 8 2 3 1 ,402 1437 5 .1 2078 4.2 10.5 2 .4 
T 1 2 17.29 13 .81 3 .48 0 .799 1 ,368 I M W 5.4 2078 4.2 8 .0 2.4 
T 1 3 17,28 13.73 3 .55 0 .795 1,338 1280 6.5 2060 4.2 9 .8 2,4 
T 1 4 14 ,66 11 .04 3 .62 0 .753 1 ,311 1030 6.2 1884 4.5 3.8 2,6 
T 1 5 18 ,32 14 .07 4.24 0.768 1,340 1312 7.8 2060 4 .1 9 .0 2,4 
T 1 6 16,33 11.85 4.48 0.726 1 ,349 1104 7.0 2097 4 .4 7 .8 2 ,3 
T 1 7 15,53 11.04 4.49 0 . 7 1 1 1 ,300 1030 8.3 1972 4 .5 5.5 2 ,5 
T 1 8 21 ,44 16.92 4 .52 0.789 1.386 1577 8.3 2296 3.9 6 .1 2 ,1 
T 1 9 16,42 11.03 5 .39 0.672 1,311 I M W 9 .7 1893 4,5 3 .9 2,6 
T 2 0 19,69 13.86 5.83 0 .704 1 ,338 1293 10.7 2305 4,2 4 .5 2 ,1 
T 2 1 22 .94 16.96 5.98 0.739 1.388 1581 11,3 2590 3,9 8 .7 1,9 
T 2 2 2 2 . 3 1 16.09 6.22 0 . 7 2 1 1 ,423 1500 9 ,7 2352 4 ,0 3.9 2 ,1 
T 2 3 2 0 . 5 7 14.29 6 .27 0 .695 1 ,396 1333 10,0 2372 4 ,1 5.6 2 ,1 
T 2 4 20 .75 14 ,11 6.64 0 .680 1 ,348 1316 12,5 2325 4 ,1 4 .7 2 .1 
T 2 5 23.13 16,38 6 .75 0 .708 1.388 1527 12,7 2 5 3 1 3,9 5 .2 1.9 
T 2 6 21 .07 1 4 . 1 1 6.96 0 .670 1,355 1316 13 ,1 2227 4 .1 5 .0 2 ,2 
T 2 7 2 2 . 6 7 14.14 8.52 0 .624 1,354 1319 16 ,1 2423 4 .1 4 .1 2 ,0 
Table 7.14; Measured two-phase data for fin pads 5 (top) and 6 (bottom) 
252 
Run m rrig mi Xg PQ Reg Rei A p t p AMg/ AMi! AAptp/ 
[ k g / [ k g / [ k g / Mg Ml ^Ptp 
m^s] m^s] m^s] [ k g / m ^ ] [ N / m ^ ] [%] [%] [%] 
T 3 1 20 .00 19 .15 0 .86 0 . 9 5 7 1 .634 1908 1.6 9 5 8 4 2.6 30 .0 0.5 
T 3 2 18 .39 17 .49 0 .90 0 . 9 5 1 1 .596 1743 1.7 8 4 3 7 2 .7 19.0 0.6 
T 3 3 16 .33 15 .35 0 .98 0 .940 1 .568 1530 1.8 8 0 3 4 2.9 30 .4 0.6 
T 3 4 2 0 . 1 8 19 .19 0 .98 0 . 9 5 1 1 .639 1912 1.8 9 9 2 8 2 .6 17 .4 0 .5 
T 3 5 2 0 . 1 8 19 .19 0 .98 0 . 9 5 1 1 .640 1912 1.8 9 7 6 1 2.6 17.4 0.5 
T 3 6 21 .08 19 .28 1.80 0 .915 1 .652 1921 3.4 10006 2.6 2&8 0.5 
T 3 7 19.59 17 .57 2 . 0 1 0 . 8 9 7 1 .608 1751 3.8 9172 2 .7 8.5 0.5 
T 3 8 17 .79 15 .44 2.35 0.868 1 .579 1M8 4.3 8819 2.9 9 .1 0.6 
T 3 9 1 8 . 5 1 1 5 . 5 1 3 .00 0.838 1.595 1546 5.5 8 9 5 7 2.9 8.6 0.5 
T 4 0 20 .95 17 .74 3 .21 0.847 1.628 1768 6.0 9732 2.7 9.3 0.5 
T 4 0 19 .07 15 .14 3 .94 0 .794 1.582 1508 7.2 8947 2.9 7.6 0.5 
T 4 1 22.66 17.78 4.88 0 .785 1 .631 1772 9.2 10026 2 .7 8.8 0.5 
T 4 2 22 .66 17 .78 4.88 0 .785 1 .632 1772 9.2 9888 2.7 8.8 0.5 
T 4 3 21 .18 15.49 5 .69 0 . 7 3 1 1 .582 1543 10.7 8564 2.9 5.3 0.6 
T 4 4 23.98 17 .91 6 .08 0 . 7 4 7 1.653 1784 11.4 1 0 2 6 1 2 .7 7 .0 0.5 
T 4 5 22 .63 15.52 7 .10 0 .686 1 .597 1547 13.3 8927 2.9 3.6 0.5 
R u n m mg TTlf Xg Pg Reg Rei Aptp A M g / A M z / AAptp/ 
[ k g / [ k g / [ kg / M g Ml A p t p 
m^s] m^s] m^s] [ k g / m ^ ] [ N / m 2 ] [%] [%] [%] 
T 3 1 15 .66 14.99 0 .67 0 . 9 5 7 1 .564 1719 1.4 2453 2.8 30 .0 2 .0 
T 3 2 14.40 13.69 0 .70 0 . 9 5 1 1 .534 1570 1.5 2 0 0 1 3.0 19.0 2 .4 
T 3 3 12.79 12.02 0 .77 0 .940 1 .509 1378 1.6 2050 3.2 30 .4 2.4 
T 3 4 15.79 15 .02 0 .77 0 . 9 5 1 1 .568 1723 1.7 2188 2.8 17.4 2 .2 
T 3 5 15.79 15 .02 0 .77 0 . 9 5 1 1.570 1723 1.7 2188 2.8 17.4 2 .2 
T 3 6 16 .50 15 .09 1 .41 0 .915 1.579 1 7 3 1 3.0 2472 2.8 2&8 2.0 
T 3 7 15.33 13.76 1 .57 0 .897 1 .541 1577 3.4 2296 3.0 8.5 2 .1 
T 3 8 13 .93 12.09 1.84 0 .868 1.515 1386 3.9 2080 3 .1 9 .1 2 .4 
T 3 9 14 .49 12 .14 2.35 0.838 1.529 1392 4.9 2296 3 .1 8.6 2 .1 
T 4 0 16 .40 13.89 2 .51 0 . 8 4 7 1 .556 1593 5 .4 2 5 2 1 2.9 9.3 1.9 
T 4 0 14.93 11.85 3 .08 0 .794 1.515 1359 6.5 2433 3.2 7.6 2 .0 
T 4 1 17 .74 13 .92 3.82 0.785 1 .557 1596 8.3 2629 2.9 8.8 1.9 
T 4 2 17 .74 13 .92 3.82 0.785 1 .559 1596 8.3 2629 2.9 8.8 1.9 
T 4 3 16.58 12 .12 4.46 0 . 7 3 1 1 .518 1390 9.6 2453 3 .1 5.3 2 .0 
T 4 4 18 .78 14 .02 4 .76 0 . 7 4 7 1 .577 1607 10.3 2708 2.9 7 .0 1.8 
T 4 5 1 7 . 7 1 12 .15 5.56 0 .686 1 .530 1393 12.0 2 5 1 1 3 .1 3.6 1.9 
Table 7.15: Measured two-phase data for fin pads 7 (top) and 8 (bottom) 
2 5 3 
Run Aptp 
[N/m^] [N/m2] 
^PFI 
[N/m2] 
ApFtp 
[N/m^] 
^9 ApGtp 
[N/m2] 
^Ptp,calc/ 
Aptp 
T1 3649 2537 L48 3275 0.982 53 0.912 
T2 2923 1952 1.53 2609 0.980 60 0.913 
T3 3669 2538 1.65 3315 0.981 56 0.919 
T4 3077 1954 3.49 2948 0.971 83 0.985 
T5 3606 2298 4.51 3523 0.970 86 1.001 
T6 3679 2428 4.41 3675 0.971 84 1.022 
T7 2845 1412 4^a 2378 0.964 103 0.872 
T8 3188 1975 4.60 3123 0.968 92 1.008 
T9 2940 1544 8^# 2916 0.956 125 1.034 
TIO 3953 2542 7.45 4201 0.965 100 1.088 
T i l 3606 2174 8^5 3847 0.960 113 1.098 
T12 3381 1900 9.31 3505 0.957 121 1.072 
T13 3247 1925 8.00 3423 0.960 114 1.089 
T14 3237 1436 8.75 2789 0.954 131 0.902 
T15 3600 1980 9.57 3641 0.958 120 1.045 
T16 3234 1541 11.97 3183 0.950 142 1.028 
T17 3247 1450 10.11 2913 0.952 137 0.939 
T18 4052 2497 10.19 4421 0.960 113 1.119 
T19 3316 1431 12.44 3045 0.948 148 0.963 
T20 3708 1931 13.14 3855 0.952 136 1.076 
T21 4258 2492 13.18 4680 0.956 124 1.128 
T22 3998 2256 16.63 4596 0.951 140 1.185 
T23 3783 1932 16.34 4081 0.948 147 1.118 
T24 3963 1971 14.63 4024 0.950 140 1.051 
T25 4258 2360 14.86 4622 0.953 132 1.117 
T26 3718 1968 15.32 4067 0.950 142 1.132 
T27 3875 1970 18.77 4296 0.946 153 1.148 
Run Aptp A p f g ApFf ApFtp Eg ApGtp Aptpicafc/ 
Aptp 
[N/m^] [N/m2] [N/m2] [N/m^] [N/m^] 
T1 1001 523 1.48 859 0.965 99 0.957 
T2 1138 439 1.53 752 0.963 106 0.754 
T3 1148 520 1.65 873 0.964 103 0.851 
T4 1117 433 3.49 903 0.949 144 0.938 
T5 1176 484 4.51 1049 0.946 151 1.021 
T6 1373 506 4.41 1078 0.947 148 0.893 
T7 1177 348 4.55 830 0.940 169 0.849 
T8 1364 439 4.60 982 0.944 157 0.836 
T9 1196 367 8.36 1039 0.927 203 1.039 
TIO 1432 521 7.45 1277 0.938 175 1.013 
T i l 1372 464 8.85 1242 0.931 192 1.045 
T12 1343 423 9.31 1186 0.928 201 1.033 
T13 1422 430 8.00 1142 0.932 190 0.936 
T14 1315 350 8J5 1022 0.925 209 0.936 
T15 1511 439 9.57 1225 0.928 200 0.944 
T16 1352 365 11.97 1170 0.919 227 1.033 
T17 1344 353 10.11 1080 0.922 218 0.966 
T18 1619 515 10.19 1394 0.931 194 0.981 
T19 1393 349 12.44 1152 0.916 233 0.994 
T20 1619 431 13.14 1346 0.920 222 0.969 
T21 1746 514 13.18 1514 0.925 211 0.988 
T22 1529 474 16.63 1556 0.917 232 1.169 
T23 1617 426 16.34 1443 0.915 238 1.040 
T24 1609 437 14.63 1411 0.918 229 1.019 
T25 1746 493 14.86 1535 0.921 222 1.006 
T26 1599 436 15.32 1431 0.917 232 1.040 
T27 1687 436 18.77 1540 0.911 247 1.059 
Table 7.16: Calculated two-phase data for fin pads 1 (top) and 2 (bottom) 
254 
Run Aptp 
[N/m2] 
ApFs 
[N/m2] 
ApF! 
[N/m^] 
Api?tp 
[N/m2] 
Eg ApGtp 
[N/m2] 
Aptp,caic/ 
Aptp 
T1 1099 523 1.48 859 0.965 99 0.871 
T2 1109 430 1.53 740 0.962 107 0.764 
T31 1158 480 1.64 819 0.963 106 0.799 
T3 1305 521 1.65 875 0.964 103 0.749 
T32 1099 439 1.73 772 0.961 111 0.804 
T34 1128 480 1.89 843 0.961 112 0.846 
T35 1128 479 1.89 842 0.961 112 0.846 
T4 1098 426 3.49 892 0.949 145 0.944 
T36 1177 480 3.45 971 0.951 138 0.943 
T37 1216 441 3.86 940 0.947 148 0.894 
T5 1186 482 4.51 1045 0.946 152 1.009 
T6 1344 506 4.41 1077 0.947 148 0.912 
T7 1177 334 4^a 806 0.939 172 0.831 
T8 1422 432 4.60 972 0.944 158 0.794 
T40 1236 442 6.16 1074 0.938 173 1.009 
T9 1196 355 8.36 1017 0.927 205 1.022 
TIO 1530 524 7.45 1280 0.938 174 0.951 
T i l 1372 461 8.85 1237 0.931 192 1.042 
T12 1392 417 9.31 1173 0.928 202 0.988 
T13 1491 423 8.00 1129 0.932 191 0.886 
T14 1472 337 8.75 998 0.924 211 0.822 
T41 1383 443 9.37 1226 0.929 198 1.029 
T42 1383 443 9.37 1225 0.929 198 1.029 
T15 1638 433 9.57 1215 0.928 201 0.864 
T16 1381 354 11.97 1147 0.918 229 0.997 
T17 1462 341 10.11 1055 0.921 220 0.872 
T18 1707 517 10.19 1398 0.931 194 0.933 
T43 1413 386 10.93 1177 0.922 217 0.987 
T44 1422 441 11.67 1314 0.924 213 1.073 
T19 1481 337 12.44 1125 0.916 235 0.919 
T45 1579 385 13.64 1267 0.917 232 0.950 
T20 1717 425 13.14 1334 0.920 223 0.907 
T21 1864 517 13.18 1520 0.925 210 0.928 
T22 1666 474 16.63 1556 0.917 232 1.073 
T23 1676 421 16.34 1433 0.914 239 0.997 
T24 1619 431 14.63 1400 0.918 229 1.006 
T25 1815 494 14.86 1538 0.921 221 0.969 
T26 1579 430 15.32 1420 0.916 233 1.046 
T27 1658 431 18.77 1529 0.911 247 1.071 
Table 7.17: Calculated two-phase data for fin pad 3 
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Run Aptp ApFg ApFl ApFtp Eg ApGtp Aptp,calc/ 
Aptp 
[N/m2] [N/m2] [N/mZ] [N/m2] [N/m2] 
T1 6671 4392 2.42 5632 0.983 52 0.852 
T2 5346 3366 2.50 4470 0.980 58 0.847 
T3 7308 4408 2.69 5717 0.982 54 0.790 
T4 5655 3371 5.70 5041 0.972 81 0.906 
T5 6439 3980 7.37 6043 0.971 84 0.951 
T6 7093 4227 7.22 6330 0.972 81 0.904 
T7 5150 2439 7.43 4062 0.964 101 0.808 
T8 6327 3430 7.52 5365 0.969 89 0.862 
T9 5429 2668 13.66 4973 0.957 123 0.939 
TIO 7377 4437 12.17 7238 0.966 98 0.994 
T i l 6664 3779 14.47 6599 0.961 110 1.007 
T12 6292 3301 15.22 6006 0.958 118 0.973 
T13 6504 3351 13.07 5875 0.961 111 0.920 
T14 5837 2496 14.30 4778 0.955 127 0.840 
T15 6896 3461 15.63 6268 0.959 117 0.926 
T16 5880 2676 19.56 5441 0.951 139 0.949 
T17 5739 2520 16.53 4986 0.953 134 0.892 
TIB 7407 4371 16.66 7626 0.961 110 1.045 
T19 5935 2491 20.33 5211 0.949 144 0.902 
T20 7063 3383 21,47 6638 0.953 132 0.959 
T21 7475 4374 21.54 8079 0.957 121 1.097 
T22 7252 3943 27.17 7898 0,952 136 1.108 
T23 7007 3379 26.71 7011 0.949 143 1.021 
T24 6651 3446 23.92 6915 0.952 137 1.060 
T25 7632 4142 24.30 7974 0.954 129 1.062 
T26 6573 3434 25.05 6978 0.951 139 1.083 
T27 6690 3445 30.68 7377 0.947 149 1.125 
Table 7.18: Calculated two-phase data for fin pads 4 
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Run Aptp 
[N/m2] 
ApFg 
[N/m^] 
APFl 
[N/m^] 
A p f t p 
[N/m2] 
(9 ApGtp 
[N/mZ] 
Aptp,calc/ 
Apip 
T1 7034 4983 2.42 6304 0.983 49 0.903 
T2 5356 3770 2.50 4939 0.981 56 0.932 
T3 7426 5016 2.69 6413 0.983 51 0.870 
T4 5978 3789 5.70 5559 0.973 77 0.943 
T5 7056 4508 7.37 6703 0.972 80 0.961 
T6 7161 4803 7.22 7045 0.973 77 0.994 
T7 5072 2721 7.43 4434 0.966 97 0.893 
T8 6327 3870 7.52 5924 0.970 85 0.950 
T9 5782 2989 13.66 5428 0.959 117 0.959 
TIO 7377 5050 12.17 8037 0.968 93 1.102 
T i l 7301 4286 14.47 7289 0.963 105 1.013 
T12 6801 3731 15.22 6605 0.960 113 0.988 
T13 6622 3786 13.07 6469 0.963 106 0.993 
T14 5857 2801 14.30 5218 0.957 122 0.912 
T15 6789 3920 15.63 6906 0.961 112 1.034 
T16 6566 3013 19.56 5945 0.953 133 0.926 
T17 5739 2825 16.53 5434 0.955 128 0.969 
T18 7407 4976 16.66 8447 0.963 105 1.155 
T19 5955 2796 20.33 5678 0.951 138 0.977 
T20 6818 3834 21.47 7298 0.955 126 1.089 
T21 7475 4980 21.54 8931 0.959 115 1.210 
T22 7742 4488 27.17 8706 0.954 130 1.141 
T23 7507 3836 26.71 7704 0.952 137 1.044 
T24 7122 3902 23.92 7593 0.954 130 1.084 
T25 7897 4724 24.30 8813 0.957 123 1.132 
T26 7112 3886 25.05 7655 0.953 133 1.095 
T27 7112 3901 30.68 8083 0.949 142 1.157 
Run Aptp 
[N/m2] 
ApFg 
[N/m2] 
APFI 
[N/m^] 
ApFtp 
[N/m^] 
^9 Apotp 
[N/m^] 
APtp,calc/ 
Aptp 
T1 1491 960 2.42 1541 0.967 94 1.096 
T2 1570 785 2.50 1320 0.964 103 0.906 
T3 1766 963 2.69 1576 0.966 98 0.948 
T4 1637 780 5.70 1586 0.951 139 1.054 
T5 1774 886 7.37 1863 0.948 145 1.132 
T6 1844 935 7.22 1928 0.950 141 1.122 
T7 1668 617 7.43 1438 0.941 164 0.961 
T8 1903 799 7.52 1737 0.946 151 0.992 
T9 1813 657 13.66 1807 0.930 197 1.105 
TIO 2129 969 12.17 2284 0.940 167 1.151 
T i l 2078 855 14.47 2204 0.934 184 1.149 
T12 2078 775 15.22 2093 0.931 193 1.100 
T13 2060 787 13.07 2017 0.935 183 1.068 
T14 1884 630 14.30 1784 0.928 202 1.054 
T15 2060 808 15.63 2172 0.931 192 1.148 
T16 2097 662 19.56 2048 0.921 219 1.081 
T17 1972 635 16.53 1882 0.924 211 1.061 
T18 2296 959 16.66 2492 0.934 186 1.167 
T19 1893 629 20.33 2007 0.919 225 1.179 
T20 2305 796 21.47 2385 0.923 213 1.127 
T21 2590 960 21.54 2707 0.928 202 1.123 
T22 2352 883 27.17 2769 0.920 222 1.272 
T23 2372 789 26.71 2557 0.918 229 1.175 
T24 2325 805 23.92 2494 0.921 220 1.167 
T25 2531 924 24.30 2746 0.924 212 1.169 
T26 2227 801 25.05 2526 0.920 223 1.235 
T27 2423 804 30.68 2720 0.915 237 1.220 
Table 7.19; Calculated two-phase data for fin pads 5 (top) and 6 (bottom) 
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Run Aptp 
[N/m2] 
ApFg 
[N/m^] 
ApFi 
[N/m2] 
ApFtp 
[N/m2] 
Eg ApGtp 
[N/m^] 
^Ptp,calc/ 
^Ptp 
T31 9584 7345 2.84 9079 0.985 45 0.952 
T32 8437 6449 2^8 8115 0.984 49 0.968 
T33 8034 5252 3.42 6864 0.981 56 0.861 
T34 9928 7353 3.26 9214 0.984 48 0.933 
T35 9761 7348 3.26 9209 0.984 48 0.948 
T36 10006 7352 5.96 9870 0.979 61 0.992 
T37 9172 6451 6.66 8946 0.977 67 0.983 
T38 8819 5267 7.99 7737 0.973 78 0.886 
T39 8957 5257 10.17 8042 0.970 86 0.907 
T40 9732 6476 10.64 9636 0.972 80 0.998 
T40 8947 5084 13.36 8225 0.966 96 0.930 
T41 10026 6489 16.17 10391 0.967 94 1.046 
T42 9888 6486 16,17 10387 0.967 94 1.060 
T43 8564 5284 18.86 9091 0.962 108 1.074 
T44 10261 6480 20.14 10835 0.964 103 1.066 
T45 8927 5258 23^4 9504 0.959 117 1.078 
Run Aptp 
[N/m^] 
Apfg 
[N/m2] 
ApFi 
[N/m^] 
ApFfp 
[N/m2] 
Eg Apotp 
[N/m2] 
^Ptp,calc/ 
^Ptp 
T31 2453 1466 1.64 2057 0.976 69 0.867 
T32 2001 1310 1.73 1883 0.975 74 0.978 
T33 2050 1102 1.98 1666 0.971 83 0.853 
T34 2188 1467 1.89 2101 0.975 73 0.994 
T35 2188 1465 1.89 2099 0.975 73 0.993 
T36 2472 1467 3.45 2324 0.968 92 0.977 
T37 2296 1314 3^^ 2173 0.965 100 0.990 
T38 2080 1107 1971 0.960 114 1.002 
T39 2296 1105 5.89 2079 0.956 124 0.960 
T40 2521 1319 6.16 2407 0.958 119 1.002 
T40 2433 1076 7J4 2179 0.951 138 0.952 
T41 2629 1323 9.37 2668 0.951 138 1.067 
T42 2629 1321 9.37 2666 0.951 138 1.066 
T43 2453 1110 10.93 2443 0.945 154 1.059 
T44 2708 1319 11.67 2820 0.947 149 1.096 
T45 2511 1105 13.64 2592 0.941 166 1.099 
Table 7.20: Calculated two-phase data for fin pads 7 (top) and 8 (bottom) 
P a d 
no. 
( Aptp^caic / 
A p t p ) o v 
( Aptp^caic/ 
A p t p ) s d 
1 1 .036 0 .086 
2 0 .974 0 .085 
3 0 .933 0 . 0 9 1 
4 0 .956 0 .095 
5 1 .016 0 .093 
6 1 .110 0 .086 
7 0 .980 0 .069 
8 0 .997 0 . 0 7 1 
Table 7.21: Average and standard deviation in predictions 
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Chapter 8 
Conclusions 
Three different aspects of two-phase flow and heat transfer have been studied, 
with particular reference to plate-fin heat exchangers; theoretical modelling of 
dephlegmators, CFD modelling of corner flow in a square channel, and experi-
mental measurements of pressure drop in plate-fin channels. A summary of the 
work is presented below. 
Numerical modelling of dephlegmators 
The open literature provides many examples where the Colburn and Drew (1937) 
model of condensation has been used to successfully predict the conditions in 
dephlegmators. The theory applies to binary mixtures and assumes the film 
model of the vapour, with thermodynamic equilibrium between the vapour and 
liquid at the interface. There are many options in modelling the heat and mass 
transfer in the hquid phase. Chapter 3 discusses three such models, saturated 
liquid, mixed liquid and unmixed liquid. 
The saturated and mixed liquid models both assume a uniform composition 
across the thickness of the liquid. The saturated liquid model accounts for liquid 
sensible heating, but because the temperature of the bulk of the liquid is assumed 
to be uniform, there is no liquid subcooling. The mixed liquid model, on the 
other hand, assumes that the liquid sensible heating and subcooUng cancel out. 
However, the calculations in Chapter 4 show that this difference between the 
saturated and mixed liquid models does not have a significant effect upon the 
2 7 0 
dephlegmator, the exit conditions differ by under 2%. 
The saturated liquid model has one advantage over the mixed liquid model. In 
the saturated liquid model, liquid molar enthalpy depends upon the temperature 
of the interface. In the mixed liquid model, liquid molar enthalpy depends upon 
a temperature which is governed by an extra differential equation. Working 
with the energy conservation equation expressed in terms of molar enthalpy is, 
therefore, more straightforward for the saturated liquid model. The advantage is 
significant when partial molar enthalpy data is not available and accurate results 
are crucial, such as in design. In this situation, a method that works with the 
molar enthalpy version of the energy conservation equation must be used. The 
relaxation method described in Section 3.2.4 of Chapter 3 is such a method, 
designed specifically for the saturated liquid model. It uses weighted substitution 
to solve the more difficult boundary value problem. 
The differences between the mixed and unmixed liquid models are more sig-
nificant. The calculations in Chapter 4 show that the dephlegmator heat load is 
8 to 15% smaller when the liquid is mixed, for example. However, the most im-
portant difference observed is that the unmixed liquid can become superheated, 
while the mixed liquid cannot. Two conditions for superheating are identified; 
when the wall temperature exceeds the saturation temperature of the mean liq-
uid, and when the wall temperature exceeds the saturation temperature of the 
liquid formed at the top of dephlegmator. The reality of liquid superheating phys-
ically occurring in a partial condenser seems unlikely, therefore, unmixed liquid 
calculations that predict it happening must be questioned. 
The calculations in Chapter 4 show that the tendency for the vapour in a 
dephlegmator to superheat or subcool is determined by Lewis number, something 
well described in the literature, but the calculations also show that the degree 
of inlet superheat is important in a straightforward way. Simply, mixtures that 
would subcool if the inlet vapour were saturated, do not if the inlet superheat is 
raised high enough. 
The calculations in Chapter 4 also show it is possible for the Ught component 
to evaporate in a dephlegmator while the heavy component condenses. How-
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ever, with a turbulent vapour flow and a single phase cold stream, this requires 
long tube lengths and large degree of inlet vapour superheat, 4 m and 20 K, 
respectively, in the example given. 
The calculations in Chapter 4 all involve turbulent vapour flow in tubes with 
25.4 mm outside diameter. In contrast, the calculations in Chapter 5 all involve 
laminar vapour flow in tubes and rectangular ducts with hydraulic diameters of 
9 mm or less. The solutions of 2064 boundary value problems compare the effect 
upon the separation performance of changing the inlet vapour flow rate, channel 
length, diameter or duct height and aspect ratio, heat load and heat flux profile. 
Keeping the other parameters constant it is found that changing the tube 
diameter or duct height has no effect upon the separation. Increasing the duct 
aspect ratio or channel length increase the separation. Decreasing the ratio of 
the heat load to inlet vapour flow rate increases the separation. Using a linear 
increasing heat profile also increases the separation. 
It is found that the composition change depends on the inlet vapour com-
position, number of transfer units, ratio of heat load to inlet vapour flow rate, 
and heat flux profile, and that the number of transfer units holds the geometry 
dependence. The data shows that as the number of transfer units increases, the 
liquid exit composition asymptotes to a constant value that depends only on the 
inlet vapour composition, and the vapour exit composition and the fraction of 
vapour that condenses asymptote to constant values that depend additionally on 
the ratio of heat load to inlet vapour flow rate. The data also shows that as the 
number of transfer units increases, the mean composition difference across the 
vapour fllm and the mean temperature difference across the vapour to the wall 
decrease to zero. The data therefore suggests that in the limit of the number of 
transfer units tending to infinity, thermodynamic equilibrium is achieved between 
the counter-flowing vapour and liquid. The liquid exit composition contains the 
maximum amount of heavy component that dephlegmation of a saturated vapour 
can achieve. 
Writing a computer program to perform numerical dephlegmator calculations 
is a non-trivial exercise. In Chapter 5, two equations are derived on the basis 
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of a uniform heat flux profile for the number of transfer units and the change in 
composition. They are theoretical, not empirical, and permit one to calculate 'by 
hand' the separation achieved by a dephlegmator that has laminar vapour flow 
with saturated vapour at the inlet, 
A - fh-l - PwLCtgoPgO 
The equations predict the vapour and liquid exit compositions of all 2064 numer-
ical solutions to within 4 and 11.3%, respectively, all mixtures, all geometries, all 
heat flux profiles. 
C F D modell ing of corner flow in a square channel 
Even a simple problem such as the Nusselt (1916) falling film can present diffi-
culties in solution with conventional CFD methods. No less than 4478 iterations 
were required to obtain a converged solution to one example of the problem. Of 
course, the strength of CFD is in solving complex problems, where simple answers 
are not available. Chapter 6 presents the solutions of five time dependent, three-
dimensional, two phase fiow problems in which liquid flows down the perimeter 
of a square duct with 0.944 mm sides, with gas flowing co-currently in the core. 
Two different channel lengths were considered, 1.65 mm and 3.55 mm, in order 
to determine the influence of the exit boundary conditions on the solutions. Only 
a quarter of the channel was modelled, symmetry being assumed. At the top of 
duct, the liquid occupies an L-shaped region by the wall with a film thickness of 
0.132 mm. 
The first problem was solved without surface tension being present. The solu-
tion shows that fiquid moves more slowly in the corner than away from the corner 
due to the drag from the two walls, 11% slower than the mean liquid velocity. The 
mean velocity of the gas in the core is twice the interface velocity, but calculation 
shows the interfacial shear stress is only 3.6% of the wall shear stress. The shear 
stress at the interface results in the velocity of the liquid away from the corner 
being only 4% larger than the mean velocity predicted by Nusselt's equation. 
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The remaining four problems were solved with surface tension present, two 
different gas velocities, two different channel lengths. The liquid properties are 
those of water at ambient conditions, but the surface tension chosen is only 1% 
of the value of water. The calculations did not converge with the actual surface 
tension of water. 
The calculations show that the pressure in the gas core is essentially constant, 
and that the liquid away from the corners has a higher pressure than the liquid 
in the corner, because this is where the interface curvature is highest. The pres-
sure gradient causes the liquid to move laterally to the corner region. The liquid 
thickness and flow area increase rapidly in the first 0.24 mm of flow, but then 
become approximately constant, the point at which the gas flow area has a nearly 
circular cross-section. The liquid velocity in the corner, on the hand, continues 
to increase over the first 1 mm. The liquid in the corner therefore drains more 
rapidly than it spreads out. After 0.49 mm, the liquid velocity in the corner is 
greater than that away from the corner. The velocity contours show that liquid 
at the interface moves more quickly the further it is from the walls. The solutions 
for the 3.55 mm long channel show that the liquid mass flow rate in the corner 
region increases by 35% in the first 1 mm of flow, then by 5% in the next 1 mm, 
then by 0.4% to the end. 
The eff'ect of doubling the gas velocity is to increase the interfacial shear stress 
by 20% while the wall shear stress remains almost unchanged. The liquid film 
thins, less in the corner, more away from the corner, the flow area decreasing by 
1.7% and the mean liquid velocity increasing by 1.3%. At the lower gas velocity, 
the axial pressure gradient in the liquid and gas is almost zero, so the shear stress 
exerted by the slower moving liquid on the gas is balanced by gravity. 
The effect of surface tension is to increase the mass flow rate in the corner 
region by 52% relative to the case with no surface tension, the Uquid mass flow 
rate away from the corner region decreasing by 37%. 
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Experimental measurements of pressure drop in plate-fin channels 
Experimental measurements of pressure drop were taken of air, and air and water, 
flowing through eight different plate-fin heat exchanger pads. 
The single phase measurements allowed a friction factor versus Reynolds num-
ber relationship to be defined for each fin pad. The Reynolds numbers were in 
the range 269 to 2261. 
The two phase measurements covered a range of gas mass qualities, 0.624 to 
0.964, and a range of total mass fluxes, 11 to 24 kg/m^s. It was found that adding 
a small amount of liquid to the gas increased the pressure drop significantly. The 
pressure drop increased by 80% for plain fin pad 2, for example, in going from 
all gas to a quality of 0.964 at a gas mass flux of 16.2 kg/m^s. The plain fin pad 
pressure drops increased with further decrease in the gas mass quality for given 
gas mass flux, by up to 75%. The serrated fin pressure drop also increased but 
to a lesser extent, by up to 35%. Also the pressure drop increased with gas mass 
flux, but not as significantly as in single phase flow. 
Of the 206 two-phase pressure drops recorded, nearly all were predicted to 
within 20% by the Lockhart and MartineUi (1949) correlation with C factor of 
12, using the single phase pressure drop characteristics for the fln. For both 
the serrated and plain fin pads, the predicted pressure drop was less than the 
measured pressure drop at high gas mass qualities, but as quality decreased, the 
predicted pressure drop increased above the measured pressure drop. For both 
fins types, the ratio of predicted to measured pressure drop also increased as the 
gas mass flux increased at a given quality. Therefore, despite the serrated fln 
pressure drops being two to flve times the plain fln pressure drop, they showed 
similar trends. 
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Chapter 9 
Future work 
Modelling of dephlegmators 
The numerical methods described in Chapter 3 and the calculations using this 
method presented in Chapters 4 and 5 show the complexity of the heat and 
mass transfer processes in dephlegmators. Though the calculations reveal many 
interesting features, there is clearly scope for much further modelhng work. Areas 
which could be explored in the future include: 
1. Considering the effect of liquid phase mass transfer in the parametric sep-
aration study. As Chapter 5 demonstrates, the number of different designs 
one has to consider to perform a systematic study of separation performance 
is in the thousands. Yet this study is still restricted to a definite situation: 
saturated binary mixtures, fully-developed laminar flow, no liquid phase 
mass transfer resistance. To improve the understanding of dephlegmators 
as separation devices, the effect of hquid phase mass transfer must be con-
sidered. This is as straightforward as repeating the 2064 different designs 
considered in this work, but with the unmixed liquid Colburn-Drew model. 
This would certainly bound the range of separation that could be achieved, 
although for the reasons given in Section 4.3.2 of Chapter 4, it is arguable 
whether it is a realistic model for reflux condensation. 
2. Modelhng the effects of non-uniform condensate distribution. The CFD 
calculations presented in Chapter 6 show that the liquid distribution is non-
2 7 6 
uniform around the periphery of square channels. This is likely to be an 
important factor in the calculation of the heat and mass transfer behaviour 
in plate-fin dephlegmators. For instance, the unmixed model may be more 
appropriate for the flat regions where the condensate is thin, and the mixed 
liquid model may be more appropriate for the corner regions. 
3. Extending the models to multicomponent mixtures. The work described in 
this thesis has been limited to binary mixtures whereas many applications 
of dephlegmators in practice involve more than two components. 
CFD modelling of processes in plate-fin heat exchanger channels 
Though they revealed many interesting features, the CFD calculations described 
in Chapter 6 were of limited scope and there are clearly many areas in which 
further CFD calculations could be performed. Possible topics which could be 
addressed in this context are as follows; 
1. Using realistic surface tension coefficients. A very low value of surface 
tension has been assumed in the present calculations to aid convergence, 
though even with such a low value, hquid transport to the corner regions 
is rapid. Clearly, calculations with more realistic surface tensions are de-
sirable, though the lateral transport rate will presumably be even more 
rapid. 
2. Calculations of simultaneous condensation and lateral liquid transport. The 
variation of heat transfer rate around the channel periphery could be taken 
into account in such calculations. 
3. Allowing for surface tension variation. In dephlegmators, one is clearly 
dealing with a multicomponent system and this may give rise to surface 
tension variations around the channel periphery which may augment or 
reduce lateral transport (Marangoni effect). 
4. Calculations for counter-current flow. The calculations reported in Chap-
ter 6 were for co-current downwards flow. In the range covered, the gas 
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phase had little effect. It is possible that the calculations could be repeated 
with counter-current gas flow. Here, the flooding limitation is obviously-
important and it may be possible to throw some more light on the flooding 
mechanisms by performing such calculations. 
Two-phase pressure drop in plate-fin passages 
Chapter 7 presents new data for co-current upwards air-water flow in different 
types of plate-fin. This data is not directly applicable to the main focus of this 
thesis (i.e. counter-current flow) but it is important in itself. Possibilities for 
further work in this area are as follows: 
1. The total pressure drop was measured and the frictional component of this 
pressure drop was estimated by subtracting an estimated value of the gravi-
tational pressure change. This involved the use of a void fraction correlation 
and it would obviously be desirable to measure the in-situ void fraction in 
the plate-fin pads. 
2. The experiments were conducted with co-current upwards two-phase flow. 
Many applications of plate-fin systems involve downwards co-current flow 
and the flow behaviour in this case may be very different (see for instance 
Webb and Hewitt, 1975). There would seem to be a case for repeating the 
experiments with downwards flow. 
3. The experiments were conducted with air-water flows, but plate-fin units 
are used with a wide range of fluids. Experiments with different fluids are 
obviously needed. 
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Appendix A 
Latent heat 
As background to the theory presented in Chapter 3, expressions are derived 
here for the latent heat of vaporisation at constant pressure for a binary mixture. 
Strickland-Constable (1951), Bett et al. (1975) and Tamir et al. (1983) provide 
accounts of various other latent heats that can be defined for mixtures. 
Suppose that a liquid mixture of two non-reacting components evaporates in 
a closed system, with thermodynamic equilibrium maintained between the liquid 
and vapour, and the pressure kept constant. The number of moles of vapour 
increases from Mgs at the start to Ngf at the finish of the process, but the number 
of moles of each component remains constant for the mass of the system to be 
conserved. The change in the thermodynamic state of the system and the amount 
of each phase during the process can be defined parametrically by the equations, 
V = p{j^g) T = T{Mg) Di = yi{Mg) Xl = Xl{Mg) A^ / = (A.l) 
since the number of moles of vapour changes during the evaporation; p and T 
are the pressure and temperature, Xi and yi are the component 1 mole fractions 
in the liquid and vapour, and M'l and Mg are the number of moles of liquid and 
vapour. All of the liquid and vapour properties can be expressed as functions of 
these quantities. 
The change in the thermodynamic state and amount of liquid, with respect 
to the amount of vapour, is determined (1) by the requirement for mass to be 
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conserved, 
d , , d 
dM — 0 + Vi-^g) — 0 (A.2) 
(2) by the condition that the pressure is constant, dp/dMg = 0, and (3) by the 
conditions that apply when thermodynamic equilibrium exists between the phases 
(equality of pressure, temperature and chemical potentials), 
T, z i ) = T, T', Ti) = //2g(p, T, (A.3) 
where nu, /i2z, and ii2g are the chemical potentials of components 1 and 2 in 
the liquid, and in the vapour. In Eq. A.2, xiMi and yiAfg are the number of moles 
of component 1 in the liquid and vapour. The number of moles of component 2 
in the hquid and vapour, X2Afi and follow by definition, 
— XiUl y2-^ g — ~ UlJ^ g (A.4) 
where X2 and 7/3 are the mole fractions of component 2 in the liquid and vapour. 
Suppose further that the system expands against a pressure equal to p during 
the process, and that this is the only work performed. Then according to the First 
Law of Thermodynamics, the amount of heat transferred from the surroundings, 
Q, is equal to the enthalpy change of the liquid and vapour in the system, 
Hf — Hg = Q (A.5) 
where Hg and Hf are the enthalpies at the start and finish of the process. This 
amount of heat, Q, is the integral latent heat associated with evaporating Mgf—Mgs 
moles of the liquid at constant pressure. 
The enthalpy of the liquid and vapour, H, is a function of the following form, 
H = Hi{p, T, xiMi, X2M1) + Hg{p, T, yiMg, y2Mg) (A.6) 
where Hi and Hg are the liquid and vapour enthalpies, and therefore can also be 
considered a function of the number of moles of vapour Mg from Eqs. A.l and A.4. 
The rate at which H{Mg) changes with respect to Ng is known as the differential 
molar latent heat of vaporisation at constant pressure. It can be integrated to 
give the latent heat Q, 
r-^gf 
— d M , (A.7) 
Jm„- du„ 
'gs 
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Since the process takes place at constant pressure, the total derivative of H{j\fg) 
with respect to Ng reduces to the following equation for the differential molar 
latent heat, 
^ dHi d dHg dT ^ dHg d 
C&8) 
By definition, dHi/d{xiMi) = hu, dHi/d{x2Afi) = h^u dHg/d{yiMg) = hig, 
dHg/d{y2Afg) = h2g, BHi/dT = MiCpi and dHg/dT = AfgCpg, where hu, /igf, hig 
and h2g are the partial molar enthalpies of components 1 and 2 in the liquid, and 
in the vapour, and Cpi and Cpg are the liquid and vapour molar heat capacities. By 
defining the amount of component 1 and amount of component 2 that evaporate 
relative to the total amount evaporating, zi and Z2, 
and using Eqs. A.2 and A.4, Eq. A.8 can then be written, 
dH r—\ , 7 \ / \ /A 1 n\ 
^ijhig — hil) + {•N'gCpg + J^lCpl) (A.10) 
^ 2=1 ^ 
The differential molar latent heat can thus be seen as the sum of two terms, 
named the direct and indirect terms by Strickland-Constable (1951). 
From Eqs. A.2 and A.9, the following mass conservation equations can be 
derived, 
dyi dxi , . ^ ^, 
Ug—— — Zi — yi — — zi — xi (A.11) 
CLj^fg CLj^l 
dyi dxi . , /A ,ON 
g~r~ ^ ~ (A.13) 
CLJ\ g Ctj\g 
and from Eq. A.3, it can be seen that only two of the variables p, T Xi and yi 
are independent for equilibrium between a binary liquid mixture and its vapour. 
Suppose then that Xi 7^  yi at a given point during the process, and that Xj and 
yi can be expressed as difi'erentiable functions of p and T, whence, 
dyi ^ ^ ^ ^ 
dvVg oLVg dAy-g dWg 
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since the pressure is constant during the process. Equations A.4, A.9, A.12, A.13 
and A. 14 can be used to ehminate zi and zg from the direct term of the differential 
latent heat, 
^ , ^9 ( ^ ) p ( Z L i + Ml ( ^ ) ( Z L i 
where Ahi = hig — hu and A/12 = /igg — h2i. These partial molar enthalpy 
differences can be replaced using the two component versions of the Clapeyron 
equation, 
f = 3:1 A/ii + X2A/j,2 / ^ A/ii + y2Ah2 , . 
\dT)y^ r(xi A?;i + X2 A^;2) \dT) r(?/i At;i + y2Aw2) 
where vu, V21, Vig and V2g are the partial molar volumes of components 1 and 2 
in the liquid and in the vapour, and A-Ui = vig — Vu and Av2 = V2g — The 
direct term can therefore be written, 
^ . _ ^9^ ( o t ) p i^)yi (ZLl3:iAU;) +W;T ^ ( Z L l 
h " ' 
( A . 1 7 ) 
and hence can be determined from just phase boundary and volumetric data. 
Equations A. 12 and A. 14 can also be used to eliminate dT/dMg from the indirect 
term of the differential latent heat, 
^ ^ X ( S v ^ i s ? 
The indirect term thus requires measurements of thermal quantities (the molar 
heat capacities) in addition to phase boundary data. 
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Appendix B 
The film model 
The film model is well documented in the open literature, with most derivations of 
the theory assuming a planar geometry, for example, Krishna and Taylor (1993). 
In preparation for the next appendix, the film model theory is developed here 
assuming a cylindrical geometry and a binary mixture. 
The top diagram in Fig. B.l illustrates a mixture of two components flowing 
through a cylindrical channel, transferring both heat and mass to the medium 
adjacent. The channel radius, r j , is constant. Cylindrical polar coordinates (r, 
6, z) determine position in the system, with the origin on the channel axis at the 
channel entrance, and the z axis in line with the channel axis. 
The flow is axisymmetric and steady, so pressure, temperature, component 1 
mole fraction, and component 1 and 2 velocities, p, T, yi, Ui and U2, depend on 
just radial and axial position, r and z. 
The film model makes the assumption that the component 1 mole fraction 
and temperature vary with radial position only in mass and heat transfer film 
regions adjacent to the channel boundary. In the channel core, composition and 
temperature are constant with radial position, 
for 0 < r < (B.l) 
T(r, z) = Th{z) for 0 < r < (B.2) 
where and rh are the mass and heat transfer film boundaries. The bottom 
diagram in Fig. B.l illustrates the composition and temperature profiles. 
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The following equations of mass and energy conservation apply in the film 
regions, 
+ = 0 for r ^ < r < r ; (B.3) 
d dT dT 
- A ^ ( r — ) + rj{niCpi + n jCps)-^ = 0 ioi Vh < r < n (B.4) 
where the total molar concentration, mass diffusion coefficient, thermal conduc-
tivity, and component 1 and 2 partial molar heat capacities, Q , D, A, Cpi and 
Cp2, are constant across the films. The component 1 and 2 molar fluxes, n i and 
ng, are defined, 
n i = yiCtUi ns = (1 - yi)CtU2 (B.5) 
The radial components of the two molar fluxes at the channel boundary are 
n[{ri,z) and z), but are denoted simply ni and Mg. 
Following Bird et al. (1960), consider first the situation of low mass transfer 
rates. In the limit of the net molar flux tending to zero, > 0, the mass 
conservation equation in the mass transfer film reduces to, 
= 0 for < r < r / (B.6) 
In the limit of the molar fiuxes both tending to zero, ni ^ 0 and Mg —^  0, the 
energy conservation equation in the heat transfer film reduces to, 
(B'7) 
(B.8) 
Integrating these equations twice with respect to r at constant z gives, 
_ _ yi-yii _ _ t - T i 
M r / A h ) 
where y u and T/ are the component 1 mole fraction and temperature at the 
channel boundary. The dimensionless distances within the mass and heat transfer 
films, and ^h , are defined, 
^ ln(L/C) " I n f r z N 
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When r = r ^ , = 1 and yi = yi^, and when r = r/i, = 1 and T = Th-
Substituting these values into Eq. B.8 gives, 
_ _ yim - vii - f ^ ) = (B10) 
\ a r y r ; hi(r;/rrn) \ A ; 
From Eqs. B.8 and B.IO, it can be seen that the composition and temperature 
profiles in the film regions are linear with and at low mass transfer rates, 
The mass and heat transfer coefficients at low mass transfer rates, P and a , are 
defined, 
—CfD = CtP{yirn — Uii) — A = a(T% — Tj) (B.12) 
Therefore from Eq. B.IO, 
/3 = — p T — — r « = —r-7—i—r (B.13) 
r / l n ( r / / r ^ ) r j ln ( r / / r f t ) 
The film thicknesses can be expressed in terms of the dimensionless Sherwood 
and Nusselt numbers, Sh and Nu. These numbers are defined generally as Sh = 
I3L/D and Nu = aL/\, where L is a characteristic dimension for the system. 
Taking L as the channel diameter, 2r/, and using Eq. B.13 leads to, 
= exp(-2/5' / i) Th/ri = exp{-2/Nu) (B.14) 
Figure B.2 shows how the mass transfer film thickness relative to the channel 
dimension, (r/ — rm)/r / , varies with the Sherwood number, Sh. 
Now consider the situation where the molar fluxes, ni and Mg, are finite. 
Integrating Eqs. B.3 and B.4 with respect to r at constant z gives, 
— ^ + ("•! + "2)(?/i — yi/) (B.15) 
"^ ( ^ ) ^ + i'l^iCpi + ^2Cp2){T - Tj) (B.16) 
Integrating again gives, 
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(f )„ -" 
where the low mass transfer rate coefficients have been introduced, and where 
the mass and heat transfer rate factors, and are defined, 
Gtp a 
With r = r^ , = 1 and = yxm-, the diffusive molar flux can be expressed in 
terms of the driving composition difference across the mass transfer film, 
With r = r/i, = 1 and T = Th, the conductive heat flux can be expressed in 
terms of the driving temperature difference across the heat transfer film, 
(i")„"" 
The following expressions for the composition and temperature profiles can be 
derived from Eqs. B.17 and B.18, and B.20 and B.21, 
yi - Vii ^ 1 - e x p ( - $ M W ) T-Ti ^ 1 - exp(-$f f^ j f ) 
Uim — Uii 1 ~ exp(—$7v/) Th — Tj 1 — exp(— 
Figure B.3 illustrates the effect of increasing upon the temperature profile. 
Equations B.15 and B.16 can be used to give the following equations the 
diffusive molar flux and conductive heat flux at the film boundaries, 
(S)exp(«r) 
'dT\ f r i \ 
Figure B.4 shows how the correction factors to the low mass transfer rate coeffi-
cients in Eqs. B.21 and B.24, exp($/f)/(exp($^f) - 1) and $ff / (exp($j / ) - 1), 
vary with ^h - The graph uses a logarithmic scale on the vertical axis. 
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Figure B.l: The film model for a cylindrical geometry. 
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301 
Appendix C 
The Colburn-Drew models 
Three models of dephlegmation of a binary vapour mixture in a vertical straight 
round tube are described here. Following Colburn and Drew (1937), it is assumed 
that the film model of heat and mass transfer applies in the vapour, and that 
thermodynamic equilibrium exists at the liquid/vapour interface. The models 
differ only in the assumptions concerning the heat and mass transfer in the liquid. 
Differentiation under the integral sign 
Equation C.6 below will be used repeatedly in this appendix. It relates to differ-
entiation of definite integrals of the form, 
^^ (4= / (C.l) 
J a 
where fi(r, z) is an integrable function of variable r in the range a<r<b, and a 
and b are differentiable functions of parameter z. From the mathematical theorem 
for differentiation under the integral sign, 
^ z ) £ - a A ( a , z ) ^ + ^ ^ r d r (C.2) 
Suppose the function fi{r,z) relates to a second function f2{r,z) through the 
partial differential equation. 
Using this relation in Eq. C.2 gives, 
^ = ^ ^ [ r f ^ d r (C.4) 
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and therefore, 
^ - 6/2(6, z) + a/2(a, z) (C.5) 
Finally, if the terms involving dh/dz and da/dz sum to zero, Eq. C.5 becomes, 
— =—6/2(6, z) + 0/2(0, z) (C.6) 
The sys tem 
Figure 3.1 of Chapter 3 illustrates the reflux condensation of a binary vapour 
mixture in a vertical straight round tube of inside radius r^,. Cylindrical polar 
coordinates (r, 9, z) determine position in the system, with the origin of the 
coordinate system on the tube axis at the tube bottom, and the z axis in line 
with the tube axis. 
The flow in the tube is axisymmetric and steady, with the liquid confined to 
a region adjacent to the wall ( r j < r < r^), and the vapour occupying the core 
of the channel (0 < r < r/) , where r i is the radius of the liquid/vapour interface. 
The pressure is assumed to be constant, Pg{r, z) = pi{r, z) = p, despite interfacial 
friction and curvature. 
Vapour 
The component 1 mole fraction and temperature vary with radial position only 
in mass and heat transfer film regions adjacent to the interface. In the vapour 
core, composition and temperature are constant with radial position, 
m(?', = mg(^) for 0 < r < (C.7) 
T(r, z) = Tg{, z) for 0 < r < ru (C.8) 
where and are the mass and heat transfer film boundaries. The discussion 
for the vapour is greatly simplified by assuming, 
Tm = Th (C.9) 
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In the vapour core, mass conservation for component 1, mass conservation for 
components 1 and 2, and energy conservation are expressed by, 
+ 7%2g)) = 0 for 0 < r < rm(C.lO) 
+ ^2g)) + + ^2^) = 0 for 0 < r < r ^ ( C . l l ) 
+ "-23^23 + gp) + + 'nlg)hg) = 0 {oX Q < T < Th (C.12) 
where n\g and nf^, and and nig are the radial and axial components of the 
component 1 and 2 molar fluxes, and rigg, and is the radial component of 
the conductive heat flux, q^. The component 1 and 2 partial molar enthalpies, 
hig and /igg, and molar enthalpy, hg, are functions of Tg and yig. 
The component molar flows and energy flow across the film regions in the 
radial direction are constant, 
rmnim = ThUih = r / n i (C.13) 
r m n 2 m = = r i n 2 ( C . 1 4 ) 
rini{hig - higi) + rin2{h2g - h2gi) = -rhQgh + riQgj (C.15) 
where ni , rig and Qgi are the radial components of the molar fluxes and conductive 
heat flux at r / , n2h and qgh are the radial components of the molar fluxes 
and conductive heat flux at r^, riim and n2m are the radial components of the 
molar fluxes at and higj and h2gi are the component 1 and 2 partial molar 
enthalpies at r / . 
The bulk vapour molar flow rate, Fg{z), is defined, 
p2ir pTm rrm 
Fg= del {nig + nlg)rdr = 2tt I {nlg + nlg)rdr (C.16) 
Jo Jo Jo 
Applying Eq. C.6 to Eqs. C.IO to C.12 and using Eqs. C.13 and C.14 therefore 
gives, 
= -27r r /n i (C.17) 
dF 
= - 2 7 r r / ( n i + ^ 2 ) (C .18 ) 
- ^ ( h g F g ) + 2 7 r r / ( n i / i i g + = -2 'Krhqgh ( C . 1 9 ) 
3 0 4 
and so from Eqs. C.15 and C.19, 
^ ( h g F g ) + 2Trri{nihigi + 722/^ 2 /^) = -2'irriqgi (C.20) 
Equations C.17 and C.18 show that the axial rate of change of vapour composition 
is proportional to the diffusive molar flux at the mass transfer film boundary, 
= - 2 7 r r / ( n i - y ig{ni + ng) ) (C.21) 
Equation B.23 from Appendix B is the appropriate constitutive equation, 
n i - yig{ni + Mg) = ~ (C.22) 
Since the molar enthalpy is a function of p, Tg and yig, use of the product and 
chain rule on d{hgFg)/dz gives, 
where Cpg is the molar heat capacity of the bulk vapour. From thermodynamics, 
''9 hlg — h2g (C.24) 
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Therefore, from Eqs. C.18, C.21 and C.24, 
^ + ? i 2 / ^ 2 g ) ( C . 2 5 ) 
Equations C.19, C.23 and C.25 show that the axial rate of change of vapour 
temperature is proportional to the conductive heat flux at the heat transfer film 
boundary, 
dT 
= - 2 7 r r k g g k ( C . 2 6 ) 
Equation B.24 from Appendix B is the appropriate constitutive equation, 
where qg is the radial component of the conductive heat flux at the heat transfer 
film boundary referred to the surface area of the interface. Finally, using Eqs. 
C.15 and C.26 gives, 
dT 
- 2 7 r r ; M i ( / i i g - / t i g / ) - 2 7 r r f n , 2 ( A ' 2 g - / i z g / ) = - 2 7 r r ; g g ; ( C . 2 8 ) 
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Interface 
Thermodynamic equihbrium exists at the interface. Hence, in addition to the 
Uquid and vapour pressures being equal at the interface, the liquid and vapour 
temperatures and component chemical potentials are also equal, 
where nn, 1121, jJ'ig and //gg are the component 1 and 2 chemical potentials in the 
liquid and vapour, T/ is the temperature of the liquid and vapour at the interface, 
Xii is the component 1 mole fraction in the liquid at the interface, and yu is the 
component 1 mole fraction in the vapour at the interface. 
In order for mass and energy to be conserved in the system, the following 
boundary conditions apply at the interface, 
z) (C.30) 
^2 = z) = z) (C.31) 
T^iihigi — h i l l ) + Ti2{h2gi — h2u) = —Qgi + Qii (C.32) 
where n^i are the radial components of the molar fluxes, nn and 1121, qu is 
the radial component of the conductive heat flux, q;, at r j in the liquid, and h m 
and h2u are the component 1 and 2 partial molar enthalpies at r j in the liquid. 
Liquid 
The following expressions of mass conservation for component 1, mass conserva-
tion for components 1 and 2, and energy conservation apply in the liquid, 
+ ^2()) = 0 for r / < r < (C.33) 
= 0 for r ; < r < (C.34) 
+ ?[)) + = 0 for r ; < r < (C.35) 
where nh and are the axial components of the molar fluxes, hn and h2i are 
the component 1 and 2 partial molar enthalpies, and hi is the molar enthalpy. 
The liquid molar flow rate, is defined by, 
f-Tw rrw 
Fi = - dO j {nh + nli)rdr = -2tt / {nh + nli)rdr (C.36) 
Jo Jri Jri 
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so that Fi is positive, since the hquid flows downwards in the negative z direction. 
Mass does not cross the tube wall, only heat. That is, 
fAii'fw, z) = 0 z) = 0 (C.37) 
Therefore, applying Eq. C.6 to Eqs. C.33 to C.35 gives, 
^ ( 3 : 1 / = -2 'Krini (C.38) 
—— = —27rr/(7T.i + 71.2) (C.39) 
^ ( / i f F i ) + 2'Kriinihiii + = 27r(r^g - n q u ) (C.40) 
where q is the radial component of the conductive heat flux at the wall. Equations 
C.38 and C.40 have made use of the mean value theorem for integrals, which 
requires nf; + n\i to be of the same sign over the interval r / to r^. The flow 
average mole fraction of component 1 in the liquid is denoted xu and is equal to 
the mole fraction of component 1 at radial position in the liquid, 
zi;(z) = where r ; < (1 < (C.41) 
The flow average liquid molar enthalpy is denoted / if , and is equal to the liquid 
molar enthalpy at radial position ^2 in the liquid, 
hf (2) = hi{^2, z) where r / < ^ < (C.42) 
From Eqs. C.38 and C.39 follows, 
= -27rr / (n i - xii{ni + rig)) (C.43) 
When the liquid molar flow rate is zero, as it is at the top of the vertical tube, 
= f w Equation C.41 shows that xn = Xi(r/, z), and Eq. C.43 shows that the 
diffusive molar flux in the liquid is zero. That is, 
rj = Tw and xu = xu and rii — Xi/(ni + 722) = 0 when Fi = 0 (C.44) 
The discussion proceeds on the assumption that the flow average liquid molar 
enthalpy, h f , must be a function of the flow average composition, Xu, and some 
307 
temperature, 7], between the wall and interface temperatures, 7^ < 7] < T/. 
Therefore, 
h f = xiih^i + (1 - xii)h2i (C.45) 
where hfi and h^i are the liquid partial molar enthalpies, functions of p, 7] and 
xii- The equations equivalent to Eqs. C.23 and C.25 are, 
= + + (C.46) 
+ rhh^i) (C.47) 
where is the hquid molar heat capacity, a function of p, 7] and Xu. Therefore 
from Eqs. C.40, C.46 and C.47, 
dT 
+ 2'Kri{ni{hiii - h^{) + 7 2 2 - h^j)) = 27r(r^g - riqu) (C.48) 
Overall mass and energy conservation 
Overall mass and energy conservation equations derive from the conservation 
equations for each phase, Eqs. C.17, C.18 and C.20 and Eqs. C.38 to C.40, and 
the boundary conditions at the interface, Eqs. C.30 to C.32, 
~ VigFg) = 0 (C.49) 
- { F i - F g ) — ^ (C.50) 
^ ( / i f Fi - hgFg) = 2'Kryjq (C.51) 
The alternative forms of the energy conservation equations for each phase, Eqs. 
C.28 and C.48, can also be combined using the boundary condition C.32, 
2'Krini{hig - hh) + 2-Krin2{h2g - h^i) - F g C p g ^ + = 2nru,g (C.52) 
Using Eqs. C.17 and C.18, the energy conservation equation above can be written, 
Lp (C.53) 
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where Lp is the differential molar latent heat of reflux condensation at constant 
pressure, 
^ jrp irp 
Lp = ~C^Zi[{higl - hill) + {hig - higl) + {hilJ - hfi))) - FgCpgJ^ + FlCpl—^ 
i = l 9 ^ ^ 9 
(a) (c) (d) (e) 
( C . 5 4 ) 
and where zi and zg are the 'composition' of the condensing vapour, 
^2 = ~ yig)Fg) (C.55) 
The molar enthalpy change during condensation at constant pressure is thus seen 
as the sum of (a) the direct term associated with the phase change at constant 
temperature and pressure, and the indirect terms (b) the sensible cooling of the 
condensing vapour, (c) further sensible cooling of the condensing flux, (d) vapour 
sensible heat, and (e) liquid sensible heat. It is a negative quantity, and is the 
steady-state flow equivalent of Eq. A. 10 in Appendix A for reflux condensation 
of binary mixtures when the temperature difference between the vapour and cold 
wall is finite, Tg — T^j > 0. Typically, the liquid sensible heat term is positive, 
because the liquid gets hotter as it fiows downwards. 
Unlike the vapour, no description has been given yet of the composition and 
temperature profiles in the liquid. To remedy this, three different models of the 
liquid phase heat and mass transfer are now described. The models are simple in 
that no attempt to solve for a liquid velocity profile is made. 
C. l Saturated liquid model 
The liquid composition is constant with respect to radial position r, 
xi{r,z) = xii{z) for r ; < r < (C.56) 
The liquid is said to be mixed with respect to composition. The mass conservation 
equations C.38, C.43 and C.49 become, 
^ ( x i i F i ) = - 2 ' n r j n i (C.57) 
3 0 9 
= ~2'Kri{ni - xii{ni + Mg)) (C.58) 
- VigFg) = 0 (C.59) 
The liquid temperature is constant with respect to radial position, except in a 
narrow layer of thickness 6 adjacent to the wall, 
T{r, z) = Ti{z) for rj < r < rs (C.60) 
where rs = — 5. It follows from Eq. C.29 that the liquid in the region 
r/ < r < ra is saturated, since it is at the temperature, pressure and composition 
for thermodynamic equilibrium with the vapour at the interface. Furthermore, 
the liquid molar enthalpy in the region rj < r < rg is equal to the liquid molar 
enthalpy at the interface, hi{r,z) = hu{z). Hence, 
rrs 
/ = / i ; ; / ( T i i ; + M g j r d r ( C . 6 1 ) 
Jrj J vj 
In the limit that the thickness of the narrow layer tends to zero, the flow average 
liquid molar enthalpy equals the liquid molar enthalpy at the interface, 
lim hf = hii (C.62) 
5—i-O 
In the saturated liquid model, energy conservation assumes the limit of <5 —> 0. 
Therefore, Eq. C.40, the energy conservation equation for the hquid, becomes, 
+ 2-Kri{nihiii + = 27r(r«,g - r iqu) (C.63) 
and the expanded version, Eq. C.48, reduces to, 
dT 
= 27r(r^g - r iqu) (C.64) 
where Cpu is the molar heat capacity of the liquid at the interface, a function of p, 
Tj and xu. Observe that 7} can be expressed as a function of p and xu because 
of the condition for thermodynamic equilibrium at the interface, and hence, 
- r - = o 1— (C.65) 
dz uXii dz 
The overall energy conservation equations, Eq. C.51 and Eq. C.52, become, 
= 2 7 r r u , g ( C . 6 6 ) 
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dT dT 
2'Krini{hig - hm) + 27rr/n2(/i2g - hiu) - = 2%^^? (C.67) 
and the differential heat, Eq. C.54, reduces to, 
^ ^ rfr dT 
Zi{{higi - hill) + {hig - higi))) - FgCpg—^ + F i C p u ( C . 6 8 ) 
i = i 3 s 
So because the bulk liquid temperature is constant, the differential heat of the 
saturated liquid model has no liquid sensible cooling term. 
It is assumed that an appropriate condensate heat transfer coefficient, ai, will 
relate the wall heat flux to the temperature difference across the liquid, 
q = a i { T i - T y j ) (C.69) 
C.2 Mixed liquid model 
Like the saturated liquid model, the liquid is assumed to be mixed with respect to 
composition. Hence, Eqs. C.56 to C.59 apply. However, the mixed liquid model 
does not assume a constant bulk liquid temperature. Instead, it is assumed that 
the conductive heat flow across the liquid in the radial direction is constant, 
^ ( r g [ ) = 0 for r / < r < (C.70) 
Hence, 
- r iqu = 0 (C.71) 
The energy conservation equation for the liquid, Eq. C.48, reduces to, 
dT 
+ 27rrj(ni(/ii// — hfi) + n2{h2ii — h^i)) = 0 (C.72) 
The overall energy conservation equation, Eq. C.52, reduces to, 
dT 
2nrini{hig - hui) + 2TTrin2{h2g - h2ii) - (C.73) 
and the differential heat, Eq. C.54, reduces to, 
Lp = — — hill) + {hig — higl))) — FgCpg—^ (C.74) 
i=l ^^9 
The differential heat of the mixed liquid model has neither a liquid sensible cooling 
term, nor a liquid sensible heat term. Typically, these terms are of opposite sign 
in reflux condensation, so Eq. C.72 shows that they cancel out. 
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C.3 Unmixed liquid model 
Like the mixed hquid model, it is assumed that the conductive heat flow across the 
liquid in the radial direction is constant. Hence, the Eqs. C.70 to C.74 describe 
the energy conservation. However, unhke the mixed and saturated liquid models, 
the liquid composition is not uniform. Instead, it is assumed that there is no 
mass diffusion in the hquid; the phase is said to be unmixed with respect to 
composition. This means, in particular, that the composition at the interface is 
determined by the local molar fluxes. 
Til — 4" Mg) = 0 (C.75) 
Using Eqs. C.17, C.18 and C.55, it can be seen that Eq. C.75 is equivalent to, 
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Appendix D 
Local condensation 
This section looks at how condensation at a vertical position in a dephlegmator 
is affected by changing various parameters. The calculations involve turbulent 
vapour flow, and were carried out following the method described in Section 3.2.3 
of Chapter 3 (sequence 2). 
Consider the condensation at the top of a double-pipe dephlegmator. No 
condensation above has occurred, so the liquid produced has the composition of 
the condensing vapour (Eq. C.76), 
ni 
Xii — Zi — 
+ ^2 
The composition is determined by solving the unmixed hquid model Colburn-
Drew equations. Recall that these equations are the equation for the heat flux 
from the condensing vapour (Eqs. C.26, C.27, C.44, C.73), 
2 2 ^ 
q = {ni +712)(^Zi{higi-hill)+ '^Zi{hig-higi)) + % _ 1 
i=i i = i i 
(D.l) 
the equation for the heat flux to the cold side, noting 7} = 
9 = ( D . 2 ) 
the equation for vapour mass transfer (Eqs. B.19, C.22), 
( r ^ i + n g ) - h i ( " l + ( D . 3 ) 
V Ulg - / 
and the equations for equilibrium between the liquid and adjacent vapour, of 
composition y u (Eq. C.29). 
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In Fig. D.l , the top-left temperature-composition graph shows a section of 
the phase envelope bounded by the dew and bubble point hnes for ethane and 
propane at 10 bar. The tie line shown joins the composition of the liquid produced 
by condensation and its vapour. 
It is evident from the slope of the dew and bubble point lines that if the tie 
line were to shift upwards, with a hotter liquid richer in the heavy component 
propane produced at the wall, then yu — yig decreases while yig — Zi increases. 
According to Eq. D.3, this implies a smaller condensing molar flux Mi + Mg, or a 
larger vapour concentration-mass transfer coefficient product, CtgPg. 
Conversely, a larger condensing molar flux Mi+Mg, or a smaller vapour 
concentration-mass transfer coefficient product CtgPg, would result in the tie-
line shifting downwards with the liquid produced colder and richer in the light 
component ethane. 
For a given cold side, it is clear that as the liquid becomes richer in propane, 
leaner in ethane, and hotter, that the heat flux to the cold side increases. In the 
top-right graph of Fig. D.l , line A is the heat flux to cold side Uc{Ti — Tc) plotted 
as a function of the liquid composition. 
Line C is the heat flux from the condensing vapour defined by Eq. D.l also 
plotted as a function of the liquid composition. For a given hot vapour, where 
Ctgf3g is fixed, it is seen that as the liquid becomes richer in propane, leaner in 
ethane, and hotter, that the heat flux from the condensing vapour decreases, 
because of the decreasing condensing molar flux. 
The value of x u = zi at the intersection of the two lines A and C is the 
liquid/condensing vapour composition that satisfies the equations above for the 
given hot vapour and cold side in the specified exchanger geometry. 
Changing the cold stream temperature Tc or thermal resistance 1/Uc 
Suppose that either the temperature difference between the hot vapour and cold 
side decreases because the cold stream temperature is raised, or the cold side 
thermal resistance increases because the cold stream flow rate is reduced. These 
changes to the cold side each lead to a reduced heat flux and condensing mo-
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lar flux. With the hot vapour and hence vapour concentration-mass transfer 
coefficient product unchanged, the reduced condensing molar flux improves the 
separation and the condensation produces a hotter hquid at the wall that is richer 
in the heavy component, and leaner in the light. 
The middle-left graph of Fig. D.l shows this change in liquid composition 
upon raising the cold stream temperature by 1 deg C. The value of x u = zi at 
the intersection of lines B and C is the new solution, the line B being Uc{Ti — T^) 
against Zi with the increased cold stream temperature. 
Changing the hot vapour molar flow rate, Fg 
Suppose that the vapour flow rate increases and that the flow is turbulent. Then 
the vapour mass transfer coefficient increases and the condensation results in 
an improved separation. The liquid produced at the wall is richer in the heavy 
component, leaner in the light. Furthermore, since the liquid is hotter and the 
cold side is unchanged, the heat flux increases. The condensing molar flux may 
increase, decrease or remain the same. This depends upon the change in the 
direct phase change term of Eq. D.l , YM^iZi{higi — hm) as the condensing 
vapour composition becomes richer in the heavy component, and the extent to 
which the vapour heat transfer coefficient ag increases due to the increased flow 
rate. 
The middle-right graph of Fig. D.l shows the change in liquid composition 
upon increasing the vapour flow rate, from a Reynolds number of 20564 to 25000. 
The value of Zi at the intersection of lines A and D is the new solution. The 
line D plots the heat flux from the condensing vapour against liquid composition 
with the increased the vapour heat and mass transfer coefficients. The line D 
lies to the left of line C because for the same value of zi, increasing Pg increases 
721 + 722, and with the increased value of ag, this means an increased heat flux. In 
this comparison, increasing the vapour flow rate by 22% increases the condensing 
molar flux by 3%, from 0.00044205 to 0.00045641 kmol/m^s. 
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Changing the hot vapour temperature, Tg 
Suppose that the vapour temperature increases. Then the vapour concentration-
mass transfer coefficient product changes but not significantly, and the liquid 
produced will have a composition that differs only if the condensing molar flux 
changes. Suppose the condensing molar flux did not change. Then a liquid of the 
same composition and temperature would be formed at the wall, and the heat 
transferred through the wall to the cold side would not change. However, this is 
not possible because there is an increase in the conduction heat transfer from the 
now hotter vapour. Instead, the condensing molar flux decreases to compensate 
for the increase in vapour heat transfer, and in so doing, the separation improves. 
The result of the increase in vapour temperature, therefore, is that the liquid 
produced at the wall is hotter and richer in the heavy component and leaner in 
the light, and since the cold side is unchanged, the heat flux is increased. 
The lower-left graph of Fig. D.l shows the change in liquid composition upon 
increasing the vapour temperature by 20 deg C. The value of Zi at the intersection 
of lines A and E is the new solution. The line E lies above line C because for the 
same value of Zi, the vapour concentration-mass transfer coefficient product and 
hence condensing molar fiux decrease as the vapour temperature increases, but 
the vapour conduction heat transfer rate increases more significantly. 
Changing the tube inner wall radius, 
Suppose the tube wall thickness increases so that the inside diameter decreases 
but the outside diameter remains constant. The vapour heat and mass transfer 
coefficients increase, the surface area of the inside wall decreases, and there is 
more metal between the vapour and cold side. 
The characteristic dimension for vapour heat and mass transfer decreases, 
which increases the coefficients, but the reduction in the inside wall surface area 
increases the condensing molar flux to the same extent. In determining sep-
aration, these factors cancel out. However, the decrease in the cross-sectional 
area increases the vapour velocity, and so for a turbulent vapour, the coefficients 
increase relative to the condensing molar flux. Decreasing the inside diameter 
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therefore results in an improved separation. The hquid produced is richer in the 
heavy component and leaner in the light, and the inside wall of the tube is hotter. 
There is however, more metal between the vapour and cold side. The amount 
of heat transfer and liquid produced per unit time per unit length, 27rr„g and 
2Tvryj{ni +M2), could therefore either increase, decrease, or stay constant upon 
decreasing the inside diameter. 
The upper-right graph of Fig. D.2 repeats the data shown in the upper-right 
graph of Fig. D.l , but the lines A and C now show the heat fluxes of Eqs. D.l 
and D.2 multiplied through by the ratio of the inner wall radius to outer wall 
radius, r^/r^o- This refers the heat fluxes to the area of the outside of the tube, 
which remains fixed during the change. 
The lower-left graph of Fig. D.2 shows the change in liquid composition upon 
reducing the inside diameter from 21.2 to 19.8 mm. The value of Zi at the in-
tersection of lines F and G is the new solution. In this case, the heat flux and 
condensation flux increase at the inside wall. However, because the inside perime-
ter decreases, the graphs identify that the heat transfer and condensation rates 
over a length Sz from the point, and 27rru,(ni+ 722), decrease. The increase 
in the vapour heat transfer coefficient does not compensate for the increase in 
the tube wall thermal resistance. 
Changing the parameters above in calculations wi th the mixed and 
saturated liquid models 
The presence of condensate does not change the arguments presented above. In 
the mixed and saturated liquid models, the liquid composition at a point in the 
exchanger is determined by an integration of the previous condensation. The 
temperature of the interface is therefore fixed, and the appropriate equation for 
the heat flux to the cold side is, 
g = [/otGTr --(Tc) (I).4) 
instead of Eq. D.2. The overall thermal resistance of the cold side, 1/Uo (= 
1/Uc + l / a i ) , takes into account the thermal resistance of the condensate, ct/. For 
a given cold side, the plot of Uo{Tj — Tc) versus the condensing vapour composition 
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zi is now a horizontal line rather than a sloping one. The hnes on the graphs for 
the heat flux of Eq. D. l vary with zi in the same way. Hence, the same changes 
in the composition of the condensing vapour, now not necessarily equal to the 
liquid composition, occur upon changing the cold side flow rate or temperature, 
or vapour flow rate or temperature, or the tube inside radius. 
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Figure D.l: Condensation of ethane/propane at 10 bar at a point 
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Appendix E 
Tables of results for Chapter 5 
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CO hJ N3 
nitrogen/oxygen ; p = 1.5 bar, Tgo = 85.04 K, yw = 0.79 ; rectangular duct ; linear decreasing heat flux 
case hs r L FgO Qt Qt/FgO ^MgO yiL ZlO X Ng Vll -yig T g - T j Tg-Tu, TgL yii -- yig 
2 = 1/ z = 0 z = L 
25-26 8,12 2 0.2 0.4020 0.50 1240 22.2 0.8508 0.5502 0.2024 5.01 0.0121 0.35 0.36 84.08 0.11 0.0246 0.0035 
27-28 8,12 8 0.2 0.4020 0.50 1240 79.1 0.8571 0.5228 0.2007 18.07 0.0037 0.12 0.13 83.88 0.02 0.0079 0.0010 
29-30 8,12 2 0.6 0.4020 0.50 1240 66.7 0.8566 0.5250 0.2008 15.22 0.0044 0.14 0.14 83.89 0.02 0.0093 0.0012 
31-32 8,12 8 0.6 0.4020 0.50 1240 237.2 0.8590 0.5146 0.2002 54.35 0.0013 0.04 0.04 83.83 0.01 0.0027 0.0003 
33r34 8,12 2 0.2 0.8040 1.00 1240 11.1 0.8439 0.5800 0.2042 2.46 0.0219 0.57 0.59 84.29 0.19 0.0418 0.0070 
35-36 8,12 8 0.2 0.8040 1.00 1240 39.5 0.8545 0.5342 0.2013 8.99 0.0072 0.22 0.25 83.96 0.05 0.0150 0.0020 
37-38 8,12 2 0.6 0.8040 1.00 1240 3&3 0.8536 0.5382 0.2016 7.57 0.0084 0.25 0.26 83.99 0.06 0.0175 0.0023 
39-40 8,12 8 0.6 0.8040 1.00 1240 118.6 0.8580 0.5187 0.2004 27.14 0.0025 0.08 0.09 83.85 0.01 0.0054 0.0007 
41-42 8,12 2 0.2 0.4020 1.00 2486 11.1 0.9173 0.6074 0.4107 5 83 0.0218 0.73 0.75 82.86 0.18 0.0566 0.0047 
43-44 8,12 8 0.2 0.4020 1.00 2486 39.5 0.9523 0.5508 0.4043 21.11 0.0077 0.29 0.32 81.96 0.02 0.0250 0.0009 
45-46 8,12 2 0.6 0.4020 1.00 2486 33.3 0.9487 0.5567 0.4049 17.78 0.0089 0.33 0.34 82.05 0.03 0.0285 0.0011 
47-48 8,12 8 0.6 0.4020 1.00 2486 118.6 0.9678 0.5250 0.4015 63.41 0.0028 0.11 0.12 81.61 0.00 0.0093 0.0002 
49-50 8,12 2 0.2 0.8040 2.00 2486 5.6 0.8911 0.6478 0.4156 2.81 0.0360 1.05 1.10 83.56 0.35 0.0772 0.0107 
51-52 8,12 8 0.2 0.8040 2.00 2486 19.8 0.9355 0.5783 0.4073 10.50 0.0139 0.50 0.56 82.38 0.07 0.0408 0.0022 
53-54 8,12 2 0.6 0.8040 2.00 2486 16.7 0.9305 0.5864 0.4082 8^W 0.0159 0.56 0.58 82.51 0.10 0.0453 0.0028 
55-56 8,12 8 0.6 0.8040 2.00 2486 59.3 0.9596 0.5388 0.4030 31.69 0.0054 0.20 0.23 81.80 0.01 0.0178 0.0005 
U n i t s : hs, L [m] Fg [10 ® kmol / s ] Qt [W] Qt/Fgo [kJ/kmol] Tg, T;, T i , r „ [K] r, yi , yl, XI, X, Ng, [-] 
Table E. l : Parameters and results for dephlegmators 25-56 
(LJ 
isa 
nitrogen/oxygen \ p = l.b bar, T gO = 85.04 K, j/io = 0.79 ; rectangular duct ; step decreasing heat flux 
case hs r L FgO Qt Qt/FgO yiL 210 X ^9 Vil - yig T g - T ; Tg-T^ TgL yu --yig 
z = L z = 0 z = L 
57 -58 8 ,12 2 0 .2 0 .4020 0 .50 1240 22 .2 0 . 8 5 2 1 0 .5449 0 . 2 0 2 1 4 .96 0 .0125 0 .36 0 .36 8 4 . 0 7 0 .12 0 . 0 2 1 5 0 . 0 0 6 9 
59 -60 8 ^ 2 8 0 .2 0 .4020 0 .50 1240 7 9 . 1 0 .8576 0 .5206 0 .2006 17 .87 0 .0038 0 .12 0 .13 83.88 0.03 0 .0066 0 . 0 0 2 0 
61 -62 8 ,12 2 0 .6 0 .4020 0 .50 1240 66 .7 0 . 8 5 7 2 0 . 5 2 2 4 0 . 2 0 0 7 15.05 0 .0045 0 .14 0 .14 83.89 0.03 0 . 0 0 7 7 0 .0023 
(a-64 8 ,12 8 0.6 0 .4020 0 .50 1240 237 .2 0 . 8 5 9 1 0 .5138 0 . 2 0 0 2 53 .76 0 .0013 0 .04 0 .04 83.83 0 . 0 1 0 . 0 0 2 2 0 . 0 0 0 7 
65 -66 8^2 2 0.2 0 .8040 1.00 1240 11 .1 0 .8453 0 .5740 0 .2039 2.43 0 .0228 0 .58 0 .60 84.28 0 . 2 1 0 . 0 3 8 4 0 .0136 
67 -68 8 ,12 8 0 .2 0 .8040 1.00 1240 39 .5 0 .8554 0 .5304 0 . 2 0 1 2 8^9 0 .0074 0 .22 0 .25 83.95 0.06 0 . 0 1 2 7 0 .0039 
69 -70 8 ,12 2 0 .6 0 .8040 1 .00 1240 3&3 0 .8546 0 . 5 3 4 0 0 . 2 0 1 4 7.48 0 .0086 0 .26 0 .26 83.98 0 .08 0 . 0 1 4 9 0 . 0 0 4 6 
71 -72 8,12 8 0.6 0 .8040 1 .00 1240 118.6 0 .8584 0 . 5 1 7 2 0 .2004 26.84 0 .0025 0 .08 0 .09 83.85 0 .02 0 .0044 0 .0013 
73 -74 8 ,12 2 0 .2 0 .4020 1 .00 2486 11.1 0 . 9 2 0 2 0 .6029 0 .4103 5 . 7 1 0 .0228 0 .75 0 . 7 7 82.84 0 . 2 1 0 . 0 5 4 2 0 . 0 0 8 7 
75 -76 8 ,12 8 0 .2 0 .4020 1 .00 2486 39.5 0 .9553 0 .5460 0 .4038 2 0 . 6 7 0 .0080 0 .30 0 .32 8 1 . 9 1 0 .03 0 . 0 2 2 1 0 . 0 0 1 7 
77-78 8 ,12 2 0 .6 0 .4020 1 .00 2486 3&3 0 .9518 0 .5518 0 .4044 17 .41 0 .0093 0 .34 0 .35 82 .00 0 .04 0 .0256 0 . 0 0 2 1 
79 -80 8 ,12 8 0 .6 0 .4020 1 .00 2486 118.6 0 .9693 0 .5224 0 .4013 62 .12 0 .0029 0 . 1 1 0 .12 81 .58 0 . 0 1 0 . 0 0 7 7 0 .0004 
8 1 - 8 2 8 ,12 2 0 .2 0 .8040 2 .00 2486 5.6 0 .8938 0 .6438 0 .4152 2 .75 0 .0378 1.08 1 .12 83 .54 0 .39 0 . 0 7 5 2 0 . 0 1 9 5 
6W-84 8 ,12 8 0 .2 0 .8040 2 .00 2486 19.8 0 .9386 0 .5733 0 .4068 10.28 0 .0145 0 . 5 1 0 .58 82.33 0.09 0 . 0 3 8 0 0 . 0 0 4 2 
85 -86 8 ,12 2 0 .6 0 .8040 2 .00 2486 16 .7 0 .9336 0 .5815 0 .4078 8 .64 0 .0166 0 .58 0 .59 8 2 . 4 7 0 .12 0 .0426 0 .0053 
87 -88 8 ,12 8 0 .6 0 .8040 2 .00 2486 59.3 0 . 9 6 2 1 0 .5346 0 .4026 31 .03 0 .0055 0 . 2 1 0 .23 81 .75 0 .02 0 .0153 0 .0010 
Units : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/FgO [kj/kmol] Tg,Tg',Ti,T^[K] r,yi , yl, XI, X, ^91 ^Mg [-] 
Table E.2; Parameters and results for dephlegmators 57-88 
nitrogen/oxygen ; p = 1.5 bar, TgQ = 85.04 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt/FgO UlL 310 X Ng yil — Vlg Tg — T-uj Tgt T g - r ; 
z = L 
Vll -
2 = 0 
-yig 
z = L 
89-91 8,10 12 2 0.2 0.4020 0.50 1240 2&2 0.8541 0.5368 0.2019 .L85 0.0132 0.36 0.37 84.07 0.16 0.0166 0.0101 
92-94 8,10 12 4 0.2 0.4020 0.50 1240 40.2 0.8566 0.5253 0.2011 8jW 0.0075 0^2 0.23 83.96 0.09 0.0095 0.0057 
95-97 8,10 12 8 0.2 0.4020 0.50 1240 79.1 0.8582 0.5180 0.2005 17.48 0.0039 0.12 0.13 83.88 0.04 0.0050 0.0029 
98-100 8,10 12 2 0.4 0.4020 0.50 1240 44.4 0.8569 0.5239 0.2010 9.79 0.0068 0.20 0.20 83.94 0.08 0.0086 0.0052 
101-103 8,10 12 4 0.4 0.4020 0.50 1240 80.3 0.8583 0.5179 0.2005 17.76 0.0038 0.12 0.12 83.88 0.04 0.0049 0.0029 
104-106 8,10 12 8 0.4 0.4020 0.50 1240 158.1 0.8591 0.5142 0.2003 35.05 0.0020 0.06 0.07 83.84 0.02 0.0025 0.0015 
107-109 8,10 12 2 0.6 0.4020 0.50 1240 6&7 0.8579 0.5194 0.2006 14.72 0.0046 0.14 0.14 83.90 0.05 0.0059 0.0035 
110-112 8,10 12 4 0.6 0.4020 0.50 1240 120.5 0.8588 0.5154 0.2004 26.69 0.0026 0.08 0.08 83.86 0.03 0.0033 0.0019 
113-115 8,10 12 8 0.6 0.4020 0.50 1240 237.2 0.8593 0.5129 0.2002 52.61 0.0013 0.04 0.04 83.83 0.01 0.0017 0.0010 
116-118 8,10 12 2 0.2 0.5360 0.66 1240 16.7 0.8522 0.5450 0.2024 3.61 0.0172 0.45 0.46 84.14 0.19 0.0215 0.0133 
119-121 8,10 12 4 0.2 0.5360 0.66 1240 30.1 0.8555 0.5301 0.2014 6.60 0.0099 OJW 0.29 84.01 0.12 0.0125 0.0075 
122-124 8,10 12 8 0.2 0.5360 0.66 1240 59.3 0.8577 0.5206 0.2007 13.09 0.0052 0.15 0.17 83.91 0.06 0.0066 0.0039 
125-127 8,10 12 2 0.4 0.5360 0.66 1240 3&3 0.8560 0.5283 0.2013 7.32 0.0090 0.26 0.26 83.99 0.11 0.0114 0.0068 
128-130 8,10 12 4 0.4 0.5360 0.66 1240 60.3 0.8577 0.5204 0.2007 13.30 0.0051 0.15 0.16 83.91 0.06 0.0065 0.0038 
131-133 8,10 12 8 0.4 0.5360 0.66 1240 118.6 0.8588 0.5155 0.2004 26.26 0.0026 0.08 0.09 83.86 0.03 0.0033 0.0020 
134-136 8,10 12 2 0.6 0.5360 0.66 1240 50.0 0.8572 0.5225 0.2009 11.02 0.0061 0.18 0.18 83.93 0.07 0.0077 0.0046 
137-139 8,10 12 4 0.6 0.5360 0.66 1240 9&4 0.8584 0.5171 0.2005 20.00 0.0034 0.10 0.11 83.87 0.04 0.0043 0.0026 
140-142 8,10 12 8 0.6 0.5360 0.66 1240 177.9 0.8592 0.5138 0.2002 39.44 0.0018 0.05 0.06 83.84 0.02 0.0022 0.0013 
143-145 8,10 12 2 0.2 0.8040 1.00 1240 11.1 0.8487 0.5603 0.2034 2.37 0.0247 0.60 0.62 84.26 0.24 0.0306 0.0194 
146-148 8,10 12 4 0.2 0.8040 1.00 1240 20.1 0.8535 0.5394 0.2021 4.37 0.0145 0.39 0.41 84.10 0.17 0.0182 0.0111 
149-151 8,10 12 8 0.2 0.8040 1.00 1240 39.5 0.8566 0.5256 0.2011 8.70 0.0077 0.22 0.25 83.96 0.09 0.0097 0.0058 
152-154 8,10 12 2 0.4 0.8040 1.00 1240 2Z2 0.8541 0.5368 0.2019 0.0132 0.36 0.37 84.07 0.16 0.0166 0.0101 
155-157 8,10 12 4 0.4 0.8040 1.00 1240 40.2 0.8566 0.5253 0.2011 8jW 0.0075 0.22 0.23 83.96 0.09 0.0095 0.0057 
158-160 8,10 12 8 0.4 0.8040 1.00 1240 79.1 0.8582 0.5180 0.2005 17.48 0.0039 0.12 0.13 83.88 0.04 0.0050 0.0029 
161-163 8,10 12 2 0.6 0.8040 1.00 1240 33.3 0.8560 0.5283 0.2013 7.32 0.0090 0.26 0.26 83.99 0.11 0.0114 0.0068 
164-166 8,10 12 4 0.6 0.8040 1.00 1240 60.3 0.8577 0.5204 0.2007 13.30 0.0051 0.15 0.16 83.91 0.06 0.0065 0.0038 
167-169 8,10 12 8 0.6 0.8040 1.00 1240 118.6 0.8588 0.5155 0.2004 26.26 0.0026 0.08 0.09 83.86 0.03 0.0033 0.0020 
U n i t s : hs, L [m] Fg [10 ® kmol /s ] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, Tj, [K] r, yi, y^, xi, X, ^Mg 
Table E.3: Parameters and results for dephlegmators 89-169 
nitrogen/oxygen ; p = 1.5 bar, Tgo = 85.04 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt/FgO yiL xio X Ng yii - yig Tg-Tj Tg — Tw TgL Tg - T* 
z = L 
yu -
z = 0 
-Vlg 
z = L 
170-172 8,10 12 2 0.2 0.4020 0.75 1862 14.8 0.8916 0.5578 0.3044 5.10 0,0199 0.57 0.59 83.43 0.23 0.0292 0.0121 
173-175 8,10 12 4 0.2 0.4020 0.75 1862 26 8 0.8992 0.5381 0.3025 9.34 0,0117 0.36 0.38 83.17 0.13 0 .0174 0 .0067 
176-178 8,10 12 8 0.2 0.4020 0.75 1862 52.7 0.9043 0.5248 0.3013 18.51 0,0062 0.20 0.22 83.01 0.06 0.0092 0.0034 
179-181 8,10 12 2 0.4 0.4020 0.75 1862 2&6 0.9002 0.5356 0.3023 10.35 0.0107 0.33 0.34 83.14 0.11 0.0159 0.0061 
182-184 8,10 12 4 0.4 0.4020 0.75 1862 53.6 0.9044 0.5246 0.3013 18,81 0.0061 0.20 0.20 83.00 0.06 0.0091 0 .0034 
185-187 8,10 12 8 0.4 0.4020 0.75 1862 105.4 0.9071 0.5176 0.3006 37.14 0.0032 0.10 0.11 82.92 0.03 0.0047 0.0017 
188-190 8,10 12 2 0.6 0.4020 0.75 1862 44.4 0.9033 0.5275 0.3015 15,58 0.0073 0.23 0.24 83.04 0.07 0.0108 0 .0041 
191-193 8,10 12 4 0.6 0.4020 0.75 1862 80.3 0.9062 0.5199 0.3008 28.27 0.0041 0.13 0.14 82.95 0.04 0.0061 0.0022 
194-196 8,10 12 8 0.6 0.4020 0.75 1862 158.1 0.9080 0.5152 0.3004 55.76 0.0021 0.07 0.08 82.89 0.02 0.0031 0.0011 
197-199 8,10 12 2 0.2 0.5360 1.00 1862 11.1 0.8864 0.5709 0.3056 3.79 0.0254 0.70 0.72 83.59 0.29 0.0366 0.0161 
200-202 8,10 12 4 0.2 0.5360 1.00 1862 20.1 0.8960 0.5466 0.3033 6.97 0.0152 0.46 0.48 83.29 0.17 0.0225 0.0090 
203-205 8,10 12 8 0.2 0.5360 1.00 1862 39.5 0.9025 0.5295 0.3017 13.85 0.0081 0.26 0.28 83.06 0.08 0.0121 0.0046 
206-208 8,10 12 2 0.4 0.5360 1.00 1862 2&2 0.8972 0.5434 0.3030 7.73 0.0139 0.42 0.43 83.24 0.15 0.0206 0 .0081 
209-211 8,10 12 4 0.4 0.5360 1.00 1862 40.2 0.9027 0.5292 0.3017 14.08 0.0080 0.25 0.27 83.06 0.08 0.0119 0.0045 
212-214 8,10 12 8 0.4 0.5360 1.00 1862 79.1 0.9062 0.5201 0.3008 27.82 0.0042 0.14 0.15 82.95 0.04 0.0062 0.0023 
215-217 8,10 12 2 0.6 0.5360 1.00 1862 33 3 0.9012 0.5329 0.3020 11.66 0.0095 0.30 0.31 83.11 0.10 0.0142 0.0054 
218-220 8,10 12 4 0.6 0.5360 1.00 1862 60.3 0.9050 0.5231 0.3011 21.18 0.0054 0.17 0.18 82.98 0.05 0 .0081 0.0030 
221-223 8,10 12 8 0.6 0.5360 1.00 1862 118.6 0.9074 0.5168 0.3006 41.79 0.0028 0.09 0.10 82.91 0.02 0 .0042 0.0015 
224-226 8,10 12 2 0.2 0.8040 1.50 1862 7.4 0.8774 0.5933 0.3075 2.47 0.0353 0.91 0.94 83.84 0.37 0.0491 0.0238 
227-229 8,10 12 4 0.2 0.8040 1.50 1862 13.4 0.8899 0,5621 0.3048 4,60 0.0217 0.62 0.66 83.49 0.25 0.0316 0 .0134 
230-232 8,10 12 8 0.2 0.8040 1.50 1862 26.4 0.8991 0.5385 0.3025 9.19 0.0119 0.37 0.41 83.18 0.13 0.0177 0.0068 
233-235 8,10 12 2 0.4 0.8040 1.50 1862 14.8 0.8916 0.5578 0.3044 5,10 0.0199 0.57 0.59 83.43 0.23 0.0292 0.0121 
236-238 8,10 12 4 0.4 0.8040 1.50 1862 2&8 0.8992 0.5381 0.3025 9,34 0.0117 0.36 0.38 83.17 0.13 0 .0174 0 .0067 
239-241 8,10 12 8 0.4 0.8040 1.50 1862 52.7 0.9043 0.5248 0.3013 18.51 0.0062 0.20 0.22 83.01 0.06 0 .0092 0 .0034 
242-244 8,10 12 2 0.6 0.8040 1.50 1862 22^ 0.8972 0.5434 0.3030 7.73 0.0139 0.42 0.43 83.24 0.15 0.0206 0.0081 
245-247 8,10 12 4 0.6 0.8040 1.50 1862 40.2 0.9027 0.5292 0.3017 14.08 0.0080 0.25 0.27 83.06 0.08 0.0119 0.0045 
248-250 8,10 12 8 0.6 0.8040 1.50 1862 79.1 0.9062 0.5201 0.3008 27.82 0.0042 0 .14 0.15 82.95 0 .04 0 .0062 0 .0023 
U n i t s : h j , L [m] F , [10 ® k m o l / s ] Qt [W] Q j / F g o [kJ/kmol] Tj , T* , Tj , [K] r, yi, y^, xi, X, Ng, ^Mg [-] 
Table E.4: Parameters and results for dephlegmators 170-250 
nitrogen/oxygen ; p = 1.5 bar, Tgo — 85.04 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
^ MgO case hs r L FgO Qt Qt/FgO yiL 210 X ^9 Vll — yig Tg-Ti Tg — Tw TgL 
z = L 
Vil -
z = 0 
-yig 
z = L 
251-253 8,10,12 2 0.2 0.4020 1.00 2486 11.1 0.9295 0.5884 0.4090 ;x42 0.0257 0.81 0.82 82.71 0.28 0 .0464 0.0112 
254-256 8,10,12 4 0.2 0.4020 1.00 2486 20.1 0.9467 0.5603 0.4056 9.94 0.0158 0.54 0.56 82.20 0.13 0.0306 0 .0054 
257-259 8,10,12 8 0.2 0.4020 1.00 2486 39.5 0.9604 0.5376 0.4030 19.70 0.0086 0.31 0.34 81.82 0.05 0.0171 0.0022 
260-262 8,10,12 2 0.4 0.4020 1.00 2486 22.2 0.9492 0.5563 0.4051 11.02 0.0144 0.50 0.50 82.13 0,12 0 .0283 0.0047 
263-265 8,10,12 4 0.4 0.4020 1.00 2486 40.2 0.9606 0.5372 0.4029 20.02 0.0085 0.30 0.32 81.81 0.05 0.0169 0.0022 
266-268 8,10,12 8 0.4 0.4020 1.00 2486 79.1 0.9684 0.5240 0.4015 39.52 0.0045 0.16 0.18 81.61 0,02 0.0087 0.0010 
269-271 8,10,12 2 0.6 0.4020 1.00 2486 3&3 0.9575 0.5424 0.4035 16.59 0.0101 0.36 0.36 81.89 0,06 0.0200 0.0028 
272-274 8,10,12 4 0.6 0.4020 1.00 2486 60.3 0.9659 0.5283 0.4019 30.09 0.0058 0.21 0.22 81.67 0.03 0.0114 0.0013 
275-277 8,10,12 8 0.6 0.4020 1.00 2486 118.6 0.9712 0.5194 0.4010 59.34 0.0031 0.11 0.12 81.54 0,01 0.0058 0,0006 
278-280 8,10,12 2 0.2 0.5360 1.33 2486 8.3 0.9194 0.6045 0.4110 4.01 0.0322 0.96 0.98 83.01 0.37 0.0551 0.0157 
281-283 8,10,12 4 0.2 0.5360 1.33 2486 15.1 0,9390 0.5730 0.4071 7.42 0.0201 0.66 0.69 82.43 0.20 0.0378 0,0077 
284-286 8,10,12 8 0.2 0.5360 1.33 2486 29.7 0.9553 0.5460 0.4039 14.75 0 .0112 0 3 9 0.43 81.95 0.07 0 .0221 0 ,0032 
287-289 8,10,12 2 0.4 0.5360 1.33 2486 16.7 0.9418 0.5684 0.4066 8.22 0.0185 0.61 0.63 82.34 0.17 0.0352 0,0068 
290-292 8,10,12 4 0.4 0.5360 1.33 2486 30.1 0.9556 0.5455 0.4039 14.99 0.0111 0.39 0.41 81.94 0.07 0.0218 0,0032 
293-295 8,10,12 8 0.4 0.5360 1.33 2486 59.3 0.9657 0,5286 0.4020 29.61 0.0059 0.21 0.24 81.68 0.03 0.0115 0.0014 
296-298 8,10,12 2 0.6 0.5360 1.33 2486 25.0 0.9518 0.5519 0.4046 12.41 0.0130 0.45 0.46 82.05 0.10 0.0256 0.0040 
299-301 8,10,12 4 0.6 0.5360 1.33 2486 45.2 0.9623 0.5343 0.4026 22.54 0.0076 0.27 0.29 81.76 0.04 0.0150 0.0019 
302-304 8,10,12 8 0.6 0.5360 1.33 2486 8&0 0.9693 0.5224 0.4013 44.47 0.0040 0.15 0.16 81.58 0.02 0.0077 0.0008 
305-307 8,10,12 2 0.2 0.8040 2.00 2486 5.6 0.9031 0.6298 0.4140 2.60 0.0435 1.18 1.23 83.44 0.47 0.0682 0.0247 
308-310 8,10,12 4 0.2 0.8040 2.00 2486 10.0 0.9261 0.5939 0.4097 <L88 0.0279 0.86 0.92 82.82 0.31 0.0494 0.0126 
311-313 8,10,12 8 0.2 0.8040 2.00 2486 19.8 0.9463 0.5610 0.4057 9.78 0.0160 0,54 0,61 82.21 0.14 0.0310 0.0055 
314-316 8,10,12 2 0.4 0.8040 2.00 2486 11.1 0.9295 0.5884 0.4090 5.42 0.0257 0,81 0.83 82.71 0.28 0.0464 0 .0112 
317-319 8,10,12 4 0.4 0.8040 2.00 2486 20.1 0.9467 0.5603 0.4056 9.94 0.0158 0,54 0,57 82.20 0,13 0.0306 0 .0054 
320-322 8,10,12 8 0.4 0.8040 2.00 2486 39.5 0.9604 0.5376 0.4030 19.70 0.0086 0,31 0.34 81.82 0.05 0.0171 0 .0022 
323-325 8,10,12 2 0.6 0.8040 2.00 2486 16.7 0.9418 0.5684 0.4066 8.22 0.0185 0 .61 0.63 8&M 0.17 0 .0352 0.0068 
326-328 8,10,12 4 0.6 0.8040 2.00 2486 30.1 0.9556 0.5455 0.4039 14.99 0.0111 0.39 0.41 81.94 0.07 0.0218 0.0032 
329-331 8,10,12 8 0.6 0.8040 2.00 2486 59.3 0.9657 0.5286 0.4020 29.61 0.0059 0.21 0.24 81.68 0.03 0.0115 0 .0014 
U n i t s : /i^, L [m] f g [10 ® kmol / s ] Qt [W] [kJ/kmol] Tg, T*, T j , Tw [K] r, yi, y^, xi, X, Ng, ^Mg [-] 
Table E.5: Parameters and results for dephlegmators 251-331 
CO 
t o 
-J 
nitrogen/oxygen ; p = 1.5 bar, Tgo = 85.04 K, yio = 0.79 ; rectangular duct ; step increasing heat flux 
^MgO case hs r L FgO Qt Qt/FgO yiL Xio X Ng Vll - yig T p - T j T g - T ; yii --Vlg 
z = L 2 = 0 z = L 
332-333 8,12 2 0.2 0.4020 0.50 1240 2 ^ 2 0.8561 0,5284 0.2016 4.74 0.0139 0.36 0.37 84.07 0.19 0 .0114 0.0131 
334-335 8,12 8 0.2 0.4020 0.50 1240 79.1 0.8588 0.5155 0.2005 17.12 0.0040 0.12 0.13 83.89 0.06 0.0033 0.0039 
336-337 8,12 2 0.6 0.4020 0.50 1240 66.7 0.8586 0.5164 0.2006 14.42 0.0048 0.14 0.14 83.90 0.07 0.0039 0.0046 
338-339 8 J 2 8 0.6 0.4020 0.50 1240 237.2 0.8595 0,5121 0.2002 51.53 0.0013 0.04 0.04 83.83 0.02 0.0011 0.0013 
340-341 8^2 2 0.2 0.8040 1.00 1240 11.1 0.8520 0,5463 0.2029 2.32 0.0268 0.63 0.65 84.23 0.28 0.0223 0.0245 
342-343 8,12 8 0.2 0.8040 1.00 1240 39.5 0.8578 0,5206 0.2010 8.51 0.0080 0.22 0.25 83.96 0.12 0.0066 0.0076 
344-345 8,12 2 0.6 0.8040 1.00 1240 33^ 0.8574 0,5225 0.2011 7.16 0.0094 0,26 0.26 83.99 0.14 0.0077 0.0089 
346-347 8,12 8 0.6 0.8040 1.00 1240 118.6 0,8592 0,5138 0,2003 25.72 0.0027 0.08 0.09 83.86 0.04 0.0022 0.0026 
348-349 8,12 2 0.2 0.4020 1.00 2486 11.1 0.9378 0 ,5754 0,4078 5.17 0.0286 0^8 0.90 82.60 0.35 0 .0392 0 .0127 
350-351 8,12 8 0.2 0.4020 1.00 2486 39.5 0.9657 0.5288 0,4021 18.86 0.0093 0.32 0.35 81.71 0.06 0 .0117 0.0026 
352-353 8,12 2 0.6 0.4020 1.00 2486 3&3 0.9635 0,5324 0,4025 15.87 0.0109 0.38 0.38 81.78 0.08 0.0139 0 .0032 
354-355 8,12 8 0.6 0.4020 1.00 2486 118.6 0.9730 0,5163 0,4007 56.94 0.0032 0.11 0.12 81.50 0.01 0.0038 0.0007 
356-357 8,12 2 0.2 0.8040 2.00 2486 5.6 0,9097 0,6200 0.4131 2.48 0.0483 1.29 1.34 83.38 0.54 0 .0632 0 .0284 
358-359 8,12 8 0.2 0.8040 2.00 2486 19.8 0.9541 0.5484 0.4045 9.34 0.0176 0.58 0.65 82.08 0.17 0.0236 0.0061 
360-361 8,12 2 0.6 0.8040 2.00 2486 16.7 0,9499 0.5554 0.4053 7.85 0 .0204 0.66 0.68 82.21 0.22 0.0277 0.0076 
362-363 8,12 8 0.6 0.8040 2.00 2486 59.3 0 ,9694 0.5225 0.4014 28.38 0.0063 0.22 0.25 81.60 0.03 0.0077 0.0016 
U n i t s ; hs, L [m] Fg [10 ® k m o l / s ] Qt [W] Qt/Fgo [ k J / k m o l ] Tg,Tg,Ti, Tyj [K] r, yi, xi, X, Ng, [-] 
Table E.6; Parameters and results for dephlegmators 332-363 
CO K) 
00 
nitrogen/oxygen ; p = 1.5 bar, Tgo = 85.04 K, yio = 0.79 ; rectangular duct ; linear increasing heat flux 
case hs r L FgO Qt Qt/FgO VlL Xio X yii -yig Tg -T j Tg-Tw TgL T g - T ; yu -
-yip 
z = L z = 0 z = L 
364-365 8,12 2 0.2 0.4020 0.50 1240 22.2 0.8574 0.5229 0 .2014 4.70 0.0143 0.37 0.38 84.06 0.21 0 .0080 0.0160 
366-367 8,12 8 0.2 0.4020 0.50 1240 79.1 0.8594 0.5132 0.2004 16.95 0.0041 0.12 0.13 83.89 0.07 0.0019 0.0048 
368-369 8^2 2 0.6 0.4020 0.50 1240 66.7 0.8593 0.5138 0.2005 14.27 0.0049 0.14 0.14 83.90 0.08 0.0022 0 .0057 
370-371 8^2 8 0.6 0.4020 0.50 1240 237.2 0.8597 0.5113 0.2001 51.01 0.0014 0.04 0.04 83.83 0.02 0.0006 0.0016 
372-373 8^2 2 0.2 0.8040 1.00 1240 11.1 0.8535 0.5400 0.2026 2.30 0.0276 0.65 0.67 84.22 0.30 0.0186 0 .0294 
374-375 8,12 8 0.2 0.8040 1.00 1240 39.5 0.8587 0.5166 0.2008 8.43 0.0081 0.22 0.25 0.13 0.0041 0 .0094 
376-377 8,12 2 0.6 0.8040 1.00 1240 33.3 0.8584 0,5180 0.2010 7.09 0.0096 0.26 0.27 83.99 0.15 0.0050 0.0110 
378-379 8^2 8 0.6 0.8040 1.00 1240 118.6 0.8596 0.5122 0.2003 25.46 0.0027 0.08 0.09 83.86 0.05 0.0012 0 .0032 
380-381 eu2 2 0.2 0.4020 1.00 2486 11.1 0.9404 0.5713 0.4074 5.08 0.0296 0.90 0.92 82.57 0.37 0.0368 0.0145 
382-383 8,12 8 0.2 0.4020 1.00 2486 39.5 0.9688 0.5236 0.4016 18.53 0.0096 0.33 0.36 81.65 0.07 0.0084 0.0029 
384-385 8 J 2 2 0.6 0.4020 1.00 2486 33.3 0.9667 0.5271 0.4020 15.60 0.0113 0.39 0.40 81.72 0.09 0.0106 0.0036 
386-387 8,12 8 0.6 0.4020 1.00 2486 118.6 0.9745 0.5137 0.4004 55.97 0.0033 0.12 0.13 81.47 0.02 0.0022 0.0009 
388-389 8,12 2 0.2 0.8040 2.00 2486 5.6 0.9116 0.6171 0.4129 2.43 0 .0500 1.32 1.37 83.36 0.56 0.0617 0 .0320 
390-391 8,12 8 0.2 0.8040 2.00 2486 19.8 0.9572 0.5433 0.4040 9.18 0.0182 0.60 0.67 82.03 0.19 0 .0205 0.0069 
392-393 8,12 2 0.6 0.8040 2.00 2486 16.7 0.9529 0.5505 0.4049 7.72 0.0211 0.69 0.70 82.17 0.24 0 .0248 0 .0087 
394-395 8,12 8 0.6 0.8040 2.00 2486 59.3 0.9720 0.5181 0.4009 27.89 0.0065 0.23 0.25 81.55 0.04 0 .0050 0.0018 
U n i t s : hs, L [m] Fg [10 ® k m o l / s ] Qt [W] Qt/Fgo [kJ/kmol] [K] r, yi, XI, X, Ng, ^Mg [-] 
Table E.7; Parameters and results for dephlegmators 364-395 
CO bO CO 
n i t r o g e n / o x y g e n ; p = 1.5 b a r , Tgo = 85.04 K, 2/10 = 0.79 r o u n d t u b e ; l i n e a r d e c r e a s i n g h e a t f l u x 
case d L FgO Qt Qt/FgO yiL %10 X Ng yii - yig Tg-Tj Tg-T^ TgL 2/1/ -- yig 
z = L z = 0 z = L 
396-397 3,9 0.2 0.4020 0.50 1240 16.5 0.8482 0.5615 0.2031 3.69 0.0158 0.44 0.46 84.17 0.14 0.0313 0.0047 
398-399 3,9 0.6 0.4020 0.50 1240 49.4 0.8555 0.5297 0.2011 11.26 0.0058 0.18 0.19 83.93 0.04 0.0122 0.0016 
400-401 3,9 0.2 0.8040 1.00 1240 8.2 0.8399 0.5968 0.2051 1.79 0.0278 0.68 0.75 84.39 0.22 0.0510 0.0094 
402-403 3,9 0.6 0.8040 1.00 1240 2 4 J 0.8516 0.5467 0.2021 5.58 0.0110 0.32 0.34 84.05 0.09 0.0225 0.0031 
404-405 3,9 0.2 0.4020 1.00 2486 8.2 0.9065 0.6242 0.4127 4.27 0.0273 OjK 0.93 83.16 0.26 0.0654 0.0067 
406-407 3,9 0.6 0.4020 1.00 2486 24.7 0.9415 0.5685 0.4062 13.16 0.0115 0.42 0.44 82.23 0.05 0.0353 0.0017 
408-409 3,9 0.2 0.8040 2.00 2486 4.1 0.8787 0.6664 0.4177 2.02 0.0438 1.20 1.36 83.85 0.40 0.0861 0.0151 
410-411 3,9 0,6 0.8040 2.00 2486 12.4 0.9209 0.6016 0.4100 6.50 0.0201 0 6 8 0.74 82.77 0.16 0.0536 0.0041 
n i t r o g e n / o x y g e n ; p = = 1.5 b a r , Tgo = = 85.04 K, yio = 0.79 ; r o u n d t u b e ; s t e p d e c r e a s i n g h e a t flux 
case d L FgO Qt Qt/FgO ^MgO yiL ZlO X yii - yig Tg — Tw TgL T g - T ; Vll - -yig 
z = L z = 0 z = L 
412-413 3,9 0.2 0.4020 0.50 1240 16.5 0.8496 0.5557 0.2028 3.65 0.0163 0.44 0.47 84.15 0.16 0.0279 0.0093 
414-415 3,9 0.6 0.4020 0.50 1240 49.4 0.8563 0.5265 0.2010 11.13 0.0060 0.18 0.19 83.92 0.05 0.0103 0.0031 
416-417 3,9 0.2 0.8040 1.00 1240 8.2 0.8413 0.5910 0.2049 1.77 0.0289 0.70 0.76 84.38 0.23 0.0478 0.0182 
418-419 3,9 0.6 0.8040 1.00 1240 24.7 0.8528 0.5417 0.2019 5.52 0.0114 0.33 0.35 84.05 0.11 0.0196 0.0062 
420-421 3,9 0.2 0.4020 1.00 2486 8.2 0.9093 0.6200 0.4124 4.18 0.0285 0.88 0.95 83.14 0.29 0.0632 0.0125 
422-423 3,9 0.6 0.4020 1.00 2486 24.7 0.9447 0.5635 0.4057 12.88 0.0120 0.43 0.45 82.18 0.07 0.0324 0.0032 
424-425 3,9 0.2 0.8040 2.00 2486 4.1 0.8814 0.6625 0.4174 1.98 0.0462 1.23 1.39 83.83 0.44 0.0843 0.0268 
426-427 3,9 0.6 0.8040 2.00 2486 12.4 0.9239 0.5970 0.4096 6.37 0.0210 0.70 0.75 82.73 0.18 0.0511 0.0077 
Units: d, L m] Fg [10-6 kmol/s] Qt [W] Qt/Fgo [kJ/kmol Tg,T;,Tj,Tyj [K] 2/1 Xl, Xj ATg , ^Mg [-] 
Table E.8: Parameters and results for dephlegmators 396-427 
nitrogen/oxygen ; p = 1.5 bar, TgQ = 85.04 K, yio = 0.79 ; round tube ; uniform heat flux 
case d L FgO Qt Qt/FgQ VlL %10 X ^9 Vil -Vig Tg-Tj Tg — Tyj TgL yu -- Vlg 
2 = L z = 0 Z = L 
4 2 8 - 4 3 0 3,6,9 0.2 0 .4020 0 .50 1240 16.5 0 . 8 5 2 1 0 .5454 0 .2025 3 .57 0 .0174 0.45 0 .48 84 .15 0 .20 0 . 0 2 1 7 0 .0134 
4 3 1 - 4 3 3 3,6,9 0.4 0 .4020 0 .50 1240 3Z9 0 .8559 0 .5285 0 .2013 7 .23 0 . 0 0 9 1 0 .26 0 .27 83.99 0 . 1 1 0 .0115 0 .0069 
4 3 4 - 4 3 6 3,6,9 0.6 0 .4020 0 .50 1240 49 .4 0 . 8 5 7 2 0 .5226 0 .2009 10.89 0 .0062 0 .18 0 .19 83.93 0 .07 0 .0078 0 . 0 0 4 7 
4 3 7 - 4 3 9 3,6,9 0.2 0 .5360 0 .66 1240 12.4 0.8497 0 .5558 0 . 2 0 3 1 2 .65 0 .0225 0 .56 0 .59 84 .23 0 .23 0 .0280 0 .0176 
4 4 0 - 4 4 2 3,6,9 0 .4 0 .5360 0 .66 1240 2 4 ^ 0 .8546 0 .5343 0 .2017 5 .40 0 .0120 0 .33 0 .35 84.05 0 .14 0 .0150 0 . 0 0 9 1 
443 -445 3,6,9 0.6 0 .5360 0 .66 1240 3 7 . 1 0 .8563 0 .5266 0 . 2 0 1 2 8.15 0 . 0 0 8 1 0 .23 0 .25 83.97 0 .10 0 .0103 0 . 0 0 6 2 
4 4 6 - 4 4 8 3,6,9 0 .2 0 .8040 1 .00 1240 8.2 0.8452 0 .5749 0 . 2 0 4 2 1 .73 0 .0319 0 ^ 4 0 .80 84 .35 0 .27 0 .0389 0 . 0 2 5 5 
4 4 9 - 4 5 1 3,6,9 0.4 0 .8040 1 .00 1240 16.5 0 . 8 5 2 1 0 .5454 0 .2025 3 .57 0 .0174 0.45 0 .48 84 .15 0 .20 0 . 0 2 1 7 0 . 0 1 3 4 
4 5 2 - 4 5 4 3,6,9 0.6 0 .8040 1 .00 1240 2 4 ^ 0 .8546 0 .5343 0 . 2 0 1 7 5 .40 0 .0120 0 .33 0 .35 84 .05 0 .14 0 .0150 0 . 0 0 9 1 
4 5 5 - 4 5 7 3,6,9 0.2 0 .4020 0 .75 1862 11.0 0 . 8 8 6 2 0 .5714 0 .3056 3 ^ 4 0 . 0 2 5 7 0 . 7 1 0 .75 83.60 0.29 0 .0369 0 .0163 
4 5 8 - 4 6 0 3,6,9 0.4 0 .4020 0 .75 1862 22 .0 0 . 8 9 7 1 0 . 5 4 3 7 0 .3030 7 .64 0 .0140 0 .42 0 .45 83.25 0.16 0 .0208 0 . 0 0 8 2 
4 6 1 - 4 6 3 3,6,9 0.6 0 .4020 0 .75 1862 32 .9 0 . 9 0 1 1 0 . 5 3 3 2 0 .3020 11.52 0 .0096 0 .30 0 .32 8 3 . 1 1 0 .10 0 .0144 0 .0055 
4 6 4 - 4 6 6 3,6,9 0.2 0 .5360 1.00 1862 8.2 0 .8799 0 .5870 0 .3070 2 1 7 0 .0325 0.85 0 . 9 1 83.78 0.35 0 .0456 0 .0215 
4 6 7 - 4 6 9 3,6,9 0 .4 0 .5360 1.00 1862 16.5 0 .8932 0 .5536 0 .3040 5 .69 0 . 0 1 8 1 0 .53 0 .56 83.38 0 . 2 1 0 . 0 2 6 7 0 .0109 
4 7 0 - 4 7 2 3,6,9 0.6 0 .5360 1.00 1862 24 .7 0 .8984 0 .5403 0 .3027 8 . 6 1 0 .0126 0.39 0 . 4 1 8&MI 0 .14 0 . 0 1 8 7 0 . 0 0 7 3 
4 7 3 - 4 7 5 3,6,9 0.2 0 .8040 1 .50 1862 5.5 0.8693 0 .6128 0 .3092 1.79 0 .0443 1 .07 1.19 84.03 0 .40 0 .0595 0 . 0 3 1 4 
4 7 6 - 4 7 8 3,6,9 0.4 0 .8040 1 .50 1862 11.0 0 .8862 0 .5714 0 .3056 3 1 ^ 0 .0257 0 . 7 1 0 .76 83 .60 0 .29 0 .0369 0 .0163 
4 7 9 - 4 8 1 3,6,9 0.6 0 .8040 1.50 1862 16.5 0 . 8 9 3 2 0 .5536 0 .3040 5.69 0 . 0 1 8 1 0 .53 0 .57 83.38 0 . 2 1 0 . 0 2 6 7 0 . 0 1 0 9 
4 8 2 - 4 8 4 3,6,9 0.2 0 .4020 1 .00 2486 8.2 0 .9190 0 .6052 0 . 4 1 1 1 3 .97 0 .0325 0 .96 1.03 83.02 0 .37 0 .0555 0 .0159 
485-487 3,6,9 0.4 0 .4020 1 .00 2486 16.5 0 .9415 0 .5689 0 .4066 8 .13 0 .0186 0 .62 0 .65 82.35 0.18 0 .0355 0 .0069 
4 8 8 - 4 9 0 3,6,9 0.6 0 .4020 1 .00 2486 24 .7 0 .9516 0 .5523 0 .4046 12 .27 0 .0132 0 .46 0.48 82.06 0 .10 0 .0259 0 . 0 0 4 1 
4 9 1 - 4 9 3 3,6,9 0.2 0 .5360 1.33 2486 6.2 0 .9076 0 .6230 0 . 4 1 3 2 2.92 0 .0403 1.12 1.22 83.33 0.45 0 . 0 6 4 7 0 . 0 2 2 1 
4 9 4 - 4 9 6 3,6,9 0 .4 0 .5360 1 .33 2486 12.4 0 .9330 0 .5828 0 .4083 6 .05 0 .0236 0.75 0 .80 8 2 . 6 1 0 .25 0 . 0 4 3 3 0 . 0 0 9 8 
4 9 7 - 4 9 9 3,6,9 0.6 0 .5360 1 .33 2486 18.5 0 . 9 4 4 7 0 . 5 6 3 7 0 .4060 9 .16 0 .0169 0 .57 0 .60 8 2 . 2 6 0 .15 0 .0325 0 .0059 
5 0 0 - 5 0 2 3,6,9 0 .2 0 .8040 2 .00 2486 4 . 1 0 .8898 0 . 6 5 0 1 0 .4163 1 .87 0 .0534 1.36 1.52 83 .75 0 .52 0 .0783 0 . 0 3 3 8 
503 -505 3,6,9 0 .4 0 .8040 2 .00 2486 8.2 0 .9190 0 . 6 0 5 2 0 . 4 1 1 1 3 .97 0 .0325 0 .96 1 .04 8 3 . 0 2 0 .37 0 .0555 0 . 0 1 5 9 
5 0 6 - 5 0 8 3,6,9 0.6 0 .8040 2 .00 2486 12.4 0 .9330 0 .5828 0 .4083 6 .05 0 .0236 0 .75 0 . 8 1 8 2 . 6 1 0 .25 0 .0433 0 . 0 0 9 8 
U n i t s ; d, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] , T i , T w [K] 3/1, xi, 
Table E.9; Parameters and results for dephlegmators 428-508 
CO 
CO 
n i t r o g e n / o x y g e n ; p = = 1.5 bar, Tgo = = 85.04 K , 2/10 = 0.79 ; round tube ; step increasing heat flux 
case d L FgO Qt Qt/FgO ^MgO yiL 210 X yil - Vlg Tg-Tj Tg — Tyj TgL yu --yig 
z = L z = 0 z = L 
509-510 3,9 0.2 0.4020 0.50 1240 16.5 0.8547 0.5345 0.2021 3.49 0.0186 0.46 0.49 84.14 0.23 0.0152 0.0173 
511-512 3,9 0.6 0.4020 0.50 1240 49.4 0.8582 0.5185 0.2008 10.66 0.0064 0.18 0.19 83.93 0.10 0.0053 0.0061 
513-514 3,9 0.2 0.8040 1.00 1240 8.2 0.8490 0.5592 0.2036 1.69 0.0349 0.79 0.85 84.32 0.31 0.0299 0.0318 
515-516 3,9 0.6 0.8040 1.00 1240 24.7 0.8565 0.5266 0.2015 5.28 0.0126 0.33 0.35 84.05 0.18 0.0103 0.0119 
517-518 3,9 0.2 0.4020 1.00 2486 8.2 0.9267 0.5932 0.4100 3.78 0.0362 1.05 1.11 82.93 0.44 0.0490 0.0182 
519-520 3,9 0.6 0.4020 1.00 2486 24.7 0.9587 0.5406 0.4035 11.72 0.0144 0.49 0.51 81.93 0.13 0.0189 0.0046 
521-522 3,9 0.2 0.8040 2.00 2486 4.1 0.8950 0.6423 0.4156 1.78 0.0591 1.48 1.64 83.71 0.57 0.0745 0.0387 
523-524 3,9 0.6 0.8040 2.00 2486 12.4 0.9413 0.5697 0.4071 5.77 0.0262 0.82 0.87 82.49 0.31 0.0359 0.0111 
nitrogen/oxygen ; p = 1.5 bar, Tgo = 85.04 K , 3/10 = = 0.79 round tube ; Hnear increasing heat flux 
case d L FgO Qt Qt/FgO VlL 310 X yu - yig T g - T ; Tg — T-w TgL Vil - - yig 
z = L 2 = 0 z = L 
525-526 3,9 0.2 0.4020 0.50 1240 16.5 0.8561 0.5285 0.2019 3.46 0.0191 0.47 0.50 84.12 0.25 0.0115 0.0209 
527-528 3,9 0.6 0.4020 0.50 1240 49.4 0.8590 0.5152 0.2007 10.56 0.0065 0.18 0.19 83.93 0.11 0.0031 0.0076 
529-530 3,9 0.2 0.8040 1.00 1240 8.2 0.8504 0.5532 0.2034 1.68 0.0360 0.81 0.87 84.30 0.32 0.0264 0.0375 
531-532 3,9 0.6 0.8040 1.00 1240 24.7 0.8577 0.5214 0.2013 5.23 0.0129 0.34 0.36 84.04 0.19 0.0070 0.0145 
533-534 3,9 0.2 0.4020 1.00 2486 8.2 0.9291 0.5896 0.4097 3.71 0.0374 1.08 1.14 82.91 0.47 0.0470 0.0207 
535-536 3,9 0.6 0.4020 1.00 2486 2 4 J 0.9619 0.5353 0.4030 11.52 0.0149 0.50 0.53 81.87 0.14 0.0157 0.0052 
537-538 3,9 0.2 0.8040 2.00 2486 4.1 0.8965 0.6401 0.4155 1.74 0.0610 1.51 1.68 83.70 0.59 0.0734 0.0432 
539-540 3,9 0.6 0.8040 2.00 2486 1Z4 0.9440 0.5654 0.4067 5.67 0.0271 0.84 0.90 82.46 0.33 0.0335 0.0127 
U n i t s : d, L m] Fg [10 ® kmol/s] Qt [W] Qt/FgO [kj/kmol] Tg, , T/, Tuj [K] yi Xl, X , Ng, ^Mg [-] 
Table E.IO: Parameters and results for dephlegmators 509-540 
CO 
CO bC 
nitrogen/oxygen ; p = 6 bar, Tgo = 100.60 K, yio = 0.79 ; rectangular duct ; linear decreasing heat flux 
case hs r L FgO Qt Qt! FgO yiL xio X Ng Vll - Vlg Tg-Tj Tg — Tw TgL yii -- yig 
z = L z = 0 z = L 
541-542 8,12 2 0.2 0.4020 0.43 1074 27^ 0.8319 0.6238 0.2015 6^2 0.0066 0.22 0.23 99.90 0.07 0.0134 0.0019 
543-544 8,12 8 0.2 0.4020 0.43 1074 99.0 0.8352 0.6098 0.2004 22.72 0.0020 0.07 0.08 99.78 0.01 0.0042 0.0005 
545-546 8,12 2 0.6 0.4020 0.43 1074 8&5 0.8349 0.6110 0.2005 19.14 0.0023 0.09 0.09 99.79 0.02 0.0049 0.0006 
547-548 8,12 8 0.6 0.4020 0.43 1074 297.0 0.8361 0.6057 0.2001 68.32 0.0007 0.02 0.03 99.75 0.00 0.0014 0.0002 
549-550 8,12 2 0.2 0.8040 0.86 1074 13.9 0.8283 0.6396 0.2028 3.11 0.0123 0.37 0.39 100.04 0.15 0.0236 0.0038 
551-552 8,12 8 0.2 0.8040 0.86 1074 49.5 0.8338 0.6156 0.2009 11.31 0.0039 0.14 0.16 99.82 0.03 0.0080 0.0011 
553-554 8,12 2 0.6 0.8040 0.86 1074 41.7 0.8334 0.6177 0.2010 9.52 0.0046 0.16 0.17 99.84 0.04 0.0094 0.0013 
555-556 8,12 8 0.6 0.8040 0.86 1074 148.5 0.8356 0.6078 0.2003 34.12 0.0013 0.05 0.06 99.76 0.01 0.0029 0.0004 
557-558 8,12 2 0.2 0.4020 0.86 2149 13.9 0.8841 0.6525 0.4063 7.38 0.0128 0.48 0.50 98.95 0.13 0.0318 0.0030 
559-560 8,12 8 0.2 0.4020 0.86 2149 49.5 0.9030 0.6221 0.4022 26.71 0.0042 0.17 0.20 98.47 0.02 0.0123 0.0008 
561-562 8,12 2 0.6 0.4020 0.86 2149 41.7 0.9012 0.6250 0.4026 22.50 0.0049 0.20 0.21 98.51 0.02 0.0142 0.0009 
563-564 8,12 8 0.6 0.4020 0.86 2149 148.5 0.9101 0.6104 0.4008 80.41 0.0015 0.06 0.07 98.31 0.01 0.0046 0.0002 
565-566 8,12 2 0.2 0.8040 1.73 2149 7.0 0.8681 0.6776 0.4099 3.58 0.0218 0.72 0.77 99.42 0.28 0.0473 0.0063 
567-568 8 ^ 2 8 0.2 0.8040 1.73 2149 24.8 0.8943 0.6361 0.4040 13.28 0.0079 0.31 0.38 98.68 0.05 0.0214 0.0016 
569-570 8,12 2 0.6 0.8040 1.73 2149 20.9 0.8916 0.6405 0.4046 11.16 0.0091 0.36 0.37 98.75 0.07 0.0242 0.0019 
571-572 8,12 8 0.6 0.8040 1.73 2149 74.3 0.9064 0.6166 0.4016 40.14 0.0029 0.12 0.14 98.39 0.01 0.0087 0.0005 
U n i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, Tj, Tw [K] r , yi , x i , X, Ng, H 
Table E . l l : Parameters and results for dephlegmators 541-572 
w 
CO CO 
nitrogen/oxygen ; p = 6 bar, TgQ = 100.60 K, yio = 0.79 ; rectangular duct ; step decreasing heat flux 
case hs r L FgO Qt Qt/FgO yiL 310 X Ng yii - yig T g - T ; Tg — Tiu TgL Vil - - Vig 
z = L z = 0 z = L 
573-574 8,12 2 0.2 0.4020 0.43 1074 27.8 0.8327 0.6209 0.2014 6.25 0.0068 0.22 0.23 99.90 0.08 0.0115 0.0039 
575-576 8,12 8 0.2 0.4020 0.43 1074 99.0 0.8354 0.6087 0.2004 22.47 0.0020 0.07 0.08 99,78 0.02 0.0035 0.0011 
577-578 8,12 2 0.6 0.4020 0.43 1074 83.5 0.8352 0,6096 0.2005 18.93 0.0024 0.09 0.09 99.79 0.02 0.0041 0.0013 
579-580 8 ^ 2 8 0.6 0.4020 0.43 1074 297.0 0.8362 0.6053 0.2001 67.58 0.0007 0.02 0.03 99.75 0.01 0.0012 0.0004 
581-582 8,12 2 0.2 0.8040 0.86 1074 13.9 0.8292 0.6357 0.2026 3.07 0.0128 0.37 0.39 100.03 0.16 0.0211 0.0076 
583-584 8 ^ 2 8 0.2 0.8040 0 ^ 6 1074 49.5 0.8343 0.6136 0.2008 11.19 0.0040 0.14 0.16 99.82 0.04 0.0067 0.0022 
585-586 8 ^ 2 2 0.6 0.8040 0 ^ 6 1074 41.7 0.8339 0.6154 0.2009 9.42 0.0047 0.16 0.17 99.84 0.05 0.0079 0.0026 
587-588 8,12 8 0.6 0.8040 0.86 1074 148.5 0.8358 0.6070 0.2003 33.75 0.0014 0.05 0.06 99.77 0.01 0.0023 0.0007 
589-590 8,12 2 0.2 0.4020 0.86 2149 13.9 0.8864 0.6489 0.4059 7.22 0.0133 0.49 0.51 98.93 0.15 0.0295 0.0058 
591-592 8,12 8 0.2 0.4020 0.86 2149 49.5 0.9046 0.6195 0.4020 26.16 0.0044 0.18 0.20 98.45 0.03 0.0106 0.0015 
593-594 8,12 2 0.6 0.4020 0.86 2149 41.7 0.9030 0.6221 0.4023 22.03 0.0051 0.20 0.21 98.49 0.04 0.0123 0.0018 
595-596 8,12 8 0.6 0.4020 0.86 2149 148.5 0.9109 0.6092 0.4007 78.79 0.0015 0.06 0.07 98.30 0.01 0.0038 0.0005 
597-598 8,12 2 0.2 0.8040 1.73 2149 7.0 0.8701 0.6745 0.4096 3.50 0.0229 0.74 0.78 99.41 0.31 0.0454 0.0120 
599-600 8,12 8 0.2 0.8040 1.73 2149 24.8 0.8966 0.6326 0.4037 13.00 0.0082 0.32 0.39 98.65 0.07 0.0191 0.0031 
601-602 8,12 2 0.6 0.8040 1.73 2149 20.9 0.8939 0.6369 0.4043 10.93 0.0095 0.36 0.38 98.72 0.09 0.0219 0.0038 
603-604 8,12 8 0.6 0.8040 1.73 2149 74.3 0.9077 0.6145 0.4014 39.32 0.0030 0.12 0.14 98.38 0.02 0.0073 0.0010 
U n i t s : hs, L [m] Fg [10"® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T J , T j , [K] r , y u x i , X , Ng, ^Mg [-] 
Table E.12: Parameters and results for dephlegmators 573-604 
nitrogen/oxygen ; p = 6 bar, TgQ = 100.60 K, yiQ = 0.79 ; rectangular duct ; uniform heat flux 
$Mt,0 case hs r L FgO Qt Qt/FgO VlL ZlO X Ng yii - yig Tg-Ti Tg T-iu TgL 
z = L 
Vil -
z = 0 
-yig 
z = L 
605-607 8,10 12 2 0.2 0.4020 0.43 1074 2^8 0.8337 0.6168 0.2013 6.11 0.0072 0.22 0.23 99.91 0.11 0.0088 0.0057 
608-610 8,10 12 4 0.2 0.4020 0.43 1074 50.3 0.8349 0.6111 0.2007 11.12 0.0040 0.14 0.14 99.83 0.06 0.0050 0.0032 
611-613 8,10 12 8 0.2 0.4020 0.43 1074 99.0 0.8357 0.6074 0.2004 21.97 0.0021 0.07 0.08 99.79 0.03 0.0026 0.0016 
614-616 8,10 12 2 0.4 0.4020 0.43 1074 55.6 0.8351 0.6104 0.2007 12.31 0.0037 0.12 0.13 99.82 0.06 0.0046 0.0029 
617-619 8,10 12 4 0.4 0.4020 0.43 1074 100.6 0.8358 0.6074 0.2004 22.33 0.0020 0.07 0.08 99.78 0.03 0.0026 0.0016 
620-622 8,10 12 8 0.4 0.4020 0.43 1074 198.0 0.8362 0.6055 0.2002 0.0010 0.04 0.04 99.76 0.01 0.0013 0.0008 
623-625 8,10 12 2 0.6 0.4020 0.43 1074 83.5 0.8356 0.6081 0.2004 18.51 0.0025 0.08 0.09 99.79 0.04 0.0031 0.0019 
626-628 8,10 12 4 0.6 0.4020 0.43 1074 150.9 0.8360 0.6061 0.2002 33.54 0.0014 0.05 0.05 99.77 0.02 0.0017 0.0011 
629-631 8,10 12 8 0.6 0.4020 0.43 1074 297.0 0.8363 0.6049 0.2001 66.10 0.0007 0.02 0.03 99.75 0.01 0,0009 0.0006 
632-634 8,10 12 2 0.2 0.5360 0.58 1074 20.9 0.8327 0.6209 0.2017 4.55 0.0094 0.28 0.29 99.95 0.14 0.0115 0.0075 
635-637 8,10 12 4 0.2 0.5360 0.58 1074 37.7 0.8344 0.6135 0.2010 8.31 0.0053 0.17 0.19 99.86 0.08 0.0066 0.0042 
638-640 8,10 12 8 0.2 0.5360 0.58 1074 74.3 0.8355 0.6087 0.2005 16.46 0.0028 0.09 0.11 99.80 0.04 0.0035 0.0022 
641-643 8,10 12 2 0.4 0.5360 0.58 1074 41.7 0.8346 0.6126 0.2009 9.21 0.0048 0.16 0.16 99.85 0.08 0.0060 0.0038 
644-646 8,10 12 4 0.4 0.5360 0.58 1074 75.5 0.8355 0.6086 0.2005 16.72 0.0027 0.09 0.10 99.80 0.04 0.0034 0.0021 
647-649 8,10 12 8 0.4 0.5360 0.58 1074 148.5 0.8360 0.6062 0.2002 33.01 0.0014 0.05 0.06 99.77 0.02 0.0017 0.0011 
650-652 8,10 12 2 0.6 0.5360 0.58 1074 62.6 0.8353 0.6096 0.2006 13.86 0.0033 0.11 0.11 99.81 0.05 0.0041 0.0026 
653-655 8,10 12 4 0.6 0.5360 0.58 1074 113.2 0.8359 0.6069 0.2003 25.13 0.0018 0.06 0.07 99.78 0.03 0.0023 0.0014 
656-658 8,10 12 8 0.6 0.5360 0.58 1074 222JB 0.8362 0.6053 0.2002 49.55 0.0009 0.03 0.04 99.76 0.01 0.0012 0.0007 
659-661 8,10 12 2 0.2 0.8040 0.86 1074 13.9 0.8310 0.6286 0.2024 3.00 0.0136 CU8 0.40 100.03 0.19 0.0165 0.0111 
662-664 8,10 12 4 0.2 0.8040 0.86 1074 25.2 0.8334 0.6181 0.2015 5.51 0.0079 0.24 0.27 99.92 0.12 0.0097 0.0063 
665-667 8,10 12 8 0.2 0.8040 0.86 1074 4&5 0.8349 0.6112 0.2008 10.94 0.0041 0.14 0.16 99.83 0.06 0.0051 0.0032 
668-670 8,10 12 2 0.4 0.8040 0.86 1074 27 8 0.8337 0.6168 0.2013 6.11 0.0072 0.22 0.23 99.91 0.11 0.0088 0.0057 
671-673 8,10 12 4 0.4 0.8040 0.86 1074 50.3 0.8349 0.6111 0.2007 11.12 0.0040 0.14 0.15 99.83 0.06 0.0050 0.0032 
674-676 8,10 12 8 0.4 0.8040 0.86 1074 99.0 0.8357 0.6074 0.2004 21.97 0.0021 0.07 0.09 99.79 0.03 0.0026 0.0016 
677-679 8,10 12 2 0.6 0.8040 0.86 1074 41.7 0.8346 0.6126 0.2009 9.21 0.0048 0.16 0.17 99.85 0.08 0.0060 0.0038 
680-682 8,10 12 4 0.6 0.8040 0.86 1074 75.5 0.8355 0.6086 0.2005 16.72 0.0027 0.09 0.10 99.80 0.04 0.0034 0.0021 
683-685 8,10 12 8 0.6 0.8040 0.86 1074 148.5 0.8360 0.6062 0.2002 33.01 0.0014 0.05 0.06 99.77 0.02 0.0017 0.0011 
Un i t s ; hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kj/kmol] Tg,T*,Ti, Tw [K] r, yi, xi, X, Ng, ^Mg [-] 
Table E.13: Parameters and results for dephlegmators 605-685 
nitrogen/oxygen ; p = 6 bar, Tgo = 100.60 K, j/io = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt/FgO yiL 3=10 X Ng Vll - yig Tg-Tj Tg — T-ul TgL 
z = L 
yii -
z = 0 
-yig 
z = L 
686-688 8,10 12 2 0.2 0.4020 0.65 1611 18.5 0.8609 0.6267 0.3028 6.45 0.0110 0.36 0.37 99.44 0.17 0.0153 0.0075 
689-691 8,10 12 4 0.2 0.4020 0.65 1611 33.5 0.8647 0.6171 0.3016 11.78 0.0063 0 ^ 2 0.24 99.29 0.09 0.0090 0.0042 
692-694 8,10 12 8 0.2 0.4020 0.65 1611 66.0 0.8671 0.6107 0.3008 23.33 0.0033 0.12 0.14 99.20 0.04 0.0048 0.0021 
695-697 8,10 12 2 0.4 0.4020 0.65 1611 37.1 0.8651 0.6159 0.3014 13.05 0.0058 0,20 0.21 99.27 0.08 0.0082 0.0038 
698-700 8,10 12 4 0.4 0.4020 0.65 1611 67.1 0.8672 0.6106 0.3008 23.71 0.0033 0.12 0.13 99.20 0.04 0.0047 0.0021 
701-703 8,10 12 8 0.4 0.4020 0.65 1611 132.0 0.8685 0.6072 0.3004 46.80 0.0017 0.06 0.07 99.15 0.02 0.0024 0.0011 
704-706 8,10 12 2 0.6 0.4020 0.65 1611 55.6 0.8667 0.6120 0.3010 19.65 0.0039 0.14 0.14 99.22 0.05 0.0056 0.0025 
707-709 8,10 12 4 0.6 0.4020 0.65 1611 100.6 0.8681 0.6083 0.3005 35.64 0.0022 0.08 0.09 99.17 0.03 0.0032 0.0014 
710-712 8,10 12 8 0.6 0.4020 0.65 1611 198.0 0.8690 0.6060 0.3003 70.27 0.0011 0.04 0.05 99.13 0.01 0.0016 0.0007 
713-715 8,10 12 2 0.2 0.5360 0.86 1611 13.9 0.8583 0.6333 0.3036 4.80 0.0142 0.44 0.46 99.54 0.22 0.0196 0.0099 
716-718 8,10 12 4 0.2 0.5360 0 ^ 6 1611 2&2 0.8631 0.6212 0.3021 8.80 0.0083 0.28 0.30 99.36 0.12 0.0117 0.0056 
719-721 8,10 12 8 0.2 0.5360 0.86 1611 49.5 0.8663 0.6129 0.3011 17.46 0.0044 0.16 0.18 99.23 0.06 0.0063 0.0028 
722-724 8,10 12 2 0.4 0.5360 0.86 1611 2 7 ^ 0.8637 0.6196 0.3019 9.75 0.0076 0.26 0.27 99.33 0.11 0.0107 0.0050 
725-727 8,10 12 4 0.4 0.5360 0.86 1611 50.3 0.8663 0.6128 0.3011 17.75 0.0043 0.15 0.17 99.23 0.06 0.0062 0.0028 
728-730 8,10 12 8 0.4 0.5360 0.86 1611 99.0 0.8680 0.6084 0.3005 35.07 0.0022 0.08 0.09 99.17 0.03 0.0032 0.0014 
731-733 8,10 12 2 0.6 0.5360 0.86 1611 41.7 0.8656 0.6146 0.3013 14.70 0.0051 0.18 0.19 99.26 0.07 0.0073 0.0034 
734-736 8,10 12 4 0.6 0.5360 0.86 1611 75.5 0.8675 0.6098 0.3007 26.69 0.0029 0.11 0.11 99.19 0.04 0.0042 0.0019 
737-739 8,10 12 8 0.6 0.5360 0.86 1611 148.5 0.8687 0.6068 0.3004 52.67 0.0015 0.05 0.06 99.14 0.02 0.0022 0.0010 
740-742 8,10 12 2 0.2 0.8040 1.30 1611 9.3 0.8536 0.6450 0.3049 3.14 0.0202 0 ^ 8 0.61 99.70 0.29 0.0271 0.0145 
743-745 8,10 12 4 0.2 0.8040 1.30 1611 16.8 0.8601 0.6289 0.3030 5.82 0.0120 0.39 0.43 99.48 0.19 0.0167 0.0082 
746-748 8,10 12 8 0.2 0.8040 1.30 1611 33.0 0.8646 0.6173 0.3016 11.59 0.0064 0.22 0.27 99.30 0.09 0.0091 0.0043 
749-751 8,10 12 2 0.4 0.8040 1.30 1611 18.5 0.8609 0.6267 0.3028 6.45 0.0110 0.36 0.37 99.44 0.17 0.0153 0.0075 
752-754 8,10 12 4 0.4 0.8040 1.30 1611 33.5 0.8647 0.6171 0.3016 11.78 0.0063 0.22 0.24 99.29 0.09 0.0090 0.0042 
755-757 8,10 12 8 0.4 0.8040 1.30 1611 66.0 0.8671 0.6107 0.3008 23.33 0.0033 0.12 0.14 99.20 0.04 0.0048 0.0021 
758-760 8,10 12 2 0.6 0.8040 1.30 1611 27.8 0.8637 0.6196 0.3019 9.75 0.0076 0.26 0.27 99.33 0.11 0.0107 0.0050 
761-763 8,10 12 4 0.6 0.8040 1.30 1611 50.3 0.8663 0.6128 0.3011 17.75 0.0043 0.15 0.17 99.23 0.06 0.0062 0.0028 
764-766 8,10 12 8 0.6 0.8040 1.30 1611 99.0 0.8680 0.6084 0.3005 35.07 0.0022 0.08 0.10 99.17 0.03 0.0032 0.0014 
Un i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/FgO [kJ/kmol] [K] r , y i , x i , X , N g , ^ M g [ - ] 
Table E.14: Parameters and results for dephlegmators 686-766 
nitrogen/oxygen ; p = 6 bar, Tgo = 100.60 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt/Fgo VlL ZlO X Ng Dll - yig Tg-Tj Tg TTJJ TgL T g - T ; 
z = L 
Vll -
z = 0 
-Vlg 
z = L 
767-769 8,10 12 2 0.2 0.4020 0.86 2149 13.9 0.8920 0.6402 0.4052 6,87 0.0148 0.51 0.53 98.89 0.22 0.0240 0.0081 
770-772 8,10 12 4 0.2 0.4020 0.86 2149 25.2 0.9007 0.6261 0.4031 12,59 0.0088 0.32 0.35 98.60 0.11 0.0149 0.0044 
773-775 8,10 12 8 0,2 0.4020 0^6 2149 4&5 0.9069 0.6158 0.4016 24,95 0.0047 0.18 0.21 98.42 0.05 0.0081 0.0022 
776-778 8,10 12 2 0.4 0.4020 0^6 2149 27 8 0.9018 0.6242 0.4028 13,94 0.0080 0.30 0.31 98.57 0.10 0.0137 0.0040 
779-781 8,10 12 4 0.4 0.4020 0.86 2149 50.3 0.9070 0.6156 0.4016 25,35 0.0046 0.18 0.19 98.42 0.05 0.0080 0.0022 
782-784 8,10 12 8 0.4 0.4020 0.86 2149 99.0 0.9105 0.6099 0.4008 50,07 0.0024 0.09 0.11 98.32 0.02 0.0042 0.0011 
785-787 8,10 12 2 0.6 0.4020 0.86 2149 41.7 0.9057 0.6179 0.4019 21,01 0.0055 0.21 0.21 98.46 0.06 0.0095 0.0026 
788-790 8,10 12 4 0.6 0.4020 0.86 2149 75.5 0.9094 0.6118 0.4011 38,12 0.0031 0.12 0.13 98.35 0.03 0.0055 0.0014 
791-793 8,10 12 8 0.6 0.4020 0.86 2149 148.5 0.9117 0.6078 0.4005 75,18 0.0016 0.06 0.07 98.29 0.01 0.0029 0.0007 
794-796 8,10 12 2 0.2 0.5360 1.15 2149 10.4 0.8865 0.6491 0.4065 5.10 0.0189 0.62 0.65 99.07 0.29 0.0297 0.0109 
797-799 8,10 12 4 0.2 0.5360 1.15 2149 18.9 0.8969 0.6323 0.4040 9.39 0.0114 0.41 0.44 98.72 0.15 0.0189 0.0059 
800-802 8,10 12 8 0.2 0.5360 1.15 2149 37.1 0.9047 0.6195 0.4021 18.67 0.0061 0.23 0.27 98.48 0.07 0.0106 0.0030 
803-805 8,10 12 2 0.4 0.5360 1.15 2149 20.9 0.8983 0.6300 0.4036 10.41 0.0104 0.38 0,39 98.68 0.14 0.0174 0.0053 
806-808 8,10 12 4 0.4 0.5360 1.15 2149 37.7 0.9048 0.6193 0.4021 18.97 0.0061 0.23 0.25 98.48 0.07 0.0104 0.0029 
809-811 8,10 12 8 0.4 0.5360 1.15 2149 74^ 0.9093 0.6119 0.4011 37.51 0.0032 0.12 0.14 98.35 0.03 0.0056 0.0015 
812-814 8,10 12 2 0.6 0.5360 1.15 2149 31.3 0.9031 0.6221 0.4025 15.71 0.0072 0.27 0.28 98.53 0.08 0.0123 0.0035 
815-817 8,10 12 4 0.6 0.5360 1.15 2149 56.6 0.9078 0.6143 0.4014 28.55 0.0041 0.16 0.17 98.40 0.04 0.0072 0.0019 
818-820 8,10 12 8 0.6 0.5360 1.15 2149 111.4 0.9109 0.6092 0.4007 56.35 0.0021 0.08 0.10 98.31 0.02 0.0038 0.0010 
821-823 8,10 12 2 0.2 0.8040 1.73 2149 7.0 0.8771 0.6639 0.4087 3.32 0.0262 0.79 0.84 99.35 0.39 0.0389 0.0164 
824-826 8,10 12 4 0.2 0.8040 1.73 2149 12.6 0.8902 0.6432 0.4056 6.19 0.0162 0.55 0,61 98.95 0.24 0.0259 0.0090 
827-829 8,10 12 8 0.2 0.8040 1.73 2149 2 4 ^ 0.9005 0,6264 0.4031 12.38 0.0089 0.33 0,40 98.61 0.11 0.0151 0.0045 
830-832 8,10 12 2 0.4 0.8040 1.73 2149 13.9 0.8920 0.6402 0.4052 6.87 0.0148 0.51 0,53 98.89 0.22 0.0240 0.0081 
833-835 8,10 12 4 0.4 0.8040 1.73 2149 25.2 0.9007 0,6261 0.4031 12.59 0.0088 0.32 0,35 98.60 0.11 0.0149 0.0044 
836-838 8,10 12 8 0.4 0.8040 1.73 2149 49.5 0.9069 0,6158 0.4016 24.95 0.0047 0.18 0,21 98.42 0.05 0.0081 0.0022 
839-841 8,10 12 2 0.6 0.8040 1.73 2149 20.9 0.8983 0,6300 0,4036 10.41 0.0104 0.38 0.39 98.68 0.14 0.0174 0.0053 
842-844 8,10 12 4 0.6 0.8040 1.73 2149 37.7 0.9048 0,6193 0,4021 18.97 0.0061 0.23 0.25 98.48 0.07 0.0104 0.0029 
845-847 8,10 12 8 0.6 0.8040 1.73 2149 74.3 0.9093 0,6119 0,4011 37.51 0.0032 0.12 0.15 98.35 0.03 0.0056 0.0015 
U n i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] ?/li ^Mg 
Table E.15: Parameters and results for dephlegmators 767-847 
C O 
CO 
-q 
nitrogen/oxygen ; p = 6 bar, Tgo = 100.60 K, yio = 0.79 ; rectangular duct ; step increasing heat flux 
case hs r L FgO Qt Qt/FgO yiL ZlO X Ng yii - yig Tg-T, Tg — Tyj Tgt yii --yig 
z = L z = 0 z ~ L 
848-849 8,12 2 0.2 0.4020 0.43 1074 27.8 0.8347 0.6126 0.2012 5.97 0.0075 0.22 0.23 99.91 0.14 0.0060 0.0075 
850-851 8,12 8 0.2 0.4020 0.43 1074 99.0 0.8361 0.6062 0.2004 21.51 0.0021 0.07 0.08 99.79 0.04 0.0017 0.0022 
8 5 2 - 8 5 3 8,12 2 0.6 0.4020 0.43 1074 83.5 0.8360 0.6066 0.2004 18.12 0.0025 0.08 0.09 99.80 0.05 0.0021 0.0026 
854-855 8,12 8 0.6 0.4020 0.43 1074 297.0 0.8364 0.6044 0.2001 64.70 0.0007 0.03 0.03 99.76 0.01 0.0006 0.0007 
8 5 6 - 8 5 7 8 ^ 2 2 0.2 0.8040 0.86 1074 13.9 0 . 8 3 2 8 0.6211 0.2021 2.93 0.0146 0.39 0.40 100.03 0.22 0.0116 0.0143 
8 5 8 - 8 5 9 8 ^ 2 8 0.2 0.8040 0.86 1074 49.5 0.8355 0.6087 0.2007 10.71 0.0043 0.14 0.16 9 9 . 8 4 0.08 0.0035 0.0043 
860-861 8 , 1 2 2 0.6 0.8040 0.86 1074 41.7 0.8353 0.6096 0.2008 9.01 0.0050 0.16 0.16 99.86 0.10 0.0041 0.0051 
8 6 2 - 8 6 3 8 , 1 2 8 0.6 0.8040 0 . 8 6 1074 1 4 8 ^ 0 . 8 3 6 2 0.6053 0.2002 32.31 0.0014 0.05 0.06 99.77 0.03 0.0012 0.0015 
864-865 8 , 1 2 2 0.2 0.4020 0.86 2149 13.9 0.8978 0.6311 0.4043 6.56 0.0164 0.54 0.56 9 8 . 8 3 0.28 0.0182 0.0100 
866-867 8 , 1 2 8 0.2 0.4020 0.86 2 M 9 49.5 0.9093 0.6119 0.4012 2 3 . 8 8 0.0050 0.18 0.21 9 8 . 3 9 0.07 0.0056 0.0028 
8 6 8 - 8 6 9 8 , 1 2 2 0.6 0.4020 0.86 2149 41.7 0.9085 0.6134 0.4015 20.10 0.0059 0.21 0.22 9 8 . 4 2 0.08 0.0065 0.0034 
870-871 8 , 1 2 8 0.6 0.4020 0.86 2149 148.5 0.9126 0.6064 0.4004 72.02 0.0017 0.06 0.07 9 8 . 2 8 0.02 0.0019 0.0010 
872-873 8,12 2 0.2 0.8040 1.73 2149 7.0 0.8833 0.6545 0.4078 3.17 0.0295 0.86 0.91 99.30 0.46 0.0330 0.0198 
874-875 8,12 8 0.2 0.8040 1.73 2149 24.8 0.9047 0.6196 0.4025 11.84 0.0097 0.34 0.41 98.56 0.15 0.0107 0.0057 
876-877 8,12 2 0.6 0.8040 1.73 2149 20.9 0.9031 0.6224 0.4029 9.95 0.0114 0.40 0.41 98.63 0.18 0.0125 0.0067 
878-879 8,12 8 0.6 0.8040 1.73 2149 74.3 0.9109 0.6092 0.4008 35.91 0.0034 0.12 0.15 98.33 0.04 0.0038 0.0019 
U n i t s : hs, L [ m ] Fg [ 1 0 ® k m o l / s ] Qt [ W ] Qt/Fgo [ k J / k m o l ] T j , T * , T / , Tw [ K ] r, yi, xi, X, ^g, ^Mg 
Table E.16: Parameters and results for dephlegmators 848-879 
CO OJ 
00 
n i t r o g e n / o x y g e n ; p — 6 bar, Tgo = 100.60 K, yio = 0.79 ; rectangular duct ; linear increasing heat flux 
case hs r L FgO Qt Qt/FgO ^MgO yiL ZlO X ^9 Vu - yig Tg-Ti Tg — Tyj TgL T g - r ; yii --yig 
z = L 2 = 0 z = L 
880-881 8,12 2 0.2 0.4020 0.43 1074 27.8 0.8354 0.6095 0.2011 5.92 0.0077 0.23 0.23 99,91 0.15 0.0040 0.0092 
882-883 8 ^ 2 8 0.2 0.4020 0.43 1074 99.0 0.8363 0.6050 0.2003 21.29 0.0022 0.07 0.08 99,79 0.05 0.0010 0.0027 
884-885 8 ^ 2 2 0.6 0.4020 0 ^ 3 1074 83.5 0.8363 0.6053 0.2004 17.94 0.0026 0.09 0.09 99.80 0.06 0.0012 0.0032 
886-887 8,12 8 0.6 0.4020 0.43 1074 297.0 0.8365 0.6040 0.2001 64.05 0.0007 0.03 0.03 99.76 0.02 0.0003 0.0009 
888-889 8,12 2 0.2 0.8040 0.86 1074 13.9 0.8338 0,6170 0.2020 2.91 0.0151 0.39 0,41 100.02 0.23 0.0090 0.0174 
890-891 8,12 8 0.2 0.8040 0.86 1074 4 9 ^ 0.8360 0.6066 0.2007 10.60 0.0043 0.14 0.16 99.84 0.09 0.0021 0.0053 
892-893 8,12 2 0.6 0.8040 0.86 1074 41.7 0.8359 0.6073 0.2008 8.92 0.0051 0.16 0,17 99.86 0.11 0.0025 0.0063 
894-895 8,12 8 0.6 0.8040 0.86 1074 148.5 0.8364 0.6045 0.2002 31.98 0.0015 0.05 0,06 99.77 0.03 0.0006 0.0018 
896-897 8,12 2 0.2 0.4020 0.86 2149 13.9 0.9002 0.6274 0.4040 6.45 0.0171 0 ^ 6 0,58 98.81 0.30 0.0157 0.0120 
898-899 8,12 8 0.2 0.4020 0.86 2149 49.5 0.9112 0.6090 0.4009 23.47 0.0052 0.19 0,21 98.36 0.08 0.0036 0.0035 
900-901 8,12 2 0.6 0.4020 0.86 2149 41.7 0.9105 0.6102 0.4011 19.76 0.0061 0.22 0,23 98.39 0.09 0.0044 0.0041 
902-903 8,12 8 0.6 0.4020 0.86 2149 148.5 0.9134 0.6052 0.4003 70.77 0.0017 0.06 0,07 98.27 0.02 0.0011 0.0012 
904-905 8,12 2 0.2 0.8040 1.73 2149 7.0 0.8853 0.6515 0.4075 3.11 0.0306 0.88 0,93 99.29 0.49 0.0311 0.0232 
906-907 8,12 8 0.2 0.8040 1.73 2149 24.8 0.9071 0.6158 0.4021 11.64 0.0101 0.35 0,42 98.54 0.17 0.0082 0.0068 
908-909 8,12 2 0.6 0.8040 1.73 2149 20.9 0.9055 0.6185 0.4025 9.78 0.0118 0.41 0,42 98.60 0.20 0.0100 0.0081 
910-911 8,12 8 0.6 0.8040 1.73 2149 74.3 0.9123 0.6070 0.4006 35.30 0.0035 0.13 0,15 98.31 0.05 0.0023 0.0023 
Un i t s : /is, L [m] Fg [10 k m o l / s ] Qt [ W ] Qt/Fgo [ k j / k m o l ] Tg, T*, Ti, Tw [ K ] r, y i , i i , X , Ng, H 
Table E.17: Parameters and results for dephlegmators 880-911 
OJ CO 
<;o 
n i t r o g e n / o x y g e n ; p = = 6 b a r , Tgo = 100.60 K, 3/10 = : 0 . 7 9 r o u n d t u b e ; l i n e a r d e c r e a s i n g h e a t flux 
case d L FgO Qt Qt/FgO ^MgO VlL xio X Ng yil - Vlg Tg-Tl Tg — Tw TgL T g - r ; Vll - -y\g 
z — L z = 0 z = L 
912-913 3,9 0.2 0.4020 0.43 1074 20.6 0.8306 0.6297 0.2020 <L66 0.0087 0.28 0.31 9 9 . 9 5 0.10 0,0173 0.0026 
914-915 3,9 0.6 0.4020 0.43 1074 61.9 0.8343 0.6134 0.2007 14.16 0.0031 0.11 0.12 99.81 0.02 0,0065 0.0009 
916-917 3,9 0.2 0.8040 0.86 1074 10.3 0.8261 0.6489 0.2035 2.27 0.0159 0.44 0.51 100.11 0.17 0,0295 0.0052 
918-919 3,9 0.6 0.8040 0.86 1074 30.9 0.8324 0.6220 0.2014 7.03 0.0060 0.20 0.23 9 9 . 8 8 0.06 0,0122 0.0017 
920-921 3,9 0.2 0.4020 0.86 2149 10.3 0.8776 0.6627 0.4077 5 . 4 2 0.0162 0.58 0.64 99.14 0.19 0,0382 0.0041 
922-923 3 , 9 0.6 0.4020 0 ^ 6 2149 30.9 0.8975 0.6309 0.4034 1 6 . 6 4 0.0065 0.26 0.28 9 8 . 6 0 0.04 0,0181 0.0013 
924-925 3 , 9 0.2 0,8040 1.73 2149 5.2 0.8600 0.6899 0.4116 2 . 5 9 0.0270 0.84 1.00 99.63 0.34 0,0547 0.0087 
926-927 3 , 9 0.6 0.8040 1.73 2149 15.5 0 . 8 8 6 2 0.6492 0.4058 8 . 2 3 0.0117 0.44 0.50 9 8 . 8 9 0.11 0.0297 0.0027 
n i t r o g e n / o x y g e n ; p = 6 b a r , TgO = 1 0 0 . 6 0 K , m o 
= 0.79 ; r o u n d t u b e ; s t e p d e c r e a s i n g h e a t flux 
case d L FgO Qt Qt/Fgo ^MgO yiL Zio X ^9 yii - yig Tg-Tj T g - T l u TgL yu --Vlg 
z = L 2 = 0 z = L 
928-929 3,9 0.2 0.4020 0.43 1074 20.6 0.8314 0.6263 0.2019 4.60 0.0090 C U 8 0.31 99.95 0.11 0,0151 0.0052 
930-931 3,9 0.6 0.4020 0.43 1074 61.9 0 . 8 3 4 8 0.6117 0.2006 14.01 0.0032 0.11 0.12 99.81 0.03 0,0054 0.0018 
932-933 3,9 0.2 0.8040 0.86 1074 10.3 0.8270 0.6449 0.2033 2.25 0.0165 0.45 0.52 100.10 0.19 0,0270 0.0102 
934-935 3,9 0.6 0.8040 0.86 1074 30.9 0.8330 0.6192 0.2013 6.96 0.0062 0.21 0.23 9 9 . 8 8 0.07 0.0104 0.0035 
936-937 3 , 9 0.2 0.4020 0.86 2149 10.3 0.8799 0.6593 0.4074 5.30 0.0170 0,59 0.66 99.13 0.22 0.0361 0.0080 
9 3 8 - 9 3 9 3,9 0.6 0.4020 0 . 8 6 2149 30.9 0.8996 0.6276 0.4030 16.29 0,0067 0.26 0.29 98.57 0.05 0.0159 0.0025 
940-941 3,9 0.2 0.8040 1.73 2149 5.2 0.8620 0.6870 0.4114 2 . 5 4 0.0284 0,85 1.01 99.62 0.37 0.0529 0.0163 
942-943 3 , 9 0.6 0.8040 1.73 2149 15.5 0.8885 0.6455 0.4055 8.05 0.0122 0.45 0.51 98.87 0.13 0.0274 0.0052 
Uni t s : d, L m] Fg [10 ® kmol/s] Qt [ W ] Qt/Fgo [kJ/kmol] Tg, Xg , 7 / , Xw [ K ] yi ^ 1) ^ i ^g t '^Mg [-] 
Table E.18: Parameters and results for dephlegmators 912-943 
nitrogen/oxygen ; p = 6 bar, Tgo = 100.60 K, yio = 0.79 ; round tube ; uniform heat flux 
case d L FgO Qt Qt/Fgo yiL 210 X ^9 Vil - yig Tg-Ti Tg Tu! 
z = L 
yii -
z = 0 
- yig 
z = L 
944-946 3,6,9 0.2 0.4020 0.43 1074 20.6 0.8327 0.6211 0.2017 4.50 0.0095 0.28 0.31 99.96 0.14 0.0116 0.0076 
947-949 3,6,9 0,4 0.4020 0.43 1074 41.3 0.8346 0.6127 0.2009 9.10 0.0049 0.16 0.17 99.85 0.08 0.0061 0.0039 
950-952 3,6,9 0.6 0.4020 0.43 1074 61.9 0.8352 0.6097 0.2006 13.70 0.0033 0.11 0.12 99.81 0.05 0.0041 0.0026 
953-955 3,6,9 0.2 0.5360 0.58 1074 15.5 0.8315 0.6263 0.2022 3.35 0.0124 0.35 0.39 100.01 0.18 0.0151 0.0100 
956-958 3,6,9 0.4 0.5360 0.58 1074 30.9 0.8339 0.6155 0.2012 6.80 0.0065 0.20 0.22 99.89 0.10 0.0080 0.0051 
959-961 3,6,9 0.6 0.5360 0.58 1074 4&4 0.8348 0.6117 0.2008 10.25 0.0044 0.15 0.16 99.84 0.07 0.0054 0.0035 
962-964 3,6,9 0.2 0.8040 0 ^ 6 1074 10.3 0.8292 0.6361 0.2030 2jW 0.0178 0.47 0.53 100.09 0.22 0.0214 0.0147 
965-967 3,6,9 0.4 0.8040 0.86 1074 20.6 0.8327 0.6211 0.2017 4.50 0.0095 0.28 0.31 99.96 0.14 0.0116 0.0076 
968-970 3,6,9 0.6 0.8040 0.86 1074 30.9 0.8339 0.6155 0.2012 6.80 0.0065 0.20 0.23 99.89 0.10 0.0080 0.0051 
971-973 3,6,9 0.2 0.4020 0.65 1611 13.8 0.8582 0.6336 0.3036 4.74 0.0144 0.45 0.49 99.55 0.22 0.0197 0.0100 
974-976 3,6,9 0.4 0.4020 0.65 1611 27.5 0.8636 0.6198 0.3019 9.64 0.0076 0.26 0.28 99.34 0.11 0.0108 0.0051 
977-979 3,6,9 0.6 0.4020 0.65 1611 41.3 0.8656 0.6147 0.3013 14.53 0.0052 0.18 0.20 99.26 0.07 0.0074 0.0034 
980L982 3,6,9 0.2 0.5360 0.86 1611 10.3 0.8550 0.6416 0.3045 3.51 0.0185 0.54 0.61 99.66 0.27 0.0249 0.0131 
9eW-985 3,6,9 0.4 0.5360 0.86 1611 20.6 0.8617 0.6246 0.3025 7.19 0.0100 0.33 0.36 99.41 0.15 0.0140 0.0067 
986-988 3,6,9 0.6 0.5360 0.86 1611 30.9 0.8643 0.6181 0.3017 10.86 0.0068 0.24 0.26 99.31 0.10 0.0097 0.0045 
989-991 3,6,9 0.2 0.8040 1.30 1611 6.9 0.8493 0.6557 0.3060 2 ^ 9 0.0259 0.70 0.81 99.83 0.33 0.0338 0.0192 
992-994 3,6,9 0.4 0.8040 1.30 1611 13.8 0.8582 0.6336 0.3036 4.74 0.0144 0.45 0.50 99.55 0.22 0.0197 0.0100 
995-997 3,6,9 0.6 0.8040 1.30 1611 20.6 0.8617 0.6246 0.3025 7.19 0.0100 0.33 0.37 99.41 0.15 0.0140 0.0067 
995-997 3,6,9 0.2 0.4020 0 ^ 6 2149 10.3 0.8862 0.6495 0.4065 5.04 0.0191 0.63 0.69 99.07 0.29 0.0299 0.0110 
1001-1003 3,6,9 0.4 0.4020 0.86 2149 20.6 0.8982 0.6302 0.4037 10.29 0.0105 0.38 0.41 98.68 0.14 0.0176 0.0054 
1004-1006 3,6,9 0.6 0.4020 0.86 2149 30.9 0.9030 0.6223 0.4025 15.52 0.0073 0.27 0.29 98.53 0.08 0.0125 0.0036 
1007-1009 3,6,9 0.2 0.5360 1.15 2149 7.7 0.8798 0.6598 0.4081 3.72 0.0241 0.75 0.84 99.27 0.36 0.0364 0.0147 
1010-1012 3,6,9 0.4 0.5360 1.15 2149 15.5 0.8938 0.6373 0.4047 7.66 0.0135 0.47 0.52 98.83 0.19 0.0222 0.0073 
1013-1015 3,6,9 0.6 0.5360 1.15 2149 23 2 0.8997 0.6277 0.4033 11.60 0.0095 0.35 0.38 98.64 0.12 0.0160 0.0048 
1016-1018 3,6,9 0.2 0.8040 1.73 2149 5.2 0.8690 0.6765 0.4104 2.40 0.0329 0.93 1.09 99.56 0.45 0.0466 0.0219 
1019-1021 3,6,9 0.4 0.8040 1.73 2149 10.3 0.8862 0.6495 0.4065 5.04 0.0191 0.63 0.71 99.07 0.29 0.0299 0.0110 
1022-1024 3,6,9 0.6 0.8040 1.73 2149 15.5 0.8938 0.6373 0.4047 7.66 0.0135 0.47 0.53 98.83 0.19 0.0222 0.0073 
Un i t s : d,L[m] F j [IQ-s kmol/s] Qt [W] Q j / F j o [kJ/kmol] Tg, , Tj, [K] yuxi,X, ^Mg 
Table E.19: Parameters and results for dephlegmators 944-1024 
nitrogen/oxygen ; p = = 6 bar, TgQ — 100.60 K, yio - 0.79 round tube ; step increasing heat flux 
case d L FgO Qt Qt/FgO yiL 210 X Ng yii - yig Tg-Ti Tg — Tw TgL T g - T ; 2/1/ -- 2/19 
z = L z = 0 z = L 
1025-1026 3,9 0.2 0.4020 0.43 1074 20.6 0.8340 0.6156 0.2016 4.40 0.0100 0.28 0.31 99.96 0.17 0.0080 0.0099 
1027-1028 3.9 0.6 0.4020 0.43 1074 61.9 0.8357 0.6077 0,2006 13.41 0.0034 0.11 0.12 99.82 0.07 0.0028 0.0035 
1029-1030 3,9 0.2 0.8040 0.86 1074 10.3 0.8314 0.6270 0.2026 2.15 0.0193 0.48 0.55 100.08 0.25 0.0155 0.0188 
1031-1032 3,9 0.6 0.8040 0.86 1074 30.9 0.8349 0.6117 0,2011 6.65 0.0067 0.20 0.23 99.90 0.13 0.0054 0.0068 
1033-1034 3,9 0.2 0.4020 0^6 2149 10.3 0.8925 0.6398 0,4057 4.81 0.0213 0.67 0.74 99.02 0.36 0.0238 0.0135 
1035-1036 3,9 0.6 0.4020 0.86 2149 30.9 0.9066 0.6166 0,4020 14.85 0.0078 0.28 0.30 98.49 0.11 0.0087 0.0045 
1037-1038 3,9 0.2 0.8040 1.73 2149 5.2 0.8747 0.6680 0,4096 2^9 0.0370 1.01 1.17 99.52 0.51 0.0414 0.0263 
1039-1040 3,9 0.6 0.8040 1.73 2149 15.5 0.8994 0.6285 0,4039 7.32 0.0149 0.50 0.56 98.77 0.25 0.0165 0.0090 
nitrogen/oxygen ; p = 6 bar, Tgo = 100.60 K, yio = & 7 9 ; round tube ; hnear increasing heat flux 
case d L FgO Qt Qt! FgO VlL 310 X 3/1/ - yig Tg-Ti Tg-T^ TgL 2/1/ -- yig 
z =. L z = 0 z = L 
1041-1042 3,9 0.2 0.4020 0.43 1074 20.6 0.8349 0.6120 0,2014 4.36 0.0103 0.29 0.31 99.96 0.19 0.0056 0.0122 
1043-1044 3,9 0.6 0.4020 0.43 1074 61.9 0.8362 0.6059 0,2005 13.27 0.0035 0.11 0.12 99.82 0.08 0.0016 0.0043 
1045-1046 3,9 0.2 0.8040 0.86 1074 10.3 0.8324 0.6229 0,2024 2.13 0.0199 0.50 0.56 100.08 0.26 0.0128 0.0227 
1047-1048 3,9 0.6 0.8040 0.86 1074 30.9 0.8356 0.6088 0,2010 6.59 0.0069 0.21 0.23 99.90 0.14 0.0035 0.0084 
1049-1050 3,9 0.2 0.4020 0.86 2149 10.3 0.8948 0.6363 0,4053 4.73 0.0222 0.69 0.75 99.00 0.39 0.0215 0.0160 
1051-1052 3,9 0.6 0,4020 0.86 2149 30.9 0.9088 0.6130 0,4016 14.59 0.0081 0.29 0.31 98.47 0.13 0.0063 0.0055 
1053-1054 3,9 0.2 0.8040 1.73 2149 5.2 0.8764 0.6654 0,4094 2.25 0.0384 1.04 1.20 99.51 0.54 0.0398 0.0305 
1055-1056 3,9 0.6 0.8040 1.73 2149 15.5 0.9018 0.6247 0.4035 7.20 0.0155 0.52 0.57 98.75 0.28 0.0140 0.0108 
CO 
Uni t s : d, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tl, Tyj [K] 3/1, I I , X , Ng, $ M g 
Table E.20: P a r a m e t e r s and results for deph legmators 1025-1056 
go 
t o 
e t h a n e / p r o p a n e ; p — 1 0 b a r , Tgo = 269.17 K , 2/10 = 0.7 ; r e c t a n g u l a r d u c t ; l i n e a r d e c r e a s i n g h e a t flux 
case hs r L FgO Qt Qt/Fgo ^MgO yiL 210 X Ng yii - yig Tg-Ti Tg — T-w TgL T g - r ; Vll - -yig 
z = L z = Q z = L 
1057-1058 8A2 2 0.2 0.4020 1.23 3059 18.0 0.7709 0.4208 0.2025 4.02 0.0176 1.65 1.70 264.70 0.33 0.0331 0.0055 
1059-1060 8,12 8 0.2 0.4020 1.23 3059 63.9 0.7763 0.3960 0.2006 14.53 0.0053 0.52 0.59 264.04 0.06 0.0101 0.0016 
1061-1062 8,12 2 0.6 0.4020 1.23 3059 53.9 0.7759 0.3979 0.2007 12.24 0.0062 0.61 0,62 264.08 0.08 0.0119 0.0019 
1063-1064 8,12 8 0.6 0.4020 1.23 3059 191.8 0.7778 0.3891 0.2002 43.75 0.0018 0.18 0.20 263.88 0.02 0.0034 0.0005 
1065-1066 8,12 2 0.2 0.8040 2^6 3059 9.0 0.7641 0.4510 0.2047 1.96 0.0327 2^7 2.99 265.46 0.61 0.0590 0.0108 
1067-1068 8,12 8 0.2 0.8040 2^6 3059 32.0 0.7741 0.4060 0.2013 7.22 0.0103 0.99 1.17 264.29 0.16 0.0196 0.0031 
1069-1070 8,12 2 0.6 0.8040 2.46 3059 27.0 0.7733 0.4096 0.2016 6.07 0.0121 1.16 1.20 264.39 0.20 0.0229 0.0037 
1071-1072 8,12 8 0.6 0.8040 2.46 3059 95.9 0.7770 0.3926 0.2004 21.84 0.0035 0.35 0.41 263.96 0.04 0.0068 0.0011 
1073-1074 8,12 2 0.2 0.4020 2.48 6175 9.0 0.8600 0.4702 0.4106 4.63 0.0346 3.74 3.86 257.89 0.62 0.0743 0.0095 
1075-1076 8,12 8 0.2 0.4020 2.48 6175 32.0 0.8937 0.4131 0.4031 16.83 0.0115 1.32 1.51 254.26 0.11 0.0261 0.0025 
1077-1078 8,12 2 0.6 0.4020 2.48 6175 27.0 0.8909 0.4179 0.4036 14.17 0.0135 1.54 1.58 254.56 0.14 0.0305 0.0030 
1079-1080 8,12 8 0.6 0.4020 2.48 6175 95.9 0.9042 0.3949 0.4010 50.72 0.0040 0.47 0.53 253.15 0.03 0.0091 0.0008 
1081-1082 8,12 2 0.2 0.8040 4.96 6175 4.5 0.8280 0.5218 0.4181 2.21 0.0578 5.79 6.11 261.13 1.16 0.1117 0.0196 
1083-1084 8,12 8 0.2 0.8040 4.96 6175 16.0 0.8792 0.4379 0.4061 8.35 0.0215 2.41 2.87 255.81 0.29 0.0480 0.0052 
1085-1086 8,12 2 0.6 0.8040 4.96 6175 13.5 0.8743 0.4464 0.4072 7.02 0.0248 2.76 2.87 256.35 0.36 0.0551 0.0062 
1087-1088 8,12 8 0.6 0.8040 4.96 6175 48.0 0.8989 0.4041 0.4020 25.31 0.0079 0.91 1.06 253.71 0.07 0.0178 0,0017 
U n i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/FgO [kJ/kmol] T/ , Tu, [K] r, yi, XI, X, Ng, 
Table E.21: Parameters and results for dephlegmators 1057-1088 
CO 
CO 
ethane/propane ; p = 10 bar, Tgo = 269.17 K, 2/10 = 0.7 ; rectangular duct ; step decreasing heat flux 
^MgO case hs r L FgO Qt Qt/FgO yiL %10 X Ng yii - yig T g - T ; TgL Vil - - yig 
z = L z = 0 z = L 
1089-1090 8,12 2 0.2 0.4020 1.23 3059 18.0 0.7722 0.4155 0.2024 3.97 0.0182 1.67 1.72 264.65 0.38 0.0283 0.0112 
1091-1092 8,12 8 0.2 0.4020 1.23 3059 63.9 0.7768 0.3941 0.2006 14.37 0.0053 0.52 0.59 264.03 0.09 0.0083 0.0032 
1093-1094 8,12 2 0.6 0.4020 1.23 3059 53.9 0.7764 0.3957 0.2007 12.10 0.0063 0.61 0.63 264.07 0.11 0.0098 0.0038 
1095-1096 8,12 8 0.6 0.4020 1.23 3059 191.8 0.7780 0.3884 0.2002 43.28 0.0018 0.18 0.20 263.88 0.03 0.0028 0.0011 
1097-1098 8,12 2 0.2 0.8040 2^6 3059 9.0 0.7658 0.4440 0.2045 1.94 0.0340 2^4 3.07 265.38 0.65 0.0531 0.0219 
1099-1100 8,12 8 0.2 0.8040 2^6 3059 32.0 0.7750 0.4025 0.2013 7.14 0.0105 1.00 1.18 264.27 0.20 0.0163 0.0064 
1101-1102 8,12 2 0.6 0.8040 2.46 3059 27.0 0.7743 0.4056 0.2016 6.01 0.0124 1.17 1.21 264.36 0.24 0.0192 0.0076 
1103-1104 8,12 8 0.6 0.8040 2.46 3059 9&9 0.7774 0.3913 0.2004 21.60 0.0036 0.35 0.41 263.95 0.06 0.0055 0.0022 
1105-1106 8,12 2 0.2 0.4020 2.48 6175 9.0 0.8642 0.4638 0.4101 4.52 0.0363 3^6 3.98 257.64 0.74 0.0692 0.0184 
1107-1108 8,12 8 0.2 0.4020 2.48 6175 32.0 0.8965 0.4086 0.4028 16.49 0.0119 1.35 1.53 254.06 0.18 0.0220 0.0050 
1109-1110 8,12 2 0.6 0.4020 2.48 6175 27.0 0.8940 0.4129 0.4033 13.88 0.0140 1.58 1.62 254.34 0.22 0.0260 0.0059 
1111-1112 8,12 8 0.6 0.4020 2.48 6175 95.9 0.9053 0.3932 0.4009 49.74 0.0041 0.47 0.53 253.07 0.06 0.0074 0.0016 
1113-1114 8,12 2 0.2 0.8040 4.96 6175 4.5 0.8318 0.5162 0.4177 2.16 0.0610 5.97 6.28 260.94 1.27 0.1079 0.0369 
1115-1116 8,12 8 0.2 0.8040 4.96 6175 16.0 0.8832 0.4316 0.4057 8.18 0.0224 2^8 2^W 255.54 0.39 0.0426 0.0102 
1117-1118 8,12 2 0.6 0.8040 4.96 6175 13.5 0.8784 0.4398 0.4068 6.87 0.0260 2.85 2.95 256.08 0.47 0.0496 0.0121 
1119-1120 8,12 8 0.6 0.8040 4.96 6175 48.0 0.9009 0.4009 0.4018 24.80 0.0081 0.92 1.08 253.56 0.12 0.0148 0.0033 
U n i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [k j /kmol] Tg, T*, T/ , [K] r, yi, xi, X, Ng, $Mg H 
Table E.22: Parameters and results for dephlegmators 1089-1120 
ethane/propane ; p = 10 bar, Tgo = 269.17 K, yio = 0.7 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt! FgO VlL 3=10 X Ng yii - yig Tg-Tj 7 ^ 9 - 7 ^ TgL 
z = L 
Vil 
z = 0 
- y-i-g 
z = L 
1121-1123 8,10 12 2 0.2 0.4020 1.23 3059 18.0 0.7741 0.4081 0.2025 &89 0.0191 1.69 1.74 264.62 0.49 0,0216 0.0166 
1124-1126 8,10 12 4 0.2 0.4020 1.23 3059 32.5 0.7761 0.3981 0.2014 7.10 0.0107 0.99 1.05 264.27 0.28 0,0121 0.0094 
1127-1129 8,10 12 8 0.2 0.4020 1.23 3059 6&9 0.7773 0.3920 0.2007 14.07 0.0055 0.52 0.59 264.04 0.14 0,0062 0.0048 
1130-1132 8,10 12 2 0.4 0.4020 1.23 3059 35.9 0.7764 0.3969 0.2013 7.87 0.0097 0.90 0.92 264.22 0.26 0,0110 0.0085 
1133-1135 8,10 12 4 0.4 0.4020 1.23 3059 65.0 0.7774 0.3919 0.2007 14.30 0.0054 0.51 0.54 264.03 0.14 0,0061 0.0047 
1136-1138 8,10 12 8 0.4 0.4020 1.23 3059 127.9 0.7780 0.3888 0.2003 28.22 0.0028 0.26 0.30 263.92 0.07 0,0031 0.0024 
1139-1141 8,10 12 2 0.6 0.4020 1.23 3059 53.9 0.7771 0.3931 0.2008 11.85 0.0065 0.61 0.63 264.08 0.17 0,0074 0.0057 
1142-1144 8,10 12 4 0.6 0.4020 1.23 3059 97.5 0.7778 0.3898 0.2005 21.49 0.0036 0.34 0.37 263.96 0.09 0,0041 0.0032 
1145-1147 8,10 12 8 0.6 0.4020 1.23 3059 191.8 0.7782 0.3877 0.2002 42.38 0.0018 0.18 0.20 263.88 0.05 0,0021 0.0016 
1148-1150 8,10 12 2 0.2 0.5360 1.64 3059 13.5 0.7725 0.4155 0.2032 &89 0.0251 2.17 2.24 264.86 0.61 0,0283 0.0219 
1151-1153 8,10 12 4 0.2 0.5360 1.64 3059 24.4 0.7753 0.4023 0.2019 5.30 0,0142 1.28 1.38 264.42 0.38 0,0161 0.0124 
1154-1156 8,10 12 8 0.2 0,5360 1.64 3059 48.0 0.7769 0.3941 0.2009 10.53 0.0073 0.68 0.79 264.12 0.19 0,0083 0,0064 
1157-1159 8,10 12 2 0.4 0.5360 1.64 3059 27.0 0.7756 0.4007 0.2017 5.88 0.0129 1.17 1.21 264.36 0.34 0.0146 0,0112 
1160-1162 8,10 12 4 0.4 0.5360 1.64 3059 4&7 0.7770 0.3939 0.2009 10.70 0.0072 0,67 0.72 264.11 0.19 0.0081 0,0063 
1163-1165 8,10 12 8 0.4 0.5360 1.64 3059 95.9 0.7778 0.3898 0.2005 21.15 0.0037 0.35 0.40 263.96 0.09 0.0042 0.0032 
1166-1168 8,10 12 2 0.6 0.5360 1.64 3059 40.4 0.7766 0.3957 0.2011 8.86 0,0086 0.80 0.83 264.18 0.23 0.0098 0.0076 
1169-1171 8,10 12 4 0.6 0.5360 1.64 3059 73.1 0.7775 0.3912 0.2006 16.10 0.0048 0.46 0.49 264.01 0.12 0.0055 0.0042 
1172-1174 8,10 12 8 0.6 0.5360 1.64 3059 143.9 0.7780 0.3884 0.2003 31.76 0.0025 0.24 0.27 263.91 0.06 0.0028 0.0022 
1175-1177 8,10 12 2 0.2 0.8040 2^6 3059 9.0 0.7693 0.4301 0.2043 1.89 0.0367 3.05 3.17 265.25 0,77 0.0413 0.0320 
1178-1180 8,10 12 4 0.2 0.8040 2^6 3059 16.2 0.7736 0.4105 0.2027 3.50 0,0210 1.84 2.00 264.70 0,53 0.0237 0.0183 
1181-1183 8,10 12 8 0.2 0.8040 2.46 3059 32.0 0.7761 0.3983 0.2014 6.99 0.0109 1,00 1.18 264.27 0.29 0.0123 0,0095 
1184-1186 8,10 12 2 0.4 0.8040 2.46 3059 18.0 0.7741 0.4081 0.2025 3.89 0,0191 1,69 1.75 264.62 0.49 0.0216 0.0166 
1187-1189 8,10 12 4 0.4 0.8040 2.46 3059 32.5 0.7761 0.3981 0.2014 7.10 0.0107 0,99 1.07 264.27 0.28 0.0121 0.0094 
1190-1192 8,10 12 8 0.4 0.8040 2.46 3059 63.9 0.7773 0.3920 0.2007 14.07 0,0055 0.52 0.61 264.04 0.14 0.0062 0.0048 
1193-1195 8,10 12 2 0.6 0.8040 2.46 3059 27.0 0.7756 0.4007 0.2017 5.88 0,0129 1.17 1.21 264.36 0,34 0.0146 0.0112 
1196-1198 8,10 12 4 0.6 0.8040 2.46 3059 48.7 0.7770 0.3939 0.2009 10.70 0,0072 0.67 0.73 264.11 0,19 0.0081 0.0063 
1199-1201 8,10 12 8 0.6 0.8040 2.46 3059 95.9 0.7778 0.3898 0.2005 21.15 0.0037 0.35 0.41 263.96 0,09 0.0042 0.0032 
U n i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kj /kmol] T / , Tw [K] r , yi, xi, X, Ng, [-] 
Table E.23: Parameters and results for dephlegmators 1121-1201 
ethane/propane ; p = 10 bar, Tgo = 269.17 K, yw = 0.7 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt/FgO ^MgO yiL ZlO X Ng yii - yig Tg-Ti Tg — Tw TgL T g - r ; yii - 3/is 
z = L z = 0 z = L 
1202-1204 8,10,12 2 0.2 0.4020 1.85 4604 12.0 0.8209 0.4241 0.3046 4.07 0.0297 2 7 8 2.87 261.32 0.76 0.0361 0.0228 
1205-1207 8,10,12 4 0.2 0.4020 1.85 4604 21.7 0.8271 0.4071 0.3026 7.48 0.0170 1.65 1.76 260.49 0.43 0.0206 0.0130 
1208-1210 8,10,12 8 0.2 0.4020 1.85 4604 4 2 ^ 0.8309 0.3965 0.3013 14.85 0.0088 0^8 1.00 259.96 0.22 0.0106 0.0067 
1211-1213 8,10,12 2 0.4 0.4020 1.85 4604 24.0 0.8278 0.4050 0.3023 8.29 0.0154 1.51 1.55 260.39 0.39 0.0186 0.0118 
1214-1216 8,10,12 4 0.4 0.4020 1.85 4604 43.3 0.8309 0.3963 0.3013 15.09 0.0087 0 8 6 0.92 259.96 0.21 0.0104 0.0066 
1217-1219 8,10,12 8 0.4 0.4020 1.85 4604 85.3 0.8328 0.3911 0.3006 29.84 0.0045 0.45 0.51 259.69 0.11 0.0053 0.0034 
1220-1222 8,10,12 2 0.6 0.4020 1.85 4604 35.9 0.8301 0.3985 0.3015 12.50 0.0104 1.03 1.06 260.06 0.26 0.0126 0.0080 
1223-1225 8,10,12 4 0.6 0.4020 1.85 4604 65.0 0.8322 0.3928 0.3008 22.71 0.0058 0.58 0.62 259.78 0.14 0.0070 0.0045 
1226-1228 8,10,12 8 0.6 0.4020 1.85 4604 127.9 0.8334 0.3892 0.3004 44.82 0.0030 0.30 0.34 259.61 0.07 0.0036 0.0023 
1229-1231 8,10,12 2 0.2 0.5360 2.47 4604 9.0 0.8162 0.4365 0.3060 3.01 0.0385 3.53 3.65 261.88 0.95 0.0468 0.0298 
1232-1234 8,10,12 4 0.2 0.5360 2.47 4604 16.2 0.8245 0.4142 0.3034 5.57 0.0223 2.14 2.30 260.84 0.58 0.0271 0.0171 
1235-1237 8,10,12 8 0.2 0.5360 4604 32.0 0.8296 0.4001 0.3017 11.11 0.0117 1.15 1.33 260.14 0.29 0.0141 0.0089 
1238-1240 8,10,12 2 0.4 0.5360 2^7 4604 18.0 0.8255 0.4114 0.3031 6.18 0.0203 1.96 2.02 260.71 0.52 0.0246 0.0156 
1241-1243 8,10,12 4 0.4 0.5360 2.47 4604 32.5 0.8296 0.3999 0.3017 11.29 0.0115 1.13 1.21 260.13 0.28 0.0139 0.0088 
1244-1246 8,10,12 8 0.4 0.5360 2.47 4604 63.9 0.8322 0.3929 0.3008 22.34 0.0059 0.59 0.68 259.78 0.14 0.0071 0.0045 
1247-1249 8,10,12 2 0.6 0.5360 2 J J 4604 27.0 0.8286 0.4029 0.3021 9.34 0.0138 1.35 1.39 260.28 0.35 0.0166 0.0105 
1250-1252 8,10,12 4 0.6 0.5360 2.47 4604 48.7 0.8313 0.3951 0.3011 17.00 0.0077 0.77 0.82 259.90 0.19 0.0093 0.0059 
1253-1255 8,10,12 8 0.6 0.5360 2.47 4604 95.9 0.8330 0.3904 0.3006 33.58 0.0040 0.40 0.46 259.66 0.09 0.0048 0.0030 
1256-1258 8,10,12 2 0.2 0.8040 3.70 4604 6.0 0.8071 0.4599 0.3084 1.96 0.0547 4.83 5.04 262.83 1.18 0.0662 0.0431 
1259-1261 8,10,12 4 0.2 0.8040 3.70 4604 10.8 0.8194 0.4281 0.3051 3.67 0.0326 3.03 3.30 261.51 0.83 0.0396 0.0251 
1262-1264 8,10,12 8 0.2 0.8040 3.70 4604 21.3 0.8270 0.4074 0.3026 7.36 0.0173 1.68 1.99 260.51 0.44 0.0209 0.0132 
1265-1267 8,10,12 2 0.4 0.8040 3.70 4604 12.0 0.8209 0.4241 0.3046 4.07 0.0297 2J% 2.89 261.32 0.76 0.0361 0.0228 
1268-1270 8,10,12 4 0.4 0.8040 3.70 4604 21.7 0.8271 0.4071 0.3026 7.48 0.0170 1.65 1.79 260.49 0.43 0.0206 0.0130 
1271-1273 8,10,12 8 0.4 0.8040 3.70 4604 42.6 0.8309 0.3965 0.3013 14.85 0.0088 0.88 1.03 259.96 0.22 0.0106 0.0067 
1274-1276 8,10,12 2 0.6 0.8040 3.70 4604 18.0 0.8255 0.4114 0.3031 6.18 0.0203 1.96 2.03 260.71 0.52 0.0246 0.0156 
1277-1279 8,10,12 4 0.6 0.8040 3.70 4604 32.5 0.8296 0.3999 0.3017 11.29 0.0115 1.13 1.23 260.13 0.28 0.0139 0.0088 
1280-1282 8,10,12 8 0.6 0.8040 3.70 4604 63.9 0.8322 0.3929 0.3008 22.34 0.0059 0.59 0.70 259.78 0.14 0.0071 0.0045 
U n i t s : k , , L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, Tj, [K] r , yx, xi, X, Ng, H 
Table E.24; Parameters and results for dephlegmators 1202-1282 
ethane/propane ; p = 10 bar, T^ q = 269.17 K, yio = 0.7 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt/FgO yiL Z l O X yii -yig Tg-Tj Tg — Tw TgL T g - r ; 
z = L 
Vll -
z = 0 
- yig 
z = L 
1283-1285 8,10 12 2 0.2 0.4020 2 ^ 8 6175 9.0 0.8752 0.4465 0.4088 4.30 0.0408 4.15 4 . 2 7 256.91 1.01 0.0553 0.0251 
1286-1288 8,10 12 4 0.2 0.4020 2 ^ 8 6175 16.2 0.8906 0.4197 0.4048 7.92 0.0241 2.55 2.71 255.01 0.56 0.0321 0.0140 
1289-1291 8,10 12 8 0,2 0.4020 2 ^ 8 6175 32.0 0.9001 0.4028 0.4024 15.76 0.0127 1.38 1.56 253.80 0.27 0.0166 0.0072 
1292-1294 8,10 12 2 0.4 0.4020 2.48 6175 18.0 0.8925 0.4164 0.4043 8 . 7 8 0.0219 2 ^ W 2.40 2 5 4 . 7 8 0.51 0.0291 0.0127 
1295-1297 8,10 12 4 0.4 0.4020 2.48 6175 32.5 0.9002 0.4025 0.4023 16.01 0.0125 1.36 1.44 253.78 0.27 0.0163 0.0071 
1298-1300 8,10 12 8 0.4 0.4020 2 ^ 8 6175 63.9 0.9049 0.3941 0.4012 31.68 0.0065 0.71 0.80 253.18 0.13 0.0083 0.0036 
1301-1303 8,10 12 2 0.6 0.4020 2 ^ 8 6175 27.0 0.8983 0.4060 0.4028 13.26 0.0150 1.62 1.66 254.03 0.33 0.0196 0.0085 
1304-1306 8,10 12 4 0.6 0.4020 2 ^ 8 6175 4 & 7 0.9034 0.3968 0.4015 24.10 0.0084 0.92 0.98 253.37 0.17 0.0109 0.0047 
1307-1309 8,10 12 8 0.6 0.4020 2 ^ 8 6175 95.9 0.9065 0.3913 0.4008 47.60 0.0043 0.48 0.54 2 5 2 . 9 8 0.09 0.0056 0.0024 
1310-1312 8,10 12 2 0.2 0.5360 3.31 6175 6.7 0.8644 0.4649 0.4115 3.17 0.0518 5.13 5.31 258.14 1.26 0.0701 0.0332 
1313-1315 8,10 12 4 0.2 0.5360 3.31 6175 12.2 0 . 8 8 4 2 0.4310 0.4065 5.89 0.0313 3 . 4 9 255.82 0.76 0.0421 0.0186 
1316-1318 8,10 12 8 0.2 0.5360 3.31 6175 24.0 0.8969 0.4086 0.4032 11.77 0.0167 1.80 2.07 2 5 4 . 2 2 0.37 0.0220 0.0095 
1319-1321 8,10 12 2 0.4 0.5360 3.31 6175 13.5 0.8867 0.4267 0.4058 6 . 5 4 0.0285 2 ^ W 3.08 255.51 0.69 0.0383 0.0169 
1322-1324 8,10 12 4 0.4 0.5360 3.31 6175 24.4 0.8971 0.4082 0.4031 11.97 0.0165 1.77 1.89 254.19 0.36 0.0217 0.0094 
1325-1327 8,10 12 8 0.4 0.5360 3.31 6175 48.0 0.9033 0.3970 0.4016 2 3 . 7 2 0.0086 0 ^ 4 1.07 253.39 0.18 0.0111 0.0048 
1328-1330 8,10 12 2 0.6 0.5360 3.31 6175 20.2 0.8944 0.4130 0.4038 9.90 0.0196 2.10 2.16 254.53 0.45 0.0260 0.0113 
1331-1333 8,10 12 4 0.6 0.5360 3.31 6175 36.6 0.9013 0.4006 0.4021 18.04 0.0112 1.21 1.29 253.64 0.24 0.0145 0.0063 
1334-1336 8,10 12 8 0.6 0.5360 3.31 6175 71.9 0.9054 0.3932 0.4010 35.66 0.0058 0.63 0.72 253.11 0.12 0.0074 0.0032 
1337-1339 8,10 12 2 0.2 0.8040 4.96 6175 4.5 0.8448 0.4966 0.4159 2.04 0.0709 6.70 7.01 260.14 1.55 0.0941 0.0487 
1340-1342 8,10 12 4 0.2 0.8040 4.96 6175 8.1 0.8717 0.4526 0.4097 3 . 8 6 0.0444 4.48 4 . 8 8 257.32 1.10 0.0602 0.0277 
1343-1345 8,10 12 8 0.2 0.8040 4 ^ 6 6175 16.0 0.8903 0.4203 0.4049 7.79 0.0244 2 ^ W 3.04 255.05 0.57 0.0326 0.0142 
1346-1348 8,10 12 2 0.4 0.8040 4.96 6175 9.0 0.8752 0.4465 0.4088 4.30 0.0408 4.15 4.31 256.91 1.01 0.0553 0.0251 
1349-1351 8,10 12 4 0.4 0.8040 4.96 6175 16.2 0.8906 0.4197 0.4048 7.92 0.0241 2.55 2.75 255.01 0.56 0.0321 0.0140 
1352-1354 8,10 12 8 0.4 0.8040 4.96 6175 32.0 0.9001 0.4028 0.4024 15.76 0.0127 1.38 1.61 253.80 0.27 0.0166 0.0072 
1355-1357 8,10 12 2 0.6 0.8040 4.96 6175 13.5 0.8867 0.4267 0.4058 6.54 0.0285 2.99 3.10 255.51 0.69 0.0383 0.0169 
1358-1360 8,10 12 4 0.6 0.8040 4.96 6175 24.4 0.8971 0.4082 0.4031 11.97 0.0165 1.77 1.91 254.19 0.36 0.0217 0.0094 
1361-1363 8,10 12 8 0.6 0.8040 4.96 6175 48.0 0.9033 0.3970 0.4016 23.72 0.0086 0.94 1.09 253.39 0.18 0.0111 0.0048 
Units: L [m] f g [10 ® kmol/s] Qt [W] [kJ/kmol] Tg, T*, T/ , Tu, [K] r, yi, xi, X, Ng, ^Mg [-] 
Table E.25: Parameters and results for dephlegmators 1283-1363 
CO 
ethane/propane ; p = 10 bar, Tgo = 269.17 K, yio = 0.7 ; rectangular duct ; step increasing heat flux 
case hs r L FgO Qt Qt/Fgo yiL ZlO X Ng Vll - yig Tg-Tj Tg - Tw TgL Tg - T ; Vll - - yig 
z = L z = 0 z = L 
1364-1365 8,12 2 0.2 0.4020 1.23 3059 18.0 0.7760 0.4007 0.2026 3.80 0.0200 1.72 1.77 264.60 0.60 0.0146 0.0218 
1366-1367 8,12 8 0.2 0.4020 1.23 3059 6&9 0.7779 0.3898 0.2008 13.78 0.0057 0.52 0.59 264.04 0,19 0.0042 0.0064 
1368-1369 8,12 2 0.6 0.4020 1.23 3059 53 9 0.7778 0.3906 0.2009 11.60 0.0067 0.61 0.63 264.09 0.23 0.0049 0.0075 
1370-1371 8,12 8 0.6 0.4020 1.23 3059 191.8 0.7784 0.3870 0.2003 41.52 0.0019 0.18 0.20 263.88 0.06 0.0014 0.0022 
1372-1373 8,12 2 0.2 0.8040 2.46 3059 9.0 0.7728 0.4161 0.2041 1.85 0.0394 3.21 3.34 265.11 0.88 0.0289 0.0413 
1374-1375 8,12 8 0.2 0.8040 2.46 3059 32.0 0.7772 0.3941 0,2016 6.84 0.0113 1.01 1.19 264.28 0.38 0.0083 0.0126 
1376-1377 8,12 2 0.6 0.8040 2.46 3059 27.0 0.7770 0.3957 0.2018 5.75 0.0134 1.18 1.22 264.36 0.44 0.0098 0.0148 
1378-1379 8 J 2 8 0.6 0.8040 2.46 3059 95.9 0.7781 0.3884 0.2005 20.72 0.0038 0.35 0.41 263.96 0.13 0,0028 0,0043 
1380-1381 8,12 2 0.2 0.4020 2.48 6175 9.0 0.8856 0.4302 0.4075 4.09 0.0454 4^5 4.68 256.18 1.25 0.0413 0.0301 
1382-1383 8,12 8 0.2 0.4020 2^8 6175 32.0 0.9037 0.3970 0.4020 15.11 0.0135 1.42 1.60 253.54 0.37 0.0111 0.0092 
1384-1385 8,12 2 0.6 0.4020 2 ^ 8 6175 27.0 0.9025 0.3992 0.4024 12.70 0.0159 1.67 1.71 253.72 0.44 0.0132 0.0108 
1386-1387 8,12 8 0.6 0.4020 2 ^ 8 6175 95.9 0.9076 0.3894 0.4006 45.72 0.0045 0.48 0.54 252.89 0.12 0.0037 0.0032 
1388-1389 8,12 2 0.2 0.8040 4.96 6175 4.5 0.8543 0.4822 0.4147 1.94 0.0797 7.51 7.82 259.53 1.76 0.0835 0.0570 
1390-1391 8,12 8 0.2 0.8040 4.96 6175 16.0 0.8974 0.4089 0.4041 7.45 0.0265 2.74 3.20 254.54 0.75 0.0223 0.0176 
1392-1393 8,12 2 0.6 0.8040 4.96 6175 13.5 0.8949 0.4136 0.4049 6.25 0.0312 3.20 3.31 254.93 0.89 0.0266 0.0206 
1394-1395 8,12 8 0.6 0.8040 4.96 6175 48.0 0.9057 0.3932 0.4013 22.76 0.0090 0.96 1.11 253.21 0.24 0.0074 0.0062 
U n i t s : hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/FgO [kJ/kmol] T j , Tw [K] r, yi, xi, X, Ng, [-] 
Table E.26: Parameters and results for dephlegmators 1364-1395 
ethane/propane ; p = 10 bar, Tgo — 269.17 K, yw = 0.7 ; rectangular duct ; linear increasing heat flux 
case hs r L FgO Qt Qt/Fgo yiL ZlO X ^9 Vll - yig Tg-Ti Tglj yu --yig 
z = L z = Q z = L 
1 3 9 6 - 1 3 9 7 8 ,12 2 0 .2 0 .4020 1.23 3059 18.0 0 . 7 7 7 4 0 .3954 0 .2025 3 .77 0 .0205 1.75 1 .80 264 .54 0 .65 0 .0095 0 .0269 
1 3 9 8 - 1 3 9 9 8 ,12 8 0 .2 0 .4020 1.23 3059 63 .9 0 . 7 7 8 4 0 .3879 0 .2008 13 .64 0 . 0 0 5 7 0 .52 0 .60 264 .04 0 .22 0 .0023 0 .0080 
1 4 0 0 - 1 4 0 1 8 ,12 2 0.6 0 .4020 1.23 3059 53 .9 0 .7784 0.3884 0 .2010 11.49 0 .0068 0 .62 0 .63 264 .08 0 .26 0 .0028 0 . 0 0 9 4 
1402 -1403 8 ,12 8 0.6 0 .4020 1.23 3059 191.8 0 .7786 0 .3863 0 .2003 4 1 . 1 1 0 .0019 0 .18 0 .20 263.88 0 .08 0 . 0 0 0 7 0 . 0 0 2 7 
1404 -1405 8,12 2 0.2 0 .8040 s u a 3059 9.0 0 .7745 0 . 4 0 9 1 0 .2040 1.83 0 . 0 4 0 7 3 . 3 1 3 .43 265 .03 0 .93 0 .0225 0 .0500 
1 4 0 6 - 1 4 0 7 8 ,12 8 0 .2 0 .8040 2 .46 3059 32 .0 0 . 7 7 8 1 0 .3906 0 .2016 6.78 0 .0115 1.02 1.20 264.26 0 .42 0 .0049 0 .0156 
1408 -1409 8 ,12 2 0.6 0 .8040 2^6 3059 27.0 0 .7780 0 .3917 0 .2018 5 .70 0 . 0 1 3 7 1.20 IjW 264 .33 0 .48 0 .0059 0 .0184 
1 4 1 0 - 1 4 1 1 8,12 8 0.6 0 .8040 2 ^ 6 3059 95.9 0 .7785 0 . 3 8 7 1 0 .2006 2 0 . 5 1 0 .0038 0 .35 0 . 4 1 263 .96 0 .15 0 .0015 0 . 0 0 5 4 
1412 -1413 8 ,12 2 0 .2 0 .4020 2^8 6175 9.0 0 .8897 0 .4236 0 .4070 4 .02 0 . 0 4 7 2 4 .72 4.85 255.88 1.34 0 .0356 0 . 0 3 4 7 
1414 -1415 8 ,12 8 0 .2 0 .4020 2^8 6175 32 .0 0 .9064 0 .3926 0 .4017 14.85 0 .0139 1.45 1.63 253 .34 0 .44 0 .0068 0 . 0 1 1 1 
1 4 1 6 - 1 4 1 7 8 ,12 2 0.6 0 .4020 2 .48 6175 27 .0 0 .9056 0 .3942 0 .4020 12.49 0 .0165 1 .71 1.75 253 .49 0 .52 0 . 0 0 8 4 0 . 0 1 3 0 
1 4 1 8 - 1 4 1 9 8,12 8 0.6 0 .4020 2 .48 6175 95 .9 0 .9087 0 . 3 8 7 7 0 .4005 44 .95 0 .0046 0 .49 0 .55 2 5 2 . 8 1 0 . 1 4 0 .0020 0 . 0 0 3 9 
1 4 2 0 - 1 4 2 1 8 ,12 2 0 .2 0 .8040 4 .96 6175 4 .5 0 .8572 0 .4779 0 .4143 1.90 0 . 0 8 2 7 7 .78 8 .09 259 .35 1 .83 0 . 0 8 0 2 0 .0643 
1 4 2 2 - 1 4 2 3 8 ,12 8 0 .2 0 .8040 4 .96 6175 16.0 0 .9014 0 .4024 0 .4036 7 .32 0 .0275 2 .83 3 .28 254 .25 0 .85 0 . 0 1 6 2 0 .0208 
1424 -1425 8 ,12 2 0 .6 0 .8040 4 .96 6175 13.5 0 .8990 0 .4069 0 . 4 0 4 4 6 .14 0 . 0 3 2 4 3 . 3 1 3 .42 254 .62 0 .98 0 . 0 2 0 4 0 .0242 
1 4 2 6 - 1 4 2 7 8 ,12 8 0 .6 0 . 8 0 4 0 4 .96 6175 48 .0 0 .9076 0 .3900 0 . 4 0 1 1 22 .38 0 .0093 0 .97 1 .12 253 .06 0 .29 0 . 0 0 4 3 0 .0076 
CO 
00 
U n i t s ; hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kj /kmol] Tg, TJ, 1}, i;. [K] r, yi, xi, X, Ng, ^Mg [-] 
Table E.27: Parameters and results for dephlegmators 1396-1427 
ethane/propane ; p = 10 bar, TgQ = 269.17 K, J/10 = 0.7 ; round tube ; linear decreasing heat flux 
case d L FgO Qt Qt/FgO yiL %10 X yii - yig Tg-Tj Tg — Tu, T'gL T g - r ; Vil - - 3/19 
z = L z = 0 z = L 
1428-1429 3,9 0.2 0.4020 1.23 3059 13.3 0.7684 0.4319 0.2033 2.95 0.0232 2.11 2.28 264.99 0.45 0.0429 0.0073 
1430-1431 3,9 0.6 0.4020 1.23 3059 40.0 0.7750 0.4020 0.2010 9.05 0.0083 0.81 0.86 264.19 0.12 0.0159 0.0025 
1432-1433 3,9 0.2 0.8040 2.46 3059 6.7 0.7598 0.4694 0.2059 1.42 0.0420 3.58 4.01 265.86 0.70 0.0736 0.0146 
1434-1435 3,9 0.6 0.8040 2.46 3059 20.0 0.7716 0.4175 0.2022 .L48 0.0160 1.50 1.65 264.61 0.29 0.0301 0.0049 
1436-1437 3,9 0.2 0.4020 2^8 6175 6.7 0.8474 0.4911 0.4136 3.38 0.0436 4.57 5.00 259.23 0.86 0.0901 0.0130 
1438-1439 3,9 0.6 0.4020 2.48 6175 20.0 0.8848 0.4284 0.4049 10.47 0.0176 2.00 2.14 255.21 0.21 0.0398 0.0041 
1440-1441 3,9 0.2 0.8040 4^6 6175 3.3 0.8118 0.5468 0.4217 1.58 0.0705 6.81 7 ^ ^ 262.59 1.31 0.1280 0.0268 
1442-1443 3,9 0.6 0.8040 4.96 6175 10.0 0.8641 0.4635 0.4096 5.16 0.0318 3.47 3.82 257.45 0.55 0.0690 0.0085 
ethane/propane ; p = 10 bar, TgQ = 269.17 K, yio = 0.7 ; round tube ; step decreasing heat flux 
case d L FgO Qt ^AfgO yiL 210 X yii - yig Tg-Tj Tg — Ty; TgL yii - yig 
z — L z = 0 z = L 
1444-1445 3,9 0.2 0.4020 1,23 3059 13.3 0.7700 0.4257 0.2032 2.92 0.0240 2.15 2.32 264.93 0.50 0.0374 0.0150 
1446-1447 3,9 0.6 0.4020 1.23 3059 40.0 0.7757 0.3991 0.2010 8.95 0.0085 0.81 0.87 264.17 0.16 0.0131 0.0051 
1448-1449 3,9 0.2 0.8040 2.46 3059 6.7 0.7616 0.4622 0.2057 1.41 0.0437 3.68 4.11 265.77 0.74 0.0680 0.0292 
1450-1451 3,9 0.6 0.8040 2.46 3059 20.0 0.7728 0.4125 0.2022 4.43 0.0164 1.52 1.67 264.56 0.34 0.0256 0.0101 
1452-1453 3,9 0.2 0.4020 2 ^ 8 6175 6.7 0.8514 0.4850 0.4132 3.31 0.0458 4.71 5.14 259.01 0.98 0.0856 0.0250 
1454-1455 3,9 0.6 0.4020 2 4 8 6175 20.0 0.8885 0.4225 0.4045 10.25 0.0184 2.05 2.20 254.96 0.30 0.0346 0.0081 
1456-1457 3,9 0.2 0.8040 4.96 6175 3.3 0.8155 0.5414 0.4213 1.55 0.0747 7.03 8.09 262.41 1.42 0.1245 0.0491 
1458-1459 3,9 0.6 0.8040 4.96 6175 10.0 0.8683 0.4569 0.4091 5.05 0.0333 3.58 3.93 257.19 0.66 0.0638 0.0165 
CO 
CO 
U n i t s : d, L [m] F j [10 ® kmol/s] Qt [W] Qt /F^o [kJ/kmol] Tg, T*, T j , T^, [K] yi, xi, X , Ng, ^Mg [-] 
Table E.28: Parameters and results for dephlegmators 1428-1459 
ethane/propane ; p = 10 bar, Tgo = 269.17 K, yio = 0.7 ; round tube ; uniform heat flux 
case d L FgO Qt Qt/FgO VlL 210 X N, TgL 
2 = L 
V\l - Vlg T g - T ; Tg-T^ Vil -
z = 0 
- yig 
z = L 
1460-1462 3,6,9 0.2 0.4020 1.23 3059 13.3 0,7725 0.4159 0.2032 2^5 0.0254 2.19 2.36 264.87 0.62 0.0287 0.0221 
1463-1465 3,6,9 0.4 0.4020 1.23 3059 26.6 0.7756 0.4008 0.2017 5.81 0.0130 1.18 1.27 264.37 0.35 0.0147 0.0113 
1466-1468 3,6,9 0.6 0.4020 1.23 3059 40.0 0.7766 0.3958 0.2011 8.76 0.0087 0.81 0.87 264.18 0.23 0.0099 0.0076 
1469-1471 3,6,9 0.2 0.5360 1.64 3059 10.0 0.7703 0.4257 0.2040 2.11 0.0332 2.79 3.04 265.14 0.73 0.0375 0.0290 
1472-1474 3,6,9 0.4 0.5360 1.64 3059 20.0 0.7746 0.4059 0.2023 4.33 0.0172 1.53 1.66 264.55 0.45 0.0195 0.0150 
1475-1477 3,6,9 0.6 0.5360 1,64 3059 30.0 0,7759 0.3992 0.2015 6.55 0.0116 1.06 1.15 264.31 0.31 0.0131 0.0101 
1478-1480 3,6,9 0.2 0.8040 2.46 3059 6.7 0.7659 0.4448 0.2053 1.37 0.0480 3^W 4.32 265.58 0.86 0.0538 0.0420 
1481-1483 3,6,9 0.4 0.8040 2.46 3059 1&3 0.7725 0.4159 0.2032 2^5 0.0254 2.19 2.40 2 M ^ 7 0.62 0.0287 0.0221 
1484-1486 3,6,9 0.6 0.8040 2.46 3059 20.0 0.7746 0.4059 0.2023 4.33 0.0172 1.53 1.68 264.55 0.45 0.0195 0.0150 
1487-1489 3,6,9 0.2 0.4020 1.85 4604 8.9 0.8160 0.4371 0.3061 2^8 0.0389 3.56 3.85 261.90 0.95 0.0473 0.0302 
1490-1492 3,6,9 0.4 0,4020 1.85 4604 17.8 0.8254 0.4117 0.3031 6.11 0.0205 1.98 2.12 260.72 0.53 0.0249 0.0157 
1493-1495 3,6,9 0.6 0.4020 1.85 4604 26.6 0.8285 0.4031 0.3021 9.23 0.0139 1.37 1.46 260.29 0.35 0.0168 0.0106 
1496-1498 3,6,9 0.2 0.5360 2.47 4604 6.7 0.8098 0.4531 0.3078 2.19 0.0501 4^^ 4.89 262.56 1.12 0.0606 0.0392 
1499-1501 3,6,9 0.4 0.5360 2.47 4604 13.3 0.8223 0.4203 0.3042 4.54 0.0269 2.54 2.76 261.14 0.69 0.0327 0.0207 
1502-1504 3,6,9 0.6 0.5360 2.47 4604 20.0 0.8264 0.4089 0.3028 6^9 0.0184 1.78 1.92 260.58 0,47 0.0222 0.0141 
1505-1507 3,6,9 0.2 0.8040 3.70 4604 4.4 0.7981 0.4822 0.3105 1.41 0.0697 5^9 6.72 263.63 1.28 0.0835 0.0560 
1508-1510 3,6,9 0.4 0.8040 3.70 4604 8.9 0.8160 0.4371 0.3061 2.98 0.0389 3.56 3.93 261.90 0.95 0.0473 0.0302 
1511-1513 3,6,9 0.6 0.8040 3.70 4604 13.3 0.8223 0.4203 0.3042 4^4 0.0269 2^4 2.79 261.14 0.69 0.0327 0.0207 
1514-1516 3,6,9 0.2 0.4020 2.48 6175 6,7 0.8639 0.4657 0.4116 3.13 0.0523 5.17 5.60 2MU0 1.27 0.0708 0.0336 
1517-1519 3,6,9 0.4 0.4020 2.48 6175 13.3 0.8864 0.4272 0.4059 6.46 0.0288 3.02 3.24 255.55 0.69 0.0387 0.0170 
1520-1522 3,6,9 0.6 0.4020 2.48 6175 20.0 0.8942 0.4133 0.4039 9,78 0.0199 2.12 2.27 254.55 0.45 0.0263 0.0114 
1523-1525 3,6,9 0.2 0.5360 3.31 6175 5.0 0.8504 0.4877 0.4147 2.29 0.0655 6,27 6,90 259.60 1.49 0.0876 0.0441 
1526-1528 3,6,9 0.4 0.5360 3.31 6175 10.0 0.8786 0.4407 0.4079 4.80 0.0372 3^2 4.14 256.50 0.92 0.0504 0.0226 
1529-1531 3,6,9 0.6 0.5360 3.31 6175 15.0 0.8890 0.4226 0.4052 7.29 0.0259 2.74 2.94 255.22 0.61 0.0347 0.0152 
1532-1534 3,6,9 0.2 0.8040 4.96 6175 3.3 0.8275 0.5237 0.4196 1.46 0.0876 8.00 9,05 261.70 1.67 0.1130 0.0638 
1535-1537 3,6,9 0.4 0.8040 4.96 6175 6.7 0.8639 0.4657 0.4116 3.13 0.0523 5.17 5.70 258.20 1.27 0.0708 0.0336 
1538-1540 3,6,9 0.6 0.8040 4.96 6175 10.0 0.8786 0.4407 0.4079 4.80 0.0372 3.82 4.17 256.50 0.92 0.0504 0.0226 
U n i t s : d, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] , Ti, T-u, [K] yi, xi, X , Ng, H 
Table E.29: Parameters and results for dephlegmators 1460-1540 
ethane/propane ; p = 10 bar TgO — 2 6 9 . 1 7 K , m o = = 0.7 ; round tube ; step increasing heat flux 
case d L FgO Qt Qt/FgO yiL 210 X ^9 yil - Vlg Tg-Tj Tg-Tu, TgL yii - - yig 
z = L z = 0 z = L 
1541-1542 3,9 0.2 0.4020 1.23 3059 13.3 0.7750 0.4060 0.2032 2.79 0.0269 2^5 2.42 264.80 0.73 0.0195 0.0289 
1543-1544 3,9 0.6 0.4020 1.23 3059 40.0 0.7775 0.3924 0.2013 8^8 0.0090 0.82 CL87 264.19 0.30 0.0066 0.0101 
1545-1546 3,9 0.2 0.8040 2.46 3059 6.7 0.7701 0.4278 0.2049 1.34 0.0522 4.19 4.62 265.39 0.97 0.0393 0.0535 
1547-1548 3,9 0.6 0.8040 2.46 3059 20.0 0.7763 0.3992 0.2024 4.24 0.0180 1.56 1.70 264.53 0.56 0.0131 0.0197 
1549-1550 3,9 0.2 0.4020 2.48 6175 6.7 0.8747 0.4488 0.4102 2^8 0.0587 5.75 6.18 257.46 1.51 0.0572 0.0397 
1551-1552 3,9 0.6 0.4020 2 ^ 8 6175 20.0 0.9000 0.4040 0.4032 9^6 0.0214 2.37 254.14 0.60 0.0177 0.0143 
1553-1554 3,9 0.2 0.8040 4.96 6175 3.3 0.8349 0.5127 0.4186 1.38 0.0979 8 ^ 3 9.98 261.25 1.83 0.1055 0.0740 
1555-1556 3,9 0.6 0.8040 4^6 6175 10.0 0.8886 0.4250 0.4067 4.57 0.0412 4.17 4.52 255.80 1.15 0.0368 0.0272 
ethane/propane ; p = 10 bar, Tgo = 269.17 K, yio = 0.7 ; round tube ; linear increasing heat flux 
case d L FgO Qt Qt! FgO yiL 210 X ^9 Vll - Vlg Tg-Tj Tg-T^ TgL T g - T ; yii --yig 
Z — h z = 0 z = L 
1557-1558 3,9 0.2 0.4020 1.23 3059 13.3 0.7765 0.3997 0.2031 2.77 0.0277 2.31 2.48 264.73 0.78 0.0137 0.0354 
1559-1560 3,9 0.6 0.4020 1.23 3059 40.0 0.7783 0.3895 0.2013 8.49 0.0092 0^2 0.88 264.17 0.34 0.0038 0.0126 
1561-1562 3,9 0.2 0.8040 2.46 3059 6.7 0.7719 0.4207 0.2047 1.33 0.0540 4 ^ 3 4.76 265.30 1.01 0.0330 0.0641 
1563-1564 3,9 0.6 0.8040 2.46 3059 20.0 0.7776 0.3942 0.2023 4.20 0.0185 1.58 1.73 264.48 0.60 0.0084 0.0244 
1565-1566 3,9 0.2 0.4020 sua 6175 6.7 0.8784 0.4431 0.4098 2 9 2 0.0610 5.97 6.39 257.21 1.60 0.0524 0.0454 
1567-1568 3,9 0.6 0.4020 2.48 6175 20.0 0.9036 0.3981 0.4028 9.20 0.0221 2 2 9 2.43 253.86 0.69 0.0122 0.0170 
1569-1570 3,9 0.2 0.8040 4.96 6175 3.3 0.8369 0.5096 0.4183 1.35 0.1013 SU4 10.28 261.13 1.88 0.1033 0.0823 
1571-1572 3,9 0.6 0.8040 4.96 6175 10.0 0.8927 0.4183 0.4062 4^9 0.0429 4.32 4.67 255.49 1.25 0.0308 0.0316 
CO 
Cn 
Units: d, L [m] Fg [10 ® kmol/s] Qt [W] Qt/FgO [kJ/kmol] Tt, n [K] y i , xi, X, Ng, [-] 
Table E.30: Parameters and results for dephlegmators 1541-1572 
CO 
cn bc 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, yio = 0.79 ; rectangular duct ; linear decreasing heat flux 
case hs r L FgO Qt Qt/FgO yiL ZlO X 1^9 Vll - yig Tg-Ti Tg — Tw TgL yii --yig 
z = L z = 0 z = L 
1 5 7 3 - 1 5 7 4 8 ,12 2 0 .2 0 .4020 1 .22 3025 17.7 0 .8547 0 .5378 0 .2040 3.95 0 . 0 1 6 4 1.78 1.82 258 .06 0 .32 0 . 0 3 2 2 0 .0048 
1575 -1576 8 ,12 8 0 .2 0 .4020 1.22 3025 62 .8 0 .8616 0 .5054 0 . 2 0 1 1 14.28 0 . 0 0 5 0 0 . 5 7 0 .64 257 .18 0 .06 0 . 0 1 0 4 0 . 0 0 1 4 
1577 -1578 8^2 2 0.6 0 .4020 1.22 3025 53 .0 0 . 8 6 1 1 0 .5079 0 .2013 12.03 0 .0059 0 .67 0 .69 257.25 0 .07 0 . 0 1 2 2 0 .0016 
1579 -1580 8^2 8 0.6 0 .4020 1 .22 3025 188.5 0 .8637 0 .4959 0 .2003 43 .00 0 . 0 0 1 7 0 .20 0 .22 256 .96 0 .02 0 .0036 0 .0005 
1581 -1582 8 ,12 2 0 .2 0 .8040 2 .43 3025 8.8 0 .8466 0 .5735 0 .2073 1.93 0 . 0 2 9 4 3 . 0 1 3 .13 258 .99 0 .57 0 .0543 0 .0097 
1583 -1584 8^12 8 0.2 0 .8040 3025 31 .4 0 .8588 0 .5188 0 . 2 0 2 2 7 .10 0 .0097 1.09 1.26 257 .53 0 .15 0 .0196 0 . 0 0 2 7 
1585 -1586 8 ,12 2 0.6 0 .8040 2^3 3025 26.5 0 .8577 0 .5235 0 .2027 5 .97 0 .0113 1.26 1 .30 257 .66 0 .19 0 .0228 0 . 0 0 3 2 
1 5 8 7 - 1 5 8 8 8^2 8 0.6 0 .8040 2 ^ 3 3025 94 .2 0 .8626 0 .5007 0 . 2 0 0 7 21 .46 0 . 0 0 3 4 0 .39 0 .45 2 5 7 . 0 7 0 .04 0 .0070 0 .0009 
1 5 8 9 - 1 5 9 0 8 J 2 2 0.2 0 .4020 2 .47 6145 8.8 0 . 9 2 5 1 0 . 6 0 4 2 0 . 4 2 1 1 4.58 0 .0295 3 .79 3 . 9 1 251 .49 0 .54 0 .0716 0 .0069 
1591 -1592 8 ,12 8 0 .2 0 .4020 2 . 4 7 6145 31 .4 0 .9653 0 .5355 0 .4078 16.56 0 .0106 1 .51 1 .68 246 .40 0 . 0 7 0 . 0 3 0 7 0 , 0 0 1 2 
1 5 9 3 - 1 5 9 4 8 ,12 2 0 .6 0 .4020 2 .47 6145 2&5 0 .9613 0 .5426 0 . 4 0 9 1 13 .96 0 .0123 1 .73 1 .77 2 4 6 . 9 2 0 .10 0 .0353 0 .0016 
1 5 9 5 - 1 5 9 6 8 ,12 8 0 .6 0 .4020 2^7 6145 94 .2 0 . 9 8 1 2 0 .5063 0 .4026 49 .65 0 . 0 0 3 9 0 .57 0 .63 2 4 4 . 2 9 0 . 0 1 0 . 0 1 1 0 0 ,0003 
1 5 9 7 - 1 5 9 8 8 ,12 2 0 .2 0 .8040 4 ,94 6145 4 .4 0 .8945 0 .6520 0 .4310 2 .19 0 .0476 5 .60 5 . 9 1 2 5 5 . 0 7 1 .00 0 .0959 0 . 0 1 5 8 
1 5 9 9 - 1 6 0 0 8 ,12 8 0 .2 0 .8040 4 . 9 4 6145 15.7 0 .9462 0 .5689 0 .4140 8.26 0 .0189 2 .57 3 .02 2 4 8 . 8 4 0 .23 0 .0515 0 .0033 
1 6 0 1 - 1 6 0 2 8 ,12 2 0 .6 0 .8040 4 ^ 4 6145 13.2 0 .9404 0 . 5 7 8 7 0 .4159 6 .94 0 . 0 2 1 7 2 .90 3 .00 249 .58 0 .30 0 . 0 5 7 3 0 , 0 0 4 1 
1 6 0 3 - 1 6 0 4 8 ,12 8 0 .6 0 .8040 4 .94 6145 4 7 . 1 0 .9730 0 .5215 0 .4053 24.84 0 .0074 1 .07 1 .22 2 4 5 . 3 9 0 .04 0 .0214 0 , 0 0 0 7 
Units: hs, L [ml Fg [10-6 kmol/s] Qt [W] Qt/Fgo [kJ/kmol] T;, T;, Tw [K] r , yi, xt, X, Ng, $Mg [-] 
Table E.31: Parameters and results for dephlegmators 1573-1604 
w 
cn 
CO 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, yio = 0.79 ; rectangular duct ; step decreasing heat flux 
case hs r L FgO Qt Qt/FgO VlL ZlO X Ng Vil - yig Tg-Ti Tg-T^ TgL Vil - -yig 
z = L z = 0 z = L 
1605-1606 8,12 2 0.2 0.4020 1.22 3025 17.7 0.8561 0.5317 0.2038 3.91 0.0169 1.81 1.86 257.97 0.36 0.0283 0.0098 
1607-1608 8,12 8 0.2 0.4020 1.22 3025 6&8 0.8623 0.5028 0.2010 14.13 0.0051 0.58 0.65 257.16 0.09 0.0085 0.0028 
1609-1610 8,12 2 0.6 0.4020 1.22 3025 53.0 0.8618 0.5050 0.2012 11.90 0.0060 0.68 0.69 257.22 0.11 0.0101 0.0033 
1611-1612 8,12 8 0.6 0.4020 1.22 3025 188.5 0.8639 0.4950 0.2003 42.54 0.0017 0.20 0.22 256.95 0.03 0.0029 0.0009 
1613-1614 8^2 2 0.2 0.8040 2 ^ 3 3025 8.8 0.8482 0.5669 0.2070 1.90 0.0306 3.10 3.21 258.90 0.61 0.0503 0.0191 
1615-1616 8,12 8 0.2 0.8040 2 ^ 3 3025 31.4 0.8598 0.5144 0.2021 7.02 0.0099 1.10 1.28 257.48 0.19 0.0166 0.0056 
1617-1618 8,12 2 0.6 0.8040 2 ^ 3 3025 2&5 0.8589 0.5186 0.2025 5.91 0.0117 1,28 1.32 257.60 0.23 0.0195 0.0066 
1619-1620 8,12 8 0.6 0.8040 2 ^ 3 3025 94^ 0.8631 0.4989 0.2007 21.23 0.0034 0.39 0.45 257.06 0.06 0.0057 0.0019 
1621-1622 8,12 2 0.2 0.4020 2.47 6145 8.8 0.9283 0.5993 0.4204 4.48 0.0309 3.90 4.03 251.26 0.64 0.0689 0.0127 
1623-1624 8 J 2 8 0.2 0.4020 2.47 6145 31.4 0.9684 0.5300 0.4069 16.19 0.0110 1.56 1.73 246.05 0.11 0.0272 0.0023 
1625-1626 8,12 2 0.6 0.4020 2.47 6145 26.5 0.9645 0.5370 0.4082 13.65 0.0128 1.79 1.83 246.57 0.15 0.0317 0.0029 
1627-1628 8,12 8 0.6 0.4020 2^7 6145 94 2 0.9827 0.5036 0.4022 48.61 0.0040 0.58 0.64 244.10 0.02 0.0091 0.0005 
1629-1630 8,12 2 0.2 0.8040 4.94 6145 4.4 0.8976 0.6476 0.4304 2.14 0.0503 5.77 6.08 254.87 1.10 0.0938 0.0280 
1631-1632 8,12 8 0.2 0.8040 4.94 6145 15.7 0.9496 0.5634 0.4132 8.07 0.0198 2^6 3.11 248.53 0.31 0.0482 0.0061 
1633-1634 8,12 2 0.6 0.8040 4.94 6145 13.2 0.9438 0.5734 0.4152 6.79 0.0226 3.00 3.10 249.29 0.39 0.0542 0.0076 
1635-1636 8,12 8 0.6 0.8040 4.94 6145 47.1 0.9756 0.5168 0.4046 24.29 0.0076 1.10 1.25 245.08 0.06 0.0183 0.0013 
U n i t s : hs, L [m] Fg [10~® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T* T j , [K] r , y i , Z l ; 
Table E.32: Parameters and results for dephlegmators 1605-1636 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt QtlFga 2/1 i 3=10 X Pi/ - Vlg Tg-Tj Tg — Ty, TgL 
z = L 
Vil -
z = 0 
-yig 
z = L 
1 6 3 7 - 1 6 3 9 8 ,10 12 2 0 .2 0 .4020 1 .22 3025 17.7 0 .8585 0 .5220 0 . 2 0 3 5 3.82 0 .0179 1.86 1 .90 257.88 0 .47 0 .0218 0 . 0 1 4 2 
1 6 4 0 - 1 6 4 2 8 ,10 12 4 0 .2 0 .4020 1 .22 3025 31.9 0 .8613 0 .5084 0 .2020 6 ^ 8 0 . 0 1 0 2 1.10 1.16 257 .43 0 .27 0 .0125 0 . 0 0 8 1 
1643 -1645 8 ,10 12 8 0 .2 0 .4020 1 .22 3025 6 2 ^ 0 .8630 0 .4999 0 .2010 13.83 0 .0053 0 .58 0 .65 257 .14 0 .14 0 .0065 0 . 0 0 4 2 
1 6 4 6 - 1 6 4 8 8 ,10 12 2 0 .4 0 .4020 1 .22 3025 3 5 j 0 .8616 0 . 5 0 6 7 0 .2018 7 .73 0 .0093 1.00 1 .02 2 5 7 . 3 7 0 .25 0 .0113 0 . 0 0 7 3 
1 6 4 9 - 1 6 5 1 8 ,10 12 4 0 .4 0 .4020 1 .22 3025 6 3 ^ 0 .8630 0 .4998 0 .2010 14.05 0 . 0 0 5 2 0 .57 0 .60 2 5 7 . 1 4 0 .13 0 . 0 0 6 4 0 . 0 0 4 1 
1 6 5 2 - 1 6 5 4 8 ,10 12 8 0 .4 0 .4020 1 .22 3025 125.7 0 .8639 0 .4955 0 .2005 2 7 . 7 4 0 . 0 0 2 7 0 .30 0.33 256 .99 0 . 0 7 0 .0033 0 . 0 0 2 1 
1 6 5 5 - 1 6 5 7 8 ,10 12 2 0.6 0 .4020 1 .22 3025 53 .0 0 .8626 0 .5015 0 . 2 0 1 2 11 .64 0 . 0 0 6 2 0.68 0 .70 257 .20 0 .16 0 .0076 0 .0049 
1658 -1660 8 ,10 12 4 0.6 0 .4020 1 .22 3025 95.8 0.8636 0 .4968 0 .2006 21 .12 0 .0035 0 .39 0 . 4 1 257 .04 0 .09 0 .0043 0 . 0 0 2 8 
1661 -1663 8 ,10 12 8 0.6 0 .4020 1.22 3025 188.5 0 .8642 0 .4940 0 .2003 4 1 . 6 4 0 .0018 0 .20 0 .22 256 .94 0 .04 0 . 0 0 2 2 0 . 0 0 1 4 
1664 -1666 8 ,10 12 2 0 .2 0 .5360 1.62 3025 13.2 0 .8564 0 .5318 0 ,2045 2.84 0 .0234 2 ^ 7 2.44 2 5 8 . 1 7 0 .58 0 .0283 0 . 0 1 8 7 
1667 -1669 8 ,10 12 4 0.2 0 .5360 1 .62 3025 2 3 ^ 0 . 8 6 0 1 0 . 5 1 4 1 0 .2026 5 . 2 1 0 .0135 1 .42 1 .51 2 5 7 . 6 2 0 .36 0 . 0 1 6 4 0 . 0 1 0 7 
1 6 7 0 - 1 6 7 2 8 ,10 12 8 0 .2 0 .5360 1 .62 3025 47.1 0 .8624 0 .5028 0 .2013 10.35 0 .0070 0 .76 0 .87 257.24 0 .18 0 . 0 0 8 6 0 . 0 0 5 5 
1673 -1675 8 ,10 12 2 0 .4 0 .5360 1.62 3025 2&5 0 .8606 0 .5119 0 . 2 0 2 4 5 .78 0 . 0 1 2 2 1.30 1.33 257 .55 0 .33 0 .0149 0 . 0 0 9 7 
1676 -1678 8 ,10 12 4 0 .4 0 .5360 1 .62 3025 47 .9 0 .8624 0 .5026 0 .2013 10.52 0 .0069 0.75 0 .80 257 .23 0 .18 0 .0084 0 . 0 0 5 4 
1 6 7 9 - 1 6 8 1 8 ,10 12 8 0 .4 0 .5360 1 .62 3025 94.2 0.8636 0 .4969 0 . 2 0 0 7 20 .78 0 .0035 0 .39 0 .44 257 .04 0 .09 0 .0043 0 . 0 0 2 8 
1 6 8 2 - 1 6 8 4 8 ,10 12 2 0.6 0 .5360 1.62 3025 39 .7 0 .8619 0 .5050 0 .2016 8 . 7 1 0 .0083 0 .90 0 .92 2 5 7 . 3 1 0 .22 0 . 0 1 0 1 0 . 0 0 6 5 
1 6 8 5 - 1 6 8 7 8 ,10 12 4 0.6 0 .5360 1.62 3025 71 .8 0 .8632 0 .4988 0 .2009 15.82 0 .0046 0 . 5 1 0 .54 257 .10 0 .12 0 . 0 0 5 7 0 . 0 0 3 7 
1688 -1690 8 ,10 12 8 0.6 0 .5360 1 .62 3025 141 .4 0 .8640 0 .4950 0 . 2 0 0 4 3 1 . 2 1 0 .0024 0 .26 0 .30 256.98 0 .06 0 .0029 0 .0019 
1 6 9 1 - 1 6 9 3 8 ,10 12 2 0 .2 0 .8040 2 .43 3025 8.8 0 . 8 5 2 2 0 .5504 0 . 2 0 6 2 1.86 0 .0335 3 ^ 8 3 .40 2 5 8 . 6 7 0 .72 0 .0403 0 . 0 2 7 1 
1694 -1696 8 ,10 12 4 0 .2 0 .8040 2.43 3025 16.0 0 .8578 0 . 5 2 5 2 0 .2038 3 .44 0 .0197 2 .02 2 .18 257 .97 0 . 5 1 0 .0239 0 . 0 1 5 7 
1697 -1699 8 ,10 12 8 0 .2 0 .8040 2 .43 3025 31 .4 0 . 8 6 1 2 0 .5087 0 .2020 6 .87 0 .0104 1 .11 1.29 257 .44 0 .28 0 . 0 1 2 7 0 . 0 0 8 2 
1 7 0 0 - 1 7 0 2 8 ,10 12 2 0 .4 0 .8040 2 .43 3025 17.7 0 .8585 0 .5220 0 .2035 3.82 0 .0179 1.86 1.92 257.88 0 . 4 7 0 .0218 0 . 0 1 4 2 
1703 -1705 8 ,10 12 4 0 .4 0 .8040 2.43 3025 31.9 0 .8613 0 .5084 0 . 2 0 2 0 6.98 0 .0102 1 .10 1 .17 257 .43 0 . 2 7 0 .0125 0 . 0 0 8 1 
1 7 0 6 - 1 7 0 8 8 ,10 12 8 0 .4 0 .8040 2.43 3025 6Z8 0 .8630 0 .4999 0 .2010 13.83 0 .0053 0 .58 0 .67 2 5 7 . 1 4 0 .14 0 .0065 0 . 0 0 4 2 
1 7 0 9 - 1 7 1 1 8 ,10 12 2 0 .6 0 . 8 0 4 0 2.43 3025 26 .5 0 .8606 0 . 5 1 1 9 0 . 2 0 2 4 5 .78 0 . 0 1 2 2 1.30 1.34 257 .55 0 .33 0 . 0 1 4 9 0.0097 
1 7 1 2 - 1 7 1 4 8 ,10 12 4 0.6 0 .8040 2 .43 3025 47 .9 0 . 8 6 2 4 0 .5026 0 . 2 0 1 3 10 .52 0 .0069 0.75 0 .80 257 .23 0 .18 0 . 0 0 8 4 0 . 0 0 5 4 
1 7 1 5 - 1 7 1 7 8 ,10 12 8 0.6 0 .8040 2 .43 3025 94 .2 0 .8636 0 .4969 0 . 2 0 0 7 20 .78 0 .0035 0 .39 0 .45 2 5 7 . 0 4 0 .09 0 . 0 0 4 3 0 . 0 0 2 8 
Units: h„ L [m] Fg [ lO'S kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, Tj, [K] r , yu xi, X, Ng, [-] 
Table E.33: Parameters and results for dephlegmators 1637-1717 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qtj Fg^ VlL %10 X Ng Vll - yig Tg-Tj Tg — Tui TgL T g - z ; 
z = L 
2/1/ -
z = 0 
- yig 
z = L 
1718-1720 8,10 12 2 0.2 0.4020 1.83 4561 11.8 0.8984 0.5462 0.3078 4.00 0.0271 3^2 3.10 254.39 0.70 0.0376 0.0174 
1721-1723 8,10 12 4 0.2 0.4020 1.83 4561 21.3 0.9070 0.5226 0.3044 7.35 0.0159 1.84 1.95 253.23 0.40 0.0222 0.0098 
1724-1726 8,10 12 8 0.2 0.4020 1.83 4561 41.9 0.9125 0.5072 0.3022 14.59 0.0084 1.00 1.12 252.47 0.19 0.0116 0.0050 
1727-1729 8,10 12 2 0.4 0.4020 1.83 4561 23.5 0.9081 0.5196 0.3040 8.15 0.0145 1.69 1.73 253.08 0.36 0.0202 0.0089 
1730-1732 8,10 12 4 0.4 0.4020 1.83 4561 4Z6 0.9126 0.5069 0.3022 14.83 0.0083 0.98 1.03 252.46 0.19 0.0115 0.0049 
1733-1735 8,10 12 8 0.4 0.4020 1.83 4561 8 3 ^ 0.9153 0.4991 0.3011 29.30 0.0043 0.51 0.57 252.08 0.09 0.0059 0.0025 
1736-1738 8,10 12 2 0.6 0.4020 1.83 4561 35.3 0.9114 0.5102 0.3026 12.28 0.0099 1.17 1.19 252.62 0.23 0.0137 0.0059 
1739-1741 8,10 12 4 0.6 0.4020 1.83 4561 6 3 ^ 0.9144 0.5016 0.3014 22.30 0.0056 0.67 0.70 252.20 0.12 0.0077 0.0033 
1742-1744 8,10 12 8 0.6 0.4020 1.83 4561 125.7 0.9163 0.4964 0.3007 44.00 0.0029 0.35 0.39 251.95 0.06 0.0039 0.0017 
1745-1747 8,10 12 2 0.2 0.5360 2 ^ 4 4561 8.8 0.8924 0.5621 0.3101 2.97 0.0345 3.75 3.87 255.14 0.86 0.0474 0.0229 
1748-1750 8,10 12 4 0.2 0.5360 2.44 4561 16.0 0.9034 0.5326 0.3059 5.48 0.0207 2.36 2.51 253.73 0.53 0.0288 0.0129 
1751-1753 8,10 12 8 0.2 0.5360 2.44 4561 31.4 0.9106 0.5125 0.3030 10.91 0.0111 1.30 1.48 252.73 0.26 0.0154 0.0067 
1754-1756 8,10 12 2 0.4 0.5360 2 ^ 4 4561 17.7 0.9048 0.5288 0.3053 6.08 0.0189 2.17 2.23 253.54 0.48 0.0263 0.0117 
1757-1759 8,10 12 4 0.4 0.5360 2.44 4561 31.9 0.9107 0.5122 0.3029 11.09 0.0109 1.28 1.36 252.72 0.26 0.0151 0.0066 
1760-1762 8,10 12 8 0.4 0.5360 2.44 4561 62.8 0.9144 0.5018 0.3015 21.94 0.0057 0^8 0.76 252.21 0.13 0.0078 0.0034 
1763-1765 8,10 12 2 0.6 0.5360 2.44 4561 26.5 0.9092 0.5165 0.3035 9.18 0.0130 1.52 1.56 252.93 0.31 0.0181 0.0079 
1766-1768 8,10 12 4 0.6 0.5360 2.44 4561 47.9 0.9132 0.5052 0.3019 16.69 0.0074 0.88 0.93 252.37 0.17 0.0102 0.0044 
1769-1771 8,10 12 8 0.6 0.5360 2.44 4561 9 4 ^ 0.9156 0.4982 0.3010 32.97 0.0038 0.46 0.52 252.04 0.08 0.0052 0.0023 
1772-1774 8,10 12 2 0.2 0.8040 3.67 4561 5.9 0.8816 0.5898 0.3139 1.92 0.0476 4.97 5.18 256.35 1.05 0.0636 0.0334 
1775-1777 8,10 12 4 0.2 0.8040 3.67 4561 10.6 0.8965 0.5514 0.3086 3.60 0.0295 3^6 3.53 254.64 0.76 0.0409 0.0192 
1778-1780 8,10 12 8 0.2 0.8040 3.67 4561 20.9 0.9069 0.5230 0.3045 7.23 0.0162 1.87 2.17 253.25 0.40 0.0225 0.0099 
1781-1783 8,10 12 2 0.4 0.8040 3.67 4561 11.8 0.8984 0.5462 0.3078 4.00 0.0271 3^2 3.12 254.39 0.70 0.0376 0.0174 
1784-1786 8,10 12 4 0.4 0.8040 3.67 4561 21.3 0.9070 0.5226 0.3044 7.35 0.0159 1.84 1.98 253.23 0.40 0.0222 0.0098 
1787-1789 8,10 12 8 0.4 0.8040 3.67 4561 41.9 0.9125 0.5072 0.3022 14.59 0.0084 1.00 1.15 252.47 0.19 0.0116 0.0050 
1790-1792 8,10 12 2 0.6 0.8040 3.67 4561 17.7 0.9048 0.5288 0.3053 6.08 0.0189 2.17 253.54 0.48 0.0263 0.0117 
1793-1795 8,10 12 4 0.6 0.8040 3.67 4561 31.9 0.9107 0.5122 0.3029 11.09 0.0109 1.28 1.37 252.72 0.26 0.0151 0.0066 
1796-1798 8,10 12 8 0.6 0.8040 3.67 4561 62.8 0.9144 0.5018 0.3015 21.94 0.0057 0.68 0.78 252.21 0.13 0.0078 0.0034 
U n i t s : /is, L [m] F j [10 ® kmol/s] Qt [W] Qt /Fgo [kJ/kmol] Tg, T*, Ti, [K] r, yi, xi, X, Ng, ^Mg [-] 
Table E.34: Parameters and results for dephlegmators 1718-1798 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, yio = 0.79 ; rectangular duct ; uniform heat flux 
case hs r L FgO Qt Qt! FgO VlL Zio X yii ~ yig Tg-Tj Tg-Tn, TgL 
z = L 
y\i -
2 = 0 
- %/lg 
z — L 
1799-1801 8,10 12 2 0.2 0.4020 2.47 6145 8.8 0.9387 0.5829 0.4179 4.24 0.0351 4.31 4.44 250.31 0.85 0.0597 0.0157 
1802-1804 8,10 12 4 0.2 0.4020 2^7 6145 16.0 0.9589 0.5478 0.4107 7.78 0.0217 2 ^ 4 3.00 247.55 0.43 0.0386 0.0072 
1805-1807 8,10 12 8 0.2 0.4020 2.47 6145 31.4 0.9739 0.5202 0.4054 15.42 0.0119 1.63 1.81 245.40 0.16 0.0206 0.0028 
1808-1810 8,10 12 2 0.4 0.4020 2.47 6145 17.7 0.9616 0.5427 0.4097 8.62 0.0199 2 j a 2.69 247.15 0.37 0.0354 0.0063 
1811-1813 8,10 12 4 0.4 0.4020 2^7 6145 31.9 0.9742 0.5197 0.4053 15.67 0.0117 1.61 1.68 245.36 0.16 0.0203 0.0027 
1814-1816 8,10 12 8 0.4 0.4020 2.47 6145 6Z8 0.9819 0.5052 0.4025 30.96 0.0062 0.86 0.95 244.24 0.06 0.0102 0.0011 
1817-1819 8,10 12 2 0.6 0.4020 2 4 7 6145 26.5 0.9709 0.5258 0.4064 12.99 0.0139 1.89 1.93 245.83 0.21 0.0244 0.0036 
1820-1822 8,10 12 4 0.6 0.4020 2.47 6145 47.9 0.9795 0.5098 0.4034 23.57 0.0080 1.11 1.17 244.60 0.09 0.0135 0.0016 
1823-1825 8,10 12 8 0.6 0.4020 2 ^ 7 6145 94.2 0.9844 0.5003 0.4017 46.51 0.0042 0.65 243.88 0.03 0.0068 0.0007 
1826-1828 8,10 12 2 0.2 0.5360 3.29 6145 6.6 0.9266 0.6030 0.4221 3.13 0.0437 5.16 5.34 251.87 1.07 0.0709 0.0222 
1829-1831 8,10 12 4 0.2 0.5360 3.29 6145 12.0 0.9499 0.5636 0.4140 5.80 0.0276 3.51 3.74 248.80 0.61 0.0484 0.0107 
1832-1834 8,10 12 8 0.2 0.5360 6145 2&6 0.9685 0.5302 0.4073 11.54 0.0155 2^8 2.34 246.17 0.25 0.0273 0.0042 
1835-1837 8,10 12 2 0.4 0.5360 3^9 6145 13.2 0.9532 0.5578 0.4128 6.43 0.0254 3.35 248.34 0.54 0.0448 0.0093 
1838-1840 8,10 12 4 0.4 0.5360 3.29 6145 23.9 0.9689 0.5295 0.4071 11.73 0.0152 2.06 2.17 246.12 0.24 0.0269 0.0041 
1841-1843 8,10 12 8 0.4 0.5360 3^9 6145 47.1 0.9793 0.5101 0.4035 23.19 0.0082 1.13 1.26 244.62 0.09 0.0137 0.0016 
1844-1846 8,10 12 2 0.6 0.5360 3.29 6145 19.9 0.9646 0.5373 0.4087 9.71 0.0180 2.40 2.45 246.73 0.32 0.0319 0.0053 
1847-1849 8,10 12 4 0.6 0.5360 3.29 6145 35.9 0.9759 0.5164 0.4046 17.65 0.0105 1.45 1.52 245.10 0.13 0.0180 0.0023 
1850-1852 8,10 12 8 0.6 0.5360 3^9 6145 70.7 0.9828 0.5036 0.4022 34.85 0.0055 0.77 0.86 244.12 0.05 0.0091 0.0009 
1853-1855 8,10 12 2 0.2 0.8040 4.94 6145 4.4 0.9070 0.6338 0.4283 2.01 0.0581 6.49 6.80 254.15 1.31 0.0870 0.0348 
1856-1858 8,10 12 4 0,2 0.8040 4.94 6145 8.0 0.9346 0.5897 0.4193 3.81 0.0380 4.60 4.99 250.85 0.93 0.0636 0.0178 
1859-1861 8,10 12 8 0.2 0.8040 4.94 6145 15.7 0.9584 0.5486 0.4109 7.66 0.0220 2 8 8 3.32 247.61 0.44 0.0391 0.0074 
1862-1864 8,10 12 2 0.4 0.8040 4.94 6145 8.8 0.9387 0.5829 0.4179 0.0351 4.31 4.47 250.31 0.85 0.0597 0.0157 
1865-1867 8,10 12 4 0.4 0.8040 4.94 6145 16.0 0.9589 0.5478 0.4107 7.78 0.0217 2 8 4 3.04 247.55 0.43 0.0386 0.0072 
1868-1870 8,10 12 8 0.4 0.8040 4.94 6145 31.4 0.9739 0.5202 0.4054 15.42 0.0119 1.63 1.85 245.40 0.16 0.0206 0.0028 
1871-1873 8,10 12 2 0.6 0.8040 4.94 6145 13.2 0.9532 0.5578 0.4128 6.43 0.0254 3.26 3.37 248.34 0.54 0.0448 0.0093 
1874-1876 8,10 12 4 0.6 0.8040 4.94 6145 2^9 0.9689 0.5295 0.4071 11.73 0.0152 2.06 2.19 246.12 0.24 0.0269 0.0041 
1877-1879 8,10 12 8 0.6 0.8040 4.94 6145 47.1 0.9793 0.5101 0.4035 23.19 0.0082 1.13 1.28 244.62 0.09 0.0137 0.0016 
Uni t s : hs,L[m] [10"® kmol/s] Qi [W] [kJ/kmol] T ; , T/ , [K] r, yi, xi, X, Ng, ^Mg [-] 
Table E.35; Parameters and results for dephlegmators 1799-1879 
CO 
Cn 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, J/10 = 0.79 ; rectangular duct ; step increasing heat flux 
case hs r L FgO Qt Qt/FgO yiL %10 X Ng yii -yig Tg-Tj TgL T g - r ; y\i -- y-i-g 
z = L z = 0 z = L 
1880-1881 8,12 2 0.2 0.4020 1.22 3025 17.7 0.8609 0.5120 0.2032 3.74 0.0190 1,92 1.97 257.77 0.58 0.0150 0.0184 
1882-1883 8,12 8 0.2 0.4020 1.22 3025 6Z8 0.8637 0.4969 0.2010 13.54 0.0054 0.59 0.65 257.12 0.18 0.0043 0.0055 
1884-1885 8,12 2 0.6 0.4020 1.22 3025 53.0 0.8635 0.4980 0.2011 11.40 0.0064 0.69 0.71 257.17 0.22 0.0051 0.0065 
1886-1887 8,12 8 0.6 0.4020 1.22 3025 188.5 0.8644 0.4930 0.2003 40.80 0.0018 0.20 0.22 256.94 0.06 0.0015 0.0019 
1888-1889 8^2 2 0.2 0.8040 2.43 3025 8.8 0.8562 0.5341 0.2054 1.82 0.0365 3.52 3.64 258.43 0.83 0.0298 0.0340 
1890-1891 8,12 8 0.2 0.8040 2 ^ 3 3025 31.4 0.8626 0.5028 0.2019 6.72 0.0108 1.13 1.31 257.40 0.36 0.0086 0.0107 
1892-1893 8^12 2 0.6 0.8040 2 ^ 3 3025 26.5 0,8622 0.5050 0,2022 5.65 0.0128 1.32 1.36 257.49 0.42 0.0101 0.0126 
1894-1895 8,12 8 0.6 0.8040 2 ^ 3 3025 94.2 0.8641 0.4950 0,2006 20.36 0.0036 0.39 0.45 257.03 0.12 0.0029 0.0037 
1896-1897 8^2 2 0.2 0.4020 2.47 6145 8.8 0.9467 0.5700 0.4160 4.02 0.0390 4.77 4.89 249.56 1.00 0.0522 0.0173 
1898-1899 8,12 8 0.2 0.4020 2^7 6145 31.4 0.9793 0.5104 0.4037 14.74 0.0128 1.74 1.91 244.73 0.19 0.0139 0.0029 
1900-1901 8,12 2 0.6 0.4020 2.47 6145 2&5 0.9771 0.5146 0,4046 12.40 0.0151 2.03 2.07 245.07 0.25 0.0168 0.0037 
1902-1903 8,12 8 0.6 0.4020 2.47 6145 94.2 0.9861 0.4972 0,4011 44.71 0.0044 0.60 0.66 243.66 0.04 0.0045 0.0008 
1904-1905 8,12 2 0.2 0.8040 4.94 6145 4.4 0.9124 0.6259 0.4272 1.91 0.0642 7.13 7.44 253.74 1.44 0.0830 0.0393 
1906-1907 8,12 8 0.2 0.8040 4.94 6145 15.7 0.9664 0.5348 0.4087 7.28 0.0242 3.16 3.61 246.72 0.53 0.0303 0.0078 
1908-1909 8,12 2 0.6 0.8040 4.94 6145 13.2 0.9614 0.5439 0.4106 6.12 0.0280 3.60 3.70 247,47 0.66 0.0362 0.0099 
1910-1911 8,12 8 0.6 0.8040 4.94 6145 47.1 0.9829 0.5036 0.4024 22.23 0.0087 1.18 1.33 244.17 0.11 0.0091 0.0018 
Units: / i , ,Z , [m] F j [lO"® kmol/s] Qt [W] Qt/F^o [kj/kmol] Tg, , Tj, Tu, [K] r, yi, xi, X, Ng, <S>Mg [-] 
Table E.36: Parameters and results for dephlegmators 1880-1911 
Co 
Cn 
00 
ethane/propane ; p = 10 bar, Tgo = 2 6 2 . 9 6 K , m o = 0.79 ; rectangular duct ; linear increasing heat flux 
case hs r L FgO Qt Qt/FgO ^MgO yiL ZlO X Ng yii - yig Tg-Tj TgL Vil - - yig 
z = L z = 0 z = L 
1912-1913 8,12 2 0.2 0 .4020 3025 17.7 0.8623 0 .5058 0 .2029 3.70 0 .0195 1.96 2 .01 257.68 0 .62 0 .0107 0 .0224 
1914-1915 8,12 8 0.2 0 .4020 1.22 3025 6 & 8 0.8643 0 .4944 0 .2009 13 .41 0 .0055 0.59 0.66 257.10 0 .21 0 .0025 0 .0068 
1916-1917 8,12 2 0.6 0 .4020 1.22 3025 53.0 0 .8642 0 .4951 0 .2011 11.29 0 .0066 0.70 0 .71 257.15 0.25 0 .0030 0 .0081 
1918-1919 8^2 8 0.6 0 .4020 1.22 3025 188J5 0.8646 0.4920 0.2003 40.40 0 .0018 0.20 0 .22 256.93 0.07 0 .0008 0 .0023 
1920-1921 8 J 2 2 0.2 0 .8040 3025 8.8 0.8578 0.5273 0 .2051 1.80 0 .0377 3.63 3.75 258.33 0.87 0 .0254 0 .0404 
1922-1923 8,12 8 0.2 0 .8040 2 ^ 3 3025 31.4 0 .8637 0 .4984 0 .2018 6.66 0 .0111 1.15 1.32 257 .34 0.40 0 .0054 0 .0133 
1924-1925 8,12 2 0.6 0 .8040 2.43 3025 26.5 0 .8634 0.5000 0 .2021 5.60 0 .0131 1.35 1.39 257.43 0.46 0 .0065 0 .0155 
1926-1927 8,12 8 0.6 0 .8040 2 ^ 3 3025 9 4 ^ 0.8645 0.4932 0.2006 20.16 0 .0037 0.40 0 .46 257.02 0 .15 0 .0016 0 .0046 
1928-1929 8 ,12 2 0.2 0 ,4020 2 .47 6145 8.8 0 .9491 0 .5661 0 .4154 3.95 0 .0403 4 .92 5.04 249.35 1.07 0 .0499 0 .0192 
1930-1931 8,12 8 0.2 0 .4020 2 .47 6145 31.4 0 .9824 0 .5047 0 .4028 14.47 0 .0133 1.80 1.98 244.33 0 .21 0 .0099 0 .0031 
1932-1933 8,12 2 0.6 0 .4020 2 .47 6145 26.5 0 .9803 0.5088 0 .4036 12.17 0 .0156 2 .11 2.15 244 .67 0 .27 0 .0127 0 .0039 
1934-1935 8 ,12 8 0.6 0 .4020 2 .47 6145 94.2 0.9876 0.4945 0 .4007 43.95 0 .0045 0 .61 0 .67 243 .47 0 .05 0 .0025 0 .0009 
1936-1937 8,12 2 0.2 0 .8040 4 .94 6145 4 .4 0 .9138 0 .6237 0 .4269 1.87 0 .0662 7.33 7.64 253.63 1.49 0 .0819 0 .0433 
1938-1939 8,12 8 0.2 0 .8040 4 .94 6145 15.7 0 .9694 0.5296 0 .4079 7.15 0 .0251 3^8 3.72 246.39 0.58 0 .0269 0 .0085 
1940-1941 8 ,12 2 0.6 0 .8040 4 .94 6145 13.2 0 ,9643 0.5390 0.4099 6.00 0 .0290 3.73 3.83 247 .17 0 .72 0 .0330 0 .0109 
1942-1943 8,12 8 0.6 0 .8040 4 .94 6145 4 7 . 1 0 .9854 0 .4989 0.4016 21.83 0 .0089 1.22 1.36 243.84 0 .12 0 .0057 0 .0019 
Units: hs, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, Ti, Tu, [K] r, yi, XI, X, Ng, 0^9 H 
Table E.37: Parameters and results for dephlegmators 1912-1943 
ethane/propane ; p = LO bar, TgQ = 262.96 K, j/io = 0.79 ; round tube ; Unear decreasing heat flux 
case d L FgO Qt Qt/ FgO 
^MgO yiL Xio X Ng yii - yig Tg-Tj Tg — Tw TgL T g - r ; yu -- yig 
z = L 2 = 0 z = L 
1944 -1945 3,9 0 .2 0 .4020 1 .22 3025 1 3 . 1 0 .8517 0 .5513 0 .2053 240 0 . 0 2 1 2 2^5 2 .42 258 .43 0 .43 0 . 0 4 0 8 0 .0065 
1 9 4 6 - 1 9 4 7 3,9 0 .6 0 .4020 1 .22 3025 39 .3 0 .8599 0 .5135 0 .2018 8 .90 0 .0079 0 .89 0 .94 257 .39 0 . 1 1 0 . 0 1 6 0 0 . 0 0 2 2 
1 9 4 8 - 1 9 4 9 3,9 0 .2 0 .8040 2 .43 3025 6.5 0 .8419 0 .5936 0 . 2 0 9 1 1.40 0 . 0 3 7 1 3 .70 4 .12 259 .47 0 .64 0 . 0 6 5 7 0 . 0 1 3 1 
1 9 5 0 - 1 9 5 1 3,9 0 .6 0 .8040 2 .43 3025 19.6 0 .8556 0 .5336 0 .2036 4 .40 0 .0149 1 .63 1 .77 257 .94 0 .28 0 .0295 0 .0043 
1952 -1953 3,9 0 .2 0 .4020 2 .47 6145 6.5 0 .9125 0 .6244 0 . 4 2 5 2 3 .35 0 .0366 4 .53 4 .95 2 5 3 . 0 2 0 .75 0 . 0 8 2 2 0 .0099 
1 9 5 4 - 1 9 5 5 3,9 0 .6 0 .4020 2 .47 6145 19.6 0 . 9 5 3 1 0 .5569 0 . 4 1 1 7 10 .34 0 .0158 2 .18 2.32 247 .96 0 .16 0 .0443 0 .0024 
1 9 5 6 - 1 9 5 7 3,9 0 .2 0 .8040 4 ^ 4 6145 3.3 0.8800 0 . 6 7 3 2 0 .4353 1 .57 0 .0574 6 ^ 8 7 .52 2 5 6 , 5 7 1 .11 0 .1059 0 .0220 
1 9 5 8 - 1 9 5 9 3,9 0 .6 0 .8040 4 .94 6145 9.8 0 .9294 0 .5973 0 .4196 5 . 1 1 0 .0273 3 .54 3.89 2 5 0 . 9 7 0 .47 0 .0678 0 .0060 
ethane/propane ; p = 10 bar TgO = 262.96 K, yio = = 0.79 ; round tube ; step decreasing heat flux 
case d L FgO Qt Qt/FgO 
* M g O VlL Z i o X ^9 yii - yig Tg-T, Tg — Tiu TgL T g - r ; Vll - yig 
z = L z = 0 z = L 
1 9 6 0 - 1 9 6 1 3,9 0 .2 0 .4020 1.22 3025 13 .1 0 . 8 5 3 2 0 .5448 0 .2050 2.87 0 .0220 2 . 3 1 2 .47 258 .33 0 .47 0 . 0 3 6 7 0 . 0 1 3 1 
1962 -1963 3,9 0 .6 0 .4020 1 .22 3025 3&3 0 .8608 0 .5098 0 .2016 8 ^ 0 0 .0080 0 .90 0 .95 257 .35 0 .15 0 .0135 0 .0045 
1964 -1965 3,9 0 .2 0 .8040 2 .43 3025 6.5 0 .8435 0 .5873 0 . 2 0 8 7 1.38 0 .0386 3 . 8 1 4 .22 259 .38 0 .68 0 . 0 6 2 2 0 . 0 2 5 4 
1 9 6 6 - 1 9 6 7 3,9 0 .6 0 .8040 2 ^ 3 3025 19.6 0 .8569 0 .5278 0 .2034 .L35 0 .0154 1.66 1 .80 257.86 0.33 0 . 0 2 5 7 0 . 0 0 8 8 
1 9 6 8 - 1 9 6 9 3,9 0 .2 0 .4020 2 .47 6145 6.5 0 .9156 0 .6198 0 .4246 3.27 0 .0384 4 .66 5 .08 2 5 2 . 8 1 0 .86 0 . 0 7 9 8 0 . 0 1 8 1 
1 9 7 0 - 1 9 7 1 3,9 0 .6 0 .4020 2 ^ 7 6145 19.6 0 .9565 0 .5513 0 .4109 10 .11 0 .0165 2 j # 2 .40 247 .63 0 .23 0 . 0 4 0 8 0 . 0 0 4 5 
1 9 7 2 - 1 9 7 3 3,9 0 .2 0 .8040 4 ^ 4 6145 3.3 0 . 8 8 3 1 0 .6689 0 . 4 3 4 7 1.53 0 .0609 6 .70 7 .74 2 5 6 . 3 7 1 .21 0 . 1 0 3 9 0 . 0 3 8 1 
1 9 7 4 - 1 9 7 5 3,9 0 .6 0 .8040 444 6 1 4 5 9 .8 0 .9326 0 . 5 9 2 3 0 .4190 5 .00 0 .0285 3 .65 4 .00 2 5 0 . 7 2 0 .57 0 . 0 6 5 0 0 . 0 1 1 2 
cc Cn 
Units: d, L [m] Fg [10 ® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, T/, [K] 3/1, Zi, X, Ng, H 
Table E.38: Parameters and results for dephlegmators 1944-1975 
ethane/propane ; p = 10 bar, Tgo = 262.96 K, yio — 0.79 ; round tube ; uniform heat flux 
case d L FgO Qt Qt/FgO yiL 210 X ^9 
z = L 
Vll - yig Tg-Tl Tg-T^ Vll -
z = 0 
- yig 
z = L 
1976-1978 3,6,9 0.2 0.4020 1.22 3025 13.1 0.8563 0.5323 0.2045 2.80 0.0236 2.39 2.55 258.18 0.59 0.0286 0.0189 
1979-1981 3,6,9 0.4 0.4020 1.22 3025 2&2 0.8605 0.5121 0.2024 5.71 0.0124 1.31 1.40 257.56 0.33 0.0151 0.0098 
1982-1984 3,6,9 0.6 0.4020 1.22 3025 39.3 0.8619 0.5052 0.2016 8.61 0.0084 0.91 0.96 257.32 0.22 0.0102 0.0066 
1985-1987 3,6,9 0.2 0.5360 1.62 3025 9.8 0.8535 0.5449 0.2057 2 ^ 8 0.0306 3.02 3.26 258.53 0.69 0.0368 0.0246 
1988-1990 3,6,9 0.4 0.5360 1.62 3025 19.6 0.8591 0.5190 0.2032 4.26 0.0162 1.69 1.81 257.78 0.43 0.0198 0.0129 
1991-1993 3,6,9 0.6 0.5360 1.62 3025 2&5 0.8610 0.5098 0.2021 6 ^ 3 0.0110 1.18 1.26 257.48 0.30 0.0135 0.0087 
1994-1996 3,6,9 0.2 0.8040 2 ^ 3 3025 6.5 0.8481 0.5684 0.2077 1.35 0.0430 4.12 4.53 259.09 0.79 0.0512 0.0354 
1997-1999 3,6,9 0.4 0.8040 2 ^ 3 3025 13.1 0,8563 0.5323 0.2045 2.80 0.0236 5UW 2.60 258.18 0.59 0.0286 0.0189 
2000-2002 3,6,9 0.6 0.8040 2.43 3025 19.6 0,8591 0.5190 0.2032 j u e 0.0162 1.69 1.83 257.78 0.43 0.0198 0.0129 
2003-2005 3,6,9 0.2 0.4020 1.83 4561 8.7 0,8922 0.5628 0.3102 2 ^ 3 0.0349 3 ^ 8 4,07 255.17 0.87 0.0479 0.0231 
2006-2008 3,6,9 0.4 0.4020 1.83 4561 17.5 0,9047 0.5292 0.3054 6.00 0.0191 2.19 2.33 253.56 0.48 0.0266 0.0119 
2009-2011 3,6,9 0.6 0.4020 1.83 4561 26.2 0.9091 0.5168 0.3036 9.07 0.0131 1.53 1,63 252.94 0.32 0.0183 0.0080 
2012-2014 3,6,9 0.2 0.5360 2.44 4561 6.5 0.8847 0.5820 0.3129 2.16 0.0439 4 6 3 5,05 256.02 1.01 0.0592 0.0303 
2015-2017 3,6,9 0.4 0.5360 2 ^ 4 4561 13.1 0.9003 0.5411 0.3071 4.47 0.0247 2.77 2.98 254.14 0.64 0.0343 0.0157 
2018-2020 3,6,9 0.6 0.5360 2 ^ 4 4561 19.6 0.9061 0.5251 0.3048 6.77 0.0171 1.98 2,12 253.36 0.43 0.0239 0.0106 
2021-2023 3,6,9 0.2 0.8040 3.67 4561 4.4 0.8718 0.6137 0.3170 1.38 0.0592 6.00 6,71 257.32 1.11 0.0766 0.0436 
2024-2026 3,6,9 0.4 0.8040 3.67 4561 8.7 0.8922 0.5628 0.3102 2.93 0.0349 3^% 4,14 255.17 0.87 0.0479 0.0231 
2027-2029 3,6,9 0.6 0.8040 3.67 4561 13.1 0.9003 0.5411 0.3071 4.47 0.0247 2.77 3,01 254.14 0.64 0.0343 0.0157 
2030-2032 3,6,9 0.2 0.4020 2.47 6145 6.5 0.9261 0.6038 0.4222 3.09 0.0440 5.20 5,62 251.93 1.08 0.0714 0.0225 
2033-2035 3,6,9 0.4 0.4020 2.47 6145 13.1 0.9528 0.5585 0.4129 6 ^ 6 0.0256 3UW 3,50 248.39 0.55 0.0452 0.0095 
2036-2038 3,6,9 0.6 0.4020 2.47 6145 19.6 0.9643 0.5378 0.4088 9.60 0.0182 2 ^ 2 2,56 246.77 0.32 0.0323 0.0054 
2039-2041 3,6,9 0.2 0.5360 3.29 6145 4.9 0.9124 0.6255 0.4266 2.26 0.0541 6.13 6.74 253.55 1.26 0.0828 0.0311 
2042-2044 3,6,9 0.4 0.5360 3.29 6145 9.8 0.9428 0.5759 0.4165 4 ^ 3 0.0323 4.02 4.33 249.77 0.76 0.0556 0.0138 
2045-2047 3,6,9 0.6 0.5360 3.29 6145 14.7 0.9565 0.5520 0.4116 7.17 0.0232 3.02 3.22 247.88 0.48 0.0412 0.0081 
2048-2050 3,6,9 0.2 0.8040 4.94 6145 3.3 0.8910 0.6578 0.4330 1.43 0.0704 7.55 8.59 255.80 1.38 0.0987 0.0469 
2051-2053 3,6,9 0.4 0.8040 4.94 6145 6.5 0.9261 0.6038 0.4222 3.09 0.0440 5.20 5.71 251.93 1.08 0.0714 0.0225 
2054-2056 3,6,9 0.6 0.8040 4.94 6145 9.8 0.9428 0.5759 0.4165 4.73 0.0323 4.02 4.37 249.77 0.76 0.0556 0.0138 
Units: d, L [m] Fg [10-® kmol/s] Qt [W] Qt/Fgo [kJ/kmol] Tg, T*, T / , Tw [K] yi, xi, X, Ng, 0Mg H 
Table E.39; Parameters and results for dephlegmators 1976-2056 
e t h a n e / p r o p a n e ; p = 10 b a r , Tgo = 262.96 K, yio = 0 . 7 9 ; r o u n d t u b e ; s t e p i n c r e a s i n g h e a t flux 
CcLse d L FgO Qt Qt/FgO ^MgO yiL n o % Ng 3/1/ - yig Tg-Ti Tg — Tw TgL T g - r ; y\i -- yig 
z = L z = 0 z = L 
2057-2058 3,9 0.2 0.4020 1.22 3025 13.1 0.8594 0.5194 0.2041 2.74 0.0253 2.51 2.67 258.02 0.70 0.0201 0.0241 
2059-2060 3,9 0.6 0.4020 1.22 3025 39.3 0.8631 0.5005 0.2015 8.43 0.0087 0.92 0.97 257.29 0.29 0.0069 0.0087 
2061-2062 3,9 0.2 0.8040 2.43 3025 6.5 0.8524 0.5507 0.2068 1.32 0.0473 4 ^ 0 4.92 258.82 0.89 0.0404 0.0436 
2063-2064 3,9 0.6 0.8040 2 ^ 3 3025 19.6 0.8613 0.5099 0.2029 4.16 0.0171 1.74 1.88 257.69 0.54 0.0135 0.0167 
2065-2066 3,9 0.2 0.4020 2.47 6145 6.5 0.9332 0.5928 0.4206 2 ^ 3 0.0489 5.74 6.16 251.32 1.24 0.0653 0.0252 
2067-2068 3,9 0.6 0.4020 2.47 6145 19.6 0.9718 0.5247 0.4067 9.14 0.0199 2.78 245.90 0.39 0.0237 0.0057 
2069-2070 3,9 0.2 0.8040 4 ^ 4 6145 3.3 0.8947 0.6525 0.4322 1.35 0.0773 8.24 9.27 255.54 1.49 0.0962 0.0530 
2071-2072 3,9 0.6 0.8040 4.94 6145 9.8 0.9509 0.5626 0.4145 4 ^ 9 0.0358 4.45 4.79 248.98 0.91 0.0478 0.0150 
e t h a n e / p r o p a n e ] p = W b a r , Tgo = 2 6 2 . 9 6 K , y i o = 0.79 r o u n d t u b e ; h n e a r i n c r e a s i n g h e a t flux 
case d L FgO Qt Qt/Fgo VlL ZlO X ^9 yil - Vlg Tg-Tj Tg — TL, TgL y\i -- yis 
z = L z = 0 z = L 
2073-2074 3,9 0.2 0.4020 1.22 3025 13.1 0.8609 0.5127 0.2038 2.72 0.0261 2.58 2.74 257.92 0.74 0.0155 0.0291 
2075-2076 3,9 0.6 0.4020 1.22 3025 39.3 0.8640 0.4967 0.2014 8 ^ 5 0.0089 0.93 0.98 257.25 0.33 0.0042 0.0107 
2077-2078 3,9 0.2 0.8040 2.43 3025 6.5 0.8539 0.5443 0.2064 1.31 0.0489 4.65 5.07 258.72 0.92 0.0364 0.0510 
2079-2080 3,9 0.6 0.8040 2.43 3025 19.6 0.8627 0.5040 0.2027 4.13 0.0176 1.78 1.92 257.61 0.58 0.0094 0.0204 
2081-2082 3,9 0.2 0.4020 2.47 6145 6.5 0.9352 0.5896 0.4202 2 ^ 7 0.0505 6.34 251.16 1.30 0.0635 0.0280 
2083-2084 3,9 0.6 0.4020 2.47 6145 19.6 0.9750 0.5191 0.4058 8 ^ 7 0.0206 2.74 2.88 245.53 0.43 0.0198 0.0061 
2085-2086 3,9 0.2 0.8040 4.94 6145 3.3 0.8956 0.6511 0.4321 1.33 0.0796 8.46 9.49 255.48 1.52 0.0955 0.0578 
2087-2088 3,9 0.6 0.8040 4.94 6145 9.8 0.9535 0.5585 0.4139 4.41 0.0371 4.59 4.94 248.74 0.98 0.0452 0.0167 
CO 
o 
Units: d, L [m] Fg [10 ® kmo l / s ] Qt [W] Qt/Fgo [ k J / k m o l ] "^gi 1 1 [^] 2/1) 1^) -^ 3 ^gi ^Mg 
Table E.40: Parameters and results for dephlegmators 2057-2088 
r e c t a n g u l a r d u c t 
hs r Fg P Tg yi Mg Trig Reg Ctl3g Pw Pg " 9 Rei a i 
8 2 0 .4020 1.5 8 5 . 0 4 0 .79 11.60 0 .36 3 2 0 372 8 .93 7 4 9 0 3 2 
8 2 0 .5360 1.5 85 .04 0 .79 15.46 0 .48 4 2 7 372 8.93 7 5 8 2 0 7 
8 2 0 .8040 1.5 8 5 . 0 4 0 .79 23 .19 0 .72 640 372 8.93 7 8 7 1 7 1 
10 2 0 .4020 1.5 85 .04 0 .79 11.60 0 .23 256 298 8.93 5 4 9032 
10 2 0 .5360 1.5 85 .04 0 .79 15.46 0 . 3 1 342 298 8 .93 5 5 8 2 0 7 
10 2 0 .8040 1.5 85 .04 0 .79 23 .19 0 .46 512 298 8.93 5 8 7 1 7 1 
12 2 0 .4020 1.5 85 .04 0 .79 11.60 0 .16 213 248 8.93 4 4 9032 
12 2 0 .5360 1.5 85 .04 0 .79 15 .46 0 . 2 1 285 248 8.93 4 5 8 2 0 7 
12 2 0 .8040 1.5 85 .04 0 .79 23 .19 0 .32 4 2 7 248 8.93 4 8 7 1 7 1 
8 4 0 .4020 1.5 85 .04 0 .79 11.60 0 .72 384 8 0 7 16.15 14 4 9 0 3 2 
8 4 0 .5360 1.5 85 .04 0 .79 15.46 0 .97 5 1 2 807 16.15 14 5 8 2 0 7 
8 4 0 .8040 1.5 85 .04 0 .79 23 .19 1 .45 768 807 16.15 14 8 7 1 7 1 
10 4 0 .4020 1.5 85 .04 0 .79 11.60 0.46 3 0 7 646 16.15 11 4 9032 
10 4 0 .5360 1.5 85 .04 0 .79 15.46 0 .62 410 646 16.15 11 5 8 2 0 7 
10 4 0 .8040 1.5 85 .04 0 .79 23 .19 0 .93 615 646 16.15 11 8 7 1 7 1 
12 4 0 .4020 1.5 85 .04 0 .79 11.60 0 .32 256 538 16.15 9 4 9032 
12 4 0 .5360 1.5 85 .04 0 .79 15.46 0 .43 342 538 16.15 9 5 8 2 0 7 
12 4 0 .8040 1.5 85 .04 0 .79 23 .19 0 .64 512 538 16.15 9 8 7 1 7 1 
8 8 0 .4020 1.5 85 .04 0 .79 11.60 1 .45 427 1766 31 .79 3 1 4 9 0 3 2 
8 8 0 .5360 1.5 85 .04 0 .79 15.46 1^3 569 1766 31 .79 31 5 8 2 0 7 
8 8 0 .8040 1.5 8 5 . 0 4 0 .79 23 .19 2 .90 8 5 4 1766 31 .79 3 1 8 7 1 7 1 
10 8 0 .4020 1.5 8 5 . 0 4 0 .79 11.60 0 .93 342 1413 31 .79 25 4 9 0 3 2 
10 8 0 .5360 1.5 8 5 . 0 4 0 .79 15.46 1 .24 455 1413 31 .79 25 5 8 2 0 7 
10 8 0 .8040 1.5 85 .04 0 .79 23 .19 1.86 683 1413 31 .79 25 8 7 1 7 1 
12 8 0 .4020 1.5 85 .04 0 .79 11.60 0.64 285 1177 31 .79 2 1 4 9 0 3 2 
12 8 0 .5360 1.5 85 .04 0 .79 15.46 379 1177 31 .79 2 1 5 8 2 0 7 
12 8 0 .8040 1.5 85 .04 0 .79 23 .19 1.29 569 1177 31 .79 2 1 8 7 1 7 1 
r o u n d t u b e 
d Fg P Tg yi Mp nig Reg CtPg Pw Ct (3g " s Rei oil 
3 0 .4020 1.5 85 .04 0 .79 11.60 1.64 815 703 6 .62 12 12 6 2 6 5 
3 0 .5360 1.5 85 .04 0 .79 15.46 2 .19 1087 703 6 .62 12 16 5 6 9 3 
3 0 .8040 1.5 85 .04 0 .79 23 .19 3 2 8 1 6 3 1 703 6^2 12 2 4 4 9 7 4 
6 0 .4020 1.5 85 .04 0 .79 11.60 0 . 4 1 408 3 5 1 6 .62 6 6 7 8 9 1 
6 0 .5360 1.5 85 .04 0 .79 15.46 0 .55 544 3 5 1 6 .62 6 8 7 1 7 1 
6 0 .8040 1.5 85 .04 0 .79 23 .19 0 .82 815 3 5 1 6 .62 6 12 6 2 6 5 
9 0 .4020 1.5 85 .04 0 .79 11.60 0 .18 272 234 6 .62 4 4 9 0 3 2 
9 0 .5360 1.5 85 .04 0 .79 15.46 0 .24 362 234 6 .62 4 5 8 2 0 7 
9 0 .8040 1.5 85 .04 0 .79 23 .19 0 .36 544 234 6 .62 4 8 7 1 7 1 
Rei a n d a / c a l c u l a t e d a t Fi = OAFg, Ti = Tg, xi = 0 . 5104 
Units: hs, d [m ] r, Rcg, Rei [-] Fg [10 ® k m o l / s ] Mg [ k g / s ] mg [ k g / m ^ s ] 
CtglSg [10~® k m o l / m ^ s ] P w C t g P g [10~® k m o l / m s ] OLg, a i [ W / m ^ K ] 
Table E.41: Nitrogen/oxygen heat and mass transfer coefficients 
362 
r e c t a n g u l a r d u c t 
hs r Fg P Tg yi Mg TUg Reg CtPg F-wOtPg Rei Oil 
8 2 0 .4020 6.0 100 .60 0 .79 11 .60 0 .36 2 6 4 466 11 .19 8 6 7856 
8 2 0 .5360 6.0 100 .60 0 .79 15.46 0 .48 3 5 1 466 11 .19 8 8 7138 
8 2 0 .8040 6.0 100 .60 0 .79 23 .19 0 .72 5 2 7 466 11.19 8 12 6 2 3 7 
10 2 0 .4020 6.0 100 .60 0 .79 11.60 0 .23 2 1 1 373 11 .19 7 6 7856 
10 2 0 .5360 6.0 100 .60 0 .79 15.46 0 . 3 1 281 373 11.19 7 8 7138 
10 2 0 .8040 6.0 100 .60 0 .79 23 .19 0 .46 422 373 11.19 7 12 6 2 3 7 
12 2 0 .4020 6.0 100 .60 0 .79 11.60 0 .16 176 3 1 1 11.19 6 6 
12 2 0 .5360 6.0 100 .60 0 .79 15.46 0 . 2 1 2 3 4 3 1 1 11.19 6 8 7138 
12 2 0 .8040 6.0 100 .60 0 .79 23 .19 0 .32 351 3 1 1 11.19 6 12 6 2 3 7 
8 4 0 .4020 6.0 100 .60 0 .79 11.60 0 .72 316 1 0 1 1 20 .22 18 6 7856 
8 4 0 .5360 6.0 100 .60 0 .79 15.46 0 .97 422 1 0 1 1 20 .22 18 8 7138 
8 4 0 .8040 6.0 100 .60 0 .79 23 .19 1 .45 633 1 0 1 1 2 0 . 2 2 18 12 6 2 3 7 
10 4 0 .4020 6.0 100 .60 0 .79 11.60 0 .46 253 809 20 .22 14 6 7856 
10 4 0 .5360 6.0 100.60 0 .79 15 .46 0 .62 3 3 7 809 2 0 . 2 2 14 8 7138 
10 4 0 .8040 6.0 100.60 0 .79 23 .19 0 .93 506 809 20 .22 14 12 6 2 3 7 
12 4 0 .4020 6.0 100 .60 0 .79 11 .60 0 .32 2 1 1 674 20 .22 12 6 7856 
12 4 0 .5360 6.0 100 .60 0 .79 15.46 0 .43 281 674 20 .22 12 8 7138 
12 4 0 .8040 6 .0 100 .60 0 .79 2 3 . 1 9 0 .64 422 674 20 .22 12 12 6 2 3 7 
8 8 0 .4020 6,0 100.60 0 .79 11.60 1.45 3 5 1 2 2 1 1 39 .80 39 6 7856 
8 8 0 .5360 6.0 100 .60 0 .79 15.46 1.93 469 2 2 1 1 39 .80 39 8 7138 
8 8 0 .8040 6.0 100 .60 0 .79 23 .19 2 .90 703 2 2 1 1 39 .80 39 12 6237 
10 8 0 .4020 6.0 100 .60 0 .79 11.60 0 .93 2 8 1 1769 39 .80 32 6 7856 
10 8 0 .5360 6.0 100 .60 0 .79 15.46 IjW 375 1769 39 .80 32 8 7138 
10 8 0 .8040 6.0 100 .60 0 .79 23 .19 1.86 562 1769 39 .80 32 12 6 2 3 7 
12 8 0 .4020 6.0 100 .60 0 .79 11.60 0 .64 234 1474 39 .80 26 6 7856 
12 8 0 .5360 6.0 100 .60 0 .79 15.46 0 .86 312 1474 39 .80 26 8 7138 
12 8 0 .8040 6.0 100 .60 0 .79 23.19 1.29 469 1474 3&80 26 12 6 2 3 7 
r o u n d t u b e 
d Fs P Tg 3/1 M , mg Reg C'tPg P-w Ot (3g ag Rei ai 
3 0 .4020 6.0 100 .60 0 .79 11.60 1.64 6 7 1 880 8 .29 16 18 5449 
3 0 . 5 3 6 0 6 .0 100 .60 0 .79 15.46 2.19 895 8 8 0 8.29 16 2 4 4 9 5 1 
3 0 .8040 6.0 100.60 0 .79 23 .19 3^8 1342 880 8.29 16 3 7 4475 
6 0 .4020 6.0 100.60 0 .79 11.60 0 . 4 1 336 440 8.29 8 9 6 8 6 4 
6 0 .5360 6.0 100 .60 0 .79 15.46 0 .55 4 4 7 440 8.29 8 12 6 2 3 7 
6 0 .8040 6 .0 100 .60 0 .79 23 .19 0^2 6 7 1 440 8 .29 8 18 5449 
9 0 .4020 6.0 100 .60 0 .79 11.60 0 .18 224 293 8.29 5 6 7856 
9 0 .5360 6.0 100 .60 0 .79 15.46 0 .24 298 293 8 .29 5 8 7138 
9 0 .8040 6.0 100 .60 0 .79 23 .19 0 .36 4 4 7 293 8 .29 5 12 6 2 3 7 
Rei a n d a ; c a l c u l a t e d a t Fi = OAFg, Ti = Tg, x\ = 0 . 6036 
U n i t s : hs, d [ m ] r, Reg, Rei [ - ] Fg [10 ® k m o l / s [ Mg [ k g / s ] rag [ k g / m ^ s ] 
CtgPg [ 1 0 " ® k m o l / m ^ s ] PwCtgfig [10~® k m o l / m s ] cig, ai [ W / m ^ K ] 
Table E.42: Nitrogen/oxygen heat and mass transfer coefficients 
363 
r e c t a n g u l a r d u c t 
p yi Ma Ren C«,3, Piv(^t(3g Rei 
10 
10 
10 
12 
12 
12 
0 . 4 0 2 0 
0 .5360 
0 .8040 
0 .4020 
0 .5360 
0 .8040 
0 .4020 
0 .5360 
0 .8040 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
2 6 9 . 1 7 
2 6 9 . 1 7 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
2 6 9 . 1 7 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
13.78 
18 .37 
27 .56 
13.78 
18 .37 
27 .56 
13.78 
18 .37 
27 .56 
0 .43 
0 .57 
0 . 8 6 
0.28 
0.37 
0 .55 
0 .19 
0.26 
0.38 
2 6 7 
355 
533 
213 
2 8 4 
426 
178 
2 3 7 
355 
3 0 1 
3 0 1 
3 0 1 
241 
2 4 1 
2 4 1 
201 
201 
201 
7 .22 
7 .22 
7 .22 
7 .22 
7.22 
14 
14 
14 
11 
11 
11 
9 
9 
9 
9 
12 
18 
9 
12 
18 
9 
12 
18 
3 2 4 3 
2 9 4 7 
2575 
3243 
2 9 4 7 
2575 
3243 
2947 
2575 
10 
10 
10 
12 
12 
12 
0 .4020 
0 .5360 
0 .8040 
0 .4020 
0 .5360 
0 .8040 
0 .4020 
0 .5360 
0 .8040 
10.0 
10.0 
10.0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
2 6 9 . 1 7 
2 6 9 . 1 7 
2 6 9 . 1 7 
2 6 9 . 1 7 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
13.78 
18.37 
27 .56 
13.78 
18 .37 
27 .56 
13.78 
18.37 
27 .56 
0.86 
1.15 
1 .72 
0 .55 
0 .73 
1 . 1 0 
0.38 
0 . 5 1 
0 .77 
320 
426 
640 
256 
3 4 1 
5 1 2 
213 
284 
426 
653 
653 
653 
522 
522 
522 
435 
435 
435 
13.06 
13.06 
13.06 
13.06 
13.06 
13.06 
13.06 
13.06 
13 .06 
30 
30 
30 
24 
24 
24 
20 
20 
20 
12 
18 
9 
12 
18 
9 
12 
18 
3243 
2 9 4 7 
2575 
3243 
2947 
2575 
3243 
2 9 4 7 
2575 
10 
10 
10 
12 
12 
12 
0 .4020 
0 .5360 
0 .8040 
0 .4020 
0 .5360 
0 .8040 
0 .4020 
0 .5360 
0 .8040 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
1 0 . 0 
2 6 9 . 1 7 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
269 .17 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
0 .70 
13.78 
18 .37 
27 .56 
13.78 
18.37 
27 .56 
13.78 
18.37 
27 .56 
1.72 
2 .30 
3.44 
1 . 1 0 
1.47 
2 . 2 0 
0.77 
1 . 0 2 
1.53 
355 
4 7 4 
7 1 1 
284 
379 
569 
2 3 7 
316 
4 7 4 
1428 
1428 
1428 
1143 
1143 
1143 
952 
952 
952 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
2 5 . 7 1 
66 
66 
66 
53 
53 
53 
44 
44 
44 
9 
12 
18 
9 
12 
18 
9 
12 
18 
3243 
2 9 4 7 
2575 
3243 
2947 
2575 
3243 
2947 
2575 
r o u n d t u b e 
d Fg P Tg S/i Mg rUg Reg Ct/Sg Rw l^g " 9 Rei " 1 
3 0 .4020 10.0 269 .17 0 .70 13.78 1.95 679 568 5.36 26 26 2250 
3 0 .5360 10.0 2 6 9 . 1 7 0 .70 18.37 2 .60 905 568 5.36 26 35 2110 
3 0 .8040 10.0 269 .17 0 .70 27.66 3 .90 1357 568 5.36 26 53 1936 
6 0 .4020 10.0 269 .17 0 .70 13.78 0 .49 339 284 5.36 13 13 2 8 3 4 
6 0 .5360 10.0 269 .17 0 .70 18 .37 0 .65 4 5 2 284 5.36 13 18 2575 
6 0 .8040 10.0 2 6 9 . 1 7 0 .70 27 .56 0 .97 679 284 5.36 13 26 2250 
9 0 .4020 10.0 269 .17 0 .70 13.78 0 .22 226 189 5 .36 9 9 3243 
9 0 .5360 10.0 269 .17 0 .70 18 .37 0 .29 302 189 5 .36 9 12 2 9 4 7 
9 0 .8040 10.0 2 6 9 . 1 7 0 .70 27 .56 0 .43 4 5 2 189 5 .36 9 18 2575 
Ret a n d a j c a l c u l a t e d a t F ; = 0 . 4 F g , Ti = Tg, xi = 0 .3856 
U n i t s : hs, d [ m ] r , Reg, Rei [ - ] Fg [10 ® k m o l / s ] A4g [ k g / s ] rug [ k g / m ^ s ] 
C t g P g [10~® k m o l / m ^ s ] P w C t g P g [ 1 0 " ® k m o l / m s ] a g , a i [ W / m ^ K ] 
Table E.43: Ethane/propane heat and mass transfer coefficients 
364 
r e c t a n g u l a r d u c t 
hs r Fg P Tg yi Mg rUg Reg CtPg Pw^tPg ^ 9 Rei 
8 2 0 .4020 10.0 262 .96 0 .79 13 .27 0 . 4 1 259 296 7 .10 14 9 3319 
8 2 0 .5360 10.0 262 .96 0 .79 17 .70 0 .55 345 296 7 .10 14 11 3016 
8 2 0 .8040 10.0 262 .96 0 .79 26 .54 0.83 518 296 7 .10 14 17 2635 
10 2 0 .4020 10.0 262 .96 0 .79 13 .27 0 .27 2 0 7 2 3 7 7 .10 11 9 3319 
10 2 0 .5360 10.0 262 .96 0 .79 17.70 0 .35 276 2 3 7 7 .10 11 11 3016 
10 2 0 .8040 10.0 262 .96 0 .79 2 6 . 5 4 0 .53 4 1 4 2 3 7 7 .10 11 17 2635 
12 2 0 .4020 10.0 262 .96 0 .79 13 .27 0 .18 173 197 7 .10 9 9 3319 
12 2 0 .5360 10.0 262 .96 0 .79 17.70 0 .25 230 197 7 .10 9 11 3016 
12 2 0 .8040 10.0 262.96 0.79 2 6 . 5 4 0 .37 345 197 7 .10 9 17 2635 
8 4 0 .4020 10.0 262.96 0.79 13 .27 0 .83 3 1 1 642 12.83 30 9 3319 
8 4 0 .5360 10.0 262 .96 0 .79 17.70 1 .11 414 642 12.83 30 11 3016 
8 4 0 . 8 0 4 0 10.0 262.96 CU9 26.54 1.66 622 642 12.83 30 17 2635 
10 4 0 .4020 10.0 262 .96 0 .79 13 .27 0 .53 249 513 12.83 24 9 3319 
10 4 0 .5360 10.0 262.96 0.79 17.70 0 . 7 1 332 513 12.83 24 11 3016 
10 4 0 .8040 10.0 262 .96 0 .79 26 .54 1.06 497 513 12.83 24 17 2635 
12 4 0 .4020 10.0 262.96 0.79 13 .27 0 .37 2 0 7 428 12.83 20 9 3319 
12 4 0 .5360 10.0 262 .96 0 .79 17.70 0 .49 276 428 12.83 20 11 3016 
12 4 0 .8040 10.0 262.96 0.79 2 6 . 5 4 0 .74 4 1 4 428 12.83 20 17 2635 
8 8 0 .4020 10.0 262 .96 0 .79 13 .27 1.66 345 1403 2&26 65 9 3319 
8 8 0 .5360 10.0 262 .96 0 .79 17.70 2 . 2 1 4 6 0 1403 2&26 65 11 3016 
8 8 0 .8040 10.0 262 .96 0 .79 26.54 3 .32 6 9 1 1403 25.26 65 17 2635 
10 8 0 .4020 10.0 262 .96 0 .79 13 .27 1.06 276 1123 2&26 52 9 3319 
10 8 0 .5360 10.0 262 .96 0 .79 17.70 1.42 368 1123 25 26 52 11 3016 
10 8 0 .8040 10.0 262 .96 0 .79 2 6 . 5 4 2 .12 553 1123 25 .26 52 17 2635 
12 8 0 .4020 10.0 262 .96 0 .79 13 .27 0 .74 230 936 25 .26 43 9 3319 
12 8 0 .5360 10.0 262.96 0.79 17.70 0.98 3 0 7 936 25 .26 43 11 3016 
12 8 0 .8040 10.0 262 .96 0 .79 26.54 1.47 460 936 2&26 43 17 2635 
r o u n d t u b e 
d Fg P Tg yi Mg mg Reg Pw Ot f3g ag Rei ai 
3 0 .4020 10.0 262 .96 0 .79 13 .27 1 .88 660 558 5 .26 26 26 2 3 0 2 
3 0 . 5 3 6 0 10.0 262.96 0.79 17.70 2 .50 879 558 5 .26 26 34 2 1 5 1 
3 0 .8040 10.0 262.96 0.79 26 .54 376 1319 558 5.26 26 5 1 1973 
6 0 .4020 10.0 262.96 0.79 13.27 0 .47 330 279 5 .26 13 13 2900 
6 0 .5360 10.0 262.96 0.79 17.70 0 .63 440 279 5 .26 13 17 2635 
6 0 .8040 10.0 262.96 0.79 26.54 0 .94 660 279 5 .26 13 26 2 3 0 2 
9 0 .4020 10.0 262 .96 0 .79 13 .27 0 . 2 1 220 186 526 9 9 3 3 1 9 
9 0 .5360 10.0 262.96 0.79 17.70 0 .28 293 186 5 .26 9 11 3 0 1 6 
9 0 .8040 10.0 262 .96 0 .79 26 .54 0 .42 440 186 5 .26 9 17 2 6 3 5 
Rei a n d a ; c a l c u l a t e d a t Fi = OAFg, Ti = Tg, xi = 0 .4910 
U n i t s : hs, d [ ra] r , FLeg, Rei [-] Fg [10 ® k m o l / s ] Mg [ k g / s ] m , [ k g / m ^ s ] 
C t g P g [10~® k m o l / m ^ s ] P w C t g f i g [10~® k m o l / m s ] a g , a i [ W / m ^ K ] 
Table E.44: Ethane/propane heat and mass transfer coefficients 
365 
nitrogen/oxygen ; p = 1.5 bar ; rectangular duct ; aspect ratio = 2 
case g(z) Ayi A x i X Ng dyig dTgi dTgw dT* yii - yig 
z = 0 z = L 
25 
5 7 
89 
332 
3 6 4 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0608 0 .2398 0 . 2 0 2 4 5 . 0 1 
0 . 0 6 2 1 0 . 2 4 5 1 0 . 2 0 2 1 4 .96 
0 . 0 6 4 1 0 . 2 5 3 2 0 .2019 4 .85 
0 . 0 6 6 1 0 .2616 0 .2016 4 .74 
0 .0674 0 . 2 6 7 1 0 . 2 0 1 4 4 .70 
0 . 0 1 2 1 0 .35 0 .36 0 . 1 1 
0 .0125 0 .36 0 .36 0 .12 
0 . 0 1 3 2 0 .36 0 .37 0 .16 
0 .0139 0 .36 0 .37 0 .19 
0 .0143 0 . 3 7 0 .38 0 . 2 1 
0 .0246 0 .0035 
0 .0215 0 .0069 
0 .0166 0 . 0 1 0 1 
0 .0114 0 . 0 1 3 1 
0 .0080 0 .0160 
v a r i a t i o n % 10.7 11.4 0.5 6 .7 
4 1 
73 
2 5 1 
348 
3 8 0 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .1273 0 .1826 0 . 4 1 0 7 5 .83 
0 . 1 3 0 2 0 . 1 8 7 1 0 .4103 5 . 7 1 
0 .1395 0 .2016 0 .4090 5 .42 
0 .1478 0 .2146 0 .4078 5 .17 
0 .1504 0 .2187 0 .4074 5 .08 
0 .0218 0 .73 0 .75 0 .18 
0 .0228 0 .75 0 .77 0 . 2 1 
0 . 0 2 5 7 0 . 8 1 0 .82 0 .28 
0 .0286 0 .88 0 .90 0 .35 
0 .0296 0 .90 0 .92 0 .37 
0 .0566 0 . 0 0 4 7 
0 . 0 5 4 2 0 .0087 
0 .0464 0 . 0 1 1 2 
0 . 0 3 9 2 0 .0127 
0 .0368 0 .0145 
v a r i a t i o n % 18.2 19.8 0.8 14 .7 
33 
65 
143 
340 
372 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0539 0 .2100 0 . 2 0 4 2 2 .46 
0 .0553 0 .2160 0 .2039 2 .43 
0 .0587 0 .2297 0 .2034 2 .37 
0 .0620 0 .2437 0 .2029 2 .32 
0 .0635 0 .2500 0 .2026 2 .30 
0 .0219 0 . 5 7 0 .59 0 .19 
0 .0228 0 .58 0 .60 0 . 2 1 
0 .0247 0 .60 0 .62 0 .24 
0 .0268 0 .63 0 .65 0 .28 
0 .0276 0 .65 0 .67 0 .30 
0 .0418 0 .0070 
0 .0384 0 .0136 
0 .0306 0 .0194 
0 .0223 0 .0245 
0 .0186 0 .0294 
v a r i a t i o n % 17.9 19.0 0.8 6 .8 
49 
8 1 
305 
356 
388 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 0 1 1 0 . 1 4 2 2 0 .4156 2 . 8 1 
0 .1038 0 .1462 0 .4152 2 .75 
0 . 1 1 3 1 0 .1602 0 .4140 2 .60 
0 .1197 0 .1700 0 . 4 1 3 1 2 .48 
0 .1216 0 .1729 0 .4129 2 ,43 
0 .0360 1.05 1.10 0 .35 
0 .0378 1.08 1.12 0 .39 
0 .0435 1.18 1.23 0 .47 
0 .0483 1.29 1 .34 0 .54 
0 .0500 1 .32 1.37 0 .56 
0 . 0 7 7 2 0 .0107 
0 . 0 7 5 2 0 .0195 
0 .0682 0 . 0 2 4 7 
0 .0632 0 .0284 
0 .0617 0 .0320 
v a r i a t i o n % 20 .3 21 .6 0 .6 15.5 
29 
6 1 
107 
336 
368 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0666 0 .2650 0 .2008 15 .22 
0 .0672 0 .2676 0 .2007 15.05 
0 .0679 0 .2706 0 .2006 14 .72 
0 .0686 0 .2736 0 .2006 14 .42 
0 .0693 0 . 2 7 6 2 0 .2005 14 .27 
0 .0044 0 .14 0 .14 0 .02 
0 .0045 0 .14 0 .14 0 .03 
0 .0046 0 .14 0 .14 0 .05 
0 .0048 0 .14 0 .14 0 .07 
0 .0049 0 .14 0 .14 0 .08 
0 .0093 0 .0012 
0 .0077 0 .0023 
0 .0059 0 .0035 
0 .0039 0 .0046 
0 . 0 0 2 2 0 . 0 0 5 7 
v a r i a t i o n % 4.0 4 .2 0 .2 6 .6 
45 
77 
269 
352 
384 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 5 8 7 0 .2333 0 .4049 17 .78 
0 .1618 0 .2382 0 .4044 17 .41 
0 .1675 0 .2476 0 .4035 16.59 
0 .1735 0 .2576 0 .4025 15 .87 
0 .1767 0 .2629 0 .4020 15.60 
0 .0089 0 .33 0 .34 0 .03 
0 .0093 0 .34 0 .35 0 .04 
0 . 0 1 0 1 0 .36 0 .36 0 .06 
0 .0109 0 .38 0 .38 0 .08 
0 .0113 0 .39 0 .40 0 .09 
0 .0285 0 . 0 0 1 1 
0 .0256 0 . 0 0 2 1 
0 .0200 0 .0028 
0 .0139 0 . 0 0 3 2 
0 .0106 0 .0036 
v a r i a t i o n % 11.4 12.7 0 .7 14.0 
37 
69 
1 6 1 
3 4 4 
376 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0636 0 .2518 0 .2016 7 .57 
0 .0646 0 .2560 0 .2014 7 .48 
0 .0660 0 .2617 0 .2013 7 .32 
0 .0674 0 .2675 0 . 2 0 1 1 7 .16 
0 .0684 0 .2720 0 .2010 7 .09 
0 .0084 0 .25 0 .26 0 .06 
0 .0086 0 .26 0 .26 0 .08 
0 .0090 0 .26 0 .26 0 . 1 1 
0 .0094 0 .26 0 .26 0 .14 
0 .0096 0 .26 0 .27 0 .15 
0 .0175 0 .0023 
0 .0149 0 .0046 
0 .0114 0 .0068 
0 . 0 0 7 7 0 .0089 
0 .0050 0 .0110 
v a r i a t i o n % 7.6 8 .0 0 .3 6 .7 
53 
85 
323 
3 6 0 
392 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1405 0 .2036 0 . 4 0 8 2 8 .83 
0 .1436 0 .2085 0 .4078 8 .64 
0 .1518 0 .2216 0 .4066 8 .22 
0 .1599 0 .2346 0 .4053 7.85 
0 .1629 0 .2395 0 .4049 7 .72 
0 .0159 0 .56 0 .58 0 .10 
0 .0166 0 .58 0 .59 0 .12 
0 .0185 0 . 6 1 0 .63 0 . 1 7 
0 .0204 0 .66 0 .68 0 .22 
0 . 0 2 1 1 0 .69 0 .70 0 .24 
0 .0453 0 . 0 0 2 8 
0 .0426 0 . 0 0 5 3 
0 . 0 3 5 2 0 .0068 
0 .0277 0 .0076 
0 .0248 0 . 0 0 8 7 
v a r i a t i o n % 16.0 17.6 0 .8 14.4 
Aj/i = yiL 
dTgJ ~ Tg 
yio Axi = 3/10 - xio 
-Ti 
dyig = yii - yig = Ayi/Ng 
dT* =Ta-T* ax z = L 
Units: dTgi, dTg-w, dT* [K] 
Table E.45: Effect of heat flux profile on dephlegmators 25-395 
366 
n i t r o g e n / o x y g e n ; p = 1 . 5 b a r ; r e c t a n g u l a r d u c t ; a s p e c t r a t i o = 8 
case g(z) Ai/i Axi X Ng ^yig dTgw d'^g Vil - yig 
z = 0 z = L 
27 
59 
95 
334 
366 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.0671 0.2672 0.2007 18.07 
0.0676 0.2694 0.2006 17.87 
0.0682 0.2720 0.2005 17.48 
0.0688 0.2745 0.2005 17.12 
0.0694 0.2768 0.2004 16.95 
0.0037 0.12 0.13 0.02 
0.0038 0.12 0.13 0.03 
0.0039 0.12 0.13 0.04 
0.0040 0.12 0.13 0.06 
0.0041 0.12 0.13 0.07 
0.0079 0.0010 
0.0066 0.0020 
0.0050 0.0029 
0.0033 0.0039 
0.0019 0.0048 
variation % 3.4 3.6 0.1 6.6 
43 
75 
257 
350 
382 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.1623 0.2392 0.4043 21.11 
0.1653 0.2440 0.4038 20.67 
0.1704 0.2524 0.4030 19.70 
0.1757 0.2612 0.4021 18.86 
0.1788 0.2664 0.4016 18.53 
0.0077 0.29 0.32 0.02 
0.0080 0.30 0.32 0.03 
0.0086 0.31 0.34 0.05 
0.0093 0.32 0.35 0.06 
0.0096 0.33 0.36 0.07 
0.0250 0.0009 
0.0221 0.0017 
0.0171 0.0022 
0.0117 0.0026 
0.0084 0.0029 
variation % 10.1 11.3 0.7 13.9 
35 
67 
149 
342 
374 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.0645 0.2558 0.2013 8.99 
0.0654 0.2596 0.2012 8.89 
0.0666 0.2644 0.2011 8.70 
0.0678 0.2694 0.2010 8.51 
0.0687 0.2734 0.2008 8.43 
0.0072 0.22 0.25 0.05 
0.0074 0.22 0.25 0.06 
0.0077 0.22 0.25 0.09 
0.0080 0.22 0.25 0.12 
0.0081 0.22 0.25 0.13 
0.0150 0.0020 
0.0127 0.0039 
0.0097 0.0058 
0.0066 0.0076 
0.0041 0.0094 
variation % 6.5 6.9 0.3 6.6 
51 
83 
311 
358 
390 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.1455 0.2117 0.4073 10.50 
0.1486 0.2167 0.4068 10.28 
0.1563 0.2290 0.4057 9.78 
0.1641 0.2416 0.4045 9.34 
0.1672 0.2467 0.4040 9.18 
0.0139 0.50 0.56 0.07 
0.0145 0.51 0.58 0.09 
0.0160 0.54 0.61 0.14 
0.0176 0.58 0.65 0.17 
0.0182 0.60 0.67 0.19 
0.0408 0.0022 
0.0380 0.0042 
0.0310 0.0055 
0.0236 0.0061 
0.0205 0.0069 
variation % 14.9 16.5 0.8 14.3 
31 
63 
113 
338 
370 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.0690 0.2754 0.2002 54.35 
0.0691 0.2762 0.2002 53.76 
0.0693 0.2771 0.2002 52.61 
0.0695 0.2779 0.2002 51.53 
0.0697 0.2787 0.2001 51.01 
0.0013 0.04 0.04 0.01 
0.0013 0.04 0.04 0.01 
0.0013 0.04 0.04 0.01 
0.0013 0.04 0.04 0.02 
0.0014 0.04 0.04 0.02 
0.0027 0.0003 
0.0022 0.0007 
0.0017 0.0010 
0.0011 0.0013 
0.0006 0.0016 
variation % 1.1 1.2 0.0 6.5 
47 
79 
275 
354 
386 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.1778 0.2650 0.4015 63.41 
0.1793 0.2676 0.4013 62.12 
0.1812 0.2706 0.4010 59.34 
0.1830 0.2737 0.4007 56.94 
0.1845 0.2763 0.4004 55.97 
0.0028 0.11 0.12 0.00 
0.0029 0.11 0.12 0.01 
0.0031 0.11 0.12 0.01 
0.0032 0.11 0.12 0.01 
0.0033 0.12 0.13 0,02 
0.0093 0.0002 
0.0077 0.0004 
0.0058 0.0006 
0.0038 0.0007 
0.0022 0.0009 
variation % 3.8 4.3 0.3 13.3 
39 
71 
167 
346 
378 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.0680 0.2713 0.2004 27.14 
0.0684 0.2728 0.2004 26.84 
0.0688 0.2745 0.2004 26.26 
0.0692 0.2762 0.2003 25.72 
0.0696 0.2778 0.2003 25.46 
0.0025 0.08 0.09 0.01 
0.0025 0.08 0.09 0.02 
0.0026 0.08 0.09 0.03 
0.0027 0.08 0.09 0.04 
0.0027 0.08 0.09 0.05 
0.0054 0.0007 
0.0044 0.0013 
0.0033 0.0020 
0.0022 0.0026 
0.0012 0.0032 
variation % 2.3 2.4 0.1 6.6 
55 
87 
329 
362 
394 
linear decrease 
step decrease 
uniform 
step increase 
linear increase 
0.1696 0.2512 0.4030 31.69 
0.1721 0.2554 0.4026 31.03 
0.1757 0.2614 0.4020 29.61 
0.1794 0.2675 0.4014 28.38 
0.1820 0.2719 0.4009 27.89 
0.0054 0.20 0.23 0.01 
0.0055 0.21 0.23 0.02 
0.0059 0.21 0.24 0.03 
0.0063 0.22 0.25 0.03 
0.0065 0.23 0.25 0.04 
0.0178 0.0005 
0.0153 0.0010 
0.0115 0.0014 
0.0077 0.0016 
0.0050 0.0018 
variation % 7.3 8.2 0.5 13.6 
Aj/i = s/iL - 1/10 
dTg! = Tg-Ti 
Axi = yio - x-io 
dTgW = Tg — 
dyig = yii - yig = ^yi/Ng 
aX z = L dT; =Tg- t; 
Units: dTgi, dTgu,, dT* [K] 
Table E.46: Effect of heat flux profile on dephlegmators 25-395 
367 
nitrogen/oxygen ; p = 1.5 bar ; round tube 
case g(z) A 2/1 Axi X Ng ^yig dTg^u) yu - Vlg 
2 = 0 z = L 
396 
4 1 2 
428 
509 
525 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 0 5 8 2 0 .2285 0 . 2 0 3 1 3 .69 
0 .0596 0 .2343 0 .2028 3.65 
0 . 0 6 2 1 0 .2446 0 .2025 3 .57 
0 .0647 0 .2555 0 . 2 0 2 1 3 .49 
0 . 0 6 6 1 0 .2615 0 .2019 3 .46 
0 .0158 0 .44 0 .46 0 .14 
0 .0163 0 .44 0 .47 0 .16 
0 .0174 0 .45 0 .48 0 .20 
0 .0186 0 .46 0 .49 0 .23 
0 . 0 1 9 1 0 .47 0 .50 0 .25 
0 .0313 0 .0047 
0 .0279 0 .0093 
0 . 0 2 1 7 0 .0134 
0 .0152 0 .0173 
0 .0115 0 .0209 
v a r i a t i o n % 13.6 14.5 0 .6 6 .8 
4 0 4 
4 2 0 
482 
5 1 7 
533 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .1165 0 .1658 0 . 4 1 2 7 4 . 2 7 
0 .1193 0 .1700 0 .4124 4 .18 
0 .1290 0 .1848 0 . 4 1 1 1 3 .97 
0 . 1 3 6 7 0 .1968 0 .4100 3 .78 
0 . 1 3 9 1 0 .2004 0 . 4 0 9 7 3 . 7 1 
0 .0273 0 .86 0 .93 0 .26 
0 .0285 0 .88 0 .95 0 .29 
0 .0325 0 .96 1.03 0 .37 
0 . 0 3 6 2 1.05 1 .11 0 .44 
0 . 0 3 7 4 1 .08 1.14 0 .47 
0 . 0 6 5 4 0 . 0 0 6 7 
0 . 0 6 3 2 0 .0125 
0 .0555 0 .0159 
0 .0490 0 . 0 1 8 2 
0 .0470 0 . 0 2 0 7 
v a r i a t i o n % 19.4 20.9 0 .7 15.0 
4 0 0 
416 
446 
513 
529 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .0499 0 . 1 9 3 2 0 . 2 0 5 1 1.79 
0 .0513 0 .1990 0 .2049 1 .77 
0 . 0 5 5 2 0 . 2 1 5 1 0 .2042 1.73 
0 .0590 0 .2308 0 .2036 1.69 
0 .0604 0 .2368 0 .2034 1.68 
0 .0278 0 .68 0 .75 0 .22 
0 .0289 0 .70 0 .76 0 .23 
0 .0319 0 .74 0 .80 0 .27 
0 .0349 0 .79 0 .85 0 . 3 1 
0 .0360 0 . 8 1 0 .87 0 .32 
0 .0510 0 .0094 
0 .0478 0 . 0 1 8 2 
0 .0389 0 .0255 
0 .0299 0 .0318 
0 .0264 0 .0375 
v a r i a t i o n % 21 .2 22 .5 0.9 6 ,8 
408 
4 2 4 
500 
5 2 1 
5 3 7 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .0887 0 .1236 0 . 4 1 7 7 2 .02 
0 . 0 9 1 4 0 .1275 0 .4174 1 .98 
0 .0998 0 .1399 0 .4163 1 .87 
0 .1050 0 .1477 0 .4156 1.78 
0 .1065 0 .1499 0 .4155 1 .74 
0 .0438 1 .20 1,36 0 .40 
0 .0462 1 .23 1.39 0 .44 
0 .0534 1 .36 1.52 0 .52 
0 . 0 5 9 1 1.48 1 .64 0 .57 
0 .0610 1 . 5 1 1.68 0 .59 
0 . 0 8 6 1 0 . 0 1 5 1 
0 .0843 0 ,0268 
0 .0783 0 .0338 
0 .0745 0 .0387 
0 .0734 0 . 0 4 3 2 
v a r i a t i o n % 2 0 . 1 21 .3 0.5 16.0 
398 
4 1 4 
4 3 4 
5 1 1 
527 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0655 0 .2603 0 . 2 0 1 1 11.26 
0 .0663 0 .2635 0 .2010 11 .13 
0 . 0 6 7 2 0 ,2674 0 .2009 10 .89 
0 . 0 6 8 2 0 .2715 0 .2008 10.66 
0 .0690 0 .2748 0 . 2 0 0 7 10.56 
0 .0058 0 .18 0 ,19 0 .04 
0 .0060 0 .18 0 ,19 0 .05 
0 .0062 0 .18 0 .19 0 .07 
0 ,0064 0 .18 0 .19 0 .10 
0 .0065 0 .18 0 .19 0 . 1 1 
0 . 0 1 2 2 0 .0016 
0 .0103 0 . 0 0 3 1 
0 .0078 0 .0047 
0 .0053 0 . 0 0 6 1 
0 . 0 0 3 1 0 .0076 
v a r i a t i o n % 5.3 5 .6 0 .2 6.6 
406 
422 
488 
519 
535 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1515 0 .2215 0 . 4 0 6 2 13.16 
0 .1547 0 .2265 0 . 4 0 5 7 12 .88 
0 .1616 0 .2377 0 .4046 12 ,27 
0 . 1 6 8 7 0 .2494 0 .4035 11.72 
0 .1719 0 .2547 0 .4030 11.52 
0 .0115 0 .42 0 .44 0 .05 
0 .0120 0 .43 0 .45 0 .07 
0 .0132 0 .46 0 .48 0 .10 
0 ,0144 0 .49 0 . 5 1 0 .13 
0 ,0149 0 .50 0 .53 0 .14 
0 .0353 0 .0017 
0 .0324 0 . 0 0 3 2 
0 .0259 0 . 0 0 4 1 
0 .0189 0 .0046 
0 .0157 0 . 0 0 5 2 
v a r i a t i o n % 13.5 15.0 0.8 14.2 
4 0 2 
418 
452 
515 
5 3 1 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0616 0 .2433 0 . 2 0 2 1 5 .58 
0 ,0628 0 ,2483 0 ,2019 5 ,52 
0 ,0646 0 ,2557 0 .2017 5 .40 
0 .0665 0 .2634 0 .2015 5 .28 
0 .0677 0 .2686 0 .2013 5 .23 
0 .0110 0 .32 0 .34 0 .09 
0 .0114 0 .33 0 .35 0 . 1 1 
0 .0120 0 .33 0 .35 0 .14 
0 .0126 0 .33 0 .35 0 .18 
0 .0129 0 .34 0 ,36 0 .19 
0 .0225 0 . 0 0 3 1 
0 .0196 0 .0062 
0 .0150 0 . 0 0 9 1 
0 .0103 0 .0119 
0 .0070 0 .0145 
v a r i a t i o n % 9.8 10.4 0.4 6 . 7 
4 1 0 
426 
506 
523 
539 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1309 0 .1884 0 .4100 6 .50 
0 .1339 0 .1930 0 .4096 6 .37 
0 .1430 0 .2072 0 .4083 6.05 
0 .1513 0 .2203 0 . 4 0 7 1 5 .77 
0 .1540 0 .2246 0 .4067 5 .67 
0 . 0 2 0 1 0 .68 0 .74 0 .16 
0 .0210 0 .70 0 .75 0 .18 
0 .0236 0 .75 0 . 8 1 0 .25 
0 .0262 0 .82 0 .87 0 . 3 1 
0 . 0 2 7 1 0 .84 0 ,90 0 .33 
0 .0536 0 . 0 0 4 1 
0 . 0 5 1 1 0 .0077 
0 .0433 0 .0098 
0 .0359 0 . 0 1 1 1 
0 .0335 0 . 0 1 2 7 
v a r i a t i o n % 17.6 19.3 0.8 14.7 
Ayi = y\L - mo 
dTg, =Tg-Tj 
Axi = yio - iio 
dTgti, = Tg Tyj 
dyig =yii -yig = ^yi/Ng 
dT; =Tg-T* at z = L 
Units: dTgi,dTgyj,dT* [K] 
Table E.47: Effect of heat flux profile on dephlegmators 396-540 
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n i t r o g e n / o x y g e n ; p = 6 b a r ; r e c t a n g u l a r d u c t ; a s p e c t r a t i o = 2 
case 9(z) Ayi Axi X Ng dyig dTgi dTgu, dTg yii - yig 
2 = 0 z — L 
541 
573 
605 
848 
880 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0419 0.1662 0.2015 6.32 
0.0427 0.1691 0.2014 6.25 
0.0437 0.1732 0.2013 6.11 
0.0447 0.1774 0.2012 5.97 
0.0454 0.1805 0.2011 5.92 
0.0066 0.22 0.23 0.07 
0.0068 0.22 0.23 0.08 
0.0072 0.22 0.23 0.11 
0.0075 0.22 0.23 0.14 
0.0077 0.23 0.23 0.15 
0.0134 0.0019 
0.0115 0.0039 
0.0088 0.0057 
0.0060 0.0075 
0.0040 0.0092 
v a r i a t i o n % 8 ^ 8 ^ 0 ^ &8 
557 
589 
767 
864 
896 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0941 0.1375 0.4063 7.38 
0.0964 0.1411 0.4059 7.22 
0.1020 0.1498 0.4052 6.87 
0.1078 0.1589 0.4043 6.56 
0.1102 0.1626 0.4040 6.45 
0.0128 0.48 0.50 0.13 
0.0133 0.49 0.51 0.15 
0.0148 0.51 0.53 0.22 
0.0164 0.54 0.56 0.28 
0.0171 0.56 0.58 0.30 
0.0318 0.0030 
0.0295 0.0058 
0.0240 0.0081 
0.0182 0.0100 
0.0157 0.0120 
v a r i a t i o n % 17.1 18.3 0.6 14.4 
549 
581 
659 
856 
888 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0383 0.1504 0.2028 3.11 
0.0392 0.1543 0.2026 3.07 
0.0410 0.1614 0.2024 3.00 
0.0428 0.1689 0.2021 2.93 
0.0438 0.1730 0.2020 2.91 
0.0123 0.37 0.39 0.15 
0.0128 0.37 0.39 0.16 
0.0136 0.38 0.40 0.19 
0.0146 0.39 0.40 0.22 
0.0151 0.39 0.41 0.23 
0.0236 0.0038 
0.0211 0.0076 
0.0165 0.0111 
0.0116 0.0143 
0.0090 0.0174 
v a r i a t i o n % 14.4 15.0 0.4 6.8 
565 
597 
821 
872 
904 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0781 0.1124 0.4099 3.58 
0.0801 0.1155 0.4096 3.50 
0.0871 0.1261 0.4087 3.32 
0.0933 0.1355 0.4078 3.17 
0.0953 0,1385 0.4075 3.11 
0.0218 0.72 0.77 0.28 
0.0229 0.74 0.78 0.31 
0.0262 0.79 0.84 0.39 
0.0295 0.86 0.91 0.46 
0.0306 0.88 0.93 0.49 
0.0473 0.0063 
0.0454 0.0120 
0.0389 0.0164 
0.0330 0.0198 
0.0311 0.0232 
v a r i a t i o n % 22.1 23.3 0.6 14.9 
545 
577 
623 
852 
884 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0449 0,1790 0.2005 19.14 
0.0452 0,1804 0.2005 18.93 
0.0456 0.1819 0.2004 18.51 
0.0460 0.1834 0.2004 18.12 
0.0463 0.1847 0.2004 17.94 
0.0023 0.09 0.09 0.02 
0.0024 0.09 0.09 0.02 
0.0025 0.08 0.09 0.04 
0.0025 0.08 0.09 0.05 
0.0026 0.09 0.09 0.06 
0.0049 0.0006 
0.0041 0.0013 
0.0031 0.0019 
0.0021 0.0026 
0.0012 0.0032 
v a r i a t i o n % 3.1 3.2 0.1 6.7 
561 
593 
785 
868 
900 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.1112 0.1650 0.4026 22.50 
0.1130 0.1679 0.4023 22.03 
0.1157 0.1721 0.4019 21.01 
0.1185 0.1766 0.4015 20.10 
0.1205 0.1798 0.4011 19.76 
0.0049 0.20 0.21 0.02 
0.0051 0.20 0.21 0.04 
0.0055 0.21 0.21 0.06 
0.0059 0.21 0.22 0.08 
0.0061 0.22 0.23 0.09 
0.0142 0.0009 
0.0123 0.0018 
0.0095 0.0026 
0.0065 0.0034 
0.0044 0.0041 
v a r i a t i o n % 8.3 9.0 0.4 13.9 
553 
585 
677 
860 
892 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0434 0.1723 0.2010 9.52 
0.0439 0.1746 0.2009 9.42 
0.0446 0.1774 0.2009 9.21 
0.0453 0.1804 0.2008 9.01 
0.0459 0.1827 0.2008 8.92 
0.0046 0.16 0.17 0.04 
0.0047 0.16 0.17 0.05 
0.0048 0.16 0.17 0.08 
0.0050 0.16 0.16 0.10 
0.0051 0.16 0.17 0.11 
0.0094 0.0013 
0.0079 0.0026 
0.0060 0.0038 
0.0041 0.0051 
0.0025 0.0063 
v a r i a t i o n % 5.9 6.0 0.1 6.7 
569 
601 
839 
876 
908 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.1016 0.1495 0.4046 11.16 
0.1039 0.1531 0.4043 10.93 
0.1083 0.1600 0.4036 10.41 
0.1131 0.1676 0.4029 9.95 
0.1155 0.1715 0.4025 9.78 
0.0091 0.36 0.37 0.07 
0.0095 0.36 0.38 0.09 
0.0104 0.38 0.39 0.14 
0.0114 0.40 0.41 0.18 
0.0118 0.41 0.42 0.20 
0.0242 0.0019 
0.0219 0.0038 
0.0174 0.0053 
0.0125 0.0067 
0.0100 0.0081 
v a r i a t i o n % 13.7 14.7 0.5 14.1 
Ayi = j/iL - 3/10 
dTgi =Tg-Ti 
Axi = yio - xio 
dTgW = Tg — Tw 
dyig = vij - y\g = ^Vl/Ng 
dT* =Tg-T* ax z = L 
Units: dTgj, dTgw, dT* [K] 
Table E.48: Effect of heat flux profile on dephlegmators 541-911 
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n i t r o g e n / o x y g e n ; p = 6 b a r ; r e c t a n g u l a r d u c t ; a s p e c t r a t i o = 8 
case Ayi A x i X Ng dyjg d'^gl dTg-uj ^^g yii - y i g 
z = 0 z = L 
543 
575 
6 1 1 
850 
882 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 0 4 5 2 0 . 1 8 0 2 0 . 2 0 0 4 22 .72 
0 .0454 0 .1813 0 . 2 0 0 4 2 2 . 4 7 
0 . 0 4 5 7 0 .1826 0 .2004 2 1 . 9 7 
0 . 0 4 6 1 0 .1838 0 .2004 2 1 . 5 1 
0 .0463 0 .1850 0 .2003 2 1 . 2 9 
0 .0020 0 . 0 7 0 .08 0 . 0 1 
0 .0020 0 . 0 7 0 .08 0 .02 
0 . 0 0 2 1 0 . 0 7 0 .08 0 .03 
0 . 0 0 2 1 0 .07 0 .08 0 .04 
0 . 0 0 2 2 0 .07 0 .08 0 .05 
0 . 0 0 4 2 0 .0005 
0 .0035 0 . 0 0 1 1 
0 .0026 0 .0016 
0 .0017 0 . 0 0 2 2 
0 .0010 0 . 0 0 2 7 
v a r i a t i o n % 2.6 2 .7 0 .0 6 .7 
559 
5 9 1 
773 
866 
898 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1130 0 .1679 0 . 4 0 2 2 2 6 . 7 1 
0 .1146 0 .1705 0 .4020 26 .16 
0 .1169 0 . 1 7 4 2 0 .4016 24 .95 
0 .1193 0 . 1 7 8 1 0 . 4 0 1 2 23 .88 
0 . 1 2 1 2 0 .1810 0 .4009 2 3 . 4 7 
0 . 0 0 4 2 0 .17 0 .20 0 .02 
0 .0044 0 .18 0 .20 0 .03 
0 .0047 0 .18 0 . 2 1 0 .05 
0 .0050 0 .18 0 . 2 1 0 . 0 7 
0 . 0 0 5 2 0 .19 0 . 2 1 0 .08 
0 .0123 0 .0008 
0 .0106 0 .0015 
0 . 0 0 8 1 0 . 0 0 2 2 
0 . 0 0 5 6 0 . 0 0 2 8 
0 .0036 0 .0035 
v a r i a t i o n % 7.3 7.8 0 .3 13.8 
5 5 1 
583 
665 
858 
890 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0438 0 .1744 0 .2009 1 1 . 3 1 
0 .0443 0 .1764 0 .2008 11.19 
0 .0449 0 .1788 0 .2008 10.94 
0 .0455 0 .1813 0 .2007 10 .71 
0 .0460 0 .1834 0 .2007 10.60 
0 .0039 0 .14 0 .16 0 .03 
0 .0040 0 .14 0 .16 0 .04 
0 . 0 0 4 1 0 .14 0.16 0 .06 
0 .0043 0 .14 0 .16 0 .08 
0 .0043 0 .14 0 .16 0 .09 
0 .0080 0 . 0 0 1 1 
0 . 0 0 6 7 0 . 0 0 2 2 
0 .0051 0 . 0 0 3 2 
0 .0035 0 .0043 
0 . 0 0 2 1 0 .0053 
v a r i a t i o n % 5.0 5 .2 0 . 1 6 .7 
5 6 7 
599 
8 2 7 
874 
906 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1043 0 .1539 0 .4040 13 .28 
0 .1066 0 .1574 0 .4037 13.00 
0 .1105 0 .1636 0 . 4 0 3 1 12.38 
0 .1147 0 .1704 0 .4025 11 .84 
0 . 1 1 7 1 0 .1742 0 . 4 0 2 1 11 .64 
0 .0079 0 . 3 1 0 .38 0 .05 
0 . 0 0 8 2 0 .32 0 .39 0 .07 
0 .0089 0 .33 0 .40 0 . 1 1 
0 . 0 0 9 7 0 .34 0 . 4 1 0 .15 
0 . 0 1 0 1 0 .35 0 .42 0 .17 
0 .0214 0 .0016 
0 . 0 1 9 1 0 . 0 0 3 1 
0 . 0 1 5 1 0 .0045 
0 . 0 1 0 7 0 . 0 0 5 7 
0 . 0 0 8 2 0 .0068 
v a r i a t i o n % 12.3 13.2 0.5 14 .1 
5 4 7 
579 
629 
854 
886 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 0 4 6 1 0 .1843 0 . 2 0 0 1 68 .32 
0 .0462 0 . 1 8 4 7 0 . 2 0 0 1 67 .58 
0 .0463 0 . 1 8 5 1 0 . 2 0 0 1 66 .10 
0 .0464 0 .1856 0 . 2 0 0 1 64 .70 
0 .0465 0 .1860 0 . 2 0 0 1 64 .05 
0 .0007 0 .02 0 .03 0 .00 
0 .0007 0 .02 0 .03 0 . 0 1 
0 .0007 0 .02 0 .03 0 . 0 1 
0 .0007 0 .03 0 .03 0 . 0 1 
0 . 0 0 0 7 0 .03 0 .03 0 .02 
0 .0014 0 . 0 0 0 2 
0 . 0 0 1 2 0 .0004 
0 .0009 0 .0006 
0 .0006 0 . 0 0 0 7 
0 .0003 0 .0009 
v a r i a t i o n % 0.9 0.9 0 .0 6 .7 
563 
595 
7 9 1 
8 7 0 
902 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 . 1 2 0 1 0 .1796 0 .4008 8 0 . 4 1 
0 .1209 0 .1808 0 . 4 0 0 7 78 .79 
0 .1217 0 . 1 8 2 2 0 .4005 75 .18 
0 .1226 0 .1836 0 .4004 72 .02 
0 .1234 0 .1848 0 .4003 70 .77 
0 .0015 0 .06 0 .07 0 . 0 1 
0 .0015 0 .06 0 .07 0 . 0 1 
0 .0016 0 .06 0 .07 0 . 0 1 
0 .0017 0 .06 0 .07 0 .02 
0 . 0 0 1 7 0 .06 0 .07 0 .02 
0 .0046 0 . 0 0 0 2 
0 .0038 0 .0005 
0 .0029 0 . 0 0 0 7 
0 .0019 0 .0010 
0 . 0 0 1 1 0 . 0 0 1 2 
v a r i a t i o n % 2 .7 2.9 0 . 1 13.6 
555 
5 8 7 
683 
862 
894 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0456 0 .1822 0 .2003 34 .12 
0 .0458 0 .1830 0 .2003 33 .75 
0 .0460 0 .1838 0 . 2 0 0 2 3 3 . 0 1 
0 .0462 0 .1847 0 .2002 3 2 . 3 1 
0 .0464 0 .1855 0 .2002 31 .98 
0 .0013 0 .05 0 .06 0 . 0 1 
0 .0014 0 .05 0 .06 0 . 0 1 
0 .0014 0 .05 0 .06 0 .02 
0 .0014 0 .05 0 .06 0 .03 
0 .0015 0 .05 0 .06 0 .03 
0 .0029 0 .0004 
0 .0023 0 . 0 0 0 7 
0 . 0 0 1 7 0 . 0 0 1 1 
0 . 0 0 1 2 0 .0015 
0 .0006 0 .0018 
v a r i a t i o n % 1.8 1.8 0 .0 6 .7 
5 7 1 
603 
845 
878 
910 
l i n e a r decrease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1164 0 .1734 0 .4016 4 0 . 1 4 
0 . 1 1 7 7 0 .1755 0 .4014 3 9 . 3 2 
0 .1193 0 . 1 7 8 1 0 . 4 0 1 1 3 7 . 5 1 
0 .1209 0 .1808 0 .4008 3 5 . 9 1 
0 .1223 0 .1830 0 .4006 35 .30 
0 .0029 0 .12 0 .14 0 . 0 1 
0 .0030 0 .12 0 .14 0 .02 
0 . 0 0 3 2 0 .12 0 .15 0 .03 
0 .0034 0 .12 0 .15 0 .04 
0 .0035 0 .13 0 .15 0 .05 
0 . 0 0 8 7 0 .0005 
0 .0073 0.0010 
0 .0056 0 .0015 
0 .0038 0 .0019 
0 .0023 0 .0023 
v a r i a t i o n % 5 . 1 5.5 0 .2 13.7 
Ayi = yiL - yio 
dTgi =Tg -Tj 
All = 3/10 - zio dyjg = 2/1/ - yig = Ayi/Ng 
a t z = L dT* =Tg- T; 
Units: dTgi, dTgw, dT* [K] 
Table E.49: Effect of heat flux profile on dephlegmators 541-911 
370 
n i t r o g e n / o x y g e n ; p = 6 b a r ; r o u n d t u b e 
case g(z) Ayi Axi X Ng dyig dTgi dTgw dT* yu - yig 
2 = 0 z — L 
912 
928 
944 
1025 
1041 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0.0406 0.1603 0.2020 4.66 
0.0414 0.1637 0.2019 4.60 
0.0427 0.1689 0.2017 4.50 
0.0440 0.1744 0.2016 4.40 
0.0449 0.1780 0.2014 4.36 
0.0087 0.28 0.31 0.10 
0.0090 0.28 0.31 0.11 
0.0095 0.28 0.31 0.14 
0.0100 0.28 0.31 0.17 
0.0103 0.29 0.31 0.19 
0.0173 0.0026 
0.0151 0.0052 
0.0116 0.0076 
0.0080 0.0099 
0.0056 0.0122 
v a r i a t i o n % 10.7 11.1 0.3 6.8 
920 
936 
998 
1033 
1049 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0876 0.1273 0.4077 5.42 
0.0899 0.1307 0.4074 5.30 
0.0962 0.1405 0.4065 5.04 
0.1025 0.1502 0.4057 4.81 
0.1048 0.1537 0.4053 4.73 
0.0162 0.58 0.64 0.19 
0.0170 0.59 0.66 0.22 
0.0191 0.63 0.69 0.29 
0.0213 0.67 0.74 0.36 
0.0222 0.69 0.75 0.39 
0.0382 0.0041 
0.0361 0.0080 
0.0299 0.0110 
0.0238 0.0135 
0.0215 0.0160 
v a r i a t i o n % 19.5 20.7 0.6 14.6 
916 
932 
962 
1029 
1045 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0361 0.1411 0.2035 2.27 
0.0370 0.1451 0.2033 2.25 
0.0392 0.1539 0.2030 2.20 
0.0414 0.1630 0.2026 2.15 
0.0424 0.1671 0.2024 2.13 
0.0159 0.44 0.51 0.17 
0.0165 0.45 0.52 0.19 
0.0178 0.47 0.53 0.22 
0.0193 0.48 0.55 0.25 
0.0199 0.50 0.56 0.26 
0.0295 0.0052 
0.0270 0.0102 
0.0214 0.0147 
0.0155 0.0188 
0.0128 0.0227 
v a r i a t i o n % 17.6 18.4 0.5 6.8 
924 
940 
1016 
1037 
1053 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0.0700 0.1001 0.4116 2.59 
0.0720 0.1030 0.4114 2.54 
0.0790 0.1135 0.4104 2.40 
0.0847 0.1220 0,4096 2.29 
0.0864 0.1246 0.4094 2.25 
0.0270 0.84 1.00 0.34 
0.0284 0.85 1.01 0.37 
0.0329 0.93 1.09 0.45 
0.0370 1.01 1.17 0.51 
0.0384 1.04 1.20 0.54 
0.0547 0.0087 
0.0529 0.0163 
0.0466 0.0219 
0.0414 0.0263 
0.0398 0.0305 
v a r i a t i o n % 23.4 24.5 0.5 15.3 
914 
930 
950 
1027 
1043 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0443 0.1766 0.2007 14.16 
0.0448 0.1783 0.2006 14.01 
0.0452 0.1803 0.2006 13.70 
0.0457 0.1823 0.2006 13.41 
0.0462 0.1841 0.2005 13.27 
0.0031 0.11 0.12 0.02 
0.0032 0.11 0.12 0.03 
0.0033 0.11 0.12 0.05 
0.0034 0.11 0.12 0.07 
0.0035 0.11 0.12 0.08 
0.0065 0.0009 
0.0054 0.0018 
0.0041 0.0026 
0.0028 0.0035 
0.0016 0.0043 
v a r i a t i o n % 4.1 4.2 0.1 6.7 
922 
938 
1004 
1035 
1051 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.1075 0.1591 0.4034 16.64 
0.1096 0.1624 0.4030 16.29 
0.1130 0.1677 0.4025 15.52 
0.1166 0.1734 0.4020 14.85 
0.1188 0.1770 0.4016 14.59 
0.0065 0.26 0.28 0.04 
0.0067 0.26 0.29 0.05 
0.0073 0.27 0.29 0.08 
0.0078 0.28 0.30 0.11 
0.0081 0.29 0.31 0.13 
0.0181 0.0013 
0.0159 0.0025 
0.0125 0.0036 
0.0087 0.0045 
0.0063 0.0055 
v a r i a t i o n % 10.5 11.3 0.4 14.0 
918 
934 
968 
1031 
1047 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0424 0.1680 0.2014 7.03 
0.0430 0.1708 0.2013 6.96 
0.0439 0.1745 0.2012 6.80 
0.0449 0.1783 0.2011 6.65 
0.0456 0.1812 0.2010 6.59 
0.0060 0.20 0.23 0.06 
0.0062 0.21 0.23 0.07 
0.0065 0.20 0.23 0.10 
0.0067 0.20 0.23 0.13 
0.0069 0.21 0.23 0.14 
0.0122 0.0017 
0.0104 0.0035 
0.0080 0.0051 
0.0054 0.0068 
0.0035 0.0084 
v a r i a t i o n % 7.6 7.9 0.2 6.7 
926 
942 
1022 
1039 
1055 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0.0962 0.1409 0.4058 8.23 
0.0985 0.1445 0.4055 8.05 
0.1038 0.1527 0.4047 7.66 
0.1094 0.1615 0.4039 7.32 
0.1118 0.1653 0.4035 7.20 
0.0117 0.44 0.50 0.11 
0.0122 0.45 0.51 0.13 
0.0135 0.47 0.53 0.19 
0.0149 0.50 0.56 0.25 
0.0155 0.52 0.57 0.28 
0.0297 0.0027 
0.0274 0.0052 
0.0222 0.0073 
0.0165 0.0090 
0.0140 0.0108 
v a r i a t i o n % 16.3 17.4 0.6 14.3 
Aj/1 = yiL - yio All = yio - iio 
dTgj =Tg -T] 
dyig = Vii - vig = Ayi/Ng 
dT*g = T g - T ; a t 2 = L 
Units; dTgi, dTg^, dT* [K] 
Table E.50: Effect of heat flux profile on dephlegmators 912-1056 
371 
ethane/propane ; yio = 0.7 ; rectangular duct ; aspect ratio = 2 
case g ( z ) Ayi Axi X Ng dyjg ^'^gi dTg-ui dT* Vil -Vlg 
z = 0 z = L 
1057 
1089 
1 1 2 1 
1364 
1396 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 .0709 0 . 2 7 9 2 0 .2025 4 .02 
0 . 0 7 2 2 0 .2845 0 . 2 0 2 4 3 . 9 7 
0 . 0 7 4 1 0 .2919 0 .2025 3 .89 
0 .0760 0 .2993 0 .2026 3 .80 
0 .0774 0 .3046 0 .2025 3 .77 
0 .0176 1.65 1 .70 0 .33 
0 . 0 1 8 2 1 .67 1 .72 0 .38 
0 . 0 1 9 1 1 .69 1 .74 0 .49 
0 .0200 1.72 1 .77 0 .60 
0 .0205 1.75 1 .80 0 .65 
0 . 0 3 3 1 0 .0055 
0 .0283 0 . 0 1 1 2 
0 .0216 0 .0166 
0 .0146 0 .0218 
0 .0095 0 .0269 
v a r i a t i o n % 9 . 1 9 . 1 0 . 1 6 .7 
1073 
1105 
1283 
1380 
1412 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1600 0 .2298 0 .4106 4 .63 
0 .1642 0 .2362 0 . 4 1 0 1 4 .52 
0 .1752 0 .2535 0 .4088 4 .30 
0 .1856 0 .2698 0 .4075 4 .09 
0 .1897 0 .2764 0 .4070 4 .02 
0 .0346 3 .74 3 .86 0 .62 
0 .0363 3 .86 3 .98 0 .74 
0 .0408 4 .15 4 . 2 7 1 .01 
0 .0454 4 .55 4 .68 1.25 
0 . 0 4 7 2 4 .72 4 .85 1 .34 
0 .0743 0 .0095 
0 . 0 6 9 2 0 . 0 1 8 4 
0 .0553 0 . 0 2 5 1 
0 .0413 0 . 0 3 0 1 
0 .0356 0 .0347 
v a r i a t i o n % 18.5 20 .3 0.9 15.0 
1065 
1097 
1175 
1372 
1404 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i n c r e a s e 
0 . 0 6 4 1 0 .2490 0 .2047 1 .96 
0 .0658 0 .2560 0 .2045 1 .94 
0 .0693 0 .2699 0 .2043 1.89 
0 .0728 0 .2839 0 . 2 0 4 1 1.85 
0 .0745 0 .2909 0 .2040 1.83 
0 . 0 3 2 7 2 .87 2 .99 0 . 6 1 
0 .0340 2 .94 3 .07 0 .65 
0 .0367 3 .05 3 .17 0 .77 
0 .0394 3 . 2 1 3 .34 0 .88 
0 . 0 4 0 7 3 . 3 1 3 .43 0 .93 
0 .0590 0 .0108 
0 . 0 5 3 1 0 .0219 
0 .0413 0 .0320 
0 .0289 0 .0413 
0 .0225 0 .0500 
v a r i a t i o n % 16.3 16.8 0 .4 6 .9 
1 0 8 1 
1113 
1337 
1388 
1420 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1280 0 .1782 0 . 4 1 8 1 2 . 2 1 
0 .1318 0 .1838 0 .4177 2 .16 
0 .1448 0 .2034 0 .4159 2 .04 
0 .1543 0 .2178 0 .4147 1.94 
0 . 1 5 7 2 0 . 2 2 2 1 0 .4143 1.90 
0 .0578 5 .79 6 . 1 1 1.16 
0 .0610 5 .97 6 .28 1.27 
0 .0709 6 .70 7 . 0 1 1.55 
0 .0797 7 . 5 1 7 .82 1.76 
0 .0827 7 .78 8 .09 1.83 
0 .1117 0 .0196 
0 .1079 0 .0369 
0 . 0 9 4 1 0 . 0 4 8 7 
0 .0835 0 .0570 
0 . 0 8 0 2 0 .0643 
v a r i a t i o n % 22 .7 24 .7 0.9 16 .4 
1 0 6 1 
1093 
1139 
1368 
1400 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .0759 0 . 3 0 2 1 0 .2007 12 .24 
0 .0764 0 .3043 0 .2007 12 .10 
0 . 0 7 7 1 0 .3069 0 .2008 11 .85 
0 .0778 0 .3094 0 .2009 11 .60 
0 .0784 0 .3116 0 .2010 11.49 
0 . 0 0 6 2 0 . 6 1 0 .62 0 .08 
0 .0063 0 . 6 1 0 .63 0 . 1 1 
0 .0065 0 . 6 1 0 .63 0 .17 
0 .0067 0 . 6 1 0 .63 0 .23 
0 .0068 0 .62 0 .63 0 .26 
0 .0119 0 .0019 
0 .0098 0 .0038 
0 .0074 0 . 0 0 5 7 
0 .0049 0 .0075 
0 .0028 0 .0094 
v a r i a t i o n % 3.3 3 .1 0 . 1 6.5 
1077 
1109 
1 3 0 1 
1384 
1416 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1909 0 . 2 8 2 1 0 .4036 14 .17 
0 .1940 0 . 2 8 7 1 0 .4033 13 .88 
0 .1983 0 .2940 0 .4028 13.26 
0 .2025 0 .3008 0 .4024 12.70 
0 .2056 0 .3058 0 .4020 12 .49 
0 .0135 1 .54 1 .58 0 .14 
0 .0140 1.58 1 .62 0 .22 
0 .0150 1.62 1.66 0 .33 
0 .0159 1 .67 1 .71 0 .44 
0 .0165 1 .71 1 .75 0 .52 
0 .0305 0 .0030 
0 .0260 0 .0059 
0 .0196 0 .0085 
0 . 0 1 3 2 0 .0108 
0 .0084 0 .0130 
v a r i a t i o n % 7.7 8 .4 0 .4 13.5 
1069 
1 1 0 1 
1193 
1376 
1408 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0733 0 .2904 0 .2016 6 .07 
0 .0743 0 .2944 0 .2016 6 . 0 1 
0 .0756 0 .2993 0 .2017 5 .88 
0 .0770 0 .3043 0 .2018 5 .75 
0 .0780 0 .3083 0 .2018 5 .70 
0 . 0 1 2 1 1.16 1.20 0 .20 
0 .0124 1.17 1 .21 0 .24 
0 .0129 1 .17 1 .21 0 .34 
0 .0134 1.18 1 .22 0 .44 
0 .0137 1.20 1.24 0 .48 
0 .0229 0 .0037 
0 . 0 1 9 2 0 .0076 
0 .0146 0 . 0 1 1 2 
0 .0098 0 .0148 
0 .0059 0 .0184 
v a r i a t i o n % 6.3 6 .2 0 . 1 6 .6 
1085 
1117 
1355 
1392 
1424 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1743 0 .2536 0 . 4 0 7 2 7 .02 
0 .1784 0 . 2 6 0 2 0 .4068 6 .87 
0 .1867 0 .2733 0 .4058 6 .54 
0 .1949 0 .2864 0 .4049 6.25 
0 .1990 0 . 2 9 3 1 0 .4044 6 .14 
0 .0248 2 .76 2 .87 0 .36 
0 .0260 2 .85 2 .95 0 .47 
0 .0285 2 .99 3 .10 0 .69 
0 .0312 3 .20 3 . 3 1 0 .89 
0 .0324 3 . 3 1 3 .42 0 .98 
0 . 0 5 5 1 0 . 0 0 6 2 
0 .0496 0 . 0 1 2 1 
0 .0383 0 .0169 
0 .0266 0 .0206 
0 .0204 0 . 0 2 4 2 
v a r i a t i o n % 14.2 15.6 0 .7 14.4 
^yi = yiL - 3/10 Axi = yio - iio 
dTgf =Tg -Tj 
dyig = yi! ~ yig = ^yi/Ng 
at z = L dT* = T, 
Units: dTgi, dTgw, dT* [K] 
Table E.51: Effect of heat fiux profile on dephlegmators 1057-1427 
372 
ethane/propane ; yio = 0.7 ; rectangular duct ; aspect ratio = 8 
case g(z) A j / i A x i X Ng dyig dTgx dTgui dTg yu ~ yig 
z = 0 z = L 
1059 
1 0 9 1 
1127 
1366 
1398 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0763 0 .3040 0 .2006 14 .53 
0 .0768 0 .3059 0 .2006 14 .37 
0 .0773 0 .3080 0 . 2 0 0 7 14 .07 
0 .0779 0 . 3 1 0 2 0 .2008 13.78 
0 . 0 7 8 4 0 . 3 1 2 1 0 .2008 13 .64 
0 .0053 0 .52 0 .59 0 .06 
0 .0053 0 .52 0 .59 0 .09 
0 .0055 0 .52 0 .59 0 .14 
0 .0057 0 .52 0 .59 0 .19 
0 .0057 0 .52 0 .60 0 .22 
0 . 0 1 0 1 0 .0016 
0 .0083 0 . 0 0 3 2 
0 . 0 0 6 2 0 .0048 
0 . 0 0 4 2 0 .0064 
0 .0023 0 .0080 
v a r i a t i o n % 2.8 2 .7 0 . 1 6.5 
1075 
1107 
1289 
1382 
1414 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i n c r e a s e 
0 . 1 9 3 7 0 .2869 0 . 4 0 3 1 16.83 
0 .1965 0 .2914 0 .4028 16 .49 
0 . 2 0 0 1 0 . 2 9 7 2 0 . 4 0 2 4 15.76 
0 . 2 0 3 7 0 .3030 0 .4020 1 5 . 1 1 
0 . 2 0 6 4 0 .3074 0 .4017 14.85 
0 .0115 1 .32 1 .51 0 . 1 1 
0 .0119 1.35 1.53 0 .18 
0 .0127 1.38 1.56 0 .27 
0 .0135 1 .42 1.60 0 .37 
0 .0139 1.45 1.63 0 .44 
0 . 0 2 6 1 0 .0025 
0 .0220 0 .0050 
0 .0166 0 . 0 0 7 2 
0 . 0 1 1 1 0 . 0 0 9 2 
0 .0068 0 . 0 1 1 1 
v a r i a t i o n % 6.5 7 . 1 0 .3 13.4 
1067 
1099 
1 1 8 1 
1374 
1406 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 . 0 7 4 1 0 .2940 0 .2013 7 .22 
0 .0750 0 .2975 0 .2013 7 .14 
0 . 0 7 6 1 0 .3017 0 .2014 6 .99 
0 . 0 7 7 2 0 .3059 0 .2016 6 .84 
0 . 0 7 8 1 0 .3094 0 .2016 6 .78 
0 .0103 0 .99 1 .17 0 .16 
0 .0105 1 .00 1.18 0 .20 
0 .0109 1 .00 1.18 0 .29 
0 .0113 1 . 0 1 1.19 0 .38 
0 .0115 1 .02 1.20 0 .42 
0 .0196 0 . 0 0 3 1 
0 .0163 0 . 0 0 6 4 
0 .0123 0 .0095 
0 .0083 0 .0126 
0 .0049 0 .0156 
v a r i a t i o n % 5 .4 5 .2 0 .1 6 .6 
1083 
1115 
1343 
1390 
1422 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 7 9 2 0 . 2 6 2 1 0 . 4 0 6 1 8 .35 
0 . 1 8 3 2 0 .2684 0 .4057 8 .18 
0 .1903 0 . 2 7 9 7 0 .4049 7 .79 
0 . 1 9 7 4 0 . 2 9 1 1 0 . 4 0 4 1 7.45 
0 .2014 0 .2976 0 .4036 7 .32 
0 .0215 2 . 4 1 2 .87 0 .29 
0 .0224 2 .48 2 .94 0 .39 
0 .0244 2 .59 3 .04 0 .57 
0 .0265 2 .74 3 .20 0 .75 
0 .0275 2 .83 3 .28 0 .85 
0 .0480 0 . 0 0 5 2 
0 .0426 0 .0102 
0 .0326 0 . 0 1 4 2 
0 .0223 0 . 0 1 7 6 
0 . 0 1 6 2 0 .0208 
v a r i a t i o n % 12.4 13.6 0 .6 14 .1 
1063 
1095 
1145 
1370 
1402 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0778 0 .3109 0 . 2 0 0 2 43 .75 
0 .0780 0 .3116 0 . 2 0 0 2 4 3 . 2 8 
0 . 0 7 8 2 0 .3123 0 . 2 0 0 2 4 2 . 3 8 
0 . 0 7 8 4 0 .3130 0 .2003 4 1 . 5 2 
0 .0786 0 .3137 0 .2003 4 1 . 1 1 
0 .0018 0 .18 0 .20 0 .02 
0 .0018 0 .18 0 .20 0 .03 
0 .0018 0 .18 0 .20 0 .05 
0 .0019 0 .18 0 .20 0 .06 
0 .0019 0 .18 0 .20 0 .08 
0 .0034 0 .0005 
0 .0028 0 . 0 0 1 1 
0 . 0 0 2 1 0 .0016 
0 .0014 0 . 0 0 2 2 
0 . 0 0 0 7 0 .0027 
v a r i a t i o n % 1.0 0.9 0 . 1 6 .4 
1079 
1111 
1307 
1386 
1418 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 2 0 4 2 0 . 3 0 5 1 0 .4010 50 .72 
0 . 2 0 5 3 0 .3068 0 .4009 4 9 . 7 4 
0 .2065 0 .3087 0 .4008 4 7 . 6 0 
0 .2076 0 .3106 0 .4006 4 5 . 7 2 
0 .2087 0 .3123 0 .4005 44 .95 
0 .0040 0 .47 0 .53 0 .03 
0 . 0 0 4 1 0 .47 0 .53 0 .06 
0 .0043 0 .48 0 .54 0 .09 
0 .0045 0 .48 0 .54 0 .12 
0 .0046 0 .49 0 .55 0 .14 
0 . 0 0 9 1 0 .0008 
0 .0074 0 .0016 
0 .0056 0 .0024 
0 . 0 0 3 7 0 . 0 0 3 2 
0 .0020 0 .0039 
v a r i a t i o n % 2 .2 2 .4 0 . 1 12.8 
1 0 7 1 
1103 
1199 
1378 
1410 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .0770 0 .3074 0 .2004 2 1 . 8 4 
0 . 0 7 7 4 0 .3087 0 .2004 21 .60 
0 .0778 0 . 3 1 0 2 0 .2005 21 .15 
0 . 0 7 8 1 0 .3116 0 .2005 20 .72 
0 .0785 0 .3129 0 .2006 2 0 . 5 1 
0 .0035 0 .35 0 . 4 1 0 .04 
0 .0036 0 .35 0 . 4 1 0 .06 
0 .0037 0 .35 0 . 4 1 0 .09 
0 .0038 0 .35 0 . 4 1 0 .13 
0 .0038 0 .35 0 . 4 1 0 .15 
0 .0068 0 . 0 0 1 1 
0 .0055 0 . 0 0 2 2 
0 . 0 0 4 2 0 . 0 0 3 2 
0 .0028 0 .0043 
0 .0015 0 . 0 0 5 4 
v a r i a t i o n % 1.9 1.8 0 . 1 6.5 
1087 
1119 
1 3 6 1 
1394 
1426 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1989 0 .2959 0 .4020 2 5 . 3 1 
0 .2009 0 . 2 9 9 1 0 .4018 24 .80 
0 .2033 0 .3030 0 .4016 23 .72 
0 .2057 0 .3068 0 .4013 22 .76 
0 .2076 0 .3100 0 . 4 0 1 1 22 .38 
0 .0079 0 . 9 1 1.06 0 .07 
0 . 0 0 8 1 0 .92 1 .08 0 .12 
0 .0086 0 .94 1 .09 0 .18 
0 .0090 0 .96 1 .11 0 .24 
0 .0093 0 .97 1.12 0 .29 
0 .0178 0 .0017 
0 .0148 0 .0033 
0 . 0 1 1 1 0 .0048 
0 .0074 0 . 0 0 6 2 
0 .0043 0 .0076 
v a r i a t i o n % 4 .4 4 .8 0 .2 13 .1 
^y\ = yiL - yio Azi = yio — xio 
dTgj =Tg -Ti 
dyig = yii - yig = Ayi/Ng 
dT* =Tg~T* aXz = L 
Units: dTgu dTgw, dT* [K] 
Table E.52: Effect of heat flux profile on dephlegmators 1057-1427 
373 
ethane/propane ; yio = 0.7 ; round tube 
case 9 ( 2 ) A j / i A l l X N g dyig d'^gl dTgu) dTg yii - yig 
z = 0 z = L 
1428 
1444 
1460 
1 5 4 1 
1557 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0684 0 . 2 6 8 1 0 .2033 2 .95 
0 .0700 0 .2743 0 . 2 0 3 2 2 .92 
0 .0725 0 . 2 8 4 1 0 . 2 0 3 2 2 .85 
0 .0750 0 .2940 0 . 2 0 3 2 2 .79 
0 .0765 0 .3003 0 . 2 0 3 1 2 .77 
0 . 0 2 3 2 2 . 1 1 2 .28 0 .45 
0 .0240 2 .15 2 .32 0 .50 
0 .0254 2 .19 2 .36 0 .62 
0 .0269 2.25 2 .42 0 .73 
0 . 0 2 7 7 2 . 3 1 2 .48 0 .78 
0 .0429 0 .0073 
0 .0374 0 . 0 1 5 0 
0 . 0 2 8 7 0 . 0 2 2 1 
0 .0195 0 .0289 
0 . 0 1 3 7 0 .0354 
v a r i a t i o n % 11.8 12.0 0 . 1 6 .8 
1436 
1452 
1514 
1549 
1565 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i n c r e a s e 
0 .1474 0 .2089 0 .4136 3 .38 
0 .1514 0 .2150 0 . 4 1 3 2 3 . 3 1 
0 .1639 0 .2343 0 .4116 3 .13 
0 . 1 7 4 7 0 . 2 5 1 2 0 . 4 1 0 2 2 .98 
0 .1784 0 .2569 0 .4098 2 .92 
0 .0436 4 .57 5 .00 0 .86 
0 .0458 4 . 7 1 5 .14 0 .98 
0 .0523 5 .17 5 .60 1 .27 
0 . 0 5 8 7 5 .75 6 .18 1 .51 
0 .0610 5 .97 6 .39 1.60 
0 . 0 9 0 1 0 .0130 
0 .0856 0 .0250 
0 .0708 0 .0336 
0 . 0 5 7 2 0 .0397 
0 .0524 0 .0454 
v a r i a t i o n % 2 1 . 1 23.0 0.9 15.6 
1432 
1448 
1478 
1545 
1 5 6 1 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0598 0 .2306 0 .2059 1.42 
0 .0616 0 .2378 0 .2057 1 .41 
0 .0659 0 .2552 0 .2053 1 .37 
0 . 0 7 0 1 0 .2722 0 .2049 1 .34 
0 .0719 0 .2793 0 . 2 0 4 7 1.33 
0 .0420 3 .58 4 . 0 1 0 .70 
0 . 0 4 3 7 3 .68 4 . 1 1 0 .74 
0 .0480 3 .89 4 .32 0 .86 
0 . 0 5 2 2 4 .19 4 .62 0 .97 
0 .0540 4 .33 4 .76 1 .01 
0 .0736 0 .0146 
0 .0680 0 . 0 2 9 2 
0 .0538 0 .0420 
0 .0393 0 .0535 
0 .0330 0 . 0 6 4 1 
v a r i a t i o n % 20 .2 2 1 . 1 0 .6 7.0 
1440 
1456 
1532 
1553 
1569 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1118 0 . 1 5 3 2 0 .4217 1 .58 
0 .1155 0 .1586 0 .4213 1.55 
0 .1275 0 .1763 0 .4196 1.46 
0 .1349 0 .1873 0 .4186 1.38 
0 .1369 0 .1904 0 .4183 1.35 
0 .0705 6 . 8 1 7 .87 1 .31 
0 .0747 7 .03 8 .09 1.42 
0 .0876 8 .00 9 .05 1 .67 
0 .0979 8 .93 9 .98 1.83 
0 .1013 9 .24 10.28 1 .88 
0 .1280 0 .0268 
0 .1245 0 . 0 4 9 1 
0 .1130 0 .0638 
0 .1055 0 .0740 
0 .1033 0 .0823 
v a r i a t i o n % 22 .5 24.2 0.8 17.2 
1430 
1446 
1466 
1543 
1559 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0750 0 .2980 0 .2010 9 .05 
0 .0757 0 .3009 0 .2010 8 .95 
0 .0766 0 .3042 0 . 2 0 1 1 8 .76 
0 .0775 0 .3076 0 .2013 8 .58 
0 .0783 0 .3105 0 .2013 8 .49 
0 .0083 0 . 8 1 0 .86 0 .12 
0 .0085 0 . 8 1 0 .87 0 .16 
0 . 0 0 8 7 0 . 8 1 0 .87 0 .23 
0 .0090 0 .82 0 .87 0 .30 
0 . 0 0 9 2 0 .82 0 .88 0 .34 
0 .0159 0 .0025 
0 . 0 1 3 1 0 . 0 0 5 1 
0 .0099 0 .0076 
0 .0066 0 . 0 1 0 1 
0 .0038 0 .0126 
v a r i a t i o n % 4 .4 4 .2 0 .1 6.5 
1438 
1454 
1520 
1 5 5 1 
1567 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1848 0 .2716 0 .4049 10 .47 
0 .1885 0 .2775 0 .4045 10.25 
0 .1942 0 .2867 0 .4039 9 .78 
0 .2000 0 .2960 0 . 4 0 3 2 9 .36 
0 .2036 0 .3019 0 .4028 9 .20 
0 .0176 2 .00 2 .14 0 . 2 1 
0 . 0 1 8 4 2 .05 2 .20 0 .30 
0 .0199 2 .12 2 .27 0 .45 
0 .0214 2 .22 2 .37 0 .60 
0 . 0 2 2 1 2 .29 2 .43 0 .69 
0 .0398 0 . 0 0 4 1 
0 .0346 0 . 0 0 8 1 
0 .0263 0 .0114 
0 . 0 1 7 7 0 .0143 
0 . 0 1 2 2 0 . 0 1 7 0 
v a r i a t i o n % 10.2 11 .1 0.5 13.8 
1434 
1450 
1484 
1547 
1563 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0716 0 .2825 0 . 2 0 2 2 4 .48 
0 .0728 0 .2875 0 . 2 0 2 2 4 .43 
0 .0746 0 . 2 9 4 1 0 .2023 4 .33 
0 .0763 0 .3008 0 .2024 4 .24 
0 .0776 0 .3058 0 .2023 4 .20 
0 .0160 1.50 1.65 0 .29 
0 .0164 1.52 1 .67 0 .34 
0 . 0 1 7 2 1.53 1.68 0 .45 
0 .0180 1.56 1.70 0 .56 
0 .0185 1.58 1.73 0 .60 
0 . 0 3 0 1 0 .0049 
0 .0256 0 . 0 1 0 1 
0 .0195 0 .0150 
0 . 0 1 3 1 0 .0197 
0 .0084 0 .0244 
v a r i a t i o n % 8.3 8 .2 0 . 1 6 .7 
1442 
1458 
1538 
1555 
1 5 7 1 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 6 4 1 0 .2365 0 .4096 5 .16 
0 .1683 0 . 2 4 3 1 0 . 4 0 9 1 5 .05 
0 .1786 0 .2593 0 .4079 4 .80 
0 .1886 0 .2750 0 .4067 4 . 5 7 
0 .1927 0 .2817 0 . 4 0 6 2 4 .49 
0 .0318 3 .47 3 .82 0 .55 
0 .0333 3 .58 3 .93 0 .66 
0 . 0 3 7 2 3 .82 4 .17 0 .92 
0 .0412 4 .17 4 .52 1.15 
0 .0429 4 .32 4 .67 1.25 
0 .0690 0 .0085 
0 .0638 0 .0165 
0 .0504 0 .0226 
0 .0368 0 . 0 2 7 2 
0 .0308 0 .0316 
v a r i a t i o n % 17.5 19 .1 0.8 14.9 
A j / i = yiL - yiQ Axi = 3/10 - x i o dyig = vii - yig = Aj/i/iVj 
dTgj =Tg -Tj 
Units: dTgj, dTgw, dT* [K] 
Table E.53: Effect of heat flux profile on dephlegmators 1428-1572 
374 
ethane/propane ; yio = 0.79 ; rectangular duct ; aspect ratio = 2 
case g(z) Ayi Axi X Ng dyjg dTgi dTgw dT* yu - Vlg 
2 = 0 z = L 
1573 
1605 
1637 
1880 
1912 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 0 6 4 7 0 . 2 5 2 2 0 .2040 3 .95 
0 . 0 6 6 1 0 .2583 0 .2038 3 . 9 1 
0 .0685 0 .2680 0 .2035 3 .82 
0 .0709 0 .2780 0 .2032 3 .74 
0 .0723 0 . 2 8 4 2 0 .2029 3 .70 
0 . 0 1 6 4 1 .78 1 .82 0 .32 
0 .0169 1 . 8 1 1.86 0 .36 
0 .0179 1 .86 1.90 0 .47 
0 .0190 1 .92 1 .97 0 .58 
0 .0195 1 .96 2 . 0 1 0 .62 
0 . 0 3 2 2 0 .0048 
0 .0283 0 .0098 
0 .0218 0 .0142 
0 .0150 0 .0184 
0 . 0 1 0 7 0 .0224 
v a r i a t i o n % 11.9 12.7 0.5 6 .8 
1589 
1 6 2 1 
1799 
1896 
1928 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 3 5 1 0 .1858 0 . 4 2 1 1 4 .58 
0 .1383 0 .1907 0 .4204 4 .48 
0 . 1 4 8 7 0 . 2 0 7 1 0 .4179 4 .24 
0 . 1 5 6 7 0 .2200 0 .4160 4 .02 
0 . 1 5 9 1 0 .2239 0 .4154 3 .95 
0 .0295 3 .79 3 . 9 1 0 .54 
0 .0309 3 .90 4 .03 0 .64 
0 . 0 3 5 1 4 . 3 1 4 .44 0 .85 
0 .0390 4 .77 4 .89 1 .00 
0 .0403 4 .92 5 .04 1 .07 
0 .0716 0 .0069 
0 .0689 0 . 0 1 2 7 
0 .0597 0 . 0 1 5 7 
0 . 0 5 2 2 0 .0173 
0 .0499 0 . 0 1 9 2 
v a r i a t i o n % 17.7 20.5 1.4 16.2 
1 5 8 1 
1613 
1691 
1888 
1920 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0566 0 .2165 0 .2073 1 .93 
0 . 0 5 8 2 0 . 2 2 3 1 0 .2070 1 .90 
0 . 0 6 2 2 0 .2396 0 .2062 1 .86 
0 . 0 6 6 2 0 .2559 0 .2054 1 .82 
0 .0678 0 .2627 0 . 2 0 5 1 1 .80 
0 .0294 3 . 0 1 3 .13 0 .57 
0 .0306 3 .10 3 . 2 1 0 . 6 1 
0 .0335 3 .28 3 .40 0 .72 
0 .0365 3 .52 3 .64 0 .83 
0 . 0 3 7 7 3 .63 3 .75 0 . 8 7 
0 .0543 0 .0097 
0 .0503 0 . 0 1 9 1 
0 .0403 0 . 0 2 7 1 
0 .0298 0 .0340 
0 .0254 0 .0404 
v a r i a t i o n % 19 .7 21 .3 1 .1 7 .0 
1597 
1629 
1853 
1904 
1936 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1045 0 .1380 0 .4310 2 .19 
0 .1076 0 .1424 0 .4304 2 .14 
0 .1170 0 . 1 5 6 2 0 .4283 2 . 0 1 
0 . 1 2 2 4 0 . 1 6 4 1 0 . 4 2 7 2 1 .91 
0 .1238 0 .1663 0 .4269 1 .87 
0 .0476 5 .60 5 . 9 1 1.00 
0 .0503 5 .77 6 .08 1.10 
0 . 0 5 8 1 6 .49 6 .80 1 .31 
0 . 0 6 4 2 7.13 7 .44 1.44 
0 . 0 6 6 2 7 .33 7 .64 1 .49 
0 .0959 0 .0158 
0 .0938 0 .0280 
0 .0870 0 .0348 
0 .0830 0 .0393 
0 .0819 0 .0433 
v a r i a t i o n % 18.5 20 .5 1.0 17.3 
1577 
1609 
1655 
1884 
1916 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 0 7 1 1 0 . 2 8 2 1 0 .2013 12.03 
0 .0718 0 .2850 0 . 2 0 1 2 11.90 
0 .0726 0 .2885 0 . 2 0 1 2 11.64 
0 .0735 0 .2920 0 . 2 0 1 1 11 .40 
0 . 0 7 4 2 0 .2949 0 . 2 0 1 1 11 .29 
0 .0059 0 .67 0 .69 0 .07 
0 .0060 0 .68 0 .69 0 . 1 1 
0 . 0 0 6 2 0 .68 0 .70 0 .16 
0 .0064 0 .69 0 . 7 1 0 .22 
0 .0066 0 .70 0 . 7 1 0 .25 
0 . 0 1 2 2 0 .0016 
0 . 0 1 0 1 0 .0033 
0 .0076 0 .0049 
0 . 0 0 5 1 0 .0065 
0 .0030 0 . 0 0 8 1 
v a r i a t i o n % 4 . 4 4 .6 0 .1 6.5 
1593 
1625 
1817 
1900 
1932 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1713 0 .2474 0 . 4 0 9 1 13.96 
0 .1745 0 .2530 0 . 4 0 8 2 13.65 
0 .1809 0 .2642 0 .4064 12.99 
0 . 1 8 7 1 0 .2754 0 .4046 12 .40 
0 .1903 0 . 2 8 1 2 0 .4036 12 .17 
0 .0123 1 .73 1.77 0 .10 
0 .0128 1 .79 1.83 0 .15 
0 .0139 1 .89 1.93 0 . 2 1 
0 . 0 1 5 1 2 .03 2 .07 0 .25 
0 .0156 2 . 1 1 2 .15 0 .27 
0 .0353 0 .0016 
0 .0317 0 .0029 
0 .0244 0 .0036 
0 .0168 0 . 0 0 3 7 
0 .0127 0 .0039 
v a r i a t i o n % 11 .1 13.7 1.4 14.7 
1585 
1617 
1709 
1892 
1924 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0677 0 .2665 0 .2027 5 .97 
0 .0689 0 .2714 0 .2025 5 . 9 1 
0 .0706 0 . 2 7 8 1 0 .2024 5 .78 
0 . 0 7 2 2 0 .2850 0 . 2 0 2 2 5 .65 
0 . 0 7 3 4 0 .2900 0 . 2 0 2 1 5 .60 
0 .0113 1 .26 1.30 0 .19 
0 .0117 1 .28 1.32 0 .23 
0 .0122 1 .30 1 .34 0 .33 
0 .0128 1.32 1.36 0 .42 
0 . 0 1 3 1 1.35 1.39 0 .46 
0 .0228 0 . 0 0 3 2 
0 .0195 0 .0066 
0 .0149 0 , 0 0 9 7 
0 . 0 1 0 1 0 .0126 
0 .0065 0 .0155 
v a r i a t i o n % 8 .4 8.8 0 .3 6 .7 
1 6 0 1 
1633 
1 8 7 1 
1908 
1940 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1504 0 .2113 0 .4159 6 .94 
0 .1538 0 .2166 0 . 4 1 5 2 6 .79 
0 . 1 6 3 2 0 .2322 0 .4128 6 .43 
0 . 1 7 1 4 0 . 2 4 6 1 0 .4106 6 .12 
0 .1743 0 .2510 0 .4099 6 .00 
0 . 0 2 1 7 2 .90 3 .00 0 .30 
0 .0226 3 .00 3 .10 0 .39 
0 .0254 3 .26 3 .37 0 .54 
0 .0280 3 .60 3 .70 0 .66 
0 .0290 3 .73 3 .83 0 .72 
0 .0573 0 . 0 0 4 1 
0 . 0 5 4 2 0 ,0076 
0 .0448 0 ,0093 
0 . 0 3 6 2 0 .0099 
0 .0330 0 .0109 
v a r i a t i o n % 15.9 18.8 1.5 15.7 
Ayi = yiL - yio 
dTgi =Tg-Tj 
Axi = j/io - iio 
dTgw = Tg T-u, 
dyig = yu - yig = Ayi/iVj 
a t z = Z/ dT; = T< 
Units: dT^j, dTgw, dT* [K] 
Table E.54: Effect of heat flux profile on dephlegmators 1573-1943 
375 
ethane/propane ; yio = 0.79 ; rectangular duct ; aspect ratio = 8 
case 9(z) Ayi Axi X Ng <iyig 'iTgi dTg^ dTg yii - yig 
z = 0 z = L 
1575 
1607 
1643 
1882 
1914 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0716 0 .2846 0 . 2 0 1 1 14 .28 
0 .0723 0 . 2 8 7 2 0 .2010 14.13 
0 .0730 0 . 2 9 0 1 0 .2010 13.83 
0 . 0 7 3 7 0 . 2 9 3 1 0 .2010 13 .54 
0 .0743 0 .2956 0 .2009 1 3 . 4 1 
0 .0050 0 .57 0 .64 0 .06 
0 . 0 0 5 1 0 .58 0 .65 0 .09 
0 .0053 0 .58 0 .65 0 .14 
0 .0054 0 .59 0 .65 0 .18 
0 .0055 0 .59 0 .66 0 . 2 1 
0 .0104 0 .0014 
0 .0085 0 .0028 
0 .0065 0 . 0 0 4 2 
0 .0043 0 .0055 
0 .0025 0 .0068 
v a r i a t i o n % 3.8 3.9 0 . 1 6.5 
1 5 9 1 
1623 
1805 
1898 
1930 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 .1753 0 .2545 0 .4078 16.56 
0 .1784 0 .2600 0 .4069 16 .19 
0 .1839 0 .2698 0 .4054 15 .42 
0 .1893 0 .2796 0 .4037 14 .74 
0 .1924 0 .2853 0 .4028 14 .47 
0 .0106 1 .51 1 .68 0 .07 
0 ,0110 1.56 1 .73 0 . 1 1 
0 .0119 1.63 1 .81 0 .16 
0 .0128 1.74 1 .91 0 .19 
0 .0133 1 .80 1.98 0 . 2 1 
0 .0307 0 . 0 0 1 2 
0 . 0 2 7 2 0 .0023 
0 .0206 0 .0028 
0 .0139 0 .0029 
0 .0099 0 . 0 0 3 1 
v a r i a t i o n % 9.8 12 .1 1.2 14.5 
1583 
1615 
1697 
1890 
1922 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0688 0 . 2 7 1 2 0 .2022 7 .10 
0 .0698 0 .2756 0 . 2 0 2 1 7 .02 
0 . 0 7 1 2 0 .2813 0 .2020 6 .87 
0 .0726 0 . 2 8 7 2 0 .2019 6 .72 
0 .0737 0 .2916 0 .2018 6 .66 
0 .0097 1.09 1 .26 0 .15 
0 .0099 1.10 1.28 0 .19 
0 .0104 1.11 1 .29 0 .28 
0 .0108 1.13 1 . 3 1 0 .36 
0 . 0 1 1 1 1.15 1 .32 0 .40 
0 .0196 0 .0027 
0 .0166 0 .0056 
0 . 0 1 2 7 0 . 0 0 8 2 
0 .0086 0 . 0 1 0 7 
0 .0054 0 .0133 
v a r i a t i o n % 7.2 7.5 0 .2 6 .6 
1599 
1 6 3 1 
1859 
1906 
1938 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 5 6 2 0 . 2 2 1 1 0 .4140 8 .26 
0 .1596 0 .2266 0 .4132 8 .07 
0 .1684 0 .2414 0 .4109 7 .66 
0 .1764 0 . 2 5 5 2 0 . 4 0 8 7 7.28 
0 .1794 0 .2604 0 .4079 7.15 
0 .0189 2 .57 3 . 0 2 0 .23 
0 .0198 2 .66 3 . 1 1 0 . 3 1 
0 .0220 2 .88 3 .32 0 .44 
0 . 0 2 4 2 3 .16 3 . 6 1 0 .53 
0 . 0 2 5 1 3 .28 3 .72 0 .58 
0 .0515 0 .0033 
0 .0482 0 . 0 0 6 1 
0 . 0 3 9 1 0 . 0 0 7 4 
0 .0303 0 .0078 
0 .0269 0 .0085 
v a r i a t i o n % 14.9 17.8 1.5 15.5 
1579 
1 6 1 1 
1 6 6 1 
1886 
1918 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 0 7 3 7 0 . 2 9 4 1 0 .2003 43 .00 
0 .0739 0 .2950 0 .2003 4 2 . 5 4 
0 . 0 7 4 2 0 .2960 0 .2003 41 .64 
0 . 0 7 4 4 0 .2970 0 .2003 40 .80 
0 .0746 0 .2980 0 .2003 40 .40 
0 .0017 0 .20 0 .22 0 .02 
0 .0017 0 ,20 0 .22 0 .03 
0 .0018 0 ,20 0 ,22 0 .04 
0 .0018 0 .20 0 .22 0 .06 
0 .0018 0 .20 0 .22 0 .07 
0 .0036 0 .0005 
0 .0029 0 .0009 
0 .0022 0 . 0 0 1 4 
0 .0015 0 .0019 
0 .0008 0 .0023 
v a r i a t i o n % 1.3 1.3 0 .0 6 .4 
1595 
1627 
1823 
1902 
1934 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 9 1 2 0 .2837 0 .4026 49 .65 
0 .1927 0 .2864 0 . 4 0 2 2 4 8 . 6 1 
0 .1944 0 . 2 8 9 7 0 . 4 0 1 7 4 6 . 5 1 
0 . 1 9 6 1 0 .2928 0 . 4 0 1 1 4 4 . 7 1 
0 .1976 0 .2955 0 . 4 0 0 7 4 3 . 9 5 
0 .0039 0 .57 0 .63 0 . 0 1 
0 .0040 0 .58 0 .64 0 .02 
0 . 0 0 4 2 0 .59 0 .65 0 .03 
0 .0044 0 .60 0 .66 0 .04 
0 .0045 0 . 6 1 0 .67 0 .05 
0 .0110 0 .0003 
0 . 0 0 9 1 0 .0005 
0 .0068 0 . 0 0 0 7 
0 .0045 0 .0008 
0 ,0025 0 ,0009 
v a r i a t i o n % 3.3 4 .2 0.5 13.0 
1587 
1619 
1715 
1894 
1926 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i n c r e a s e 
0 .0726 0 .2893 0 .2007 21 .46 
0 . 0 7 3 1 0 . 2 9 1 1 0 . 2 0 0 7 21 .23 
0 .0736 0 . 2 9 3 1 0 .2007 20 .78 
0 . 0 7 4 1 0 .2950 0 .2006 20 .36 
0 .0745 0 .2968 0 . 2 0 0 6 2 0 . 1 6 
0 .0034 0 .39 0 .45 0 .04 
0 .0034 0 .39 0 .45 0 .06 
0 .0035 0 .39 0 .45 0 .09 
0 .0036 0 .39 0 .45 0 .12 
0 . 0 0 3 7 0 .40 0 .46 0 .15 
0 ,0070 0 .0009 
0 .0057 0 .0019 
0 .0043 0 .0028 
0 .0029 0 . 0 0 3 7 
0 .0016 0 .0046 
v a r i a t i o n % 2.5 2 .6 0 . 1 6.5 
1603 
1635 
1877 
1910 
1942 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1830 0 .2685 0 .4053 24 .84 
0 .1856 0 . 2 7 3 2 0 .4046 24 .29 
0 .1893 0 .2799 0 .4035 23 .19 
0 .1929 0 .2864 0 .4024 22 .23 
0 .1954 0 . 2 9 1 1 0 .4016 21 .83 
0 .0074 1 .07 1 .22 0 .04 
0 .0076 1.10 1.25 0 .06 
0 .0082 1.13 1.28 0 .09 
0 .0087 1.18 1 .33 0 . 1 1 
0 .0089 1.22 1 .36 0 .12 
0 . 0 2 1 4 0 . 0 0 0 7 
0 .0183 0 .0013 
0 . 0 1 3 7 0 .0016 
0 . 0 0 9 1 0 .0018 
0 .0057 0 .0019 
v a r i a t i o n % 6.8 8 .4 0 .9 13.8 
A3/1 = ViL - yio Axi = yio - no 
dTgi =Tg - T j 
dyig = 3/1/ - yig = A y i / i V g 
dT^ =Tg-T* at z = L 
Units: dTgi, dTgw, dT* [ K ] 
Table E.55: Effect of heat flux profile on dephlegmators 1573-1943 
376 
ethane/propane ; yio = 0.79 ; round tube 
case 9(z) Ayi A x i X Ng dysg dTgi dTgyj dT* yii - yig 
2 = 0 z = L 
1944 
1960 
1976 
2 0 5 7 
2073 
l i n e a r dec rease 
s t e p decrecise 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 . 0 6 1 7 0 . 2 3 8 7 0 .2053 2 .90 
0 . 0 6 3 2 0 . 2 4 5 2 0 .2050 2 . 8 7 
0 .0663 0 . 2 5 7 7 0 .2045 2 .80 
0 . 0 6 9 4 0 .2706 0 . 2 0 4 1 2 . 7 4 
0 .0709 0 .2773 0 .2038 2 .72 
0 . 0 2 1 2 2 .25 2 .42 0 .43 
0 .0220 2 . 3 1 2 .47 0 .47 
0 .0236 2 .39 2 .55 0 .59 
0 .0253 2 . 5 1 2 .67 0 .70 
0 . 0 2 6 1 2 .58 2 .74 0 .74 
0 .0408 0 .0065 
0 . 0 3 6 7 0 . 0 1 3 1 
0 .0286 0 .0189 
0 . 0 2 0 1 0 . 0 2 4 1 
0 .0155 0 . 0 2 9 1 
v a r i a t i o n % 1 5 . 1 16.2 0.8 6 .9 
1952 
1968 
2 0 3 0 
2 0 6 5 
2 0 8 1 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 .1225 0 .1656 0 .4252 3 .35 
0 .1256 0 .1702 0 .4246 3 .27 
0 . 1 3 6 1 0 . 1 8 6 2 0 . 4 2 2 2 3 .09 
0 . 1 4 3 2 0 . 1 9 7 2 0 .4206 2 .93 
0 . 1 4 5 2 0 .2004 0 .4202 2 .87 
0 .0366 4 .53 4 .95 0 .75 
0 . 0 3 8 4 4 .66 5 .08 0 .86 
0 .0440 5 .20 5 .62 1.08 
0 .0489 5 .74 6 .16 1 .24 
0 .0505 5 .92 6 .34 1.30 
0 . 0 8 2 2 0 .0099 
0 .0798 0 . 0 1 8 1 
0 .0714 0 .0225 
0 .0653 0 . 0 2 5 2 
0 .0635 0 .0280 
v a r i a t i o n % 18.5 21 .0 1.2 16.6 
1948 
1964 
1994 
2 0 6 1 
2 0 7 7 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 .0519 0 .1964 0 . 2 0 9 1 1.40 
0 .0535 0 . 2 0 2 7 0 .2087 1 .38 
0 .0581 0 .2216 0 .2077 1.35 
0 . 0 6 2 4 0 .2393 0 .2068 1 .32 
0 . 0 6 3 9 0 . 2 4 5 7 0 .2064 1 .31 
0 . 0 3 7 1 3 .70 4 .12 0 .64 
0 .0386 3 . 8 1 4 .22 0 .68 
0 .0430 4 .12 4 .53 0 .79 
0 .0473 4 .50 4 .92 0 .89 
0 .0489 4 .65 5 . 0 7 0 .92 
0 . 0 6 5 7 0 . 0 1 3 1 
0 . 0 6 2 2 0 .0254 
0 .0512 0 .0354 
0 .0404 0 .0436 
0 .0364 0 .0510 
v a r i a t i o n % 2 3 . 1 2 5 . 1 1.3 7 .1 
1956 
1972 
2048 
2069 
2085 
l i n e a r decrease 
s t e p dec rease 
u n i f o r m 
s t e p i n c r e a s e 
l i n e a r i nc rease 
0 .0900 0 .1168 0 .4353 1 .57 
0 . 0 9 3 1 0 . 1 2 1 1 0 .4347 1 .53 
0 .1010 0 .1322 0 .4330 1.43 
0 . 1 0 4 7 0 .1375 0 . 4 3 2 2 1.35 
0 .1056 0 .1389 0 . 4 3 2 1 1 .33 
0 .0574 6 .48 7 .52 1 . 1 1 
0 .0609 6 .70 7 .74 1 . 2 1 
0 .0704 7 .55 8 .59 1.38 
0 .0773 8 .24 9 .27 1 .49 
0 .0796 8 .46 9 .49 1.52 
0 .1059 0 .0220 
0 .1039 0 . 0 3 8 1 
0 .0987 0 .0469 
0 . 0 9 6 2 0 .0530 
0 .0955 0 .0578 
v a r i a t i o n % 17.4 18.9 0.8 18 .1 
1946 
1962 
1982 
2059 
2075 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0699 0 .2765 0 .2018 8 .90 
0 .0708 0 . 2 8 0 2 0 .2016 8 .80 
0 .0719 0 .2848 0 .2016 8 . 6 1 
0 . 0 7 3 1 0 .2895 0 .2015 8 .43 
0 .0740 0 .2933 0 .2014 8 .35 
0 .0079 0 .89 0 .94 0 . 1 1 
0 .0080 0 .90 0 .95 0 .15 
0 . 0 0 8 4 0 . 9 1 0 .96 0 .22 
0 .0087 0 .92 0 .97 0 .29 
0 .0089 0 .93 0 .98 0 .33 
0 .0160 0 . 0 0 2 2 
0 .0135 0 .0045 
0 . 0 1 0 2 0 .0066 
0 .0069 0 . 0 0 8 7 
0 . 0 0 4 2 0 .0107 
v a r i a t i o n % 5.9 6 . 1 0 .2 6.6 
1954 
1970 
2 0 3 6 
2 0 6 7 
2083 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 . 1 6 3 1 0 . 2 3 3 1 0 . 4 1 1 7 10 .34 
0 .1665 0 . 2 3 8 7 0 .4109 10 .11 
0 .1743 0 .2522 0 .4088 9 .60 
0 .1818 0 .2653 0 . 4 0 6 7 9 .14 
0 . 1 8 5 0 0 .2709 0 .4058 8 . 9 7 
0 .0158 2 .18 2 .32 0 .16 
0 .0165 2 .26 2 .40 0 .23 
0 . 0 1 8 2 2 .42 2 .56 0 .32 
0 .0199 2 .64 2 .78 0 .39 
0 .0206 2 .74 2 .88 0 .43 
0 .0443 0 .0024 
0 .0408 0 .0045 
0 .0323 0 .0054 
0 .0237 0 .0057 
0 .0198 0 . 0 0 6 1 
v a r i a t i o n % 13 .4 16.2 1.5 15.2 
1950 
1966 
2000 
2063 
2 0 7 9 
l i n e a r dec rease 
s t e p decrease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .0656 0 .2564 0 .2036 4 .40 
0 .0669 0 .2622 0 .2034 4 .35 
0 . 0 6 9 1 0 .2710 0 . 2 0 3 2 4 .26 
0 .0713 0 . 2 8 0 1 0 .2029 4 .16 
0 . 0 7 2 7 0 .2860 0 .2027 4 .13 
0 .0149 1 .63 1 .77 0 .28 
0 .0154 1.66 1.80 0 .33 
0 . 0 1 6 2 1.69 1 .83 0 .43 
0 . 0 1 7 1 1.74 1.88 0 .54 
0 .0176 1.78 1.92 0 .58 
0 .0295 0 .0043 
0 .0257 0 .0088 
0 .0198 0 .0129 
0 . 0 1 3 5 0 . 0 1 6 7 
0 .0094 0 . 0 2 0 4 
v a r i a t i o n % 10.9 11.5 0.5 6 .8 
1958 
1974 
2 0 5 4 
2 0 7 1 
2 0 8 7 
l i n e a r dec rease 
s t e p dec rease 
u n i f o r m 
s t e p i nc rease 
l i n e a r i nc rease 
0 .1394 0 .1927 0 .4196 5 . 1 1 
0 .1426 0 .1977 0 .4190 5 .00 
0 .1528 0 . 2 1 4 1 0 .4165 4 . 7 3 
0 .1609 0 .2274 0 .4145 4 .49 
0 .1635 0 .2315 0 ,4139 4 . 4 1 
0 .0273 3 .54 3 .89 0 .47 
0 .0285 3 .65 4 .00 0 .57 
0 .0323 4 .02 4 .37 0 .76 
0 .0358 4 .45 4 .79 0 . 9 1 
0 . 0 3 7 1 4 .59 4 .94 0 .98 
0 .0678 0 .0060 
0 .0650 0 . 0 1 1 2 
0 .0556 0 .0138 
0 .0478 0 .0150 
0 . 0 4 5 2 0 .0167 
v a r i a t i o n % 17.3 2 0 . 1 1.4 16.0 
Ayi = yiL - yio All = yio - 210 dyig = yii - yig = Ayi/Ng 
dTgi =Tg -Ti dTa-, dT; = Tg - r ; a t 2 = L 
Units; dTj/, dTjm, [K] 
Table E.56; Effect of heat flux profile on dephlegmators 1944-2088 
377 
nitrogen/oxygen ; p = 1.5 bar ; uniform heat flux 
case L Fgo Qt Ayi Axi X Ng dyjg dTgi dTgw dTg yii - yig 
z = 0 z = L 
89 
152 
0.2 0.4020 0.50 
0.4 0.8040 1.00 
0.0641 0.2532 0.2019 4.85 
0.0641 0.2532 0.2019 4.85 
0.0132 0.36 0.37 0.16 
0.0132 0.36 0.37 0.16 
0.0166 0.0101 
0.0166 0.0101 
125 
161 
0.4 0.5360 0.66 
0.6 0.8040 1.00 
0.0660 0.2617 0.2013 7.32 
0.0660 0.2617 0.2013 7.32 
0.0090 0.26 0.26 0.11 
0.0090 0.26 0.26 0.11 
0.0114 0.0068 
0.0114 0.0068 
170 
233 
0.2 0.4020 0.75 
0.4 0.8040 1.50 
0.1016 0.2322 0.3044 5.10 
0.1016 0.2322 0.3044 5.10 
0.0199 0.57 0.59 0.23 
0.0199 0.57 0.59 0.23 
0.0292 0.0121 
0.0292 0.0121 
206 
242 
0.4 0.5360 1.00 
0.6 0.8040 1.50 
0.1072 0.2466 0.3030 7.73 
0.1072 0.2466 0.3030 7.73 
0.0139 0.42 0.43 0.15 
0.0139 0.42 0.43 0.15 
0.0206 0.0081 
0.0206 0.0081 
251 
314 
0.2 0.4020 1.00 
0.4 0.8040 2.00 
0.1395 0.2016 0.4090 5.42 
0.1395 0.2016 0.4090 5.42 
0.0257 0.81 0.82 0.28 
0.0257 0.81 0.83 0.28 
0.0464 0.0112 
0.0464 0.0112 
287 
323 
0.4 0.5360 1.33 
0.6 0.8040 2.00 
0.1518 0.2216 0.4066 8.22 
0.1518 0.2216 0.4066 8.22 
0.0185 0.61 0.63 0.17 
0.0185 0.61 0.63 0.17 
0.0352 0.0068 
0.0352 0.0068 
92 
155 
0.2 0.4020 0.50 
0.4 0.8040 1.00 
0.0666 0.2647 0.2011 8.84 
0.0666 0.2647 0.2011 8.84 
0.0075 0.22 0.23 0.09 
0.0075 0.22 0.23 0.09 
0.0095 0.0057 
0.0095 0.0057 
128 
164 
0.4 0.5360 0.66 
0.6 0.8040 1.00 
0.0677 0.2696 0.2007 13.30 
0.0677 0.2696 0.2007 13.30 
0.0051 0.15 0.16 0.06 
0.0051 0.15 0.16 0.06 
0.0065 0.0038 
0.0065 0.0038 
173 
236 
0.2 0.4020 0.75 
0.4 0.8040 1.50 
0.1092 0.2519 0.3025 9.34 
0.1092 0.2519 0.3025 9.34 
0.0117 0.36 0.38 0.13 
0.0117 0.36 0.38 0.13 
0.0174 0.0067 
0.0174 0.0067 
209 
245 
0.4 0.5360 1.00 
0.6 0.8040 1.50 
0.1127 0.2608 0.3017 14.08 
0.1127 0.2608 0.3017 14.08 
0.0080 0.25 0.27 0.08 
0.0080 0.25 0.27 0.08 
0.0119 0.0045 
0.0119 0.0045 
254 
317 
0.2 0.4020 1.00 
0.4 0.8040 2.00 
0.1567 0.2297 0.4056 9.94 
0.1567 0.2297 0.4056 9.94 
0.0158 0.54 0.56 0.13 
0.0158 0.54 0.57 0.13 
0.0306 0.0054 
0.0306 0.0054 
290 
326 
0.4 0.5360 1.33 
0.6 0.8040 2.00 
0.1656 0.2445 0.4039 14.99 
0.1656 0.2445 0.4039 14.99 
0.0111 0.39 0.41 0.07 
0.0111 0.39 0.41 0.07 
0.0218 0.0032 
0.0218 0.0032 
95 
158 
0.2 0.4020 0.50 
0.4 0.8040 1.00 
0.0682 0.2720 0.2005 17.48 
0.0682 0.2720 0.2005 17.48 
0.0039 0.12 0.13 0.04 
0.0039 0.12 0.13 0.04 
0.0050 0.0029 
0.0050 0.0029 
131 
167 
0.4 0.5360 0.66 
0.6 0.8040 1.00 
0.0688 0.2745 0.2004 26.26 
0.0688 0.2745 0.2004 26.26 
0.0026 0.08 0.09 0.03 
0.0026 0.08 0.09 0.03 
0.0033 0.0020 
0.0033 0.0020 
176 
239 
0.2 0.4020 0.75 
0.4 0.8040 1.50 
0.1143 0.2652 0.3013 18.51 
0.1143 0.2652 0.3013 18.51 
0.0062 0.20 0.22 0.06 
0.0062 0.20 0.22 0.06 
0.0092 0.0034 
0.0092 0.0034 
212 
248 
0.4 0.5360 1.00 
0.6 0.8040 1.50 
0.1162 0.2699 0.3008 27.82 
0.1162 0.2699 0.3008 27.82 
0.0042 0.14 0.15 0.04 
0.0042 0.14 0.15 0.04 
0.0062 0.0023 
0.0062 0.0023 
257 
320 
0.2 0.4020 1.00 
0.4 0.8040 2.00 
0.1704 0.2524 0.4030 19.70 
0.1704 0.2524 0.4030 19.70 
0.0086 0.31 0.34 0.05 
0.0086 0.31 0.34 0.05 
0.0171 0.0022 
0.0171 0.0022 
293 
329 
0.4 0.5360 1.33 
0.6 0.8040 2.00 
0.1757 0.2614 0.4020 29.61 
0.1757 0.2614 0.4020 29.61 
0.0059 0.21 0.24 0.03 
0.0059 0.21 0.24 0.03 
0.0115 0.0014 
0.0115 0.0014 
428 
449 
0.2 0.4020 0.50 
0.4 0.8040 1.00 
0.0621 0.2446 0.2025 3.57 
0.0621 0.2446 0.2025 3.57 
0.0174 0.45 0.48 0.20 
0.0174 0.45 0.48 0.20 
0.0217 0.0134 
0.0217 0.0134 
440 
452 
0.4 0.5360 0.66 
0.6 0.8040 1.00 
0.0646 0.2557 0.2017 5.40 
0.0646 0.2557 0.2017 5.40 
0.0120 0.33 0.35 0.14 
0.0120 0.33 0.35 0.14 
0.0150 0.0091 
0.0150 0.0091 
455 
476 
0.2 0.4020 0.75 
0.4 0.8040 1.50 
0.0962 0.2186 0.3056 3.74 
0.0962 0.2186 0.3056 3.74 
0.0257 0.71 0.75 0.29 
0.0257 0.71 0.76 0.29 
0.0369 0.0163 
0.0369 0.0163 
467 
479 
0.4 0.5360 1.00 
0.6 0.8040 1.50 
0.1032 0.2364 0.3040 5.69 
0.1032 0.2364 0.3040 5.69 
0.0181 0.53 0.56 0.21 
0.0181 0.53 0.57 0.21 
0.0267 0.0109 
0.0267 0.0109 
482 
503 
0.2 0.4020 1.00 
0.4 0.8040 2.00 
0.1290 0.1848 0.4111 3.97 
0.1290 0.1848 0.4111 3.97 
0.0325 0.96 1.03 0.37 
0.0325 0.96 1.04 0.37 
0.0555 0.0159 
0.0555 0.0159 
494 
506 
0.4 0.5360 1.33 
0.6 0.8040 2.00 
0.1430 0.2072 0.4083 6.05 
0.1430 0.2072 0.4083 6.05 
0.0236 0.75 0.80 0.25 
0.0236 0.75 0.81 0.25 
0.0433 0.0098 
0.0433 0.0098 
Ayi = yiL - Vio All = yio - zio 
dTgl =Tg-Tj 
dyig = yil - Vlg = ^Vl/Ng 
dT^ =Tg -T* at z = L 
U n i t s : L [ m ] Fg [10 ® k m o l / s ] Qt [ W ] dTgj, dTg^, dT* [ K ] 
Table E.57; Changing channel length, inlet flow rate and heat load in proportion 
378 
n i t r o g e n / o x y g e n ; p = 6 b a r ; u n i f o r m h e a t flux 
case L Fgo Qt A j / i A l l X Ng dyjg dTgi dTgw dT; Mil - yig 
z = 0 z = L 
605 
668 
0 .2 0 .4020 0 .43 
0 . 4 0 . 8 0 4 0 0 .86 
0 .0437 0 .1732 0 .2013 6 . 1 1 
0 . 0 4 3 7 0 . 1 7 3 2 0 .2013 6 . 1 1 
0 . 0 0 7 2 0 .22 0 .23 0 . 1 1 
0 . 0 0 7 2 0 .22 0 .23 0 . 1 1 
0 .0088 0 .0057 
0 .0088 0 . 0 0 5 7 
6 4 1 
6 7 7 
0 .4 0 .5360 0 .58 
0 .6 0 .8040 0 .86 
0 .0446 0 . 1 7 7 4 0 .2009 9 . 2 1 
0 .0446 0 .1774 0 .2009 9 . 2 1 
0 .0048 0 .16 0 .16 0 .08 
0 .0048 0 .16 0 .17 0 .08 
0 .0060 0 . 0 0 3 8 
0 .0060 0 .0038 
686 
749 
0 .2 0 .4020 0 .65 
0 .4 0 .8040 1 .30 
0 .0709 0 .1633 0 .3028 6.45 
0 .0709 0 .1633 0 .3028 6 .45 
0 .0110 0 .36 0 .37 0 .17 
0 .0110 0 .36 0 .37 0 .17 
0 .0153 0 .0075 
0 .0153 0 .0075 
7 2 2 
758 
0 .4 0 .5360 0 .86 
0.6 0 .8040 1 .30 
0 . 0 7 3 7 0 ; i 7 0 4 0 .3019 9 .75 
0 . 0 7 3 7 0 .1704 0 .3019 9.75 
0 .0076 0 .26 0 .27 0 . 1 1 
0 .0076 0 .26 0 . 2 7 0 . 1 1 
0 .0107 0 .0050 
0 .0107 0 .0050 
7 6 7 
830 
0 .2 0 .4020 0 .86 
0.4 0 ,8040 1 .73 
0 .1020 0 .1498 0 . 4 0 5 2 6 .87 
0 .1020 0 .1498 0 .4052 6 .87 
0 .0148 0 . 5 1 0 .53 0 .22 
0 .0148 0 . 5 1 0 .53 0 .22 
0 .0240 0 . 0 0 8 1 
0 .0240 0 . 0 0 8 1 
803 
839 
0 .4 0 .5360 1.15 
0.6 0 .8040 1.73 
0 .1083 0 .1600 0 .4036 1 0 . 4 1 
0 .1083 0 .1600 0 .4036 10 .41 
0 .0104 0 .38 0 .39 0 .14 
0 .0104 0 .38 0 .39 0 .14 
0 .0174 0 .0053 
0 .0174 0 .0053 
608 
6 7 1 
0 .2 0 .4020 0 .43 
0 .4 0 .8040 0 .86 
0 .0449 0 .1789 0 .2007 11 .12 
0 .0449 0 .1789 0 . 2 0 0 7 11 .12 
0 .0040 0 .14 0 .14 0 .06 
0 .0040 0 .14 0 .15 0 .06 
0 .0050 0 . 0 0 3 2 
0 .0050 0 . 0 0 3 2 
6 4 4 
680 
0 .4 0 .5360 0 .58 
0.6 0 .8040 0 .86 
0 .0455 0 .1814 0 .2005 16 .72 
0 .0455 0 . 1 8 1 4 ' 0 .2005 16 .72 
0 . 0 0 2 7 0 .09 0 .10 0 .04 
0 .0027 0 .09 0 .10 0 .04 
0 .0034 0 . 0 0 2 1 
0 . 0 0 3 4 0 . 0 0 2 1 
689 
752 
0.2 0 .4020 0.65 
0 .4 0 .8040 1.30 
0 .0747 0 .1729 0 .3016 11.78 
0 . 0 7 4 7 0 .1729 0 .3016 11.78 
0 .0063 0 .22 0 .24 0 .09 
0 .0063 0 .22 0 .24 0 .09 
0 .0090 0 . 0 0 4 2 
0 .0090 0 . 0 0 4 2 
725 
7 6 1 
0.4 0 .5360 0 .86 
0.6 0 .8040 1.30 
0 .0763 0 . 1 7 7 2 0 . 3 0 1 1 17 .75 
0 .0763 0 . 1 7 7 2 0 . 3 0 1 1 17.75 
0 .0043 0.15 0 .17 0 .06 
0 .0043 0 .15 0 .17 0 .06 
0 .0062 0 .0028 
0 . 0 0 6 2 0 .0028 
770 
833 
0 .2 0 .4020 0 .86 
0 .4 0 .8040 1 .73 
0 .1107 0 .1639 0 . 4 0 3 1 12.59 
0 .1107 0 .1639 0 . 4 0 3 1 12.59 
0 .0088 0 .32 0 .35 0 . 1 1 
0 .0088 0 .32 0 .35 0 . 1 1 
0 .0149 0 .0044 
0 .0149 0 . 0 0 4 4 
806 
8 4 2 
0 .4 0 .5360 1.15 
0.6 0 .8040 1.73 
0 .1148 0 .1707 0 . 4 0 2 1 18 .97 
0 .1148 0 .1707 0 . 4 0 2 1 18 .97 
0 . 0 0 6 1 0 .23 0 .25 0 .07 
0 . 0 0 6 1 0 .23 0 .25 0 .07 
0 .0104 0 .0029 
0 .0104 0 .0029 
6 1 1 
6 7 4 
0 .2 0 .4020 0 .43 
0.4 0 .8040 0 .86 
0 . 0 4 5 7 0 .1826 0 .2004 2 1 . 9 7 
0 .0457 0 .1826 0 .2004 21 .97 
0 . 0 0 2 1 0 .07 0 .08 0 .03 
0 . 0 0 2 1 0 .07 0 .09 0 .03 
0 .0026 0 .0016 
0 .0026 0 .0016 
6 4 7 
683 
0 .4 0 .5360 0 .58 
0.6 0 .8040 0 .86 
0 .0460 0 .1838 0 .2002 3 3 . 0 1 
0 .0460 0 .1838 0 . 2 0 0 2 3 3 . 0 1 
0 .0014 0.05 0 .06 0 .02 
0 .0014 0 .05 0 .06 0 .02 
0 . 0 0 1 7 0 . 0 0 1 1 
0 .0017 0 . 0 0 1 1 
6 9 2 
755 
0 .2 0 .4020 0 .65 
0 .4 0 .8040 1.30 
0 . 0 7 7 1 0 .1793 0 .3008 23 .33 
0 . 0 7 7 1 0 .1793 0 .3008 23 .33 
0 .0033 0 .12 0 .14 0 .04 
0 .0033 0 .12 0 .14 0 .04 
0 .0048 0 . 0 0 2 1 
0 .0048 0 . 0 0 2 1 
728 
7 6 4 
0.4 0 .5360 0 .86 
0.6 0 .8040 1.30 
0 .0780 0 .1816 0 .3005 3 5 . 0 7 
0 .0780 0 .1816 0 .3005 3 5 . 0 7 
0 . 0 0 2 2 0 .08 0 .09 0 .03 
0 . 0 0 2 2 0 .08 0 .10 0 .03 
0 . 0 0 3 2 0 . 0 0 1 4 
0 . 0 0 3 2 0 . 0 0 1 4 
773 
836 
0.2 0 .4020 0 .86 
0 .4 0 .8040 1.73 
0 .1169 0 . 1 7 4 2 0 .4016 24 .95 
0 .1169 0 . 1 7 4 2 0 .4016 24 .95 
0 . 0 0 4 7 0 .18 0 . 2 1 0 .05 
0 . 0 0 4 7 0 .18 0 . 2 1 0 .05 
0 . 0 0 8 1 0 . 0 0 2 2 
0 . 0 0 8 1 0 . 0 0 2 2 
609 
845 
0.4 0 .5360 1.15 
0.6 0 .8040 1 .73 
0 .1193 0 . 1 7 8 1 0 . 4 0 1 1 3 7 . 5 1 
0 .1193 0 . 1 7 8 1 0 . 4 0 1 1 3 7 . 5 1 
0 . 0 0 3 2 0 .12 0 .14 0 .03 
0 . 0 0 3 2 0 .12 0 .15 0 .03 
0 .0056 0 . 0 0 1 5 
0 .0056 0 .0015 
9 4 4 
965 
0 .2 0 .4020 0 .43 
0 .4 0 .8040 0 .86 
0 . 0 4 2 7 0 .1689 0 . 2 0 1 7 4 .50 
0 . 0 4 2 7 0 .1689 0 .2017 4 .50 
0 .0095 0 .28 0 . 3 1 0 .14 
0 .0095 0 .28 0 . 3 1 0 .14 
0 .0116 0 .0076 
0 .0116 0 .0076 
956 
968 
0.4 0 .5360 0 .58 
0.6 0 .8040 0 .86 
0 .0439 0 .1745 0 . 2 0 1 2 6 .80 
0 .0439 0 .1745 0 .2012 6 .80 
0 .0065 0 .20 0 .22 0 .10 
0 .0065 0 .20 0 .23 0 .10 
0 . 0 0 8 0 0 . 0 0 5 1 
0 .0080 0 . 0 0 5 1 
9 7 1 
992 
0 .2 0 .4020 0.65 
0 .4 0 .8040 1.30 
0 . 0 6 8 2 0 .1564 0 .3036 4 .74 
0 . 0 6 8 2 0 .1564 0 .3036 4 .74 
0 .0144 0 .45 0 .49 0 .22 
0 .0144 0.45 0 .50 0 .22 
0 .0197 0 .0100 
0 .0197 0 .0100 
983 
995 
0.4 0 .5360 0 .86 
0.6 0 .8040 1.30 
0 . 0 7 1 7 0 .1654 0 .3025 7 .19 
0 .0717 0 .1654 0 .3025 7 .19 
0 .0100 0 .33 0 .36 0 .15 
0 .0100 0 .33 0 .37 0 .15 
0 .0140 0 . 0 0 6 7 
0 .0140 0 . 0 0 6 7 
998 
1019 
0 .2 0 .4020 0 .86 
0 .4 0 .8040 1.73 
0 . 0 9 6 2 0 .1405 0 .4065 5 .04 
0 . 0 9 6 2 0 .1405 0 .4065 5 .04 
0 . 0 1 9 1 0 .63 0 .69 0 .29 
0 . 0 1 9 1 0 .63 0 . 7 1 0 .29 
0 .0299 0 .0110 
0 .0299 0 .0110 
1010 
1022 
0 .4 0 .5360 1.15 
0.6 0 .8040 1.73 
0 .1038 0 .1527 0 .4047 7 .66 
0 .1038 0 . 1 5 2 7 0 .4047 7 .66 
0 .0135 0 .47 0 .52 0 .19 
0 .0135 0 .47 0 .53 0 .19 
0 . 0 2 2 2 0 .0073 
0 .0222 0 .0073 
3^/1 = DlL - 2/10 All = yio - iio 
dTgi =Tg~Ti 
dyig = yii ~ yig = Ayi/Ng 
dT; =Tg-T; sXz = L 
U n i t s : L [ m ] Fg [10 ® k m o l / s ] Qt [ W ] dTgj, dTgw, dT; [ K ] 
Table E.58: Changing channel length, inlet flow rate and heat load in proportion 
379 
ethane/propane ; yio = 0.7 ; uniform heat flux 
case L Fgo Qt Ayi A l l X JVg dyjg ^'^gi dTg.li, ^^g yu - yig 
z = 0 z = L 
1121 
1184 
0.2 0.4020 1.23 
0.4 0.8040 2.46 
0.0741 0.2919 0.2025 3.89 
0.0741 0.2919 0.2025 3.89 
0.0191 1.69 1.74 0.49 
0.0191 1.69 1.75 0.49 
0.0216 0.0166 
0.0216 0.0166 
1157 
1193 
0.4 0.5360 1.64 
0.6 0.8040 2.46 
0.0756 0.2993 0.2017 5.88 
0.0756 0.2993 0.2017 5.88 
0.0129 1.17 1.21 0.34 
0.0129 1.17 1.21 0.34 
0.0146 0.0112 
0.0146 0.0112 
1202 
1265 
0.2 0.4020 1.85 
0.4 0.8040 3.70 
0.1209 0.2759 0.3046 4.07 
0.1209 0.2759 0.3046 4.07 
0.0297 2.78 2.87 0.76 
0.0297 2.78 2.89 0.76 
0.0361 0.0228 
0.0361 0.0228 
1238 
1274 
0.4 0.5360 2.47 
0.6 0.8040 3.70 
0.1255 0.2886 0.3031 6.18 
0.1255 0.2886 0.3031 6.18 
0.0203 1.96 2.02 0.52 
0.0203 1.96 2.03 0.52 
0.0246 0.0156 
0.0246 0.0156 
1283 
1346 
0.2 0.4020 2.48 
0.4 0.8040 4.96 
0.1752 0.2535 0.4088 4.30 
0.1752 0.2535 0.4088 4.30 
0.0408 4.15 4.27 1.01 
0.0408 4.15 4.31 1.01 
0.0553 0.0251 
0.0553 0.0251 
1319 
1355 
0.4 0.5360 3.31 
0.6 0.8040 4.96 
0.1867 0.2733 0.4058 6.54 
0.1867 0.2733 0.4058 6.54 
0.0285 2.99 3.08 0.69 
0.0285 2.99 3.10 0.69 
0.0383 0.0169 
0.0383 0.0169 
1124 
1187 
0.2 0.4020 1.23 
0.4 0.8040 2.46 
0.0761 0.3019 0.2014 7.10 
0.0761 0.3019 0.2014 7.10 
0.0107 0.99 1.05 0.28 
0.0107 0.99 1.07 0.28 
0.0121 0.0094 
0.0121 0.0094 
1160 
1196 
0.4 0.5360 1.64 
0.6 0.8040 2.46 
0.0770 0.3061 0.2009 10.70 
0.0770 0.3061 0.2009 10.70 
0.0072 0.67 0.72 0.19 
0.0072 0.67 0.73 0.19 
0.0081 0.0063 
0.0081 0.0063 
1205 
1268 
0.2 0.4020 1.85 
0.4 0.8040 3.70 
0.1271 0.2929 0.3026 7.48 
0.1271 0.2929 0.3026 7.48 
0.0170 1.65 1.76 0.43 
0.0170 1.65 1.79 0.43 
0.0206 0.0130 
0.0206 0.0130 
1241 
1277 
0.4 0.5360 2.47 
0.6 0.8040 3.70 
0.1296 0.3001 0.3017 11.29 
0.1296 0.3001 0.3017 11.29 
0.0115 1.13 1.21 0.28 
0.0115 1.13 1.23 0.28 
0.0139 0.0088 
0.0139 0.0088 
1286 
1349 
0.2 0.4020 2.48 
0.4 0.8040 4.96 
0.1906 0.2803 0.4048 7.92 
0.1906 0.2803 0.4048 7.92 
0.0241 2.55 2.71 0.56 
0.0241 2.55 2.75 0.56 
0,0321 0,0140 
0,0321 0.0140 
1322 
1358 
0.4 0.5360 3.31 
0.6 0.8040 4.96 
0.1971 0.2918 0.4031 11.97 
0.1971 0.2918 0.4031 11.97 
0.0165 1.77 1.89 0.36 
0.0165 1.77 1.91 0.36 
0.0217 0.0094 
0.0217 0.0094 
1127 
1190 
0.2 0.4020 1.23 
0.4 0.8040 2.46 
0.0773 0.3080 0.2007 14.07 
0.0773 0.3080 0.2007 14.07 
0.0055 0.52 0.59 0.14 
0.0055 0.52 0.61 0.14 
0.0062 0.0048 
0.0062 0,0048 
1163 
1199 
0.4 0.5360 1.64 
0.6 0.8040 2.46 
0.0778 0.3102 0.2005 21.15 
0.0778 0.3102 0.2005 21.15 
0.0037 0,35 0.40 0.09 
0.0037 0,35 0.41 0.09 
0,0042 0.0032 
0.0042 0,0032 
1208 
1271 
0.2 0.4020 1.85 
0.4 0.8040 3.70 
0.1309 0.3035 0.3013 14.85 
0.1309 0.3035 0.3013 14.85 
0.0088 0,88 1,00 0.21 
0.0088 0,88 1.03 0.21 
0.0106 0,0067 
0,0106 0,0067 
1244 
1280 
0.4 0.5360 2.47 
0.6 0.8040 3.70 
0.1322 0.3071 0.3008 22.34 
0.1322 0.3071 0.3008 22.34 
0.0059 0,59 0,68 0,14 
0.0059 0,59 0,70 0,14 
0,0071 0,0045 
0,0071 0,0045 
1289 
1352 
0.2 0.4020 2.48 
0.4 0.8040 4.96 
0.2001 0.2972 0.4024 15.76 
0.2001 0.2972 0.4024 15.76 
0,0127 1.38 1.56 0.27 
0.0127 1.38 1.61 0.27 
0,0166 0,0072 
0.0166 0.0072 
1325 
1361 
0.4 0.5360 3.31 
0.6 0.8040 4.96 
0.2033 0.3030 0.4016 23.72 
0.2033 0.3030 0.4016 23.72 
0.0086 0.94 1.07 0.18 
0.0086 0.94 1.09 0.18 
0.0111 0.0048 
0.0111 0.0048 
1460 
1481 
0.2 0.4020 1.23 
0.4 0.8040 2.46 
0.0725 0.2841 0.2032 2.85 
0.0725 0.2841 0.2032 2.85 
0.0254 2.19 2.36 0.62 
0.0254 2.19 2.40 0.62 
0.0287 0.0221 
0.0287 0.0221 
1472 
1484 
0.4 0.5360 1.64 
0.6 0.8040 2.46 
0.0746 0.2941 0.2023 4.33 
0.0746 0.2941 0.2023 4.33 
0,0172 1,53 1,66 0,45 
0.0172 1.53 1.68 0.45 
0.0195 0.0150 
0.0195 0.0150 
1487 
1508 
0.2 0.4020 1.85 
0.4 0.8040 3.70 
0.1160 0.2629 0.3061 2.98 
0.1160 0.2629 0.3061 2.98 
0.0389 3.56 3.85 0.95 
0.0389 3.56 3.93 0.95 
0.0473 0.0302 
0.0473 0.0302 
1499 
1511 
0.4 0.5360 2.47 
0.6 0.8040 3.70 
0.1223 0.2797 0.3042 4.54 
0.1223 0.2797 0.3042 4.54 
0.0269 2.54 2.76 0.69 
0.0269 2.54 2.79 0.69 
0.0327 0.0207 
0.0327 0.0207 
1514 
1535 
0.2 0.4020 2.48 
0,4 0.8040 4.96 
0.1639 0.2343 0.4116 3.13 
0.1639 0.2343 0.4116 3.13 
0.0523 5.17 5.60 1.27 
0.0523 5.17 5.70 1.27 
0.0708 0.0336 
0.0708 0.0336 
1526 
1538 
0.4 0.5360 3.31 
0.6 0.8040 4.96 
0.1786 0.2593 0.4079 4.80 
0.1786 0.2593 0.4079 4.80 
0.0372 3.82 4.14 0.92 
0.0372 3.82 4.17 0.92 
0.0504 0.0226 
0.0504 0.0226 
Ayi = y-iL - y\o 
dTgi = Tg - T j 
Axi = j/io - xio 
dr., 
dyig = yii - yig = ^yi/Ng 
dT* =Tg-T' 3Xz = L 
Units; L\m] [10"® kmo l / s ] Q ; [W ] dTg,, dTg^, dT; \K] 
Table E.59: Changing channel length, inlet flow rate and heat load in proportion 
380 
ethane/propane ; yio = 0.79 ; uniform heat flux 
case L Fgo Qt A?/i A x i X Ng dyig dTgx dTg-ui dT* yii - yig 
z = 0 z — L 
1637 
1700 
0.2 0.4020 1.22 
0.4 0.8040 2.43 
0.0685 0.2680 0.2035 3.82 
0.0685 0.2680 0.2035 3.82 
0,0179 1.86 1.90 0.47 
0.0179 1.86 1.92 0.47 
0.0218 0.0142 
0.0218 0.0142 
1673 
1709 
0.4 0.5360 1.62 
0.6 0.8040 2.43 
0.0706 0.2781 0.2024 5.78 
0.0706 0.2781 0.2024 5.78 
0.0122 1.30 1.33 0.33 
0.0122 1.30 1.34 0.33 
0.0149 0.0097 
0.0149 0.0097 
1718 
1781 
0.2 0.4020 1.83 
0.4 0.8040 3.67 
0.1084 0.2438 0.3078 4.00 
0.1084 0.2438 0.3078 4.00 
0.0271 3.02 3.10 0.70 
0.0271 3.02 3.12 0.70 
0.0376 0.0174 
0.0376 0.0174 
1754 
1790 
0.4 0.5360 2.44 
0.6 0.8040 3.67 
0.1148 0.2612 0.3053 6.08 
0.1148 0.2612 0.3053 6.08 
0.0189 2.17 2.23 0.48 
0.0189 2.17 2.24 0.48 
0.0263 0.0117 
0.0263 0.0117 
1799 
1862 
0.2 0.4020 2.47 
0.4 0.8040 4.94 
0.1487 0.2071 0.4179 4.24 
0.1487 0.2071 0.4179 4.24 
0.0351 4.31 4.44 0.85 
0.0351 4.31 4.47 0.85 
0.0597 0.0157 
0.0597 0.0157 
1835 
1871 
0.4 0.5360 3.29 
0.6 0.8040 4.94 
0.1632 0.2322 0.4128 6.43 
0.1632 0.2322 0,4128 6.43 
0.0254 3.26 3.35 0.54 
0.0254 3.26 3.37 0.54 
0.0448 0.0093 
0.0448 0.0093 
1640 
1703 
0.2 0.4020 1.22 
0.4 0.8040 2.43 
0.0713 0.2816 0.2020 6.98 
0.0713 0.2816 0.2020 6.98 
0.0102 1.10 1.16 0.27 
0.0102 1.10 1.17 0.27 
0.0125 0.0081 
0.0125 0.0081 
1676 
1712 
0.4 0.5360 1.62 
0.6 0.8040 2.43 
0.0724 0.2874 0.2013 10.52 
0.0724 0.2874 0.2013 10.52 
0.0069 0.75 0.80 0.18 
0.0069 0.75 0.80 0.18 
0.0084 0.0054 
0.0084 0.0054 
1721 
1784 
0.2 0.4020 1.83 
0.4 0.8040 3.67 
0.1170 0.2674 0.3044 7.35 
0.1170 0.2674 0.3044 7.35 
0.0159 1.84 1.95 0.40 
0.0159 1.84 1.98 0.40 
0.0222 0.0098 
0.0222 0.0098 
1757 
1793 
0.4 0.5360 2.44 
0.6 0.8040 3.67 
0.1207 0.2778 0.3029 11.09 
0.1207 0.2778 0.3029 11.09 
0.0109 1.28 1.36 0.26 
0.0109 1.28 1.37 0.26 
0.0151 0,0066 
0,0151 0.0066 
1802 
1865 
0.2 0.4020 2.47 
0.4 0.8040 4.94 
0.1689 0.2422 0.4107 7.78 
0.1689 0.2422 0,4107 7.78 
0.0217 2.84 3.00 0.43 
0.0217 2.84 3.04 0.43 
0.0386 0.0072 
0.0386 0.0072 
1838 
1874 
0.4 0.5360 3.29 
0.6 0.8040 4.94 
0.1789 0,2605 0.4071 11.73 
0.1789 0.2605 0.4071 11.73 
0.0152 2.06 2.17 0.24 
0.0152 2.06 2.19 0.24 
0.0269 0.0041 
0.0269 0.0041 
1643 
1706 
0.2 0.4020 1.22 
0.4 0.8040 2.43 
0.0730 0.2901 0.2010 13.83 
0.0730 0.2901 0.2010 13.83 
0.0053 0.58 0.65 0.14 
0.0053 0.58 0.67 0.14 
0.0065 0.0042 
0.0065 0.0042 
1679 
1715 
0.4 0.5360 1.62 
0.6 0.8040 2.43 
0.0736 0.2931 0.2007 20.78 
0.0736 0.2931 0.2007 20.78 
0.0035 0.39 0.44 0.09 
0.0035 0.39 0.45 0.09 
0.0043 0.0028 
0.0043 0.0028 
1724 
1787 
0.2 0.4020 1.83 
0.4 0.8040 3.67 
0.1225 0.2828 0.3022 14.59 
0.1225 0.2828 0.3022 14.59 
0.0084 1.00 1.12 0.19 
0.0084 1.00 1.15 0.19 
0.0116 0.0050 
0.0116 0.0050 
1760 
1796 
0.4 0.5360 2.44 
0.6 0.8040 3.67 
0.1244 0.2882 0.3015 21.94 
0.1244 0.2882 0.3015 21.94 
0.0057 0.68 0.76 0.13 
0.0057 0.68 0.78 0.13 
0.0078 0.0034 
0.0078 0.0034 
1805 
1868 
0.2 0.4020 2.47 
0.4 0.8040 4.94 
0.1839 0.2698 0.4054 15.42 
0.1839 0.2698 0.4054 15.42 
0.0119 1.63 1.81 0.16 
0.0119 1.63 1.85 0.16 
0.0206 0.0028 
0.0206 0.0028 
1841 
1877 
0.4 0.5360 3.29 
0.6 0.8040 4.94 
0.1893 0.2799 0.4035 23.19 
0.1893 0.2799 0.4035 23.19 
0.0082 1.13 1.26 0.09 
0.0082 1.13 1.28 0.09 
0.0137 0.0016 
0.0137 0.0016 
1976 
1997 
0.2 0.4020 1.22 
0.4 0.8040 2.43 
0.0663 0.2577 0.2045 2.80 
0.0663 0.2577 0.2045 2.80 
0.0236 2.39 2.55 0.59 
0.0236 2.39 2.60 0.59 
0.0286 0.0189 
0.0286 0.0189 
1988 
2000 
0.4 0.5360 1.62 
0.6 0.8040 2.43 
0.0691 0.2710 0.2032 4.26 
0.0691 0.2710 0.2032 4.26 
0.0162 1.69 1.81 0.43 
0.0162 1.69 1.83 0.43 
0.0198 0.0129 
0.0198 0.0129 
2003 
2024 
0.2 0.4020 1.83 
0.4 0.8040 3.67 
0.1022 0.2272 0.3102 2.93 
0.1022 0.2272 0.3102 2.93 
0.0349 3.78 4.07 0.87 
0.0349 3.78 4.14 0.87 
0.0479 0.0231 
0.0479 0.0231 
2015 
2027 
0.4 0.5360 2.44 
0.6 0.8040 3.67 
0.1103 0.2489 0.3071 4.47 
0.1103 0.2489 0.3071 4.47 
0.0247 2.77 2.98 0.64 
0.0247 2.77 3.01 0.64 
0.0343 0.0157 
0.0343 0.0157 
2030 
2051 
0.2 0.4020 2.47 
0.4 0.8040 4.94 
0.1361 0.1862 0.4222 3.09 
0.1361 0.1862 0.4222 3.09 
0.0440 5.20 5.62 1.08 
0.0440 5.20 5.71 1.08 
0.0714 0.0225 
0.0714 0.0225 
2042 
2054 
0.4 0.5360 3.29 
0.6 0.8040 4.94 
0.1528 0.2141 0.4165 4.73 
0.1528 0,2141 0,4165 4.73 
0.0323 4.02 4.33 0.76 
0.0323 4.02 4.37 0.76 
0.0556 0.0138 
0.0556 0.0138 
Aj/1 = yiL - yio An = 3/10 - Xio 
dTg] — Tg T] 
L [m] Fg [10-6 kmol /s ] Qt [W] dTgi, dTg^, dT* [K] 
dyig = Vil - yig = Ayi/Ng 
dT* = Tg-T; at z = L 
U n i t s : 
Table E.60: Changing channel length, inlet flow rate and heat load in proportion 
381 
nitrogen/oxygen ; p== 1.5 bar ; Qt=1.00 W 
case FgO A j / i A l l X Ng case FgO A y i A z i X Ng 
l i n e a r d e c r e a s i n g q{z) s t e p i n c r e a s i n g q{z) 
33 
4 1 
0 .8040 
0 .4020 
0 .0539 0 . 2 1 0 0 0 . 2 0 4 2 2 .46 
0 .1273 0 .1826 0 .4107 5 .83 
340 
348 
0.8040 
0 .4020 
0 . 0 6 2 0 0 . 2 4 3 7 0 . 2 0 2 9 2 .32 
0 .1478 0 .2146 0 .4078 5 .17 
3 7 
45 
0 .8040 
0 .4020 
0 .0636 0 .2518 0 .2016 7 .57 
0 . 1 5 8 7 0 .2333 0 .4049 17.78 
3 4 4 
3 5 2 
0 .8040 
0 .4020 
0 .0674 0 .2675 0 . 2 0 1 1 7 .16 
0 .1735 0 .2576 0 .4025 15 .87 
35 
43 
0 .8040 
0 .4020 
0 .0645 0 .2558 0 .2013 8 .99 
0 .1623 0 . 2 3 9 2 0 .4043 2 1 . 1 1 
342 
350 
0 .8040 
0 .4020 
0 .0678 0 . 2 6 9 4 0 .2010 8 . 5 1 
0 .1757 0 .2612 0 . 4 0 2 1 18.86 
39 
47 
0 .8040 
0 .4020 
0 .0680 0 .2713 0 .2004 27 .14 
0 .1778 0 .2650 0 .4015 6 3 . 4 1 
346 
354 
0 .8040 
0 .4020 
0 . 0 6 9 2 0 . 2 7 6 2 0 .2003 2 5 . 7 2 
0 .1830 0 . 2 7 3 7 0 . 4 0 0 7 5 6 . 9 4 
4 0 0 
4 0 4 
0 .8040 
0 .4020 
0 .0499 0 . 1 9 3 2 0 . 2 0 5 1 1 .79 
0 .1165 0 .1658 0 .4127 4 . 2 7 
513 
5 1 7 
0 .8040 
0 .4020 
0 .0590 0 .2308 0 .2036 1.69 
0 . 1 3 6 7 0 .1968 0 .4100 3 .78 
4 0 2 
406 
0 .8040 
0 .4020 
0 .0616 0 .2433 0 . 2 0 2 1 5 .58 
0 .1515 0 .2215 0 . 4 0 6 2 13.16 
515 
519 
0 .8040 
0 .4020 
0 .0665 0 .2634 0 .2015 5 .28 
0 .1687 0 .2494 0 .4035 11 .72 
s t e p d e c r e a s i n g q{z) l i n e a r i n c r e a s i n g q(z) 
65 
73 
0 .8040 
0 .4020 
0 .0553 0 .2160 0 .2039 2 .43 
0 . 1 3 0 2 0 . 1 8 7 1 0 .4103 5 . 7 1 
372 
380 
0 .8040 
0 .4020 
0 .0635 0 .2500 0 .2026 2 .30 
0 .1504 0 .2187 0 .4074 5 .08 
69 
77 
0 .8040 
0 .4020 
0 .0646 0 .2560 0 .2014 7 .48 
0 .1618 0 . 2 3 8 2 0 . 4 0 4 4 17 .41 
376 
384 
0 .8040 
0 .4020 
0 . 0 6 8 4 0 .2720 0 .2010 7 .09 
0 .1767 0 .2629 0 .4020 15 .60 
67 
75 
0 .8040 
0 .4020 
0 .0654 0 .2596 0 . 2 0 1 2 8 .89 
0 .1653 0 .2440 0 .4038 20 .67 
374 
382 
0 .8040 
0 .4020 
0 .0687 0 .2734 0 .2008 8 .43 
0 .1788 0 .2664 0 .4016 18.53 
7 1 
79 
0 .8040 
0 .4020 
0 . 0 6 8 4 0 .2728 0 .2004 26 .84 
0 .1793 0 .2676 0 .4013 62 .12 
378 
386 
0 .8040 
0 .4020 
0 .0696 0 .2778 0 .2003 25 .46 
0 .1845 0 .2763 0 . 4 0 0 4 5 5 . 9 7 
416 
4 2 0 
0 .8040 
0 .4020 
0 .0513 0 .1990 0 .2049 1 .77 
0 .1193 0 .1700 0 .4124 4 .18 
529 
533 
0 .8040 
0 .4020 
0 .0604 0 .2368 0 .2034 1 .68 
0 . 1 3 9 1 0 .2004 0 .4097 3 . 7 1 
418 
422 
0 .8040 
0 .4020 
0 .0628 0 .2483 0 .2019 5 .52 
0 . 1 5 4 7 0 .2265 0 .4057 12.88 
5 3 1 
535 
0 . 8 0 4 0 
0 .4020 
0 . 0 6 7 7 0 .2686 0 .2013 5 .23 
0 .1719 0 .2547 0 .4030 11.52 
u n i f o r m q(z) 
143 
197 
2 5 1 
0 .8040 
0 .5360 
0 .4020 
0 .0587 0 . 2 2 9 7 0 .2034 2 .37 
0 .0964 0 . 2 1 9 1 0 .3056 3 .79 
0 .1395 0 .2016 0 .4090 5 .42 
149 
203 
257 
0 .8040 
0 . 5 3 6 0 
0 .4020 
0 .0666 0 .2644 0 . 2 0 1 1 8 .70 
0 .1125 0 .2605 0 . 3 0 1 7 13.85 
0 .1704 0 .2524 0 .4030 19.70 
152 
206 
2 6 0 
0 .8040 
0 .5360 
0 .4020 
0 . 0 6 4 1 0 . 2 5 3 2 0 .2019 4 .85 
0 .1072 0 .2466 0 .3030 7 .73 
0 . 1 5 9 2 0 . 2 3 3 7 0 . 4 0 5 1 11.02 
158 
2 1 2 
266 
0 .8040 
0 .5360 
0 .4020 
0 . 0 6 8 2 0 .2720 0 .2005 17.48 
0 . 1 1 6 2 0 .2699 0 .3008 27 .82 
0 .1784 0 .2660 0 .4015 39 .52 
1 6 1 
215 
269 
0 .8040 
0 .5360 
0 .4020 
0 .0660 0 . 2 6 1 7 0 .2013 7 .32 
0 .1112 0 . 2 5 7 1 0 .3020 11.66 
0 .1675 0 .2476 0 .4035 16.59 
167 
2 2 1 
275 
0 .8040 
0 .5360 
0 .4020 
0 .0688 0 .2745 0 .2004 26 .26 
0 .1174 0 . 2 7 3 2 0 .3006 4 1 . 7 9 
0 . 1 8 1 2 0 .2706 0 .4010 5 9 . 3 4 
146 
2 0 0 
2 5 4 
0 .8040 
0 .5360 
0 . 4 0 2 0 
0 .0635 0 .2506 0 . 2 0 2 1 4 .37 
0 .1060 0 . 2 4 3 4 0 .3033 6 .97 
0 . 1 5 6 7 0 . 2 2 9 7 0 .4056 9 .94 
446 
464 
482 
0 .8040 
0 .5360 
0 . 4 0 2 0 
0 . 0 5 5 2 0 . 2 1 5 1 0 . 2 0 4 2 1.73 
0 .0899 0 .2030 0 .3070 2 .77 
0 .1290 0 .1848 0 . 4 1 1 1 3 .97 
155 
209 
263 
0 .8040 
0 .5360 
0 .4020 
0 .0666 0 . 2 6 4 7 0 . 2 0 1 1 8 .84 
0 .1127 0 . 2 6 0 8 0 . 3 0 1 7 14.08 
0 .1706 0 .2528 0 .4029 20 .02 
449 
4 6 7 
485 
0 .8040 
0 .5360 
0 .4020 
0 . 0 6 2 1 0 .2446 0 .2025 3 .57 
0 . 1 0 3 2 0 .2364 0 .3040 5 .69 
0 .1515 0 . 2 2 1 1 0 .4066 8 .13 
164 
218 
2 7 2 
0 .8040 
0 .5360 
0 .4020 
0 .0677 0 .2696 0 .2007 13.30 
0 ,1150 0 .2669 0 . 3 0 1 1 21 .18 
0 .1759 0 . 2 6 1 7 0 .4019 30 .09 
4 5 2 
4 7 0 
488 
0 .8040 
0 .5360 
0 .4020 
0 .0646 0 .2557 0 . 2 0 1 7 5 .40 
0 .1084 0 . 2 4 9 7 0 .3027 8 . 6 1 
0 .1616 0 .2377 0 .4046 12 .27 
A2/1 = yiL - yio A x i = yio - x i o 
U n i t s : Fg [10 ® k m o l / s ] 
Table E.61: Effect of decreasing the inlet flow rate on dephlegmators 25-540 
382 
nitrogen/oxygen ; p = 6 bar ; Qt=0.86 W 
case FgO Ayi Axi X Ng case FgO Ayi Axi X Ng 
l i n e a r d e c r e a s i n g q{z) s t e p i n c r e a s i n g q{z) 
549 
5 5 7 
0 .8040 
0 .4020 
0 .0383 0 .1504 0 .2028 3 . 1 1 
0 . 0 9 4 1 0 .1375 0 .4063 7 .38 
856 
864 
0 .8040 
0 .4020 
0 .0428 0 .1689 0 . 2 0 2 1 2 .93 
0 .1078 0 .1589 0 .4043 6 .56 
553 
5 6 1 
0 .8040 
0 .4020 
0 .0434 0 .1723 0 .2010 9 .52 
0 . 1 1 1 2 0 .1650 0 .4026 22 .50 
860 
868 
0 .8040 
0 .4020 
0 .0453 0 .1804 0 .2008 9 . 0 1 
0 .1185 0 .1766 0 .4015 20 .10 
5 5 1 
559 
0 .8040 
0 .4020 
0 .0438 0 .1744 0 .2009 11 .31 
0 .1130 0 .1679 0 . 4 0 2 2 2 6 . 7 1 
858 
866 
0 .8040 
0 .4020 
0 .0455 0 .1813 0 .2007 10 .71 
0 .1193 0 . 1 7 8 1 0 . 4 0 1 2 23 .88 
555 
563 
0 .8040 
0 .4020 
0 .0456 0 .1822 0 .2003 34 .12 
0 . 1 2 0 1 0 .1796 0 .4008 8 0 . 4 1 
862 
870 
0 .8040 
0 .4020 
0 . 0 4 6 2 0 .1847 0 . 2 0 0 2 3 2 . 3 1 
0 .1226 0 .1836 0 .4004 72 .02 
916 
920 
0 .8040 
0 .4020 
0 . 0 3 6 1 0 . 1 4 1 1 0 .2035 2 .27 
0 .0876 0 .1273 0 .4077 5 .42 
1029 
1033 
0 .8040 
0 .4020 
0 .0414 0 .1630 0 .2026 2.15 
0 .1025 0 . 1 5 0 2 0 . 4 0 5 7 4 . 8 1 
918 
9 2 2 
0 .8040 
0 .4020 
0 .0424 0 .1680 0 .2014 7 .03 
0 .1075 0 . 1 5 9 1 0 .4034 16 .64 
1 0 3 1 
1035 
0 .8040 
0 ,4020 
0 .0449 0 .1783 0 . 2 0 1 1 6.65 
0 .1166 0 .1734 0 .4020 14.85 
s t e p d e c r e a s i n g q{z) l i n e a r i n c r e a s i n g g ( z ) 
5 8 1 
589 
0 .8040 
0 .4020 
0 . 0 3 9 2 0 .1543 0 .2026 3 .07 
0 .0964 0 . 1 4 1 1 0 .4059 7 .22 
888 
896 
0 .8040 
0 .4020 
0 .0438 0 .1730 0 .2020 2 . 9 1 
0 . 1 1 0 2 0 .1626 0 .4040 6 .45 
585 
593 
0 .8040 
0 .4020 
0 .0439 0 .1746 0 .2009 9 .42 
0 .1130 0 .1679 0 .4023 2 2 . 0 3 
892 
900 
0 .8040 
0 .4020 
0 .0459 0 .1827 0 .2008 8 .92 
0 .1205 0 .1798 0 . 4 0 1 1 19 .76 
583 
5 9 1 
0 .8040 
0 .4020 
0 .0443 0 .1764 0 .2008 11.19 
0 .1146 0 .1705 0 .4020 26 .16 
890 
898 
0 .8040 
0 .4020 
0 .0460 0 .1834 0 . 2 0 0 7 10.60 
0 .1212 0 .1810 0 .4009 23 .47 
5 8 7 
595 
0 .8040 
0 .4020 
0 .0458 0 .1830 0 .2003 33 .75 
0 .1209 0 .1808 0 . 4 0 0 7 78 .79 
894 
9 0 2 
0 .8040 
0 .4020 
0 .0464 0 .1855 0 .2002 31 .98 
0 .1234 0 .1848 0 .4003 7 0 . 7 7 
932 
936 
0 .8040 
0 .4020 
0 .0370 0 . 1 4 5 1 0 .2033 2.25 
0 .0899 0 .1307 0 .4074 5 .30 
1045 
1049 
0 .8040 
0 .4020 
0 .0424 0 . 1 6 7 1 0 .2024 2 .13 
0 .1048 0 .1537 0 .4053 4 .73 
934 
938 
0 .8040 
0 .4020 
0 .0430 0 .1708 0 .2013 6 .96 
0 .1096 0 . 1 6 2 4 0 .4030 16 .29 
1047 
1 0 5 1 
0 .8040 
0 .4020 
0 .0456 0 . 1 8 1 2 0 .2010 6 .59 
0 .1188 0 .1770 0 .4016 14.59 
u n i f o r m q{z) 
659 
713 
7 6 7 
0 .8040 
0 .5360 
0 .4020 
0 .0410 0 .1614 0 .2024 3 .00 
0 .0683 0 . 1 5 6 7 0 .3036 4 .80 
0 .1020 0 .1498 0 . 4 0 5 2 6 . 8 7 
665 
719 
773 
0 .8040 
0 .5360 
0 .4020 
0 .0449 0 .1788 0 .2008 10.94 
0 .0763 0 . 1 7 7 1 0 . 3 0 1 1 17.46 
0 .1169 0 . 1 7 4 2 0 .4016 24 .95 
668 
722 
776 
0 .8040 
0 .5360 
0 .4020 
0 .0437 0 . 1 7 3 2 0 .2013 6 . 1 1 
0 .0737 0 .1704 0 .3019 9.75 
0 .1118 0 .1658 0 .4028 13 .94 
6 7 4 
728 
782 
0 .8040 
0 .5360 
0 .4020 
0 .0457 0 .1826 0 .2004 21 .97 
0 .0780 0 .1816 0 .3005 35 .07 
^ . 1 2 0 5 0 . 1 8 0 1 0 .4008 5 0 . 0 7 
6 7 7 
7 3 1 
785 
0 .8040 
0 .5360 
0 .4020 
0 .0446 0 .1774 0 .2009 9 . 2 1 
0 .0756 0 .1754 0 .3013 14.70 
0 .1157 0 . 1 7 2 1 0 .4019 2 1 . 0 1 
683 
7 3 7 
7 9 1 
0 .8040 
0 .5360 
0 .4020 
0 .0460 0 .1838 0 . 2 0 0 2 3 3 . 0 1 
0 .0787 0 . 1 8 3 2 0 .3004 5 2 . 6 7 
0 .1217 0 . 1 8 2 2 0 .4005 75 .18 
6 6 2 
716 
770 
0 .8040 
0 .5360 
0 .4020 
0 .0434 0 .1719 0 .2015 5 . 5 1 
0 . 0 7 3 1 0 .1688 0 . 3 0 2 1 8 .80 
0 .1107 0 .1639 0 . 4 0 3 1 12.59 
962 
980 
998 
0 .8040 
0 .5360 
0 .4020 
0 . 0 3 9 2 0 .1539 0 .2030 2 .20 
0 .0650 0 .1484 0 .3045 3 . 5 1 
0 . 0 9 6 2 0 .1405 0 .4065 5 .04 
6 7 1 
725 
779 
0 .8040 
0 .5360 
0 .4020 
0 .0449 0 .1789 0 .2007 11.12 
0 .0763 0 . 1 7 7 2 0 . 3 0 1 1 17.75 
0 .1170 0 .1744 0 .4016 25 .35 
965 
983 
1 0 0 1 
0 .8040 
0 .5360 
0 .4020 
0 .0427 0 .1689 0 . 2 0 1 7 4 .50 
0 .0717 0 .1654 0 .3025 7 .19 
0 . 1 0 8 2 0 .1598 0 . 4 0 3 7 10 .29 
680 
7 3 4 
788 
0 .8040 
0 .5360 
0 .4020 
0 .0455 0 .1814 0 .2005 16.72 
0 .0775 0 . 1 8 0 2 0 .3007 26 .69 
0 .1194 0 . 1 7 8 2 0 . 4 0 1 1 38 .12 
968 
986 
1004 
0 .8040 
0 .5360 
0 .4020 
0 .0439 0 .1745 0 . 2 0 1 2 6 .80 
0 .0743 0 .1719 0 .3017 10.86 
0 .1130 0 . 1 6 7 7 0 .4025 15.52 
A3/1 = yiL - yio All = yio - 210 
U n i t s : Fg [10 ® k m o l / s ] 
Table E.62: Effect of decreasing the inlet flow rate on dephlegmators 541-1056 
383 
ethane/propane ; yio = 0.7 ; Qt=2.46-2A8 W 
case FgO A j / i Axi X Ng case FgO Ayi A l l X Ng 
l i n e a r d e c r e a s i n g q{z) s t e p i n c r e a s i n g q{z) 
1065 
1073 
0 .8040 
0 .4020 
0 . 0 6 4 1 0 .2490 0 . 2 0 4 7 1.96 
0 .1600 0 .2298 0 .4106 4 .63 
1372 
1380 
0 .8040 
0 .4020 
0 .0728 0 .2839 0 . 2 0 4 1 1.85 
0 .1856 0 .2698 0 .4075 4 .09 
1069 
1077 
0 . 8 0 4 0 
0 .4020 
0 .0733 0 . 2 9 0 4 0 .2016 6 .07 
0 .1909 0 . 2 8 2 1 0 .4036 14 .17 
1376 
1384 
0 . 8 0 4 0 
0 .4020 
0 .0770 0 .3043 0 .2018 5 .75 
0 .2025 0 .3008 0 .4024 12.70 
1067 
1075 
0 .8040 
0 .4020 
0 . 0 7 4 1 0 .2940 0 .2013 7 .22 
0 . 1 9 3 7 0 .2869 0 . 4 0 3 1 16.83 
1374 
1382 
0 .8040 
0 .4020 
0 . 0 7 7 2 0 .3059 0 .2016 6 .84 
0 .2037 0 .3030 0 .4020 1 5 . 1 1 
1 0 7 1 
1079 
0 .8040 
0 .4020 
0 .0770 0 .3074 0 .2004 21 .84 
0 . 2 0 4 2 0 . 3 0 5 1 0 .4010 50 .72 
1378 
1386 
0 .8040 
0 .4020 
0 . 0 7 8 1 0 .3116 0 .2005 2 0 . 7 2 
0 .2076 0 .3106 0 .4006 4 5 . 7 2 
1432 
1436 
0 .8040 
0 .4020 
0 .0598 0 .2306 0 .2059 1 .42 
0 .1474 0 .2089 0 .4136 3 .38 
1545 
1549 
0 .8040 
0 .4020 
0 . 0 7 0 1 0 .2722 0 .2049 1 .34 
0 .1747 0 .2512 0 . 4 1 0 2 2 .98 
1434 
1438 
0 .8040 
0 .4020 
0 .0716 0 .2825 0 . 2 0 2 2 4 .48 
0 .1848 0 .2716 0 .4049 10 .47 
1547 
1 5 5 1 
0 .8040 
0 .4020 
0 .0763 0 .3008 0 .2024 4 .24 
0 .2000 0 .2960 0 . 4 0 3 2 9 .36 
s t e p d e c r e a s i n g g(z) l i n e a r i n c r e a s i n g q{z) 
1097 
1105 
0 .8040 
0 .4020 
0 .0658 0 .2560 0 .2045 1.94 
0 .1642 0 . 2 3 6 2 0 . 4 1 0 1 4 .52 
1404 
1412 
0 .8040 
0 .4020 
0 .0745 0 .2909 0 .2040 1.83 
0 . 1 8 9 7 0 .2764 0 .4070 4 .02 
1 1 0 1 
1109 
0 .8040 
0 .4020 
0 .0743 0 .2944 0 .2016 6 . 0 1 
0 .1940 0 . 2 8 7 1 0 .4033 13.88 
1408 
1416 
0 .8040 
0 .4020 
0 .0780 0 .3083 0 .2018 5 .70 
0 .2056 0 .3058 0 .4020 12 .49 
1099 
1107 
0 .8040 
0 .4020 
0 .0750 0 .2975 0 .2013 7 .14 
0 .1965 0 .2914 0 .4028 16.49 
1406 
1414 
0 .8040 
0 .4020 
0 . 0 7 8 1 0 .3094 0 .2016 6 .78 
0 .2064 0 .3074 0 .4017 14 .85 
1103 
1 1 1 1 
0 .8040 
0 .4020 
0 .0774 0 .3087 0 .2004 21 .60 
0 .2053 0 .3068 0 .4009 4 9 . 7 4 
1410 
1418 
0 .8040 
0 .4020 
0 .0785 0 .3129 0 .2006 2 0 . 5 1 
0 .2087 0 .3123 0 .4005 4 4 . 9 5 
1448 
1452 
0 .8040 
0 .4020 
0 .0616 0 .2378 0 . 2 0 5 7 1 .41 
0 .1514 0 .2150 0 .4132 3 . 3 1 
1 5 6 1 
1565 
0 .8040 
0 .4020 
0 .0719 0 .2793 0 .2047 1.33 
0 . 1 7 8 4 0 .2569 0 .4098 2 .92 
1450 
1454 
0 .8040 
0 .4020 
0 .0728 0 .2875 0 .2022 4 .43 
0 .1885 0 .2775 0 .4045 10.25 
1563 
1567 
0 .8040 
0 .4020 
0 .0776 0 .3058 0 .2023 4 .20 
0 .2036 0 .3019 0 .4028 9 .20 
u n i f o r m q{z) 
1175 
1229 
1283 
0 .8040 
0 .5360 
0 .4020 
0 .0693 0 .2699 0 .2043 1.89 
0 . 1 1 6 2 0 .2635 0 .3060 3 . 0 1 
0 . 1 7 5 2 0 .2535 0 .4088 4 .30 
1 1 8 1 
1235 
1289 
0 .8040 
0 .5360 
0 .4020 
0 . 0 7 6 1 0 . 3 0 1 7 0 .2014 6 .99 
0 .1296 0 .2999 0 .3017 1 1 . 1 1 
0 . 2 0 0 1 0 . 2 9 7 2 0 .4024 15.76 
1184 
1238 
1292 
0 .8040 
0 .5360 
0 .4020 
0 . 0 7 4 1 0 .2919 0 .2025 3 .89 
0 .1255 0 .2886 0 . 3 0 3 1 6 .18 
0 .1925 0 .2836 0 .4043 8 .78 
1190 
1244 
1298 
0 .8040 
0 .5360 
0 .4020 
0 .0773 0 .3080 0 .2007 14 .07 
0 . 1 3 2 2 0 . 3 0 7 1 0 .3008 2 2 . 3 4 
0 .2049 0 .3059 0 . 4 0 1 2 31 .68 
1193 
1247 
1 3 0 1 
0 .8040 
0 . 5 3 6 0 
0 .4020 
0 .0756 0 .2993 0 .2017 5 .88 
0 .1286 0 . 2 9 7 1 0 . 3 0 2 1 9 .34 
0 .1983 0 .2940 0 .4028 13.26 
1199 
1253 
1307 
0 .8040 
0 .5360 
0 .4020 
0 .0778 0 . 3 1 0 2 0 .2005 21 .15 
0 .1330 0 .3096 0 .3006 3 3 . 5 8 
0 .2065 0 . 3 0 8 7 0 .4008 4 7 . 6 0 
1178 
1232 
1286 
0 .8040 
0 .5360 
0 .4020 
0 .0736 0 .2895 0 . 2 0 2 7 3 .50 
0 .1245 0 .2858 0 .3034 5 .57 
0 .1906 0 .2803 0 .4048 7 .92 
1478 
1496 
1514 
0 .8040 
0 .5360 
0 .4020 
0 .0659 0 .2552 0 .2053 1 .37 
0 .1098 0 .2469 0 .3078 2 .19 
0 .1639 0 .2343 0 .4116 3 .13 
1187 
1 2 4 1 
1295 
0 ,8040 
0 .5360 
0 .4020 
0 . 0 7 6 1 0 .3019 0 .2014 7 .10 
0 .1296 0 . 3 0 0 1 0 .3017 11.29 
0 . 2 0 0 2 0 .2975 0 .4023 16 .01 
1 4 8 1 
1499 
1517 
0 .8040 
0 .5360 
0 .4020 
0 .0725 0 . 2 8 4 1 0 . 2 0 3 2 2 .85 
0 .1223 0 .2797 0 . 3 0 4 2 4 .54 
0 .1864 0 .2728 0 .4059 6 .46 
1196 
1250 
1304 
0 .8040 
0 .5360 
0 .4020 
0 .0770 0 . 3 0 6 1 0 .2009 10.70 
0 .1313 0 .3049 0 . 3 0 1 1 17 .00 
0 .2034 0 . 3 0 3 2 0 .4015 24 .10 
1484 
1502 
1520 
0 .8040 
0 .5360 
0 .4020 
0 .0746 0 . 2 9 4 1 0 .2023 4 .33 
0 .1264 0 . 2 9 1 1 0 .3028 6 .89 
0 . 1 9 4 2 0 .2867 0 .4039 9 .78 
A y i = yiL - mo A l l = yio - z i o 
U n i t s : Fg [10 ® k m o l / s ] 
Table E.63: Effect of decreasing the inlet flow rate on dephlegmators 1057-1572 
384 
ethane/propane ; yio = 0.79 ; <5t=2.43-2.47 W 
case FgO Ayi Axi X Ng case FgO A y i A z i X Ng 
l i n e a r d e c r e a s i n g q{z) s t e p i n c r e a s i n g q{z) 
1 5 8 1 
1589 
0 .8040 
0 .4020 
0 .0566 0 .2165 0 .2073 1 .93 
0 . 1 3 5 1 0 .1858 0 . 4 2 1 1 4 .58 
1888 
1896 
0 .8040 
0 .4020 
0 . 0 6 6 2 0 .2559 0 .2054 1 .82 
0 . 1 5 6 7 0 .2200 0 .4160 4 .02 
1585 
1593 
0 .8040 
0 .4020 
0 . 0 6 7 7 0 .2665 0 . 2 0 2 7 5 .97 
0 .1713 0 .2474 0 . 4 0 9 1 13.96 
1892 
1900 
0 .8040 
0 .4020 
0 . 0 7 2 2 0 .2850 0 . 2 0 2 2 5 .65 
0 . 1 8 7 1 0 . 2 7 5 4 0 .4046 12.40 
1583 
1 5 9 1 
0 .8040 
0 .4020 
0 .0688 0 .2712 0 . 2 0 2 2 7 .10 
0 .1753 0 .2545 0 .4078 16.56 
1890 
1898 
0 .8040 
0 .4020 
0 .0726 0 . 2 8 7 2 0 .2019 6 .72 
0 .1893 0 .2796 0 .4037 14.74 
1587 
1595 
0 .8040 
0 .4020 
0 .0726 0 .2893 0 . 2 0 0 7 21 .46 
0 .1912 0 .2837 0 .4026 4 9 . 6 5 
1894 
1902 
0 .8040 
0 .4020 
0 . 0 7 4 1 0 .2950 0 .2006 20 .36 
0 . 1 9 6 1 0 .2928 0 . 4 0 1 1 4 4 . 7 1 
1948 
1952 
0 .8040 
0 . 4 0 2 0 
0 .0519 0 .1964 0 . 2 0 9 1 1 .40 
0 .1225 0 .1656 0 . 4 2 5 2 3 .35 
2 0 6 1 
2065 
0 .8040 
0 .4020 
0 .0624 0 .2393 0 .2068 1 .32 
0 . 1 4 3 2 0 . 1 9 7 2 0 .4206 2 .93 
1950 
1954 
0 .8040 
0 .4020 
0 .0656 0 .2564 0 .2036 4 .40 
0 . 1 6 3 1 0 . 2 3 3 1 0 . 4 1 1 7 10 .34 
2063 
2 0 6 7 
0 .8040 
0 .4020 
0 .0713 0 . 2 8 0 1 0 .2029 4 .16 
0 ,1818 0 .2653 0 .4067 9 .14 
s t e p d e c r e a s i n g q{z) l i n e a r i n c r e a s i n g q{z) 
1613 
1 6 2 1 
0 .8040 
0 .4020 
0 .0582 0 . 2 2 3 1 0 .2070 1 .90 
0.1.383 0 .1907 0 .4204 4 .48 
1920 
1928 
0 .8040 
0 .4020 
0 .0678 0 . 2 6 2 7 0 . 2 0 5 1 1 .80 
0 . 1 5 9 1 0 .2239 0 .4154 3 .95 
1617 
1625 
0 .8040 
0 .4020 
0 .0689 0 .2714 0 .2025 5 . 9 1 
0 .1745 0 .2530 0 . 4 0 8 2 13.65 
1924 
1932 
0 ,8040 
0 .4020 
0 .0734 0 .2900 0 . 2 0 2 1 5 .60 
0 .1903 0 . 2 8 1 2 0 .4036 12.17 
1615 
1623 
0 .8040 
0 .4020 
0 .0698 0 .2756 0 . 2 0 2 1 7 .02 
0 .1784 0 .2600 0 .4069 16.19 
1922 
1930 
0 .8040 
0 .4020 
0 . 0 7 3 7 0 .2916 0 .2018 6 .66 
0 .1924 0 .2853 0 .4028 14.47 
1619 
1627 
0 .8040 
0 .4020 
0 . 0 7 3 1 0 . 2 9 1 1 0 . 2 0 0 7 21 .23 
0 .1927 0 . 2 8 6 4 0 . 4 0 2 2 4 8 . 6 1 
1926 
1934 
0 .8040 
0 .4020 
0 .0745 0 .2968 0 .2006 20 .16 
0 .1976 0 .2955 0 .4007 43 .95 
1964 
1968 
0 .8040 
0 .4020 
0 .0535 0 . 2 0 2 7 0 . 2 0 8 7 1.38 
0 .1256 0 .1702 0 .4246 3 .27 
2077 
2 0 8 1 
0 .8040 
0 .4020 
0 .0639 0 . 2 4 5 7 0 .2064 1 . 3 1 
0 .1452 0 . 2 0 0 4 0 . 4 2 0 2 2 .87 
1966 
1970 
0 .8040 
0 .4020 
0 .0669 0 .2622 0 .2034 4 .35 
0 .1665 0 . 2 3 8 7 0 .4109 10 .11 
2079 
2083 
0 .8040 
0 .4020 
0 .0727 0 .2860 0 .2027 4 .13 
0 .1850 0 . 2 7 0 9 0 .4058 8 . 9 7 
u n i f o r m g ( z ) 
1 6 9 1 
1745 
1799 
0 .8040 
0 .5360 
0 .4020 
0 . 0 6 2 2 0 .2396 0 . 2 0 6 2 1 .86 
0 .1024 0 .2279 0 . 3 1 0 1 2 .97 
0 . 1 4 8 7 0 . 2 0 7 1 0 .4179 4 . 2 4 
1697 
1 7 5 1 
1805 
0 .8040 
0 .5360 
0 .4020 
0 . 0 7 1 2 0 .2813 0 .2020 6 .87 
0 .1206 0 .2775 0 .3030 10 .91 
0 .1839 0 .2698 0 .4054 15.42 
1700 
1754 
1808 
0 .8040 
0 .5360 
0 .4020 
0 .0685 0 .2680 0 .2035 3 .82 
0 .1148 0 . 2 6 1 2 0 .3053 6 .08 
0 .1716 0 .2473 0 .4097 8 .62 
1706 
1760 
1814 
0 .8040 
0 .5360 
0 .4020 
0 .0730 0 . 2 9 0 1 0 .2010 13.83 
0 .1244 0 . 2 8 8 2 0 .3015 21 .94 
0 .1919 0 .2848 0 .4025 30 .96 
1709 
1763 
1817 
0 .8040 
0 .5360 
0 .4020 
0 .0706 0 . 2 7 8 1 0 .2024 5 .78 
0 .1192 0 .2735 0 .3035 9 .18 
0 .1809 0 .2642 0 .4064 12.99 
1715 
1769 
1823 
0 .8040 
0 .5360 
0 .4020 
0 .0736 0 . 2 9 3 1 0 .2007 20 .78 
0 .1256 0 .2918 0 .3010 32 .97 
0 .1944 0 . 2 8 9 7 0 .4017 4 6 . 5 1 
1694 
1748 
1802 
0 .8040 
0 .5360 
0 .4020 
0 .0678 0 .2648 0 .2038 3 .44 
0 .1134 0 .2574 0 .3059 5 .48 
0 .1689 0 , 2 4 2 2 0 . 4 1 0 7 7 .78 
1994 
2012 
2030 
0 .8040 
0 .5360 
0 .4020 
0 . 0 5 8 1 0 .2216 0 .2077 1.35 
0 .0947 0 .2080 0 .3129 2 .16 
0 . 1 3 6 1 0 . 1 8 6 2 0 . 4 2 2 2 3 .09 
1703 
1757 
1 8 1 1 
0 .8040 
0 .5360 
0 .4020 
0 .0713 0 .2816 0 .2020 6 .98 
0 . 1 2 0 7 0 .2778 0 . 3 0 2 9 11.09 
0 .1842 0 .2703 0 .4053 15 .67 
1997 
2015 
2033 
0 .8040 
0 .5360 
0 .4020 
0 .0663 0 . 2 5 7 7 0 .2045 2 .80 
0 .1103 0 . 2 4 8 9 0 . 3 0 7 1 4 . 4 7 
0 .1628 0 .2315 0 .4129 6 .36 
1712 
1766 
1820 
0 .8040 
0 .5360 
0 .4020 
0 .0724 0 .2874 0 .2013 10.52 
0 .1232 0 .2848 0 .3019 16.69 
0 .1895 0 . 2 8 0 2 0 .4034 2 3 . 5 7 
2000 
2018 
2036 
0 .8040 
0 .5360 
0 .4020 
0 . 0 6 9 1 0 .2710 0 .2032 4 .26 
0 . 1 1 6 1 0 .2649 0 .3048 6 .77 
0 .1743 0 . 2 5 2 2 0 .4088 9 .60 
^ y i = y i L - y i o A z i = yw — i i o 
Units: Fg [10 ® kmol/s] 
Table E.64: Effect of decreasing the inlet flow rate on dephlegmators 1573-2088 
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